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Temperature Evaluation of Furnace for Crude Oil Refining
JANNE SCHILLING
Department of Environmental and Energy Sciences
Chalmers University of Technology

Abstract
Crude oil distillation is an energy intensive process and the bulk of the energy is
provided in the preheating system for the crude oil. A furnace is the final unit oper-
ation in the preheating train where the crude feed temperature is raised to undergo
atmospheric distillation. The furnace outlet temperature is a significant parameter
to achieve proper separation of components in the crude oil. This master thesis ex-
plores the possibility to decrease the furnace outlet temperature while maintaining
separation of crude components in the distillation column. A decrease of furnace
outlet temperature is expected to cause a decrease in fuel consumed in the furnace,
which in extension is expected to cause a decrease in CO2-emissions. To estimate
the effect of decreased furnace outlet temperature, the process was modeled in As-
pen HYSYS and the model was validated with operational data from a refinery.
Experimental test runs were performed at a refinery where furnace outlet tempera-
ture was gradually decreased. The result was a 15% decrease in fuel demand in the
furnace and related emission of CO2, and an increase in stripping steam demand
in the distillation. The separation of the crude oil components was not impacted.
When the impact of change in stripping steam demand was converted to equivalents
of fuel gas, the combined impact on fuel demand for the furnace and for steam pro-
duction was 15% reduction for a temperature decrease of 10◦C compared to normal
operating conditions. The economic potential for such a temperature decrease is 23
MSEK/year in fuel cost and EU ETS cost. The reduction in fuel gas demand for
the investigated CDU corresponded to 2.2% of the total fuel gas consumed at the
refinery.

Keywords: crude distillation unit (CDU), crude oil furnace, furnace outlet temper-
ature.
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List of Acronyms

Below is the list of acronyms that have been used throughout this thesis listed in
alphabetical order:

APC Advanced Process Control
ASTM American Society for Testing and Materials
bf. before
cbm Cubic meter
CDU Crude Distillation Unit
EU ETS European Union Emissions Trading System
FBP Final Boiling Point
HP High Pressure
HX Heat Exchanger
IBP Initial Boiling Point
LPG Liquefied Petroleum Gas
LP Low Pressure
MK1 MiljöKlass 1
MP Medium Pressure
P&ID Process and Instrumentation Diagrams
TBP True Boiling Point
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Nomenclature

Below is the nomenclature of indices, parameters, and equipment terms that have
been used throughout this thesis.

Indices

i Index for component i
n Index for equilibrium stage number n

Parameters

K UOP K factor
L Liquid flow
V Vapor flow
x Liquid molar fraction of most volatile component
y Vapor molar fraction of most volatile component
h Enthalpy
Qmixing Heat of mixing
Qexternal Heat supplied from external source
Qloss Heat loss
Ki Equilibrium coefficient
∆G Gibbs free energy
∆H Change in enthalpy
∆S Change in entropy

Equipment Terms

xi



F101 Furnace
F101A, F101B Sections of furnace F101
V102 Desalter
V103 Pre-flash
C101 Atmostpheric distillation column
C102 Side stripper for kerosene
C103 Side stripper for light gasoil
C105 Side stripper for heavy gasoil
P101 Pump after storage tanks
P102 Pump after pre-flash
100-unit Crude distillation unit
CDU 3 Crude distillation unit
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1
Introduction

1.1 Background

St1 Refinery AB owns and operates a refinery in the harbour of Gothenburg since
December 2010. The refinery was previously owned by AB Svenska Shell, who
acquired the refinery from Koppartrans AB in 1964 [1]. Koppartrans AB originally
purchased the refinery from a partly emptied military depot south of Los Angeles
just after the end of the second world war. At the time, the refinery consisted of two
crude oil distillation units (CDU) and two units for thermal reforming of gasoline.
A third crude oil distillation unit was added in the 1970’s [1], pictured in Figure
1.1.

Manufacturer’s instructions for the CDUs are outdated in some of the aspects,
because the composition of the crude oil feedstock has changed from fifty years
ago [2]. Today, the furnaces upstream of the CDUs are more or less operated in
the same way regardless of the crude feed composition. Distillation feed stream
temperature is a result of the operating temperature in the furnace, marked with
a red circle in Figure 1.1. Without specific insight into the limitations of the feed
stream temperature, there is a risk that furnaces are operated at too high a temper-
ature. Consequences of excess temperature in the furnace include thermal cracking
of crude oil and coke deposition, high consumption of fuel gas and excess emissions
of CO2 and NOx emissions [2].

The refining of crude oil is one of the most common processes in the world that make
use of distillation technology. It is also one of the most energy intensive separation
processes at refineries, affecting the whole plant’s energy consumption by up to 24%
[3]. This makes it a prioritized process for optimization.

The European Union launched an Emissions Trading System (EU ETS) for carbon
in 2005 where a limit for the total amount of greenhouse gas (GHG) emissions is set
and allowances to emit are auctioned and traded by polluters [4]. Since then, the
system has stepwise expanded its reach to more polluters and tightened the limit of
emission allowances available.
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1. Introduction

Figure 1.1: Crude distillation unit at St1 Refinery

1.2 Crude Oil Distillation
Distillation is a separation process in which components of a mixture are separated
on the basis of a difference in relative volatility. In a distillation column, vapor
flows upward while liquid flows downward. Proper mixing between the vapor phase
and liquid phase over trays in the column is required to allow transfer of mass and
energy. Lighter components accumulate at the top of the column while heavier
components accumulate at the bottom.

1.3 Aim
The aim of this master thesis is to determine the effect that decreased furnace outlet
temperature has on product separation, fuel gas consumption and CO2-emissions.
To achieve that, a model of the process will be created in Aspen Hysys and will
be validated with operational data from the refinery. The aim of the model is to
test the lower limit of furnace outlet temperature and to evaluate the impact on the
product yield distribution.

1.4 Scope
This master’s thesis uses the the newest CDU at the Gothenburg refinery from the
1970’s - locally called CDU 3 or the 100-unit, as a case study. The Aspen Hysys
model primarily includes the crude blending, the pre-flash, the furnace and the
atmospheric distillation tower. The desalination equipment and the downstream
vacuum distillation units are not included in the simulation. The simulation is
performed in steady state. The thesis also includes test runs at the CDU 3 where
operating conditions are monitored and samples of the distillation products are taken
and analyzed.

2



2
Theory

2.1 Crude Oil Characterization
Two of the most important characteristics of crude oils are density and sulfur content.
Density ranges from light to heavy. Sulfur content is characterized as sweet (low
sulfur content) or sour (high sulfur content) [5]. Watson K factor, or UOP K factor,
is an approximate index of paraffinicity. High values correspond to high degrees of
saturation [6]. The UOP K factor, K, is defined according to Equation 2.1.

K = 1.8Tb1/3

SG
(2.1)

where Tb is the average boiling point (K) and SG is the specific gravity defined by
Equation 2.2.

SG = ρcrude

ρw

(2.2)

where ρcrude is the density of the crude oil at 60◦F and ρw is the density of water at
60◦F. Cloud point is the temperature below which longer paraffinic molecules starts
to precipitate as a wax out from the fuel [7].

2.2 Modeling of CDU
Commercial software such as Aspen Hysys are based on rigorous models of thermo-
dynamic calculations, material balance, equilibrium, summation and heat balance
(MESH-equations) [8].

Consider a theoretical ideal stage as shown in Figure 2.1 with incoming and outgoing
vapor flow and liquid flow.

Figure 2.1: Stage in equilibrium

3



2. Theory

where L is the liquid flow rate, V is the vapor flow rate, x is the liquid molar frac-
tion of the most volatile component, y is the vapor molar fraction of most volatile
component, and n is the number of stage in the distillation column.

The material component balance over stage n for steady state simulation can be
expressed as:

Ln+1xn+1 + Vn−1yn−1 − Lnxn − Vnyn = 0 (2.3)

The heat balance or energy balance can be defined as:

Ln+1hn+1 + Vn−1hn−1 − Lnhn − Vnhn + Qmixing − Qexternal − Qloss = 0 (2.4)

where h is the enthaply of the corresponting stream, Qmixing is the heat of mixing,
Qexteranal is heat supplied from external source, and Qloss represents heat losses.

For theoretical ideal stages, the outgoing streams from each stage are assumed to
be in vapor-liquid equilibrium described by the following expression:

yi = Kixi (2.5)

where Ki is the equilibrium coefficient for component i. The equilibrium coefficient
is defined from the chosen thermodynamic model. Typical models include Peng-
Robinson equation of state, of Braun K10 for petroleum components [9].

The distillation column environment in Aspen Hysys solves the MESH equations
when enough information is provided and the degrees of freedom for the system are
zero. The number of constraints must equal the number of unknown parameters.
Each parameter specification reduces the degrees of freedom by one [10].

2.3 Crude Oil Fouling
It is not uncommon for refineries to experience problems in operations of CDUs
caused by crude oil fouling in the furnace upstream of the distillation column. Upon
maintenance stops, operators may identify black deposits inside the tubes in the
furnace, and attribute it to coke deposition. However, there are more processes
which cause the deposition than coke, and understanding the mechanisms can aid
in mitigation and cleaning strategies.

Crude oil is a complex mixture of many components, and when exposed to heat, the
species in the mixture can react in different ways to cause deposition of material.
The following three main reaction pathways have been identified as causes of crude
oil fouling [11]:

1. Dissolved metal ions can react with compounds containing sulfur and lead to
corrosion fouling due to iron sulfide.

4



2. Theory

2. A series of autoxidation reactions of hydrocarbon compounds in the presence
of dissolved oxygen can lead to the formation of insoluble gums. This is a free-
radical chain reaction mechanism. The process is exothermic and can occur
at relatively low temperatures [12].

3. Thermal decomposition or cracking of hydrocarbon compounds can lead to for-
mation of coke when temperatures are high enough. During thermal cracking,
larger hydrocarbons are broken down into lighter alkanes or alkenes. While
the reaction mechanism is endothermic (positive ∆H), the breakup of large
compounds into smaller ones results in a large increase of entropy (∆S). The
resulting Gibbs free energy ∆G can thus be negative, which favors the process
at high temperature above 650 K.

∆G = ∆H − T∆S (2.6)

The long interval in between planned maintenance stops, often up to two years,
makes it difficult to assign the resulting crude oil fouling in the furnace to a spe-
cific crude oil, as the crude oil feedstock composition is varied much more frequently.

5



2. Theory
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3
Description of Proposed System

Figure 3.1: Overview of investigated CDU system

3.1 Crude Oil Blending
The crude oil blending is represented in Figure 3.2.

Figure 3.2: Crude oil blending

7



3. Description of Proposed System

Multiple crude oils are typically blended to achieve a crude feed composition which
matches the specifications of the refinery. The crude oils are stored in caverns
and pumped into a feeding tank in the desired ratios. The blended crude feed is
then pumped through a series of heat exchangers (HX) where the temperature is
increased, on to the desalter.

3.2 Desalter

The desalter is shown in Figure 3.3.

Figure 3.3: Desalter

The purpose of the desalter is to remove dissolved salts that are present in dis-
persed water droplets in the oil. The ingoing crude feed is mixed with process
water in a turbulent manner. An emulsion-breaking additive is added to then
allow the water phase to separate from the oil phase. Additionally, iron grates
installed inside the vessel are used to apply an electric field, which further drives
the phase separation [13]. The temperature inside the desalter is an important pa-
rameter for the efficiency. Too low temperature results in poorer phase separation
between water and oil, while too high temperature results in higher solubility of
water in oil which also gives lower efficiency of the desalter [14]. The water that
remains in the crude feed after the desalter will be separated out in the top vessel
of the distillation tower. The crude feed continues from the desalter through a se-
ries of heat exchangers where the temperature is raised before entering the pre-flash.

8



3. Description of Proposed System

3.3 Pre-flash

The pre-flash is shown in Figure 3.4.

Figure 3.4: Pre-flash

The purpose of the pre-flash vessel is to flash off part of the crude feed. The vessel
operates at lower pressure than the preceding units, which causes the lighter compo-
nents of the crude feed to evaporate. Approximately 5-10% of the crude feed should
evaporate here [14]. The vapor phase from the pre-flash vessel is fed directly to the
distillation tower to tray 11. This is done to reduce the heat duty in the furnace and
also to improve the hydraulic performance of the heat exchanger network [15]. The
main bulk of the crude feed which is not evaporated in the pre-flash is fed through a
series of heat exchanger where the temperature is raised before entering the furnace.

3.4 Furnace

Figure 3.5 shows the furnace in the process overview.

9



3. Description of Proposed System

Figure 3.5: Furnace in process overview

The furnace, F101, consists of two radiant sections, F101A and F101B. The crude
oil is split into four loops with two loops going through each furnace section, as
depicted in Figure 3.6. An Advanced Process Control (APC) system is managing
the crude flow rate through the loops with control valves. The APC system aims for
the two loops exiting the same furnace section to have the same outlet temperature
[14]. The fuel for the furnace is refinery fuel gas, which is produced in multiple
units in the refinery and collected in a joint fuel gas system for the whole refinery.

Figure 3.6: Furnace layout splitting crude feed into four loops divided into two
sections

10



3. Description of Proposed System

3.5 Atmospheric Distillation
Figure 3.7 shows the atmospheric distillation column in the process overview as well
as the set up of the trays used in this case study.

Figure 3.7: Atmospheric distillation column in process overview and tray number-
ing

The light components of the crude feed which were evaporated in the pre-flash enter
the distillation column at tray 11 [14]. The liquid crude feed from the pre-flash has
undergone partial evaporation in the furnace, and enters the distillation column as
a mixture of liquid and vapor at tray 7. The components in the mixture which are
in vapor state at the main feed tray temperature and pressure rise upward in the
column, while the liquid residue passes down in the stripping section of the column.
It is met by stripping steam that is added at the bottom of the column. The stripped
residue is taken out at the bottom of the column. Heavy gasoil is drawn at tray 14
and passed through the heavy gasoil side stripper, from where a part of the stream

11



3. Description of Proposed System

in returned to the main column at tray 15. Light gasoil is drawn from the tower
at tray 25 and passed on to the light gasoil side stripper, from which part of the
stream is returned to the main column at tray 26. Kerosene is drawn at tray 36 and
partly returned to the column at tray 37 after passing the kerosene side stripper.
The column top vapors are condensed before entering the overhead accumulator.
From there, gasoline is partly returned to the top of the distillation column as cold
reflux. The uncondensable gas stream (C1-C4 hydrocarbons) from the overhead
accumulator is passed on for further processing in a gas treatment plant. Water
originating from the stripping steam added to the distillation column is also drawn
from the overhead accumulator and passed on to a water treatment system [13].

3.6 Side Strippers
For each side stream there is a side stripper, i.e for kerosene, light gasoil and heavy
gasoil. Stripping steam is added to the side strippers to take off some of the lighter
fractions in each stream and which is returned to the main column. The result is
more precise separation of the product fractions. A lack of stripping steam can lead
to too low flash-points in the products, while too much stripping steam increases
the load at the top of the distillation tower and downstream equipment [14].

3.7 Steam Generation System
Low pressure (LP) steam och medium pressure (MP) steam can be used as stripping
steam. Both LP steam and MP steam is produced in waste heat recovery steam
boilers at the refinery. Normal production of LP steam is 48 tons/day and normal
production of MP steam is 190 tons/day. If needed, high pressure (HP) steam can
be let down to MP or LP steam. HP steam is produced in a gas fired steam boiler,
or in a heat recovery steam generator. Normal production of HP steam is 4,500
tons/day [14].

3.8 Product Sampling & Analysis
Samples are taken daily of the gasoline, kerosene, light gasoil and heavy gasoil.
Residue can also be sampled but is not part of the daily sampling and testing rou-
tine. The sampling point for gasoline is located after the overhead accumulator.
Kerosene, lights gasoil and heavy gasoil sampling points are located after each re-
spective side stripper. The residue stream sampling point is located after the bottom
draw. For the gasoline fraction, the FBP should be below 180◦C [16]. The kerosene
fraction may be used either for jet production or production of Swedish diesel,
"MK1". For MK1, the IBP should at least 180◦C. However, the MK1 is blended
of more components than just the kerosene fraction, so the kerosene fraction itself
does not necessarily need to have an IBP above 180◦C. 165◦C IBP for the kerosene
is acceptable. For jet, there is no limit for IBP. For the light gasoil fraction, the 95%

12



3. Description of Proposed System

evaporated boiling point is the main parameter of interest, and the target is 290◦C.
For the heavy gasoil fraction, the cloud point is the main parameter of interest, and
the target is below 3◦C.

13



3. Description of Proposed System
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4

Method

4.1 Process Simulation

The parameters in Hysys were divided into two groups - fixed parameters and free
parameters. The fixed parameters included the input parameters, organized in
an "Input spreadsheet" directly connected to the model. These input parameters
included flow rates of the crude oils, water to the desalter and stripping steam to
the main column and side strippers, feed stream temperature, temperature before
the pre-flash vessel, temperature of the furnace feed stream, temperature of furnace
outlet stream, condenser temperature, and pressure at the bottom stage of the
distillation column and the condenser pressure. Product quality indicators were also
input parameters. Input parameters were changed by the user when simulating a
new operating case. Model parameters such as equipment efficiency and component
specifications were kept constant during different simulations. The fixed parameters
are gathered in Table 4.1 with input values for the base case, and model parameters
are denoted with *. The free parameters were the unknown values calculated by
the model like fuel consumption and product flow rates.
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Table 4.1: Simulation specifications for base case

Process Unit Parameter Value Reference

Crude oil mixer

Crude feed temperature 16.6◦C [17]
Crude feed pressure 24 bar [17]
Crude feed composition See Table 4.2 Aspen Hysys
Total feed rate 5,947 ton/d [17]

HX series bf. desalter Pressure drop* 0 bar
Temperature increase 112.1 ◦C [17]

Pre-flash V103

Outlet pressure vapor* 2.45 bar [14]
Outlet pressure liquid* 2.49 bar [14]
Outlet temperature vapor 132 ◦C [17]
Initial cut point, vapor -162 ◦C Iteration process
Initial cut point, liquid 48 ◦C Iteration process
Portion flashed off 3.34wt.% [17]

HX series bf. furnace Pressure drop* 0 bar
Temperature increase 138.4◦C [17]

Furnace F101

Air temperature* 25 ◦C
Air pressure* 1.013 bar
Fuel gas composition* 80wt.% CH4

20wt.% C2H4
Fuel gas temperature* 25◦C
Fuel gas pressure* 1.013 bar
Furnace outlet temperature 353◦C [17]
Efficiency* 63.5%
Excess air percent* 10%
Condenser pressure 1.3 bar [17]
Bottom stage pressure 2.45 bar [17]
Condenser temperature 37.92◦C [17]
Gasoline 95% evaporated 150.7◦C [17]

Distillation column Kerosene 95% evaporated 229.9◦C [17]
C101 LG 95% evaporated 290.7◦C [17]

HG cloud point 0.6◦C [17]
Tray efficiency trays 1-14* 60%
Tray efficiency trays 15-52* 100%
Stripping steam flow rate 19.74 ton/d [17]

Kero Side stripper Nr of stages* 3
C102 Stripping steam flow rate 11.40 ton/d [17]
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Process Unit Parameter Value Reference

LG side Nr of stages* 3
stripper C103 Stripping steam flow rate 8.49 ton/d [17]
HG side Nr of stages* 3
stripper C105 Stripping steam flow rate 5.53 ton/d [17]

4.1.1 Data Collection

To develop the model, a detailed understanding of the process was required. Infor-
mation about the process setup was collected from process descriptions, equipment
specifications, and process control manuals. Process and Instrumentation Dia-
grams (P&IDs) were analyzed to identify how unit operations are interconnected
via process streams, which was used to define system boundaries and establish the
mass balance. The P&IDs also provided information on instrument locations and
availability. Instrument tags were used to retrieve operational data from the dig-
ital process monitoring system. In addition, construction drawings were reviewed
to obtain detailed design information, such as vessel dimensions, for example the
volume of the pre-flash vessel. Information on the connections and streams between
equipment is shared in Chapter 3, along with detailed configuration setup of the
distillation column. Typical operating temperature, pressure and flow rates are
also shared in Table 4.1. Vessel sizing equipment is not shared. Properties of the
individual crude oils used are not shared, however the properties of the final blend
used in the base case is shared in Table 4.2.

4.1.2 Model Validation using Base Case

A real working condition from a time with stable operation and representative con-
ditions of the CDU was used to validate the model. In Figure 4.1 below, the selected
base case is marked with the white square. The time for the base case was April 7th
at 4 am. The process parameters which were monitored for stability when choosing
the base case were the furnace outlet temperature (purple trend line), total liquid
crude feed rate (blue trend line), and total fuel gas consumption (orange trend line).
In the graph, the different variable have individual scales on the y-axis. At the se-
lected time for the base case, there was little variation in the parameters of interest,
which was considered a requirement for using it as base case.
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Figure 4.1: Process parameter variation around base case

4.1.3 Crude Feed Composition

In the refinery, a blend of multiple different crude oils is typically fed to the CDU.
The individual crude oils were manually added to Hysys, and then blended in a
mixer component as shown in Figure 4.2. To add the crude oils to Hysys, informa-
tion from the crude supplier regarding density, UOP K-factor, viscosity, light ends
composition and yield distribution was used as input data. A true boiling point
(TBP) distillation curve was established by entering the TBP in steps of 5 vol-%.
The Peng-Robinson Equation of State fluid package was selected as it is suitable
for gas, oil and petrochemical applications [18].

Figure 4.2: Crude oil blending in Aspen Hysys

The bulk properties, light components split and TBP range for the crude blend used
in the base case is shown in Table 4.2.
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Table 4.2: Parameters for crude blend used in base case

Parameter Value Unit
Density 833.9 (kg/m3)
Watson K 11.66 -
Kinematic viscosity @20◦C 5.083 cSt
Methane 0.01 wt.%
Ethane 0.01 wt.%
Propane 0.27 wt.%
i-Butane 0.21 wt.%
n-Butane 0.83 wt.%
i-Pentane 0.78 wt.%
n-Pentane 0.109 wt.%
TBP 0% -28.28 ◦C
TBP 5% 50.78 ◦C
TBP 10% 85.97 ◦C
TBP 30% 174.5 ◦C
TBP 50% 269.6 ◦C
TBP 70% 364.6 ◦C
TBP 90% 496.6 ◦C
TBP 95% 578.1 ◦C
TBP 100% 707.3 ◦C

4.1.4 Pre-flash

The pre-flash vessel was modeled using a "Component splitter" unit in Hysys. From
live process data, the portion of the incoming crude feed that was flashed off in the
pre-flash could be determined. To mirror that portion, the TBP temperature was
used as a cut point in Hysys. The initial cut point for the vapor stream was set
just below the TBP for the lightest component in the crude blend, in this case that
was at -162◦C for methane. The initial TBP cut point for the liquid crude feed was
tuned iteratively until the right portions were achieved - typically around 50◦C to
achieve 3-4% flashing. The set up of the pre-flash in Aspen Hysys is shown in Figure
4.3.

Figure 4.3: Pre-flash in Aspen Hysys using TBP cut points to steer partition of
vapor and liquid.
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4.1.5 Furnace
The furnace was modeled using a "Fired heater" unit in Hysys. Figure 4.4 shows
the furnace with the crude oil inlet and outlet streams, a fuel inlet stream, and air
feed stream and a fuel gas combustion product stream. The composition of the fuel
stream was a mixture of 80 wt.% methane and 20 wt.% ethane. This was done so
that the mixture would have a representative carbon content similar to the refinery
fuel gas. The carbon content of the refinery fuel gas is measured by an instrument
and available as a live tag. The combustion reactions of methane and ethane were
specified in the properties environment.

CH4 + 2 O2 −−→ CO2 + 2 H2O

2 C2H6 + 7 O2 −−→ 4 CO2 + 6 H2O

Both combustion reactions were set as conversion reactions. The conversion of the
reactants was determined by Equation 4.1:

Conversion = C0 + C1 · T + C2 · T 2 (4.1)

For both combustion reactions, the parameters were set to C0 = 100, C1 = 0
and C2 = 0, so that the conversion was total and the reaction was independent
of temperature. The furnace efficiency was set to 65% percent and the Excess air
percent was set to 10%.

Figure 4.4: Furnace set up in Aspen Hysys

4.1.6 Atmospheric Distillation Column
The atmospheric distillation column model was developed in an iterative manner,
starting with a very simplified set up and increasing column complexity by hand.
This was done to ensure convergence of the model when increasing complexity. A
"Refluxed absorber" unit was used in Aspen Hysys, which has a partial condenser
but no reboiler. The first column model, pictured in Figure 4.5, featured only the
liquid crude feed, main steam feed, and product streams at the top and bottom of
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the column, i.e gasoline, water and gases withdrawn at the top and residue bottom
product.

Figure 4.5: First version of distillation column in Hysys with only top and bottom
products

To bring the degrees of freedom down to zero, the parameter of the product streams
which was specified was the flow rates. Hysys then calculated the distillation curve
of the products. The set up of specified and calculated parameters for the different
versions of the distillation columns is summarized in Table 4.3.

Table 4.3: Specified and calculated parameters for the column in the different
column versions

Specified product Calculated product
parameter parameter

Gasoline flow rate Gasoline TBP 95%
Column version Kerosene flow rate Kerosene flow rate D1160 95%
1 & 2 Light gasoil flow rate Light gasoil flow rate D1160 95%

Heavy gasoil flow rate Heavy gasoil D1160 95%

Column version 3

Gasoline TBP 95% Gasoline flow rate
Kerosene D1160 95% Kerosene flow rate
Light gasoil D1160 95% Light gasoil flow rate
Heavy gasoil D1160 95% Heavy gasoil flow rate

The second column model, pictured in Figure 4.6, included the remaining product
fractions kerosene, light gasoil and heavy gasoil as side draws.
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Figure 4.6: Second version of distillation column in Hysys with side draws added

The third and final column model, pictured in Figure 4.7, included side strippers
for kerosene, light gasoil and heavy gasoil instead of side draws as previously used.
Each side stripper had its own steam feed. The vapor crude feed from the pre-flash
V103 was also connected to the column. Once the column with side strippers was
converged, the solution constraint set up was changed so that distillation curve
data of the outgoing fractions gasoline, kerosene, light gasoil and heavy gasoil was
specified. For gasoline, the 95% TBP temperature was specified. For kerosene and
light gasoil, the ASTM D1160 95% boiling point temperature was specified. For
heavy gasoil, the cloud point was specified. The column then calculated the product
flow rates. The tray efficiency was assumed to be 100%. The number of trays and
the location of column feed and draw streams were based on the actual distillation
tower at St1 refinery [14], see Figure 3.7.

Figure 4.7: Final version of distillation column in Hysys with side strippers added

4.2 Test Runs
Multiple test runs were conducted at the refinery during which the temperature of
the crude oil exiting the furnace was decreased stepwise. Figure 4.8 visualizes the
working method of the test runs. In each round, the temperature of the outgoing
crude feed from the furnace was decreased by 3◦C, starting from normal operating
conditions. The CDU was then run for 5 hours at the new temperature to allow the
process to stabilize, before samples were taken of the outgoing products, see Figure
3.1 for sample point location. The samples were analyzed for boiling point range,
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density and sulfur content. The product flow rates from the refinery during the test
runs were compared to the model output flow rates.

Figure 4.8: Set up of test runs

Table 4.4: Furnace outlet temperature during test runs

Temperature 1 Temperature 2 Temperature 3
Test run 1 351◦C 348◦C 345◦C
Test run 2 349◦C 346◦C 343◦C

4.3 Performance Indicators
The following section defines the performance indicators of this study and how they
were determined. Fuel consumption and steam consumption are considered primary
performance indicators, while CO2-emissions and economic potential are considered
secondary performance indicators as they are linearly proportionate to the primary
performance indicators.

4.3.1 Product Separation
Product separation was judged by the boiling point ranges. Separation was consid-
ered to be complete if the boiling point ranges for the different products did not
overlap [13].

4.3.2 Model Accuracy
For each product flow rate, an absolute error and a relative error has been calculated
according to Equation 4.2 and Equation 4.3.
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Eabsolute = |xsimulation − xmeasured| (4.2)

Erelative = Eabsolute

xmeasured

· 100% (4.3)

4.3.3 Fuel Consumption in Furnace
The fuel gas consumption to the furnace was monitored by flow meters, one to
section A and one to section B of the furnace F101. The readings from the flow
meters were used to evaluate the impact of the test runs. The fuel gas flow rate
was divided by the crude feed rate to obtain the specific fuel gas flow according to
Equation 4.4.

ṁfuel gas F 101, specific = ṁfuel gas, F 101

ṁcrude feed

(4.4)

The specific fuel gas flow at each furnace outlet temperature was evaluated for the
minimum value, the average value and the maximum value at each temperature.

4.3.4 Steam Consumption
The steam consumption in the distillation column and the side strippers was moni-
tored by flow meters - one flow meter for steam to each side stripper and one for the
steam to the main column. The readings from the flow meter were used to monitor
the impact of the test runs. The steam flow rate was divided by the crude feed rate
to obtain the specific steam consumption according to Equation 4.5. To simplify
the evaluation of steam consumption, two scenarios for the production of stripping
steam were considered: a worst case scenario where HP steam was let down to MP
or LP stripping steam, and a best case scenario where MP or LP steam was pro-
duced in a waste heat recovery steam boiler. In the case of HP steam let down,
it was assumed that 14.85 ton HP steam were produced per ton of fuel gas. The
fuel gas needed to produce HP steam was then added to the fuel gas to F101 when
considering the total fuel gas demand as shown in Equation 4.6. In the case of MP
or LP steam generation in a waste heat recovery boiler, the stripping steam was as-
sumed to be available in excess and thus not cause any emissions in the production
process.

ṁsteam, specific = ṁsteam, C101 + ṁsteam, C102 + ṁsteam, C103 + ṁsteam, C105

ṁcrude feed

(4.5)

The specific steam flow at each furnace outlet temperature was evaluated for the
minimum value, the average value and the maximum value at each temperature.

ṁtotal fuel gas, specific = ṁfuel gas F 101, specific + ṁsteam, specific

14.85 (4.6)

24



4. Method

4.3.5 CO2-emissions
When calculating CO2-emissions from the fuel gas it was assumed that the combus-
tion reaction is complete, and the oxidation factor is thus unity. The emitted CO2
was calculated as

ṁCO2, specific = ṁfuel gas, specific · xC

100 · MCO2

MC

· OF (4.7)

where ṁCO2 is the emission of CO2 in ton/h, ṁfuel gas is the consumption of fuel
gas in ton/h, xC is the carbon content in the fuel in mass %, and OF is the ox-
idation factor. The carbon content in the fuel gas was continuously measured by
an instrument. It was assumed that the fuel consists only of carbon and hydrogen.
The parameters used for calculating CO2-emissions are presented in Table 4.5.

Table 4.5: Parameters for CO2-emissions calculation

Parameter Symbol Value Unit
Carbon content xC 78.4 wt.%
Oxidation factor OF 1 -
Molar mass, CO2 MCO2 44.01 g/mol
Molar mass, C MC 12.01 g/mol

4.3.6 Economic Evaluation
The variable cost, OPEX, for operating the furnace and the distillation column with
side strippers was evaluated for different furnace outlet temperature for a proposed
yearly crude throughput of 6,000 ton/d according to Equation 4.8.

OPEX = ṁcrudefeed · (ṁfuel, specific · Cfuel + ṁCO2, specific · CEU ET S) (4.8)

The considered costs were fuel cost, Cfuel, and EU ETS allowance cost, CEU ET S.
As fuel gas is not a commercial product, LPG price was used as an estimation to
evaluate the impact of reduced fuel demand. A typical price for LPG was assumed
to be 520 USD/ton. The cost of CO2 was assumed to be 76.4 EUR/ton CO2, which
was the average price for the period 11th May 2025 - 11th May 2026 [19]. Euro and
USD were converted to SEK using the average exchange rate of 10.88 SEK/EUR
and 9.33 SEK/USD for the same period according to Sweden’s central bank. A
summary of the costs linked to fuel consumption and CO2-emission are presented
in Table 4.6.

Table 4.6: Parameters for variable operating cost calculation

Parameter Value Unit
EU-ETS price 831 SEK/ton CO2-eq.
Fuel price 4,851 SEK/ton fuel
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A sensitivity analysis of changes to the fuel cost and the EU ETS cost was performed.
A change of -20%, -10%, +10% and +20% for each of the cost parameters was
considered.
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Results & Discussion

5.1 Model Validation
The flow rates predicted by the model are compared to the measured values for the
base case in Figure 5.1.

Figure 5.1: Comparison of product flow rates between the measured data and
simulated data for base case

The errors between the measured data and the simulated data are compiled in table
5.1.

Table 5.1: Error analysis of model in base case

Product Absolute error, Eabs Relative error, Erel

Gases 59 kg/h 623%
Water 100 kg/h 4%
Gasoline 8,031 kg/h 13%
Kerosene 1,151 kg/h 4%
Light gasoil 67 kg/h 0%
Heavy gasoil 3,709 kg/h 13%
Residue 5,010 kg/h 5%

The measured gas stream corresponds to 0.003% of the total product streams, thus
the small difference in mass flow between the measured and simulated value (69
kg/h) translates to a large difference in relative error (623%). In addition to the
gas stream, the largest relative errors are 13% for gasoline and heavy gasoil. One
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possible source of error is the characterization information of the crude oils. These
are provided from the crude supplier once at the start of purchasing a new crude, but
then that field can be drilled for many years without updating the characterization.
The specific cargoes used in the refinery during the case study could thus differ in
composition from the available data. If there is a discrepancy between the input
data into the model and the actual composition of the crude oil, then the output
from the simulation will struggle to be 100% accurate.

The model was applied for the conditions during the test runs. Figure 5.2 shows
the result for T2 and T3 from test run 2. The discrepancies between measured data
and model are similar during the test run as for the base case.

Figure 5.2: Comparison of product flow rates between the measured data and
simulated data for T2 and T3 from test run 2

5.2 Source of Error during Test Run 1
A general comment is to be made about the results from test run 1. During the test
run, the primary performance indicators experienced a large variation, which was
unexpected. Variation in the primary performance indicators was closely related to
variation in the crude feed rate. This variation in crude feed rate was unintentional.
Upon investigation, it could be seen that of the four valves used to control the
crude feed rate into the different loops in the furnace, two valves were operating
in fully open mode (see Figure 3.6 for furnace layout). This was a consequence
of the Advanced Process Controller trying to regulate to achieve more even outlet
temperatures between the four loops in the furnace. In each section, one of the
loops was too hot, prompting the APC to increase the flow rate. The setpoint for
the desired flow rate was higher than what could be achieved by opening the valves
to the maximum. Once the furnace outlet temperature was decreased during the
test run, the decrease in temperature resulted in a lower portion of the crude feed
evaporating in the furnace tubes. Less vapor decreased the volume, allowing for an
unintentional increase in feed, as the valves were still completely open and driven
by the higher setpoint. Figure 5.3 shows the setpoint (purple line) being higher
than the crude feed rate (orange line) for loop A during test run 1. The valve is
completely open, shown by the green values (105% open, or max open). This meant
that this part of the process was not within an adjustable range. For comparison of
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how the same display looked for the C-loop which was adjustable, with setpoint and
flow rate aligning well, see Figure 5.4. Due to this phenomenon, the results from
test run 1 didn’t capture the response of the fuel gas demand to the implemented
change. The results from test run 1 are available in Appendix A1.

Figure 5.3: Setpoint vs flow rate in loop C, F101B

Figure 5.4: Setpoint vs flow rate in loop A, F101B

5.3 Product Separation

The boiling point analysis of the product samples from test run 2 are presented in
Figure 5.5. The figure shows "gaps" between the 95% temperature for gasoline and
the 5% temperature for kerosene, indicating clear separation of the two products.
The 95% temperature for kerosene is equal to the 5% temperature for light gasoil,
which also indicates clear separation. Light gasoil 95% temperature is "overlapping"
with the 5% temperature for heavy gasoil, which indicates incomplete separation
between these two products.
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Figure 5.5: Boiling point range for products during test run 2

All furnace outlet temperatures resulted in similar boiling point curves for gasoline,
and met the requirement of Final Boiling Point (FBP)<180◦C described in Section
3.8. Light gasoil met the requirement for 95% boiling point temperatures close to
290◦C for all furnace outlet temperatures. For heavy gasoil, Figure 5.6 shows the
cloud point at the first furnace outlet temperature T1 was 1.4◦C higher than the
target at 3◦C. The following cloud points at T2 and T3 were both between -2◦C to
-3◦C, which was complying with the requirements. That showed that the process
was able to produce approved heavy gasoil even at the lowest tested temperatures.
Although the heavy gasoil has a high cloud point at T1, this alone does not mean
that the furnace outlet temperature is inappropriate, especially considering that all
other analysis were in line with the targets at T1. The quality of the outgoing
fractions is not jeopardized by a decrease of 10◦C in furnace outlet temperatures
from the base case at 353◦C down to T3 at 343◦C.
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Figure 5.6: Cloud point of heavy gasoil test run 2

5.4 Fuel Consumption & Steam Consumption

The specific fuel gas consumption to the furnace during test run 2,calculated ac-
cording to Equation 4.4,is presented in Figure A2. The result showed that lower
furnace outlet temperature required less fuel gas per ton of crude feed.

Figure 5.7: Specific fuel gas consumption test run 2

The specific steam consumption in the distillation column and the side strippers,
calculated according to Equation 4.5, during test run 2 is presented in Figure A2.
The result showed an increase in steam demand as the furnace outlet temperature
was decreased, which means that more fuel gas is needed to produce HP steam in
the case of using HP steam according to Equation 4.6.
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Figure 5.8: Specific steam consumption test run 2

Both the specific fuel gas consumption in the furnace and the stripping steam con-
sumption showed a trend which overall correlated to the temperature profile, but
both experienced some fluctuations, especially at the intermediate temperature T2
at 346◦C. The changes in fuel gas consumption compared to the base case are
presented in Table 5.2. In the table, the two scenarios for steam generation are
considered and the minimum, average and maximum value at each furnace outlet
temperature are included as described in Section 4.3.3. The lowest furnace outlet
temperature T3 (343◦C) achieved the biggest reduction in fuel gas demand com-
pared to the base case. The reduction was largest for the scenario of excess steam
availability.

Table 5.2: Reduction of fuel gas during test run 2 compared to base case

Furnace outlet ∆ṁfuel gas (Best case) ∆ṁfuel gas (Worst case)
temperature Min Avg Max Min Avg Max
349◦C -12.8% -12.4% -12.2% -12.6% -12.1% -11.8%
346◦C -15.9% -14.3% -13.0% -15.4% -13.7% -12.3%
343◦C -16.5% -15.8% -15.2% -15.7% -15.0% -14.3%

For a standard crude oil throughput of 6,000 ton/d the absolute yearly reduction of
fuel gas (assuming HP steam and based on average values of operating conditions)
amounts to 3,158 tons of fuel gas per year, which corresponds to approximately 2.2%
of the refinery’s total fuel gas consumption [14].

5.5 Emissions
The specific CO2-emission calculated according to Equation 4.7 is presented in Fig-
ure 5.9. The calculation contains a linear relation between the fuel gas consumption
and the CO2-emissions, so the trends are similar to those for the fuel gas consump-
tion itself. When the process is within the adjustable range as during test run 2,
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lower furnace outlet temperature decreases specific CO2-emissions (calculated ac-
cording to Equation 4.7), as is shown in Figure 5.9.

Figure 5.9: Specific CO2-emissions test run 2

For a standard crude oil throughput of 6,000 ton/d the absolute yearly reduction
of CO2-emissions (assuming HP steam and based on average values of operating
conditions) amounts to 9,072 tons of CO2-emissions per year, which corresponds to
approximately 1.4% of the refinery’s total CO2-emissions [14].

5.6 Economic Evaluation

The reduced demand for fuel gas from Table 5.2 and the reduced emissions con-
nected to the use of the fuel gas shown in Figure 5.9 are evaluated from an economic
perspective according to the assumptions presented in Section 4.3.6, using a fuel
price of 4,851 SEK/ton fuel and a EU-ETS price of 831 SEK/ton CO2-equivalents.
The result for average fuel gas demand assuming HP steam at furnace outlet tem-
perature T3=343◦C from test run 2 is shown in Figure 5.10 with the different cost
contributions visible. For comparison, the cost for the base case is shown next to
the bar for reduced furnace outlet temperature. The base case with furnace outlet
temperature of 353◦C has a yearly cost of 153 MSEK/year in total. The total yearly
cost for furnace outlet temperature 343◦C is 130 MSEK/year.
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Figure 5.10: Yearly cost for fuel to furnace & emissions

A sensitivity analysis of changes to the fuel cost and the EU ETS CO2 allowance
cost is presented in Table 5.3. The result shows that changes to the fuel cost have
larger impact on the total yearly variable cost than the CO2 allowance cost, which is
due to fuel gas being the larger contribute to variable operating cost to begin with.

Table 5.3: Sensitivity analysis of changes to fuel cost and CO2 allowance cost

∆Cfuel OPEX @ 353◦C OPEX @ 343◦C
-20% 132 MSEK/yr 112 MSEK/yr
-10% 142 MSEK/yr 121 MSEK/yr
+10% 163 MSEK/yr 138 MSEK/yr
+20% 173 MSEK/yr 147 MSEK/yr

∆CEU ET S OPEX @ 353◦C OPEX @ 343◦C
-20% 142 MSEK/yr 121 MSEK/yr
-10% 147 MSEK/yr 125 MSEK/yr
+10% 158 MSEK/yr 134 MSEK/yr
+20% 163 MSEK/yr 138 MSEK/yr

5.7 Outlook
In the future, crude oil furnaces can potentially be electrified and the fuel gas can
then instead be sold for other purposes. In this case, the furnace duty will be
supplied by electricity instead of fuel gas. The furnace outlet temperature of 343◦C
corresponds to a furnace duty of 20.15 MW according to the Aspen HYSYS model.
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The yearly furnace duty is then 176,540 MWh. If the electricity price is assumed to
be 0.834 kr/kWh (Jan-April 2026 average for Elområde 3 in Sweden [20]), the yearly
electricity cost will be 147 MSEK/year, which is less than the total variable cost
for the base case but more than for furnace outlet temperature of 343◦C. Valorizing
the fuel gas is research topic in and of itself, but it can be expected to bring some
additional income if sold.
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6
Conclusion

This master thesis evaluates the impact of reduced furnace outlet temperature in a
crude distillation unit at St1 Refinery on product separation, fuel demand and CO2-
emissions. The pre-flash, furnace and atmospheric distillation column have been
considered and modeled in Aspen HYSYS. The model can be used to predict yield
trends as impact of varied furnace outlet temperature. The test runs confirmed the
possibility to successfully implement the reduced furnace outlet temperature. A re-
quirement for reducing the furnace outlet temperature is to operate the furnace with
process control adjustment margin, otherwise unwanted effects can occur. When this
requirement was fulfilled, the product separation and quality was not jeopardized
by reduced furnace outlet temperature. Reducing the furnace outlet temperature
by 10◦C, from 353◦C to 343◦C, resulted in lowering the fuel gas demand and CO2-
emissions by 15%. This corresponded to economic savings of 23 MSEK/year in fuel
cost and CO2-emission cost.
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A
Appendix 1

A1 Results from Test Run 1

Product Analysis
The results from test run 1 are shown in Figure A1 for product quality, in Figure
A2 for fuel as consumption, in Figure A3 for steam consumption, and in Figure
?? for CO2-emissions. The results do not show a correlation to the furnace outlet
temperature due to the lack of process control discussed in section 5.2.

Figure A1: Product quality analysis test run nr 1

Figure A2: Specific fuel gas consumption
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Figure A3: Specific steam consumption
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