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Impact of Gas Release on the Mixing of Large Particles in Bubbling Fluidized Beds
JING SHI
Department of Space, Earth and Environment
Chalmers University of Technology

Abstract
This study experimentally investigates solids mixing within a bubbling fluidized bed
using a fluid-dynamically downscaled cold model and Magnetic Particle Tracking
technology. The trajectories of gas-releasing tracers were tracked and compared
to blank tracers to analyze the impact of gas release on mixing for various tracer
densities and fluidization numbers. Lateral mixing was quantified using Einstein’s
equation for Brownian motion, and probability density functions was utilized to
analyze the axial position and velocity distribution of the tracers.

The results indicate that gas release significantly enhances the lateral mixing of low-
density tracers at high fluidization numbers, while it has a more pronounced effect
on the mixing of heavy tracers at low fluidization numbers. Additionally, gas release
affects the vertical distribution of tracers in a complex manner, depending on the
tracer density and fluidization number. Gas-releasing tracers with low density tend
to immerse more into the bed at low fluidization numbers, while high-density gas-
releasing tracers tend to remain at higher axial positions. The impact of gas release
on the velocity of the tracers is significant only at high gas release rates, for which
the force balance on the tracers seems to be impacted, causing higher fluctuations
in the velocity.

Keywords: Solids mixing, gas release, bubbling fluidized bed, biomass pyrolysis,
magnetic particle tracking.
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Nomenclature

Abbreviations

AMR Anisotropic magneto-resistive
FN Fluidization number
MPT Magnetic particle tracking
PDF Probability density function
PET Polyethylene terephthalate
PSD Particle size distribution

Greek symbols

ρg Gas density kg/m3

ρp Particle density kg/m3

µf Dynamic viscosity of the flow Pa·s
Ψ Sphericity -

Latin symbols

dp Characteristic length of particle m
D Characteristic length m
Dk Dispersion coefficient along different directions m2/s
Dr Radial dispersion coefficient m2/s
g Gravitational acceleration m/s2

∆lk Displacement along different directions m
∆r Radial displacement m
∆t Time s
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uo Superficial flow velocity m/s
umf Minimum fluidization velocity m/s
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1
Introduction

Due to the scarcity of fossil fuel resources and the increasing severity of global
warming, the development of technologies for the conversion of renewable and en-
vironmentally friendly fuels is urgently needed. Biomass conversion is increasingly
gaining attention due to its renewability, biodegradability, and carbon-neutral char-
acteristics [1]. Compared to traditional fossil fuels, biomass releases significantly
fewer nitrogen and sulfur oxides during conversion [2]. Additionally, the use of
biomass helps reduce methane emissions from landfills, reduces land occupation,
and provides a stable energy supply and economic feasibility [3].

Biomass can be converted into different types of energy and valuable streams through
various thermochemical conversion processes such as combustion, gasification, and
pyrolysis [4]. Although combustion is a common method for obtaining thermal
energy and electricity, the emissions and ash waste compromise its environmen-
tal friendliness [5]. Gasification provides another efficient way to use biomass, but
involves higher storage and transportation costs, and produces tar pollutants [5].
Pyrolysis, a thermal decomposition process carried out in an inert atmosphere, pri-
marily produces non-condensable gases (CO, CO2, H2, CH4, etc.), liquids (bio-oil),
and solid (biochar) [6]. Depending on the heating rate, it can be divided into fast and
slow pyrolysis. Fast pyrolysis, characterized by its rapid reaction speed, high conver-
sion efficiency, and high energy density of products, demonstrates significant market
potential, especially considering the expected shift in biomass utilization from heat
and electricity production to the generation of valuable industrial products [7].

The bubbling fluidized bed is widely used in the biomass pyrolysis field due to the
simple configuration of the reactors, convenient operation, long service life, and
high adaptability to biomass particles [4]. Usually, the addition of inert bulk solids
(such as quartz sand, ceramic balls, high alumina bauxite, etc.) improves the fluid
dynamics, therefore making the conversion of biomass particles with typically poor
flowability more effective and preventing agglomeration [6]. Compared to bulk solids,
biomass particles are generally larger and lighter, and their mass usually makes up
only a small fraction of the total mass of solids in the fluidized bed [8]. The intense
mixing of bulk solids with biomass particles not only provides a uniform temperature
distribution but also enhances mass and heat transfer [6].

Due to the density and size differences between biomass particles and bulk solids,
axial segregation is likely to occur, leading to uneven biomass concentration along
the bed height [9]. Biomass on the surface of the fluidized bed differs significantly
in the heat and mass transfer it is subjected to compared to biomass within the
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1. Introduction

bed. Surface biomass experiences stronger mass transfer and weaker heat transfer,
leading to faster char conversion as well as slower drying and devolatilization [10].
Insufficient lateral mixing can also lead to uneven distribution of volatiles and char
products [11]. This insufficient mixing affects the uniformity of the temperature field
within the fluidized bed, potentially leading to the formation of hot and cold spots
and reducing the efficiency and stability of the reactor, and affecting the quality of
the products [12]. Therefore, a comprehensive understanding of the mixing process
is crucial for optimizing heat distribution and product quality.

Besides, volatile gases are released during the devolatilization and drying of biomass,
which are suspected to evolve as endogenous bubbles, further affecting the mixing
of the material [9][13]. Iannello used X-ray imaging technology to observe the de-
volatilization behavior of individual raw material particles at high temperatures,
finding that volatiles exist in the form of endogenous bubbles, providing lift to the
particles that often drags them to the surface of the bed [9]. Solimene’s research
indicates that the lifting force produced by volatile gases depends on the flow rate of
the emitted gas and the size of the particles, rather than the superficial speed of the
fluidizing gas [13]. However, these studies only focused on the influence of endoge-
nous bubbles when the fluidization number (FN), which is the ratio of the superficial
gas velocity to the minimum fluidization velocity (umf ), is between 1 and 2, and the
particle is immersed in the bed. The minimum fluidization velocity is the velocity
at which the drag force from the fluid equals the weight of the particles, causing
them to become suspended. Given the wide variation in FNs in actual industrial
applications, further experiments are needed to explore the impact of gas release
under different FNs on solids mixing. Moreover, studies on the mixing behavior of
large particles of different densities during fluidization are still scarce [14].

This study aims to explore how gas release affects the mixing behavior of large par-
ticles within a bubbling fluidized bed under different FNs and for different particle
densities. The experiment used a fluid-dynamically downscaled cold model to sim-
ulate the operation of fluidized beds in industrial biomass conversion applications.
The high-resolution trajectory of individual gas-releasing tracers within the fluidized
bed was tracked using Magnetic Particle Tracking (MPT) technology.
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2
Theory

This section briefly introduces the principles behind pyrolysis, fluidization, solids
mixing and segregation, lateral dispersion coefficient, as well as fluid dynamic scaling
laws.

2.1 Biomass pyrolysis
Pyrolysis is a process of heating organic materials under oxygen-deficient conditions
to convert them into biochar, condensable liquid bio-oil, and non-condensable gases.
The products not only have a high energy density but can also be further pro-
cessed to yield higher-value biofuels or other chemicals [6]. This important biomass
thermochemical conversion process is also a precursor step to char gasification and
combustion [6].

The industrial process for pyrolysis involves three key stages: the initial stage in-
cludes the collection, storage, and preprocessing of raw materials; followed by the
thermochemical conversion stage, where the biomass first undergoes moisture evap-
oration and initial decomposition reactions, followed by more complex secondary
reactions, such as cracking and reformation; the final stage involves upgrading the
products using chemical or physical methods to meet marketable standards [15].
These steps collectively constitute a complete process of converting biomass into
various useful energy products. The efficiency of pyrolysis and the quality of the
final products are influenced by several factors, including the type, size, and mois-
ture content of the feedstock, the pretreatment methods, the specific conditions of
the reaction (such as residence time, pressure, temperature, and heating rate), and
the design and selection of the reactor [16].

The thermochemical conversion of biomass is a complex process involving multi-
ple steps and different temperature ranges [15][17][18]. Initially, free water in the
biomass is removed by evaporation, followed by the primary decomposition stage,
which includes char formation, depolymerization of polymer units, and the frag-
mentation of internal bonds within monomer units [17]. During depolymerization,
the degree of polymerization of the polymer chains decreases, producing volatile
substances, which are typically collected and converted into liquid fractions. The
fragmentation process generates non-condensable gases and linear compounds [18].
Subsequently, under the high temperatures in the reactor, the less stable volatile
compounds may trigger a series of secondary reactions. These reactions primarily
involve cracking and recombination, occurring both in the gas phase and between
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2. Theory

the gas and solid phases. Volatile compounds may undergo cracking due to chemical
bond breakage to form lighter molecules, or they may recombine to form heavier
molecules [18]. Additional solid carbon is formed as these compounds recombine
in the pores of the solid product [18]. Different biomass components decompose at
different temperature ranges due to their varying thermal stability. Hemicellulose
decomposes quickly within the 220-315°C range, cellulose starts decomposing at 315-
400°C, and lignin decomposes slowly and continuously over a broader temperature
range of 160-900°C [15].

In the pyrolysis products, pyrolysis oil contains 15-35% water and hundreds of or-
ganic components, including acids, alcohols, ketones, aldehydes. Biochar contains
unconverted organic materials and carbonaceous residues along with the majority
of mineral compounds. The pyrolysis process also releases a variety of gases, such
as carbon dioxide, carbon monoxide, hydrogen, various low-carbon hydrocarbons,
and a small number of other gases, such as ammonia and sulfur oxides [19].

2.2 Fluidization technology and its application in
biomass pyrolysis

Fluidization refers to the suspension of fine solid particles in a gas or liquid fluid
flow, allowing them to exhibit a fluid-like behavior [21]. Fluidization occurs due to
the upward drag of the fluid against the solid particles. When the fluid ascends
at a slow pace, it primarily flows through the narrow spaces between the particles,
resulting in a pressure drop but unable to move the solid particles. This is known
as a fixed bed. As the fluid velocity increases, fluid drag also increases, causing the
bed layer to expand. This process continues until the fluid velocity reaches a critical
point, the minimum fluidization velocity. At this point, the upward force of the
fluid equals the weight of the particles, transforming the fixed bed into a fluidized
bed. Further increase of the fluid flow rate leads to the onset of different fluidization
regimes, such as bubbling regime, slugging regime, and turbulent regime (as shown
in Figure 2.1) [20][21]. The main characteristics of the most commonly referred
fluidization regimes are mentioned below. The onset and the use of these different
regimes depend on the characteristics of the reactor and the fluid and solids phases
involved.
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2. Theory

Figure 2.1: Fluidization patterns in gas-solid systems, modified from [21].

In gas-fluidized beds, when the velocity of the gas exceeds the minimum fluidization
velocity of the particles, significant instability is observed in the bed layer. This
instability typically accompanies the formation of bubbles. Excess gas traverses
the bed in the form of bubbles. Bubbles are regions with low solid density, while
regions with higher solid density are referred to as the emulsion phase or dense
phase. Initially, small bubbles form at the distributor, and as they ascend through
the bed, they grow, coalesce, and split. The characteristics of bubbles, such as their
diameter and frequency within the reactor largely determine the fluid dynamics of
the bed. In turn, these characteristics are significantly influenced by the types and
sizes of the solids present, as well as the properties of the gas.

Geldart classified solids into four distinct groups: Group A, B, C, and D [22]. The
solids used in this study belong to Group B, which includes sand-like particles with
sizes ranging from 40 µm to 500 µm and densities between 1.4 g/cm3 and 4 g/cm3,
approximately. For Group B solids, the bubble size grows approximately linearly
with the distance from the distributor and with the gas velocity. The frequency
of bubbles is also associated with the excess gas flow rate, defined as the differ-
ence between the superficial gas velocity and the minimum fluidization velocity. At
increased flow rates, gas can also establish continuous pathways between solids, re-
ferred to as gas channels. These channels enable the gas to traverse the bed layer
more rapidly, intensifying the agitation of the particles.

In small-diameter fluidized beds, bubbles absorb more gas as they move upward
through the bed layer. As gas continues to be supplied, the volume of the bubbles
gradually increases. They may eventually cover the entire cross-section of the con-
tainer. Fine particles can slide along the container’s walls in the gaps formed by the
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2. Theory

rising gas flow, which is known as slug fluidization. Slugs continuously disintegrate
and regenerate, causing unstable oscillating motion.

When the gas velocity becomes sufficiently high, the top interface of the fluidized bed
disappears, and particles start being significantly carried by the airflow. Within the
bed, clusters of solid particles of different sizes and shapes exhibit intense turbulent
motion. This behavior signifies the transition of the fluidized bed from a dense phase
to a dilute-phase state. To mitigate particle loss, cyclone separators can be utilized
to capture the carried particles and recirculate them back into the bed.

The core function of a biomass pyrolysis reactor is to ensure that the inputted
biomass is uniformly and fully heated and converted. This is linked to the achieve-
ment of the required temperature and specific effective residence time[15]. Par-
ticularly in the fast pyrolysis process, the reactor must be designed to transfer a
substantial amount of heat to the biomass rapidly, while also minimizing the res-
idence time of the fluidization medium within the reactor [17]. The method of
mixing biomass particles with preheated heat carriers (such as sand) is widely used
[6]. Bubbling fluidization technology, known for its straightforward structure and
simple operation, is widely used to enhance heat and mass mixing between the heat
carrier and biomass. This intense mixing ensures a uniform temperature distribu-
tion and effective heat transfer, thereby improving the efficiency and quality of the
pyrolysis process [15].

2.3 Solids mixing and segregation
The mixing of solid particles in fluidized beds manifests in two directions: lateral
and axial [23]. Lateral mixing is primarily caused by the lateral diffusion of particles
entering from the feed inlet. Axial mixing is driven by differences in particle size
and density, with lighter or finer particles rising to the top of the bed and heavier
or coarser particles settling at the bottom. The agitation of solids by gas bubbles
also significantly influences the mixing of different solid phases within the bed.

In a bubbling bed, bubbles can generally be categorized into two types [9]. The
first type consists of exogenous bubbles, which originate from the fluidizing gas (as
described above). The second type comprises endogenous bubbles, which are formed
from gases released by particles due to thermochemical reactions.

Exogenous bubbles serve as the primary driving force for solids mixing in fluidized
beds [23]. This mixing is primarily achieved through three mechanisms: first, solid
particles experience lateral displacement caused by bubble eruptions at the bed
surface; second, a lifting effect occurs in the wake of ascending bubbles, drawing
solid particles upwards; and third, the emulsion phase sinks, with particles outside
the bubble regions moving downward to fill the spaces left by the rising bubbles
[20]. These sinking particles are recaptured by the wake at the bed bottom and
ejected upwards, undergoing horizontal displacement before sinking back into the
dense bed, thus forming a continuous mixing cycle [24].
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2. Theory

In a two-dimensional experiment, Pallarès observed that solid mixing manifested
as horizontally arranged vortices with alternating rotational directions [24]. These
vortex structures and the surrounding local flow structures can be divided into
different mixing cells [25]. During the sinking of the emulsion drift, solid exchanges
also occur between adjacent cells [25].

Some researchers found that the formation of endogenous bubbles is related to the
release of volatile gas [26]. Exogenous bubbles contribute to improved mixing of
solids. In contrast, endogenous bubbles can cause segregation along the vertical axis,
leading to stratification throughout the bed height and resulting in ineffective solids
mixing [26]. Iannello et al. observed the evolution and detachment of endogenous
bubbles using X-ray imaging technology [9]. And they found that higher release
rates produce larger bubbles, which provide greater buoyancy to the reactive fuel.
Solimene et al. revealed that gas emissions promote momentum exchange between
the bed solids and gas-emitting particles, thereby increasing their buoyancy [13].
The magnitude of this buoyancy depends on the particle size and the gas release
rate.

2.4 Lateral dispersion coefficient
The radial dispersion coefficient is one of the methods used to quantify the lateral
mixing of solids within a fluidized bed [25]. It can be calculated using Einstein’s
equation for Brownian motion, as shown in Equation 2.1 [29].

Dr = 1
2

(∆r)2

∆t
(2.1)

where ∆r represents radial displacement and ∆t is the time interval between the
initial and final positions. However, lateral mixing usually exhibits a certain degree
of anisotropy [11]. Therefore, it is a common practice to analyze the lateral mixing
in each of the two directions x and y separately, as it is displayed in Equation 2.2
[11].

Dk = 1
2

(∆lk)2

∆t
k = x, y (2.2)

where ∆lk is the net displacement along the x or y axis. It is worth mentioning that
in large units featuring nozzles that are evenly spaced, it is reasonable to assume
that solids mixing remains uniform and consistent across both lateral directions
[11]. This implies isotropic solids mixing, thereby enabling the application of a
single dispersion coefficient for the analysis (Dx = Dy). The relationship between
Dr and Dk is shown in Equation 2.3.

D2
r = D2

x + D2
y (2.3)

7



2. Theory

2.5 Fluid-dynamically scaling
In commercial applications, fluidized beds often have very large diameters and
heights and operate at very high temperatures. Under such conditions, collecting
data and designing tests can be extremely difficult. The resolution of the extracted
data and the quality of the information is very limited [27]. Therefore, scaling rela-
tionships are commonly used to simulate the fluid dynamics of large reactors while
working at room temperature and ambient pressure in small units, so called cold flow
models. These scaling relationships not only maintain fluid dynamic similarity but
also make operations simpler, more flexible, and cost-efficient. Additionally, they
allow for the use of more precise diagnostic tools [27]. Currently, the scaling laws
developed by Glicksman are the most widely used and validated [28]. According
to the principles of mass and momentum conservation for both fluids and particles,
the dimensionless scaling parameters shown in Table 2.1 ensure similar fluidization
conditions across reactors of different scales.

Table 2.1: Dimensionless numbers and their definitions in Glicksman’s full
scaling laws

Dimensionless number Expression Definition

Froude number u02

gD
The ratio of inertial forces to
gravitational forces

Density ratio ρp

ρf
The ratio of particle density to
fluid density

Particle Reynolds number ρpu0dp

µf
The ratio of particle inertial
forces to viscous forces

Fluid Reynolds number ρf u0L

µf
The ratio of fluid inertial forces to
viscous forces

Aspect ratio L
D

The ratio of length to diameter

Sphericity Ψ, PSD The distribution and sphericity of
particles

Circulation rate Gs

ρpu0
Solids circulation rate

By combining the Froude number and the Reynolds number, the length scaling
factor in Equation 2.4 can be obtained. However, the value only depends on the gas
used, which limits the choice of cold models.

[L] = Dcold

Dhot
=

 ρf

µf
|cold

ρf

µf
|hot

2/3

(2.4)
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3
Methods

This section briefly introduces the experimental setup from the perspectives of
tracer, cold model, and Magnetic Particle Tracking technology, and covers the ex-
perimental procedures, test matrix, and data processing methods.

3.1 Experimental setup

3.1.1 Tracers and simulation of gas release
The foundation of the experiment is to track the movement of a single cylindrical-
shaped tracer (schematically shown in Figure 3.1) within a bubbling fluidized bed.
To simulate the gas release during the drying and devolatilization processes of
biomass, both ends of the cylindrical shell are filled with dry ice pellets (distributed
as evenly as possible). Prior to the filling procedure, a cylindrical magnet with a
diameter and length of 3 mm is fixed in the center of the shell to enable trajectory
tracking using Magnetic Particle Tracking technology, which will be introduced in
Section 3.1.3. The interior of the shell is threaded, allowing it to be sealed at both
ends with caps. The caps are formed by a threaded body and a porous polyester
material in the center to ensure effective gas release.

Figure 3.1: Structural schematic diagram of tracers.

Since biomass particles are larger and lighter than bed material particles, shells made
of Polyethylene Terephthalate (PET), which has a lower density, are used for the
experiment to meet fluid-dynamically scaling requirements. Such light particles, due
to their low density, tend to float on the bed surface during low fluidization velocity,
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3. Methods

limiting the extend of possible behaviors to be observed. Consequently, experiments
also employ shells fabricated from bronze (about 2.5 times heavier than PET). The
minor differences in size between the two shell types are considered negligible. To
better compare with the gas-releasing tracer, experiments are also conducted with
the tracer without filling dry ice (blank tracer). The density of the low-density tracer
(PET shell) changes by 14% before and after filling with dry ice, and the density of
the high-density tracer (bronze shell) changes by 4%, indicating a relatively smaller
density change. Detailed properties of the tracers used are provided in Table 3.1.

Table 3.1: Properties of the tracers used.

Shell
material

Diameter
[mm]

Length
[mm]

Density (without
dry ice)) [kg/m3]

Density (with dry
ice) [kg/m3]

PET 17.5 12 1791 2045

Bronze 16 13 5181 5432

3.1.2 Fluid-dynamically downscaled cold model
In this study, experiments were conducted in a fluid-dynamically downscaled bub-
bling fluidized bed with a cross-section area of 0.17 × 0.17 m2 and a height of 0.18
m to simulate typical conditions for the thermochemical conversion of biomass. Ac-
cording to Glicksman’s scaling laws, this cold model corresponds to a fluidized bed
reactor operating at 700 °C with a cross-section of 0.71 × 0.71 m2 and a height of
0.16 m. A schematic of the cold model is shown in Figure 3.2.

At room temperature, pressurized air uniformly enters the bed through a porous
plate from the bottom to achieve a homogeneous bubbling fluidization state. The
bed material consists of bronze powder with a static bed height of 4.5 cm, an average
particle size of 189 microns, and a particle density of 8492 kg/m3. The theoretical
minimum fluidization velocity is 0.09 m/s, while the actual minimum fluidization
velocity was empirically determined to be 0.083 m/s by gradually increasing the
airflow until a ruler could be easily inserted into the fluidized bed, at which point
the airflow rate was defined as the minimum fluidization velocity.

To verify whether the use of dry ice affects the fluidization state through temper-
ature changes, a thermocouple located in the corner of the fluidized bed recorded
temperature variations during the experiment. Gas was sampled from the outlet gas
stream using a gas measurement probe at a frequency of 1 Hz to determine the car-
bon dioxide concentration and calculate the tracer gas release rate. The pipe for the
gas outlet is partially filled with aluminum packing material to ensure a thorough
mixing of carbon dioxide in the outlet gas stream at the probe sampling point, thus
eliminating local measurement biases. The tracer particle was vertically introduced
into the bed through an opening at the center of the top plate of the fluidized bed.
Key scaling parameters for the tested operating conditions as well as the physical
properties of the gas and solids are listed in Table 3.2.
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Figure 3.2: Schematic diagram of fluid-dynamically downscaled cold model.

Table 3.2: Scaling of operational conditions and gas and solids properties.

Parameters Units Hot model Cold model

Temperature °C 700 20

Pressure atm 1 1

Minimum fluidization velocity m/s 0.17 0.083

Fluidizing gas density kg/m3 0.36 1.2

Bed material size µm 789 189

Bed material density kg/m3 2600 8492

Biomass size mm 0.01 - 90 0.0026 - 23.76

Biomass density kg/m3 50 - 700 165 - 2300

3.1.3 Magnetic Particle Tracking technology
Magnetic Particle Tracking (MPT) technology was employed to acquire precise tra-
jectories of tracer particles with high spatial and temporal resolution. This tech-
nique utilizes anisotropic magneto-resistive (AMR) sensors to measure changes in
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the magnetic field within the fluidized bed. When the magnetic field interacts with
these sensors, the magneto-resistive effect induces variations in the resistance of the
sensor elements, allowing for the determination of the tracer’s position and orienta-
tion. The magnetic fields mainly come from cylindrical NdFeB permanent magnets,
each with a diameter and height of 3 mm, embedded within the tracer shell. To
comprehensively capture magnetic field information, eight magneto-resistive sensors
were uniformly mounted near the center of each vertical sidewall of the fluidized
bed using a frame. The sensors were arranged in two layers on each side, with four
sensors per layer distributed on the same horizontal plane (as illustrated in Figure
3.3). These sensors were connected in series and integrated with a data acquisition
system configured to a sampling frequency of 100 Hz. The spatial accuracy achieved
is 1 mm.

Figure 3.3: Placement of MPT sensors.

3.2 Experimental test matrix
This study investigates the effects of two parameters thought to be strongly linked to
the impact of gas release on the mixing dynamic of large particles (such as biomass).
These parameters are the density of the large particle and fluidization number (FN).
The different particle densities are achieved by utilizing tracer shells made from
materials with significantly different densities, specifically PET and bronze. Blank
tracers are tested for comparative purposes. To observe the impact of increased
fluidization on particle behavior within the bed, experiments were conducted at
four different FNs: 1.5, 2, 3.5, and 5. Table 3.3 presents the detailed test matrix.
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Table 3.3: Test matrix.

Variables Units Values

Bed height m 0.045

Tracer density kg/m3 2045 (PET shell) 5432 (Bronze shell)

Tracer type - Blank Gas-releasing

Fluidization number - 1.5 2 3.5 5

Each experiment with gas-releasing tracers involved tracking the trajectories and
measuring the concentration of carbon dioxide until the tracer was depleted, typi-
cally lasting about 15 minutes. To ensure the statistical robustness of the data, each
set of experimental conditions was replicated five times. As a control, the trajecto-
ries of the blank tracer (without filling with dry ice) were also tracked for a duration
of 60 minutes.

Before conducting experiments at lower FNs, the fluidized bed was operated at a
high fluidization velocity for two minutes to ensure uniform distribution of the flu-
idizing gas. Due to the use of dry ice, a suction pump was employed to ensure the
removal of exhaust gases from the outlet of the fluidized bed, preventing local accu-
mulation of carbon dioxide. Moreover, maintaining the stability of the surrounding
magnetic field was crucial for prolonged measurements with MPT sensors. In the
absence of the tracer particle, the background magnetic field was measured before
each experiment. The background was later removed from the acquired signals to
minimize the influence of noise and external magnetic fields on the results. Similarly,
background measurements of carbon dioxide concentration were conducted before
introducing tracer particles. Only the concentration of carbon dioxide exceeding
the ambient concentration was later used. The temperature of the fluidized bed was
continuously monitored during the experiment using a thermocouple.

3.3 Data analysis
All trajectory data were processed using MATLAB. The boundaries of the trajec-
tories were determined based on the dimensions of the reactor, and any data points
falling outside these boundaries were considered outliers and therefore removed.
Since no other variables were altered during the five replicate experiments of each
operational condition, the data from these replicates were combined and processed
together to enhance statistical robustness. In each experiment, the temperature vari-
ation within the fluidized bed was minimal (as illustrated in Figure A.1). Therefore,
it can be inferred that the presence of dry ice does not significantly impact the fluid
dynamics by altering the temperature field. The following section details the specific
computational methods employed.
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3.3.1 Lateral dispersion coefficient
To simplify the calculations, this report assumes isotropic solids mixing. First, Dr is
calculated through Equation 2.1, and then values for Dx and Dy are obtained using
Equation 3.1.

Dx = Dy = Dr√
2

(3.1)

Two aspects are very important when calculating the radial dispersion coefficient.
First, the influence of the reactor wall must be eliminated [30]. Thus, when tra-
jectory points are widely distributed across the fluidized bed cross-section, points
within 1 cm of the wall are excluded to avoid wall effects. Additionally, it is necessary
to ensure that the calculation reflects macroscopic diffusion rather than microscopic
movements caused by vibrations [30]. Therefore, a characteristic length scale is cho-
sen as the threshold value. The calculation of the dispersion coefficient is visualized
in Figure 3.4.

The position of the tracer at point A is taken as the reference or initial position. A
circle is drawn with this point as the center and the threshold value as the radius.
Movements of the tracer within this circle are considered microscopic and are not
included in the calculation. When the tracer reaches position B, the distance from
the current position to the reference position exceeds the threshold length. This
distance is then considered an effective displacement for the calculation, and position
B is updated as the new reference position.

Figure 3.4: Demonstration of effective displacement.

3.3.2 Probability density function
The Probability Density Function (PDF) is used to describe the likelihood of a ran-
dom variable falling within a specific range of values. This probability is represented
by the area under the density curve between two points on the horizontal axis. PDFs
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are instrumental in visualizing results, as they highlight significant differences in dis-
tributions across various regions. To analyze these distributions, PDFs of different
experiments can be plotted on the same graph to examine similarities and differences
in their shapes, centers, spreads, and tails.

3.3.3 The combination of trajectories and gas-releasing rate
For the gas-releasing tracer, both the trajectory of the tracer and the concentration
of carbon dioxide at the outlet were recorded simultaneously. The trajectory data
were processed at 20 Hz to save computational time, whereas the carbon dioxide
concentration data were sampled at 1 Hz. Each trajectory point can be associated
with a corresponding carbon dioxide release rate. Additionally, due to the distance
between the gas measurement probe and the gas analyzer, the measurement features
a time lag of about 30 seconds. The gas measurements were corrected accordingly
to ensure synchrony between the tracer trajectory and the carbon dioxide concen-
trations.

The gas release rates were then categorized into different bins according to their
magnitudes. Within each bin, the average position of the tracer and its velocity
were computed, along with their standard deviations. This allows for an analysis of
how the magnitude of the release rate affects these parameters. It is important to
note that bins for low release rates contain thousands of data points, whereas bins
for high release rates only contain 20-100 data points.
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Results

The discussion of the results is divided into three parts: lateral mixing, axial mixing,
and velocity. Since tracers with different densities exhibit distinct behaviors, the
results are presented separately. Additionally, the impact of the fluidization number
is presented.

4.1 Lateral mixing

4.1.1 Low-density particle
For low fluidization velocities (FN ≤ 2), both the blank tracer and the gas-releasing
tracer with low density always float on the bed surface. They also have a tendency
to remain in the corners. The difference between FNs 1.5 and 2 is notable: at
FN = 1.5, the tracers move slowly, taking several minutes to reach the corners,
whereas at FN = 2, they take only a few seconds. During these experiments, the
tracers remain in the same horizontal orientation, constantly colliding with the walls.
This results in very small lateral dispersion and a strong influence from the walls,
making comparisons difficult and less relevant. These results are not presented here.
However, at higher fluidization velocities (FN ≥ 3.5), the tracers exhibit significant
lateral dispersion, with their trajectories covering almost the entire horizontal cross-
section of the fluidized bed.

Figure 4.1 clearly illustrates the differences in horizontal trajectory distribution be-
tween the two tracers (gas-releasing tracer and blank tracer) under higher fluidiza-
tion conditions. At FNs of 3.5 and 5, high-density regions are evident in the periph-
eral areas of the fluidized bed, particularly in the lower right corner. The central
region of the fluidized bed shows a relatively sparse distribution of data points, with-
out any high-density concentrations. Notably, at a FN of 3.5, the tracers primarily
move near the walls. As the FN increases to 5, the higher fluidization velocity causes
greater disturbances in the bed, dispersing the tracers towards the central region of
the bed and indicating better lateral mixing.

Furthermore, at FN = 3.5, the trajectory differences between the blank tracer and
the gas-releasing tracer are minimal. However, when the FN increases to 5, the par-
ticle distribution becomes significantly more dispersed, with more trajectory points
and a more uniform distribution in the central region of the fluidized bed. This
indicates that gas release enhances lateral dispersion. It can be further investigated
by calculating the lateral dispersion coefficient.
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(a) FN = 3.5, a total of 34990 points

(b) FN = 5, a total of 22519 points

Figure 4.1: Comparison of the total number of trajectory points for low-density
gas-releasing tracer and blank tracer within each cell when the fluidized bed is

divided into small cells under different fluidization numbers.

As discussed in Section 3.3.1, estimating the macroscopic correlation dispersion co-
efficient requires selecting a threshold value as the characteristic length scale. Figure
4.2 illustrates the impact of various threshold lengths on the dispersion coefficient
Dx and Dy. For a FN of 3.5, the variation in coefficients is minimal, with a disper-
sion coefficient of 0.4 × 10−3 m2/s, which aligns with the fact that both the tracers
do not move far from the corners. However, for a FN of 5, the dispersion coefficient
of the gas-releasing tracer is 1.4×10−3 m2/s, which is significantly greater than that
of the blank tracer and is consistent with previous analyses.

Additionally, as the threshold value increases, the dispersion coefficient also in-
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creases. This trend is attributed to the reduction in interference caused by mi-
croscopic movements and vibrations. A relatively stable value is reached at the
threshold of about 0.03 m. Nevertheless, a further increase in the threshold value
eventually leads to a decrease in the dispersion coefficient. This phenomenon may
occur because the experimental unit size is relatively small so larger thresholds may
include trajectories influenced by interaction with the walls. Also, an excessively
large threshold value results in too few effective trajectory points, leading to poorer
statistical accuracy.

Figure 4.2: Impact of threshold length on dispersion coefficients of low-density
tracers at FNs of 3.5 and 5.

4.1.2 High-density particle
The movement of the high-density tracer exhibits significant differences with vary-
ing FNs. At a FN of 1.5, similar to the low-density tracer, the high-density tracer
slowly moves from the drop point to the corner of the fluidized bed and remains near
the corner. When the FN is 2, the tracer initially moves within a small area but
eventually becomes trapped in the corners. Thus, the impact of the wall remains
significant, and dispersion is therefore not discussed at this stage. With further
increases in fluidization velocity, the lateral dispersion of the high-density tracer
significantly enhances, and its movement trajectory gradually covers the entire hor-
izontal cross-section of the bed.

Figure 4.3 shows the density map of tracer positions of two types of high-density
tracers at FNs of 3.5 and 5. The trajectory distribution of the tracer is relatively
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uniform, with data points primarily concentrated in the central region of the flu-
idized bed, but also present in some peripheral regions. This distribution is in stark
contrast to that of the low-density tracer. It is hypothesized that the low-density
tracer is more easily pushed by the erupting bubbles to the boundaries. In contrast,
the high-density tracer with a density similar to the bed material behaves more like
the bulk material and mixes better in the central region. Visual observation clearly
shows that the high-density tracers are more likely to remain immersed, suggest-
ing that the mechanisms for lateral movement may differ from those affecting the
low-density tracers. Analyzing the axial mixing may provide further insights into
this matter. Increasing the fluidization velocity results in a more even distribution
of trajectory points of tracers. However, the enhancement of dispersion due to gas
release is noticeable only when FN is 3.5.
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(a) FN = 3.5, a total of 33384 points

(b) FN = 5, a total of 32022 points

Figure 4.3: Comparison of the total number of trajectory points for high-density
gas-releasing tracer and blank tracer within each cell when the fluidized bed is

divided into small cells under different fluidization numbers.

The enhancement effect of gas release on lateral mixing at FN = 3.5 is further
confirmed by the calculated lateral dispersion coefficient (as shown in Figure 4.4).
The dispersion coefficient of the gas-releasing tracer at FN = 3.5 is approximately
0.65 × 10−3 m2/s, which is about 0.15 × 10−3 m2/s higher than that of the blank
tracer. However, when the FN is increased to 5, the blank tracer exhibits a higher
dispersion coefficient, necessitating further investigation. It must also be noted that
the analysis presented here includes the full trajectory of the gas-releasing tracers,
encompassing a range of different release rates.

21



4. Results

Figure 4.4: Impact of threshold length on dispersion coefficients of high-density
tracers at FNs of 3.5 and 5.

Table 4.1 compares the dispersion coefficients for two types of tracers with different
densities under varying conditions. The dispersion coefficients are selected from
the data in Figures 4.2 and 4.4 when they reach a relatively stable value. At FN
= 5, the low-density gas-releasing tracer exhibits a higher coefficient compared to
the high-density gas-releasing tracer. This difference is primarily due to the lateral
displacement caused by bubble eruptions at the bed surface. For the low-density
tracer, which is very light, bubble eruptions easily push them towards the near-
wall region, resulting in a higher dispersion coefficient. Conversely, the high-density
tracer remains mostly submerged under the bed surface, experiencing less lateral
displacement from bubble eruptions.

However, at FN = 3.5, the results are opposite, indicating that the high-density
gas-releasing tracer has a higher coefficient than the low-density gas-releasing tracer,
which necessitates further investigation.

Table 4.1: Dispersion coefficients (Dx and Dy) under different conditions, ×10−3

m2/s

FN = 3.5 FN = 5
Tracer type Gas-releasing Blank Gas-releasing Blank

Low-density tracer 0.4 0.4 1.4 1.1
High-density tracer 0.65 0.5 1.1 1.3
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4.2 Axial mixing

4.2.1 Low-density particle
Figure 4.5 illustrates the impact of FNs on the axial position distribution of low-
density tracers. At low FNs (FN ≤ 2), the position distribution is relatively concen-
trated, exhibiting high probability density peaks. Particularly at FN = 2, the peak
reaches its maximum value, indicating a lower degree of axial mixing. By comparing
the axial position with the bed height, it is evident that at low fluidization veloci-
ties, the tracers exhibit a strong floating behavior. As the FN gradually increases to
5, the axial distribution of the tracers becomes broader, indicating improved axial
mixing. This improvement is attributed to the increased gas flow rate, which results
in larger bubble sizes and consequently better mixing within the bed. Additionally,
as the fluidization velocity increases, the peak positions shift to the right, which
is due to bed expansion compared with low FNs. The increased height of the bed
surface allows the tracers to move within a higher axial range. The minimal peak
position difference between FN = 3.5 and FN = 5 suggests that the fluidized bed is
approaching or has reached a fully fluidized state. In this state, the interaction be-
tween the gas and solid phases reaches a dynamic equilibrium, leading to a stabilized
axial distribution of particles.

At lower fluidization velocities (FN ≤ 2), the gas-releasing tracers penetrate deeper
into the dense bed compared to the blank tracers. Conversely, at higher fluidization
velocities (FN ≥ 3.5), the gas-releasing tracers exhibit axial distribution shifted
more to the right (higher positions) than that of the blank tracers. The floating
behavior at low FNs can be attributed to the low density of tracer compared to
the relatively dense bed, which has relatively low voidage at low FNs. Additionally,
the comparatively smaller bubbles do not achieve the immersion of the tracer. As
a result, the tracer floats on the bed surface without forming endogenous bubbles.
The immersed position could be due to the addition of dry ice, making the tracer
heavier, or it might be due to the interaction between the released gas and the
bed material. Further investigation is needed. The deeper penetration of the gas-
releasing tracers at high FNs could be due to the loosening of the bed by the effect
of the gas released. The increased action of bubbles drags the tracer deeper into
the bed, where the release of gas might be more likely to promote the formation
of endogenous bubbles. These bubbles enhance the buoyancy experienced by the
gas-releasing tracer, causing it to occupy a higher axial position within the bed.

Additionally, as the fluidization velocity increases, the distribution differences be-
tween gas-releasing tracers and blank tracers gradually diminish. The turbulence
intensity significantly increases, forming bubble flows that dominate the fluid dy-
namics of the bed. These strong turbulence and bubble flows are sufficient to agitate
and evenly distribute the particles within the bed, thereby reducing the impact of
gas release on the movement of the tracers.
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Figure 4.5: Probability density function of the axial location of the low-density
tracers for different FNs

To further understand the impact of gas release on axial mixing, the average axial
position of the tracers is correlated with the carbon dioxide release rate, as shown
in Figure 4.6. With an increase in gas release rate, the positions of the tracers
under different FNs exhibit varying degrees of fluctuation. The gas release rate has
some influence on the axial position of the tracers, but the specific pattern varies
with different FNs. It should be noted that during the experiment, the release rate
of carbon dioxide peaks within a very short time (approximately 15 seconds) and
then declines steadily while continuously fluctuating. Therefore, when analyzing the
behavior of the tracer over time, the analysis should follow the trend from the higher
release rate to the lower release rate. This means analyzing the graph from right to
left. It is also important to note that there are fewer data points at higher release
rates, which may introduce non-robust measurement data.

For low fluidization velocities (FN ≤ 2), the movement patterns of the tracers are
similar, with minor movements mainly occurring in the corners of the bed surface.
However, under FN = 1.5 conditions, the axial position of the tracers fluctuates
significantly with the gas release rate, showing strong disturbances, although the
reason for this is unclear. Under FN = 2 conditions, the axial distribution of the gas-
releasing tracer is more stable. Analyzing the change in the tracer’s axial position
over time (from high release rates to low release rates) reveals a sinking trend in the
tracer’s axial position. The position is lower than the average axial position of the
blank tracer, which is consistent with previous results indicating that gas release
causes the low-density tracer to immerse further down in the bed. When the gas
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release rate decreases to approximately 0.25 cm3/s, the behavior of the gas-releasing
tracer becomes more similar to that of the blank tracer. An upward trend in its
axial position is observed, further validating the previous conclusion.

For high fluidization velocities (FN ≥ 3.5), the fluctuation pattern of the tracers’
axial position with changing gas release rates is quite similar, and the amplitude
of axial position fluctuations increases with higher release rates. Therefore, under
high fluidization number conditions, larger gas release rates have a more significant
impact on the internal mixing effect, resulting in a more dynamic and unstable axial
distribution of the tracers.

Figure 4.6: Axial position of low-density tracers as a function of the release rate
of CO2.

4.2.2 High-density particle
Figure 14 shows the probability density distribution of the axial position for high-
density tracers under different FNs. Due to their high density, tracers consistently
sink into the bed. At a FN of 1.5, the axial distribution of the tracers is relatively
concentrated at the bottom of the bed. However, for the gas-releasing tracer, an
additional peak is observed close to the bed surface. This can be attributed to the
gas release causing the tracer to reach higher positions. When FN is 2, both the
gas-releasing tracer and the blank tracer exhibit two peaks, near the bottom plate
and near the bed surface, with the gas-releasing tracer showing a higher peak value
at the elevated position. This suggests that the tracers tend to occupy two axial
positions, with the gas-releasing tracer preferring the higher position. Notably, the
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higher position closely corresponds to the position of the new peak observed at FN
= 1.5.

At FNs of 3.5 and 5, the axial distribution of both gas-releasing and blank tracers
becomes more uniform, and the density curves tend to flatten. However, it is still
evident that each tracer exhibits two peaks, maintaining the same trend observed
at lower fluidization velocity. At higher FNs, the tracers seem to move more inten-
sively in the axial direction, which may be connected to the resulting large lateral
dispersion coefficients observed for the bronze tracers at these conditions. Further
exploration of these relationships is required.

In summary, the effect of gas release on the axial distribution of tracers is more
significant under low fluidization number conditions, especially at FN = 2, and this
effect gradually weakens as the FN increases.

Figure 4.7: Probability density function of the axial location of high-density
tracers for different FNs.

The relationship between the average axial position of tracers and the CO2 release
rate is displayed in Figure 4.8. For FN = 1.5, the axial position of the gas-releasing
tracer initially rises over time (reading the plot from right to left), likely due to the
increased buoyancy caused by high gas release rates, which is also consistent with
the new peak observed in the PDF analysis. As the release rate decreases, the axial
position significantly drops, suggesting gravity’s dominance. At FN = 2, the tracer
position in the bed gradually rises over time, attributed to the enhanced buoyancy
from endogenous bubbles created by the gas release. However, the mechanism is not
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fully understood, as it is unexpected that the tracer tends to remain close to the
surface for low gas release rates.

At higher fluidization velocities (FN ≥ 3.5), the axial position of the tracers remains
relatively stable at lower CO2 release rates, fluctuating around 0.03 m. When the
release rate increases to about 1 cm3/s, the position of the tracers exhibits significant
fluctuations. At high FNs and high CO2 release rates, the mixing and turbulence
effects within the fluidized bed are significantly enhanced.

(a) Weak fluidization condition (FN ≤ 2).

(b) Strong fluidization condition (FN ≥ 3.5).

Figure 4.8: Axial position of high-density tracers as a function of the release rate
of CO2.
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4.3 Velocity
Since the velocity exhibits very similar changes along the x, y, and z axes, this section
discusses only the axial velocity of the low-density tracer for reference. At low FNs
(FN ≤ 2), the velocity distributions of both the gas-releasing tracers and the blank
tracers are highly concentrated around zero (as shown in Figure 4.9). The axial
movement of the tracers is minimal, accompanied by a very low axial velocity. When
the FN increases to 3.5 and 5, the velocity distribution widens significantly and
becomes flatter. This can be attributed to more momentum exchange between the
tracer, the bed material, and the bubbles. Factors such as higher bubble frequency,
larger bubble size, and more frequent collisions between the tracer and bed material
likely contribute to this change. Notably, the differences in velocity distribution
between gas-releasing tracers and blank tracers remain negligible.

Figure 4.9: Probability density function of the axial velocity of the low-density
tracers for different FNs.

Figure 4.10 compares the changes in axial velocity of low-density tracers with varying
CO2 release rates. At low FNs, the axial velocity of the tracers remains generally
close to zero with minimal fluctuations at low release rates. As the release rate
increases to around 0.8 cm3/s, the axial velocity of the tracers begins to show some
fluctuations, although the amplitude still remains small. Under higher FNs, the axial
velocity of the tracers exhibits more significant variations. When the release rate
increases to about 0.6 cm3/s, the axial velocity fluctuations of the tracers intensify,
particularly at an FN of 5. The abrupt change in velocity fluctuations may be due
to a sudden shift in the force balance acting on the tracer at this specific release
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rate.

(a) Weak fluidization condition (FN ≤ 2.)

(b) Strong fluidization condition (FN ≥ 3.5.)

Figure 4.10: Axial velocity of low-density tracers as a function of the release rate
of CO2.

The axial velocity PDF of the high-density tracers (as shown in Figure A.2 and A.3 )
is very similar to that of the low-density tracers and is therefore not presented here.
The primary difference is that an increase in the gas release rate leads to a larger
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variation in the velocity of the high-density tracer. Significant velocity fluctuations
occur at gas release rates of approximately 1.4 cm3/s for low FNs and around 0.75
cm3/s for high FNs. The higher release rate at which this abrupt change occurs may
be attributed to the high-density tracer requiring greater force to overcome gravity.
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5
Conclusion

This study utilized three-dimensional Magnetic Particle Tracking technology to track
and analyze the trajectories of tracers in a bubbling fluidized bed, primarily inves-
tigating the impact of gas release on the mixing of such solids within the bed.
Variations of the FN and tracer density were considered in the study.

This study demonstrates that gas release can enhance lateral solids mixing within
a bubbling fluidized bed. For low-density tracers, gas release markedly enhances
lateral mixing at FN = 5, while the effect is negligible at FN = 3.5. In contrast, for
high-density tracers, gas release improves lateral mixing at FN = 3.5 but results in
reduced mixing efficiency compared to blank tracers at FN = 5.

For axial mixing, gas release causes low-density tracers to immerse more deeply in
the bed at lower FNs (FN ≤ 2) but encounter increased buoyancy at higher FNs
(FN ≥ 3.5), leading to varied positional stability. Besides, gas release promotes
high-density tracers to stay at higher positions.

The impact of gas release on velocity is minimal. When the gas release rate reaches
a certain value (that depends on the particle density), a clear change is seen in the
dispersion of the velocity values, suggesting that the force balance on the tracer is
affected.

The present study has relatively fewer data points at high gas release rates, which
may affect the statistical robustness of the results. Therefore, future experiments
could consider strategies to achieve higher gas release rates, such as using more
permeable and porous filler materials in the caps or attempting to load more dry
ice within the tracer.

Previous studies suggest that endogenous bubbles formed by gas release are the main
cause of increased buoyancy acting on the tracer. This study could not determine
whether endogenous bubbles were formed during the experiments. Therefore, future
research could focus on visualizing endogenous bubbles concurrently with trajectory
tracking.
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Appendix 1

A.1 Temperature

Figure A.1: Temperature variations for five repeated experiments with the
high-density tracer at FN = 3.5.
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A. Appendix 1

A.2 Axial velocity of high-density tracer

Figure A.2: Probability density function of the axial velocity of the high-density
tracers for different FNs.
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A. Appendix 1

(a) Weak fluidization condition (FN ≤ 2.)

(b) Strong fluidization condition (FN ≥ 3.5.)

Figure A.3: Axial velocity of high-density tracers as a function of the release rate
of CO2.
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