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LINA HÅKANSSON
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Integration of BECCS to a CHP plant
LINA HÅKANSSON
BRANKO MARKOVIĆ
Department of Chemistry and Chemical Engineering
Chalmers University of Technology

Abstract

One of the main causes of the ongoing global warming is the increasing carbon dioxide
(CO2) concentration in the atmosphere. This has led to carbon capture and storage
(CCS) being regarded as one of the various tools to counter the climate change. In this
thesis the implementation of bio energy carbon capture and storage (BECCS) at Växjö
Energi AB’s (VEAB’s) combined heat and power (CHP) plant has been evaluated.

Two different post-combustion CCS technologies were compared with the major dif-
ference being the solvent used absorb the CO2 from the CHP flue gas. One of the
technologies uses hot potassium carbonate (HPC) as absorbent solution and the other
technology uses a blend of the amines MDEA and DEA. The comparison was performed
by simulating the different capture technologies in the software Aspen Plus, where the
models also were optimized from an energy usage perspective by performing parameter
studies. The comparison was then completed by performing a heat integration of the
CCS models to the CHP plant to evaluate how they affected the CHP plant performance.

The results from the Aspen Plus simulations and the heat integration led to the con-
clusion that the HPC technology seemed to have the better performance and higher
integration potential to VEAB’s CHP plant.

Keywords: BECCS, CCS, HPC, MDEA, DEA, Aspen Plus, Heat recovery, LVC, ICA
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1
Introduction

The carbon dioxide (CO2) concentration in the atmosphere is drastically increasing due
to human activities. The annual increasing rate of CO2 over the past 60 years has been
around 100 times faster than previous natural increases. Action must be taken in order
to minimize the global effects of the atmospheric CO2 increase [1].

CO2 is a gas that absorbs and radiates heat, i.e. a greenhouse gas. When the sun shines
on earth, heat is radiating back from the earth’s surface. This heat is absorbed by the
greenhouse gases in the atmosphere and then released in all directions, including back
to the earth surface. This is the natural greenhouse effect and it is vital in order to keep
the surface temperature above freezing [1]. However, due to the increasing use of fossil
substances, more carbon has been fed into the carbon cycle giving rise to more CO2 in
the atmosphere. Hence, the current greenhouse effect is not natural and causing the
global temperature to rise resulting in unwanted environmental effects all around the
world.

Out of all human activities, utilization of fossil fuels for energy are one of the main
causes for the rising CO2 concentration in the atmosphere [1]. This makes it vital to
investigate and develop technologies that aim to decrease or stop the emissions of CO2
from industries. One way to tackle this is to implement Carbon Capture and Storage
(CCS). CCS consists of three main parts, first the CO2 must be captured at site, then
the captured CO2 is liquified and lastly stored in geological reservoirs. By permanently
storing the captured CO2, the carbon is removed from the carbon cycle and the at-
mosphere. If biogenic fuel would be used instead, it is possible to obtain net negative
emissions. Bio-energy carbon capture and storage (BECCS) is therefore a very impor-
tant tool in the effort to prevent and stop the global warming.

Carbon capture technologies can be divided into three main categories: pre-combustion,
oxy-fuel combustion and post-combustion. The categorizing depends on how and when
the CO2 is captured in the process. This thesis will focus on technologies that cap-
ture CO2 after combustion, i.e. post-combustion, due to their easy implementation in
both new and existing plants. However, post-combustion capture technologies do have
one downside, they often demand a large amount of energy which results in decreased
efficiency of the power plant [2]. Therefore, it is vital to investigate how this energy
demand can be decreased and how the implemented technology affects the plant per-
formance. If the energy penalty could be decreased, also the incentive to implement
CCS would be increased, which would limit or even decrease the CO2 concentration in
atmosphere.

1



1. Introduction

1.1 Background

This master thesis is in collaboration with Växjö Energi AB (VEAB) which are respon-
sible for supplying district heating and electricity for residents in Växjö municipality.
VEAB uses forest residues to fuel their combined heat and power (CHP) plant, thus
giving rise to biogenic CO2 emissions. VEAB has a long-term goal to integrate a carbon
capture technology into their CHP plant by 2027, which could result in net negative
emissions due to their use of biogenic fuel. Their CHP plant consists of two blocks:
Sandvik 3 (SV3) and Sandvik 2 (SV2). The idea is to implement CCS to SV3, their
main production block, while SV2 acts as a peak load boiler during winter and as main
boiler during maintenance stops at SV3. Thus, this thesis will focus on the implemen-
tation of the following capture technologies onto SV3: Hot potassium carbonate (HPC)
cycle and an amine-solvent capture technology.

1.2 Problem Statement and Aim

The main obstacle with implementation of CCS is the energy demand of the CO2 cap-
ture. Thus, in order to make CCS feasible to implement, the capture technology must
be energy and cost efficient. It is therefore vital to investigate how different parameters
affect the capture technologies’ energy demand and how the energy can be heat inte-
grated into the district heating network.

The goal with the thesis is to contribute to the search after the most optimal carbon
capture technology. The aim is to compare two capture technologies by evaluating
their effect on VEAB’s CHP plant performance. Both of the capture technologies are
chemical absorption based where one technology uses HPC and the other uses an amine
blend as absorption solvent. The ambition is to make credible Aspen Plus models of
the capture technologies and to evaluate their performance regarding energy demand,
heat integration possibilities and efficiency. Additionally, the CCS performance during
winter season and summer season will be investigated to evaluate their resistance to
changing seasons. More specifically, the following questions will be answered:

• Which carbon capture technology has the best performace and integration poten-
tial to VEAB’s CHP plant?

• Which process conditions for the carbon capture technologies are favourable in
order to minimize the need of external energy duties?

• How are the capture technologies’ performance and heat integration possibilities
affected by full CHP load (winter season) vs half CHP load (summer season)?

2



1. Introduction

1.3 Scope and Overview

The thesis includes a literature study where different carbon capture technologies are
investigated regarding their advantages and limitations. The two most relevant capture
technologies, HPC and amine-solvent capture, are investigated in more detail regard-
ing their chemistry and process mechanisms. Also, a suitable amine solvent is proposed.

Process simulations were performed in Aspen Plus to evaluate the performance of the
carbon capture technologies, if implemented on VEAB’s CHP plant. Different oper-
ating conditions and parameters were tested in order to meet VEAB’s requirement of
90% CO2 capture rate while minimizing the energy demand. Moreover, a liquefaction
process was simulated to meet VEAB’s specified output of liquefied CO2 at 16 bar and
-28°C. Note that all pressures presented in the thesis are indicated as absolute pressures.
As an addition to process simulations, heat integration possibilities are investigated for
each technology. The heat integration study investigates how the excess energy from the
capture processes could be utilized in district heating. Thus, the heat integration study
helps evaluating the influence CCS would have on VEAB’s CHP plant performance.

The thesis does not include any simulations of VEAB’s CHP plant. Instead flue gas data
from VEAB constituted the basis of the Aspen Plus simulations, which only included
simulations of the carbon capture technologies and liquefaction. Also, no in depth
investigations regarding economic feasibility or the storage/transport of the liquefied
CO2 was performed in this thesis. Only a simple duty cost evaluation was made when
comparing the different technologies and CHP loads.

3



2
Theory

The theory covers the literature study and the basic topics concerning this thesis. The
chapter starts with a comprehensive description of what a combined heat and power
plant is and what it is used for. Then, the theory moves on to the principle behind
carbon capture and storage. In this section, a detailed description of the two CO2
capture technologies treated in this thesis is provided. The topics covered are the general
tendencies, advantages, limitations and process mechanisms of the technologies. For
the amine technology, different solvents are evaluated based on literature and a suitable
amine solvent is suggested. The final part of the theory covers the basics of liquefaction
and storage of CO2.

2.1 Combined Heat and Power (CHP)

Combined heat and power (CHP) is a technology which produces both electricity and
thermal energy simultaneously. The main benefit with a CHP is that a very large
portion of the energy stored in the fuel is being utilized [3]. There are various types
of designs for a CHP plant, but a general layout is the steam turbine cycle, i.e. the
Rankine cycle. In the steam turbine, cycle water is evaporated into superheated steam
in a furnace, which could be fired by various types of fuels. The superheated steam is
then expanded in a turbine, which drives a generator that produces electricity. After
the steam has been expanded, the remaining energy is utilized to heat the water used
for district heating (DH). The steam gets condensed and then pumped back into the
furnace and then the cycle is repeated. The furnace that drives the CHP can be operated
at different loads to meet the desired power or/and DH output that changes over the
year. The load can be changed by adjusting the fuel input, hence its maximum capacity
corresponds to full load and half its capacity corresponds to half load [3]. A simplified
process diagram of the steam turbine cycle can be seen in Figure 2.1.
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Figure 2.1: Process diagram of a general CHP steam turbine cycle.

Depending on the plant and possible industrial symbiosis involvements, there could be
multiple extraction points of the steam at different pressure levels. Processes like CCS
are in general very energy demanding, which could lead to the requirement of using a
portion of the produced steam to cover energy duties within the process [2].

2.1.1 CHP Efficiency

When implementing an energy demanding CCS technology that is integrated to the
CHP plant it is important to observe the changes in the efficiency factors when de-
termining the feasibility of a certain technology. If the technology demands relatively
large amounts of energy it could lead to large reductions in the efficiency factors, since
less of the energy available in the fuel is used produce heat and electricity. Usually,
between 65% to 90% of the energy in the fuel is utilized in a CHP plant without any
CCS technology integrated [4]. However, with a flue gas condenser an efficiency of 110%
can be obtained [5].

In order to determine the efficiency of a CHP plant there are certain parameters that
can be observed. The electrical efficiency, ηe, is defined as:

ηe = Pnet

Qfuel

(2.1)

where Pnet is the net electricity production and Qfuel is the total amount of energy
input to the boiler from the fuel.
However, since the energy in the expanded steam is utilized for DH the total efficiency,
ηtot, is of larger relevance. It is defined as:

ηtot = Pnet + QDH

Qfuel

(2.2)

where QDH is the total district heat produced.
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Another interesting parameter to observe is the power-to-heat ratio, α, which is defined
as:

α = Pnet

QDH

(2.3)

The power-to-heat ratio describes the ratio between the produced electricity and the
produced district heating from the available energy in the steam [6].

2.1.2 Heat Pump

In a carbon capture process there are various streams that have different temperatures,
which may need either cooling or heating. The optimal solution would be to integrate
heat within the process, or use excess heat for other purposes. In the case when a
carbon capture process is integrated to a CHP plant it would be a favourable solution
to use excess heat for district heating. However, in some cases certain streams that
require cooling might not have sufficiently high temperatures to use their excess heat
for district heating. Then it would be fitting to introduce a heat pump.

The working principle of a heat pump is that it transfers heat from a low temperature
heat source to a high temperature heat sink. For this to be possible an external energy
input is required, often in the form of work [7]. In Figure 2.2 a process diagram of a
simple closed compression cycle heat pump can be observed. Within the closed cycle
usually a refrigerant such as R134a or ammonia, etc. is used to transfer the heat from
the source to the sink [7].

Figure 2.2: Simplified process diagram of a general CCC heat pump.
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2.2 Carbon Capture and Storage (CCS)

The idea with the CCS is to capture the CO2 at site, after which it is liquefied and
purified, and lastly stored in closed reservoirs. In this way, the CO2 is removed from the
carbon cycle and will not contribute to the environmental effects associated with global
warming. This enables possibilities to obtain neutral or negative emissions depending
on the fuel used.

There are three main technologies to capture CO2: pre-combustion, oxy-fuel combustion
and post-combustion. In pre-combustion, the CO2 is removed before the combustion is
complete. First, the fuel goes through the gasifier which converts the fuel to CO and
H2. Then, by using the water-gas shift reaction, the CO is converted to CO2. This
stream will have high partial pressure of CO2, making it relatively easy to remove. The
H2 that is left, after CO2 capture, will go through combustion to generate power [8].
The advantage with pre-combustion is the high partial pressure of CO2 and the main
disadvantage is its equipment complexity, which could be difficult to implement on an
existing plant [2].

Oxy-fuel combustion uses pure oxygen to combust the fuel, which results in CO2 and
H2O being the primary combustion products [8]. The advantages with oxy-fuel com-
bustion are that no chemicals are used and that it has better heat transfer properties
than the other mentioned technologies. However, it is a quite new technology and has
thus mainly been demonstrated on small scale and special cases. In addition, pure O2
is costly and large quantities is needed, which also speaks against using oxy-fuel com-
bustion [2].

In post-combustion capture technologies, the CO2 is captured after combustion by sep-
arating the CO2 from the flue gases [8]. The main advantage with this technology is
its flexibility since it can quite easily be fitted into both new and old plants. The main
disadvantage is the high energy penalty that this technology generally gives rise to [2].
Since an existing CHP plant is in focus, a post-combustion technology is considered to
be the most relevant since that would minimize changes to the existing plant and its’
units. Hence, only post-combustion capture technologies will be further evaluated.

Various post-combustion capture technologies exist, but the most discussed and known
technologies are chemical solvent absorption, solid sorbent adsorption, cryogenic distil-
lation and membrane separation. The most commercialized and mature technology of
these is the chemical solvent absorption technology. The matureness, together with its
high selectivity and high absorption efficiency is the reason to why chemical absorption
technologies will be the main focus in this thesis [9].
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The chemical absorption technology uses a solvent to selectively absorb CO2 in a gas-
liquid contact system, i.e. an absorber. Then, the solvent is regenerated in the desor-
ber by supplying energy in the reboiler. In general, there are two main categories of
solvents. The first category is organic solvents, which include alkanolamines like mo-
noethanolamine (MEA), diethanolamine (DEA) and methyl diethanolamine (MDEA).
The second category is inorganic solvents, which include solvents like potassium car-
bonate (K2CO3). Generally, inorganic solvents have a lower price, fewer environmental
effects and higher stability than organic solvents. However, inorganic solvents have
poorer selectivity towards CO2 than organic ones [10]. This thesis will investigate the
inorganic hot potassium carbonate (HPC) cycle technology and the organic amine-
solvent capture technology.

2.2.1 Amine Cycle

Carbon capture using amine solvents is considered to be one of the most promising post-
combustion capture technologies due to its maturity, cost effectiveness and capacity
to handle large flue gas streams [9]. The amine-solvent capture technology is based
on the temperature swing principle. In the temperature swing principle the CO2 is
absorbed in low temperatures and then desorbed at higher temperatures [11]. Thus,
the technology consists of one absorber and one desorber supported by equipment like
reboiler, condenser and heat exchanger. Figure 2.3 represents a general amine-based
temperature swing technology.

Figure 2.3: General post combustion chemical absorption cycle using the temperature
swing principle.
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The cycle in Figure 2.3 begins with the flue gas from the combustion entering the ab-
sorber which contains an amine solution that absorbs the CO2. The CO2-rich solution,
leaving the absorber, is pre-heated in a cross-section heat exchanger before entering the
desorber [12]. In the desorber, the solution is heated with the reboiler to release the
absorbed CO2. The lean amine leaving the desorber is used in the heat exchanger to
pre-heat the rich amine stream before being re-used in the absorber. When re-using the
amine solution, the solvent goes through periodic heating and cooling. As time goes by,
the amine solutions start to degrade due to thermal and oxidative reaction mechanisms
[11]. Thus, the solvent must be periodically replaced with make-up amine in order to
maintain the capture performance.

Even though this technology is said to be well-developed and considered to be the
cheapest post-combustion CO2 capture technology, there are still some issues. The
high temperature of the flue gas can cause thermal degradation and evaporation of the
amine solutions due to their high volatility, risking severe amine losses [12]. In addition,
amines could cause problem to process equipment due to their corrosiveness. There is
also an energy penalty in the desorber for regenerating the amine solution, leading to
decreased efficiency of the CHP plant.

Another general but serious issue with amines needs to be pointed out. When the
nitrogen oxide (NOx) containing flue gas enters the absorber, nitrogen dioxide (NO2)
can be dissolved in the amine solvent. NO2 then produces a nitrate ion (NO−

3 ) which
reacts with the amine to form nitrosamines [13]. Nitrosamines are classified as possible
carcinogens, based on animal studies, which makes it a potential hazard [14]. There is
not only a risk of NO−

3 formation in the absorber, but also in the desorber. NO−
3 can be

created in the desorber due to oxidative degradation of the solvent, which then further
reacts with secondary amines to form nitrosamines when CO2 is present. Even though
secondary amines might not be present at first, they can be created due to thermal
and oxidative degradation pathways [13]. Hence, degradation products of amines could
be a potential threat to the environment and inhabitants near the plant. Due to time
limitations, these nitronsamine formation reactions will not be modelled in the Aspen
Plus simulations.

2.2.1.1 Process Mechanisms

The absorption mechanism occurring at the gas-liquid interface can be explained with
the film theory. At the interface, the gaseous CO2 is dissolved in the solvent while some
of the solvent evaporates to the gas phase, resulting in molecules from both phases
migrating between the bulk and interface [15]. When CO2 (g) near the g/l-interface is
dissolved into the solution, a concentration gradient is formed. The concentration gra-
dient gives rise to a migration of bulk CO2 (g) to the interface. When the dissolved CO2
meets amine molecules in the liquid, a chemical reaction occurs. Since the CO2 concen-
tration in the liquid is decreased, more CO2 can be dissolved into the liquid [15]. This
migration is therefore driven by diffusion transport, which is influenced by the reaction
rate and liquid properties like viscosity and temperature [15]. The reactions between
CO2 and amines are exothermic and occur mainly through two reactions: carbonate
formation (2.4) and bicarbonate formation (2.5) [15]:
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2R1R2NH + CO2 ⇌ (R1R2NH+
2 )(R1R2NCOO−) (2.4)

R1R2NR3 + CO2 + H2O ⇌ (R1R2NR3H
+)(HCO−

3 ) (2.5)

In primary amines, R1 is hydrogen while R2 is an organic substituent. In secondary
amines, neither R1 or R2 are hydrogen but instead organic substituents. Hence, both
Reaction 2.4 and 2.5 are possible for primary and secondary amines. However, for a ter-
tiary amine none of the substituents (R1, R2, R3) are hydrogen, thus only bicarbonate
formation (Reaction 2.5) is possible. To enable regeneration of the amines, the solu-
tion is heated to drive the equilibrium towards the reactants in (2.4) and (2.5), using
the temperature swing principle [12]. Since water is an essential component of amine
solutions, which has a basic pH, also the following reactions occur within the system
[15]:

CO2 + H2O ⇌ H2CO3 (2.6)

CO2 + OH− ⇌ HCO−
3 (2.7)

CO2−
3 + H+ ⇌ HCO−

3 (2.8)

HCO−
3 + H+ ⇌ H2CO3 (2.9)

2.2.1.2 Amine Solvents

Two important absorbent properties to evaluate are the oxidative degradation and the
amine volatility. The oxidative degradation is mainly an issue if the flue gas contains
oxygen. A high oxygen degradation results in a high decomposition rate of amine and
thereby amine losses. If the amine has a high volatility, there are also losses to the
environment [15]. As stated in Section 2.2.1, the release of these amines and their
degraded components could have possible health and environmental effects. However,
alkanolamines which are commonly used for CO2 capture, have a generally low environ-
mental impact. If emitted to the atmosphere, alkanolamines have shown to be removed
by reactions with photochemically generated hydroxyl radicals [16]. Also, alkanolamines
are susceptible to biodegradation in soil, surface waters and wastewater, and thus not
expected to persist in the environment [16]. In addition, alkanolamines have a relatively
low price, acceptable rate of reaction, relatively high availability and high stability [17].
Therefore, alkanolamines will be the in the focus when choosing a suitable amine-solvent
for CO2 capture at VEAB’s site.
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Alkanolamines is an amine family that consists of ethanol-, isopropanol- and butanol
substituted amines. They can be divided into three different groups: primary (RNH2),
secondary (R2NH) and tertiary amines (R3N). Regarding CO2 capture, primary amines
like monoethanolmine (MEA) and secondary amines like diethanolamine (DEA) have
high reaction rates [9]. However, these amines have drawbacks like low CO2 capac-
ity (0.5 mol CO2/mol amine) and high energy consumption for regeneration. Tertiary
amines like methyl-diethanolamine (MDEA) have generally lower reactivity with CO2
but a lower energy penalty for regeneration and higher loading capacity (1 mol CO2/mol
amine) [9]. There are also specialty amines, like the steric hindered 2-amino-2-methyl-
1-propanol (AMP) and the cyclic diamine piperazine (PZ) that has shown promising
result regarding CO2 capture.

Hence, there is a trade-off when choosing between these alkanolamines. Amine solvents
with efficient absorption give rise to a high energy penalty for regeneration due to their
stronger absorption. While an amine with low reactivity has a low energy penalty due
to more efficient desorption as a result of weaker absorption. There is no extraordinary
amine that can provide a solution for all the problems associated with the technology.
But, the most interesting options for this thesis are MEA, DEA and MDEA since they
are the most frequently used amines commercially. Hence, they would be realistic amine
solvents to implement at VEAB’s site. Despite that MDEA has lower reactivity than
MEA and DEA, MDEA has more advantages due to its higher CO2 loading capac-
ity, lower pressure requirement, higher boiling point and lower energy penalty [18]. In
addition, MDEA does not possess as harsh corrosive properties, thus preserving the
equipment from damage [10]. The previously mentioned points make MDEA the most
interesting single-solvent for this thesis.

A more promising option is to use a mixture of amines as a solvent for the CO2 capture.
A mixture makes it possible to combine advantages of multiple amines to enhance the
capture performance while increasing the loading capacity, making the solvent more
chemically stable and increasing the reactivity [10]. Since MDEA mostly lacks regarding
the reactivity with CO2, an option would be to include an amine with higher reactivity.
According to literature PZ, MEA or DEA would be good reactivity promoters due to
their higher reaction rates and faster reaction kinetics with CO2 [9]. PZ is the amine
with the most promising general properties and reaction kinetics, but it exhibits a higher
risk for harming employees. Unlike MEA and DEA, PZ can cause severe allergy, asthma
and could be a potential threat for fertility and fetuses [19]. To avoid this potential
hazard, PZ is discarded as a potential promoter in this thesis. Nevertheless, both MEA
and DEA have shown promising reaction promoting properties whileas DEA has shown
to have better performance regarding lower regeneration energy [20]. In addition, the
research regarding CO2 capture using MEA and MDEA mixtures are already quite
extensive in literature. Hence, the potential of using an MDEA and DEA blend will be
investigated in this thesis.
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2.2.2 HPC Cycle

The principle of the hot potassium carbonate (HPC) cycle is similar to the amine-based
cycles since it is a post-combustion chemical absorption technology. There are various
benefits with using HPC as a solvent. Compared to other post-combustion absorption
technologies it is relatively cheap and easy to regenerate the solvent due to its low heat
of regeneration. The toxicity of HPC is lower than for amines, which corresponds to
a lower hazard. In the case of leakage into the environment, the risk is thus smaller
due to the decreased hazard compared to other amine-based solvents [21]. Additionally,
HPC is less volatile than amines which in the case of leakage reduces the risk due to
the lower exposure levels [22]. Other benefits with using HPC as a solvent is that it is
less susceptible to oxidative degradation making it rather durable, as well as the lack of
possessing corrosive properties [21]. However, there are also disadvantages with imple-
menting the HPC cycle instead of a process using an amine as a solvent. Compared to
amine-based solvents, the efficiency of absorbing CO2 for HPC is rather low, resulting
in poor kinetic properties. This results in that HPC often requires larger equipment,
which corresponds to higher capital costs. The efficiency can however be improved by
various means, such as adding promoters to the solution to enhance the reaction kinet-
ics. Another option is also to streamline the mass transfer in the column by optimizing
the packing [23].

The conventional process of capturing CO2 using HPC as a solvent was developed in
the middle of the 20th century and it is called the Benfield process, after the creators
Benson and Field. As previously mentioned, the HPC cycle is more energy efficient
compared to amine-based alternatives. This is due to the absorption being performed
at elevated temperature and pressure levels, which diminishes the need of any heating
duty before the regeneration of the solvent in the desorber. The high pressure does
also allow for higher solubility of CO2 [24]. An absorption cycle where the absorption
and desorption occur at different pressures is called a pressure swing cycle, which is
illustrated in Figure 2.4.
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Figure 2.4: General post combustion chemical absorption cycle using the pressure swing
principle.

In order to achieve the CO2 capture with a reasonable equipment size, a high pressure
absorber is required. To obtain a sufficient pressure a relatively large compressor is
needed to pressurize the incoming flue gas, which demands a lot of electricity. However,
since the gas that exits the absorber is pressurized and is relatively warm it contains
a considerable amount of energy, which can be utilized by expanding the gas stream.
By connecting a shaft between the expander and the compressor a certain amount of
work can be recovered, which diminishes the electricity demand in the compressor. This
setup where a downstream expander is connected to an upstream compressor is called
a compander, which can be seen in Figure 2.4 above.

2.2.2.1 Process Chemistry

In an HPC cycle, including both the absorption and desorption, the overall reaction
can be expressed as:

CO2 + K2CO3 + H2O ⇌ 2KHCO3 (2.10)

In the absorber, the HPC (K2CO3) reacts with CO2 and H2O forming potassium bicar-
bonate (KHCO3), i.e. Reaction (2.10) above goes from left to right. In the desorber,
where the HPC is regenerated and CO2 is separated, the reaction goes from right lo left
[24].
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However, the chemistry can be expressed with a higher degree of detail. Both the
potassium carbonate and bicarbonate are electrolytes, hence it can be assumed that
the potassium only exists as a K+ cation in the solution. This would mean that the
carbonate and bicarbonate would be expressed as their respective anions in the forms of
CO3

2− and HCO3
− in Reaction (2.10). Based on this, Reaction (2.10) can be expressed

as the following reactions which occur simultaneously [24]:

CO2 + H2O ⇌ HCO−
3 + H+ (2.11)

CO2 + OH− ⇌ HCO−
3 (2.12)

H2O ⇌ H+ + OH− (2.13)

Reactions (2.11) and (2.12) are then instantaneously succeeded by the following reac-
tions:

H+ + CO2−
3 ⇌ HCO−

3 (2.14)

H2O + CO2−
3 ⇌ HCO−

3 + OH− (2.15)

The pH is usually held at a basic level in industrial absorption operations, which makes
Reactions (2.11), (2.13) and (2.14) negligible when it comes to deciding the rate de-
termining reaction. Since Reactions (2.13) and (2.15) are instantaneous, it results in
Reaction (2.12) being the rate determining step of CO2 absorption in the HPC cycle
[24].

2.2.3 Process Optimization

A CCS process can be optimized in various ways in order to minimize the external
energy duties. Depending on which type of CCS process that is used, different opti-
mization operations can be performed. In the following sections various types of process
optimizations for both the HPC process and the amine process are presented.

2.2.3.1 Addition of Promoters to HPC Process

In Section 2.2.2 it was described that a CO2 absorption process using HPC has inferior
kinetic properties compared to technologies using amines. One of the proposed solu-
tions to the problem would be to add so called promoters to the absorbent solution.
There are various types of compounds that can be added to the solution in order to
promote the CO2 absorption kinetics. Arsenite, boric acid and vanadate are examples
of inorganic compounds that have promoting properties. Also amines such as PZ, MEA
and DEA are examples of organic compounds that possess promoting properties. There
are also some enzymes that possess promoting properties [23].

Arsenite is a very good promoter of CO2 absorption in an HPC cycle as it neutral-
izes the acidity of CO2 as well as constituting the formation of a CO2 base complex.
However, it is not used in industry due to its carcinogenic and toxic properties. Boric
acid is another option that per contra does not constitute an environmental threat. In
addition, boric acid is relatively cheap and persistent to degradation in the operating
conditions. The downside with boric acid as a promoter is the non-sufficient promot-
ing performance. Vanadate is another inorganic compound that has been evaluated
for its promoting properties, but is has been concluded that it is not effective enough.
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However, it could still be feasible to add it into the solvent for its corrosion preventing
features [23].

The addition of MEA as a promoter to the HPC solution would streamline the CO2
absorption. The concentration of OH− would increase, which would lead to more CO2
reacting with OH−. The CO2 absorption would also be enhanced as a result of the
zwitterion mechanism which would be induced from the reaction between the MEA
and CO2. Another promoter which performs at similar levels as MEA is PZ, which in
addition has a low vapour pressure, low corrosivity and low potential of degradation.
However, as mentioned in Section 2.2.1.2, PZ is hazardous to human health and should
thereby be treated accordingly. Amines have in general more or less good promot-
ing features for an HPC absorption cycle. However, the addition of any amine would
increase the energy duty for the solvent regeneration, which makes it important to
carefully examine the potential trade-off between improved kinetics and energy penalty
before implementation. Also, since amines are relatively volatile it would result in an
additional risk to use them in a pressurized absorption column [23].

In summary, all the promoters mentioned do to a certain extent catalyse the hydration of
CO2, i.e. the reaction between H2O and CO2, which speeds up the CO2 absorption rate
in the grand scheme of things. By reacting with H2O the promoter gets deprotonated
and thereby activated. The activated promoter then reacts with CO2 which forms an
intermediate, which eventually reacts with H2O forming a regenerated promoter and a
bicarbonate cation. The entire mechanism is presented in Reactions 2.16, 2.17 and 2.18
below [23].

Promoter → Activated Promoter + H+ (2.16)

Activated Promoter + CO2 → Intermediate (2.17)

Intermediate + H2O → Promoter + HCO−
3 (2.18)

However, in the performed process simulations there will be no promoter used in the
HPC process in order to simplify the simulations. Also, the purpose of the thesis is
to compare HPC to an amine solvent, so by using an amine as a promoter would not
provide as valuable results.
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2.2.3.2 Lean Vapour Compression (LVC)

The warmest part of the desorber column is the last stage where the reboiler is located.
The regenerated solvent leaves the column via the reboiler and thereby the stream
contains a relatively large amount of energy. By operating the desorber at a pressure
slightly above atmospheric pressure and then valve throttling the regenerated solvent it
will lead to a portion of the water in the stream evaporating. A larger pressure change
will lead to more water evaporating, hence a higher desorber pressure leads to more
water evaporating into steam after throttling. The steam can then be re-compressed
to the desorber pressure and then be recycled into the reboiler. This leads to a lower
demand of excess steam to operate the reboiler and thereby a lower energy penalty for
the solvent regeneration. This process modification is called lean vapour compression
(LVC) [25] and its implementation will be investigated for both capture technologies.
A general scheme of LVC is visualized in Figure 2.5.

Figure 2.5: General scheme of lean vapour compression.

2.2.3.3 Intercooled Absorption (ICA)

The absorption of CO2 is an exothermic reaction, giving rise to a temperature increase
in the absorber. By applying cooling at an inter stage, so called intercooled absorption
(ICA), the CO2 reaction kinetics in the absorber is favoured. ICA is an absorber
modification that extracts all or a part of the liquid flow on a stage, cooling it, to then
recirculate it back to the absorber on the same stage. This makes it possible to control
the temperature in the absorber while increasing the loading capacity of the solvent. An
increased loading capacity results in a reduced solvent flow need, which could result in
a lower reboiler duty [20]. This process modification will be investigated for the amine
capture technology due to its atmospheric absorption column. Figure 2.6 illustrates a
general schematic of an ICA.
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Figure 2.6: General scheme of intercooled absorption.

2.2.4 Liquefaction and Purification of CO2

After the CO2 has been captured from the flue gas stream it needs to be transported to
the storage location. Since the storage locations mainly are at sea it requires relatively
long distance transports from the capture locations to the storage locations. In order
to conduct an efficient transportation system the CO2 needs to be liquefied to allow for
as much CO2 to be transported as possible [26].

Also, the CO2 needs to be in liquid state for the injection into porous rock formations,
which is another reason for the requirement of the liquefaction process. However, the
process of compressing a gas into a liquid is quite energy demanding, which makes it
important to carry out the procedure in an efficient manner. In some cases the energy
demand of the liquefaction stands for 10% of the total duty in the entire CCS process.
In order to minimize the energy demand it is important to purify the CO2 gas stream
from water and other trace compounds such as SOx and NOx. The removal of water
is also important to avoid formation of ice. The purification itself can however also be
energy demanding, which makes it a trade-off matter when it comes to the degree of
purification [26].

A general and simplified way to describe the liquefaction process is to describe it as a
multistage compression with flashing prior to each stage and cooling subsequent to each
stage. After the separated CO2 gas stream leaves the desorber it enters a flash drum to
separate water from the stream. Then the partly dewatered stream enters a compressor
which increases the pressure of the stream. The compression also results in an increased
temperature. Therefore the stream needs cooling, which leads to liquefaction of another
portion of water in the stream. Afterwards the stream enters yet another flash drum to
separate the liquefied water and this process gets repeated in multiple stages until there
are negligible amounts of water and other trace compounds left, and the CO2 reaches
its liquid state [26].
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In Figure 2.7, the correlating pressures and temperatures for liquefaction of CO2 can be
observed where the saturation line corresponds to the interface between vapour phase
and liquid phase. Factors such as the composition of the CO2 stream and the desired
final pressure of the liquefied product play a major role in determining the most cost-
effective liquefaction [27].

Figure 2.7: Pressure-temperature phase diagram for CO2.

In the industry there are uncertainties regarding the cost-optimal pressure of the lique-
fied CO2 for long distance transportation. Food grade CO2 usually gets transported at
15 bar and -30°C, but those conditions might not be optimal for transporting industri-
ally captured CO2. In the ongoing research various pressure levels are evaluated, more
specifically pressures between 7-70 bar. At the lower end of the span, i.e the low pressure
CO2, the temperatures are lower, which requires more electrical energy for the cooling
of the stream. However, to obtain higher pressure more electrical energy is required for
the compressors, which eventually makes it a trade-off matter. Other factors, such as
the purity of the CO2 stream, are also of importance when it comes to determining the
optimum P-T conditions for the CO2 transportation [27]. Nonetheless, in this project
the target is to compress the CO2 to 16 bar and -28 °C at VEAB’s request.
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2.2.5 Geological Storage of CO2

There are various types of geological storage formations, i.e carbon sinks, where the
liquefied CO2 could be stored. The storage media with the highest capacities are de-
pleted hydrocarbon reservoirs and deep saline aquifers. Other media with considerable
storage potential are organic-rich shales, basaltic rocks and un-mineable coal seams.
The storage mechanisms vary to a certain extent between these different carbon sinks,
but in general the principle is the same. The CO2 gets compressed to a supercritical
state, around 100 bar, before being injected into permeable carbonate rock formations.
Due to CO2 having lower density than the surrounding media there are buoyancy forces
which lift the CO2 upwards. However, the CO2 gets trapped by non-permeable so-called
caprocks [28].

The CO2 that will be captured at VEAB’s CHP plant will be transported to a suitable
storage site. There are a number of different possible choices but an example of one
of the more developed projects is ”Northern Lights”. In the ”Northen Lights” project,
the imported liquefied CO2 gets intermediately stored at a terminal before being sent
to the storage reservoir. The reservoir is located 2600 metres below the bottom of the
North sea, where the CO2 gets transported via a pipeline from the intermediate storage
terminal. The first phase of the Northern Lights project is planned to be initiated in
2024 where the annual CO2 storage capacity will be 1.5 million tonnes [29].
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To evaluate the performance of each CO2 capture technology, process simulations in
Aspen Plus were performed. The process simulations began by setting up the models,
i.e. putting in necessary information to obtain realistic results. Then suitable property
methods for the capture process and liquefaction were chosen, which is described in
Section 3.1.1. Then, in Section 3.1.2, the corresponding flue gas stream for SV3 at full
load and half load were calculated using data obtained from VEAB. In order to simulate
the chemistry and reactions that occurs, kinetic constants and equilibrium coefficients
were added to the Aspen Plus model. The chemistry setup is described in Section 3.1.3.

The section that followed, Section 3.2, describes the process modelling approach for the
CO2 capture models and the liquefaction model. To investigate the effect of different
parameters, a base case for each capture technology was made based on full load flue gas
conditions. With this base case, a parameter study was performed with the purpose to
find the most optimal parameters. This parameter study approach is further described
in Section 3.2.1 for HPC and Section 3.2.2 for MDEA/DEA. Note that the parameter
study was performed with full load conditions since a larger flue gas flow is expected to
affect the CHP plant to a higher extent due to the higher energy usage.

To then evaluate the actual effect of CO2 capture implementation, a heat integration
to the CHP plant was performed for the optimized model for both full load and half
load. The approach for heat integration is described in more detail in Section 3.3.

3.1 Aspen Plus Model Setup

In this section, the setup of the Aspen Plus models is described in more detail.

3.1.1 Property Methods for Aspen Plus Simulations

In order to obtain more reliable simulation results appropriate property methods, i.e.
thermodynamic models, had to be added to the Aspen Plus model. Different property
methods predict the behaviour of the chemicals involved based on their physical prop-
erties, which makes it important to select a property method that is customized for
that certain mixture of components [30]. Depending on which part of the process that
was simulated, different property methods were selected.
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Since both the simulated CO2 capture technologies contained electrolyte solutions, the
decision was made to use the electrolyte non-random two-liquid (ELECNRTL) property
method. This model is the most appropriate to perform phase equilibrium calculations
in systems with mixed solvent electrolytes, which made it a sensible choice to implement
in that part of the process [31]. But for the CO2 liquefaction simulations the Soave-
Redlich-Kwong (SRK) equation of state property method was considered to be the most
fitting. In previously performed studies, the SRK equation of state has appeared to be
a good predictor of the phase behaviour of CO2 mixtures at elevated pressure levels
[26]. Since the liquefaction process occurs at high pressures and mainly contain CO2
and H2O it was considered to be a reasonable choice. For the heat pump simulations
the REFPROP method was used since it is developed for refrigerants [32].

3.1.2 Flue Gas Data

Both of the CCS technologies in focus are post-combustion capture technologies, i.e.
the CO2 is captured from the flue gas stream. Thus, to simulate a realistic case, real
flue gas data was obtained from VEAB. As described previously in Section 1.1, the idea
is to implement BECCS on VEAB’s SV3 block, while keeping their other block (SV2)
as peak load load boiler. SV2 will thus be used as a back-up to meet the DH demand.
In Table 3.1, the unconverted flue gas data from SV3, provided by VEAB, is presented.

Table 3.1: Unconverted flue gas data from VEAB.

Property Unit Typical/Average Operating Range
Flue gas flow Nm3/hr 168 000 65 000 - 175000
Temperature °C 45 40 - 50

Moisture content vol% 9 7 - 13
CO2 content vol% dry gas 15 13 - 16.5
O2 content vol% dry gas 4.5 4 - 7.5

Dust mg/Nm3 dry@6% O2 2 0 - 10
SO2 mg/Nm3 dry@6% O2 <1 <5
HCl mg/Nm3 dry@6% O2 <0.5 <5
HF mg/Nm3 dry@6% O2 <0.1 <1
NO mg/Nm3 dry@6% O2 40 10 - 100
N2O mg/Nm3 dry@6% O2 1 0 - 15
NH3 mg/Nm3 dry@6% O2 5 1 - 10
CO mg/Nm3 dry@6% O2 50 0 - 150

The typical/average column in Table 3.1 corresponds to full load, which is what the
base case models were based on. But, the values in Table 3.1 had to be converted into
values that could be put into Aspen Plus. Thus, the components with unit ”mg/Nm3
dry@6%” had to be converted using the air factor in the following Equation (3.1) [33].

AF = 21 − x vol% O2(dry)
21 − y vol% O2(dry) (3.1)

In Equation 3.1 AF is the air factor, x is the vol% of O2 before conversion and y is the
vol% of O2 after conversion.
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After converting the values to adjust for the actual O2 content, the average volume
flows were converted to molar flows using the ideal gas law, Equation 3.2.

n = P · V

R · T
(3.2)

Since the volumetric flow was given in Nm3, atmospheric pressure and 273.15 K was
used to convert it to molar flow.

The obtained molar flows, listed in Table 3.2, were then fed into the Aspen Plus base
case models and the optimized models for the full load case. Note that the content
of dust, SO2, HCl and HF were ignored since they were considered to be of negligible
amount.

To estimate the flue gas stream at half load, the molar flows for all but O2 and N2 where
halved. According to VEAB, the oxygen concentration should be 6% at half load, thus
air (21% O2 + 79% N2) was added to fit this demand. Table 3.2 contains the molar
flow and molar fraction of the flue gas flow for half load.

Table 3.2: Flue gas data input into Aspen Plus for full load and half load.

Full Load Half Load

Component
Molar Flow
[mol/hr]

Molar Fraction
Molar Flow
[mol/hr]

Molar Fraction

N2 5 490 101 0.73 3 120 313 0.74
CO2 1 023 112 0.14 511 556 0.12
H2O 674 579 0.09 337 290 0.08
O2 306 943 0.04 253 220 0.06
CO 300 4.0 · 10−5 150 3.6 · 10−5

NO 224 3.0 · 10−5 108 2.5 · 10−5

NH3 49 6.6 · 10−5 25 5.9 · 10−6

N2O 4 5.1 · 10−7 2 4.5 · 10−7

Total 7 495 304 1 4 222 664 1

3.1.3 Reactions

When modelling in Aspen Plus, reaction chemistry in the properties environment (global
chemistry) and reactions in the simulation environment must be defined. The Aspen
Plus commando ”Elec Wizard” in the properties environment was used to define the
global chemistry for both models. In the simulation environment, a reaction set was
made to describe the chemistry occurring in the the absorption and desorption columns.
These reactions and constants were obtained from Aspen Plus example models, which
exist for both HPC and MDEA/DEA technologies. In order to calculate the equilibrium
constant ln(Keq), the software uses Equation 3.3 in which the equilibrium coefficients
are used. In order to calculate the reaction rates, the software uses Equation 3.4 in
which the kinetic constants are used. In Sections 3.1.3.1 and 3.1.3.2 the reactions as
well as the used equilibrium coefficients and kinetic constants are tabulated.
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ln(Keq) = A + B

T
+ C · ln(T ) + D · T (3.3)

r = k · exp
(

− E

R · T

)
(3.4)

3.1.3.1 HPC Reactions

For HPC, three types of reactions were defined in the Aspen Plus model: equilibrium,
kinetic and dissociation. Dissociation and equilibrium reactions were defined in the
properties environment, corresponding to the global chemistry of the model. In the
simulations environment, kinetic and equilibrium reactions were defined in reactions sets
which were specified in the absorber and desorber blocks. Table 3.3 lists all the reactions
that were registered in Aspen Plus. The equilibrium coefficients, corresponding to the
equilibrium reactions in Table 3.3, are listed in Table 3.4. Similarly, the kinetic constants
are presented in Table 3.5. The dissociation reactions do not need any constants since
they correspond to ion dissociation, as a result of the HPC solvent being an ion solution.

Table 3.3: Reactions registered in Aspen Plus for absorption and desorption in the HPC
cycle [34].

No. Reaction Type Stoichiometry
1 Equilibrium H2O + HCO3

− ⇌ CO3
2− + H3O

+

2 Equilibrium 2H2O + CO2 ⇌ HCO3
− + H3O

+

3 Equilibrium 2H2O ⇌ OH− + H3O
+

4 Kinetic CO2 + OH− → HCO3
−

5 Kinetic HCO3
− → CO2 + OH−

6 Dissociation KHCO3 → HCO3
− + K+

7 Dissociation K2CO3 → CO3
2− + 2K+

8 Dissociation KOH → OH− + K+

Table 3.4: Equilibrium coefficients for Reactions 1-3 in Table 3.3 [34].

No. A B C D
1 216.1 -12 431.7 -35.5 0
2 231.5 -12 092.1 -36.8 0
3 132.9 -13 445.9 -22.5 0

Table 3.5: Kinetic constants for Reactions 4-5 in Table 3.3 [34].

No. k E [cal/mol]
4 4.32 · 1013 13 249
5 2.38 · 1017 29 451
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3.1.3.2 MDEA/DEA Reactions

In the MDEA/DEA model, two types of reactions were defined: equilibrium and ki-
netic. As for HPC, kinetic and equilibrium reactions were defined in a reaction set in the
simulation environment. Since MDEA/DEA is not a salt, the model does not have any
dissociation reactions. Hence, only equilibrium reactions were defined as global chem-
istry in the properties environment. Table 3.6 illustrates the kinetic and equilibrium
reactions and Table 3.7 and 3.8 lists their respective constants and coefficients.

Table 3.6: Reactions registered in Aspen Plus for absorption and desorption in the
MDEA/DEA cycle [35].

No. Reaction Type Stoichiometry
1 Equilibrium 2H2O ⇌ OH− + H3O

+

2 Equilibrium 2H2O + CO2 ⇌ HCO3
− + H3O

+

3 Equilibrium HCO3
− + H2O ⇌ CO3

2− + H3O
+

4 Equilibrium DEAH+ + H2O ⇌ DEA + H3O
+

5 Equilibrium DEACOO− + H2O ⇌ DEA + HCO3
−

6 Equilibrium MDEAH+ H2O ⇌ MDEA + H3O
+

7 Kinetic CO2 + OH− → H3O
+

8 Kinetic HCO3
− → CO2 + OH−

9 Kinetic DEA + CO2 + H2O → DEACOO− + H3O
+

10 Kinetic DEACOO− + H3O
+ → DEA + CO2 + H2O

11 Kinetic MDEA + CO2 + H2O → MDEAH+ + HCO3
−

12 Kinetic MDEAH+ + HCO3
− → MDEA + CO2 + H2O

Table 3.7: Equilibrium coefficients for Reactions 1-6 in Table 3.6 [35].

No. A B C D
1 132.9 -13 445.9 -22.5 0
2 231.5 -12 092.1 -36.8 0
3 216.1 -12 431.7 -35.5 0
4 -13.3 -4 218.7 0 9.9 e-3
5 16.5 -4 068.8 -1.5 0
6 -9.4 -4 235.0 0 0

Table 3.8: Kinetic constants for Reactions 7-12 in Table 3.6 [35].

No. k E [cal/mol]
7 4.32 · 1013 13 149
8 2.38 · 1017 29 451
9 6.48 · 106 5 072
10 1.34 · 1017 11 497
11 3.12 · 108 7 432
12 1.26 · 1012 15 334
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3.1.4 Column Model Setup

When both the HPC and MDEA/DEA model were created some base settings were
applied. In the properties environment in Aspen Plus all relevant components were
specified. Then the chemistry was defined in both the properties and simulation en-
vironments, as previously described in Section 2.2.2.1. Then, both the absorber and
desorber were created as RadFrac columns with the rate-based calculation type, due to
its better accuracy compared to using the equilibrium calculation type [36]. To improve
the possibility to get a converging solution the ”Strongly non-ideal liquid” convergence
model was used.

For the base model setup as well as for the parameter studies the column diameters
were deliberately oversized for both consistency and convergence purposes. A column
diameter of 10 meters gave a low approach to jet flood, hence it could be assumed that
this diameter made the column oversized. To calculate the required amount of make-up
solvent for each case, the ”Balancer” command was used. In Table 3.9 the specified
column settings are presented for both models.

Table 3.9: Column settings for base case model setup.

Column Configuration Settings
Calculation Type Rate-Based

Number of Stages (Amine Model) 20
Number of Stages (HPC Model) 25

Condenser None (both columns)
Reboiler Kettle (only desorber)

Operating Specifications Reboiler duty (only desorber)
Valid Phases Vapor-Liquid
Convergence Strongly non-ideal liquid

Column Internals Settings
Column Heights (Amine Model) 20 m
Column Heights (HPC Model) 25 m

Column Diameters (Both Models) 10 m
Mode Rating

Internal Type Packing
Packing Type Mellapak Sulzer Standard 250X

Rate-Based Modeling Settings
Flow Model Mixed

Film Resistance (Liquid) Discretize Film (5 Discretization Points)
Film Resistance (Vapour) Film Reactions

Mass Transfer Coefficient Method Brf-85
Heat Transfer Coefficient Method Chilton and Colburn

Interfacial Area Method Brf-85

Note that no condenser was specified in the desorber column. It was instead modeled
as a cooler and flash drum which are separated from the column in order to obtain
convergence easier. Also, for all compressors, turbines and pumps an 85% isentropic
efficiency was assumed.
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3.2 Process Modelling

In order to obtain a 90% CO2 capture rate two design specifications were implemented
in the models. The first design specification was set so the absorber captured 90% of
the CO2 in the flue gas by automatically manipulating the lean solvent flow rate. The
second design specification was set so that a certain CO2 loading was obtained in the
regenerated solvent stream by manipulating the reboiler duty in the desorber. These
design specifications made it possible to obtain 90% capture while finding the lowest
reboiler duty for a specific loading. When both the design specifications were activated,
the simulation was called a ”locked model”. When only the lean loading design speci-
fication was activated, the simulation was called a ”semi-locked model”. The following
text describes how the specific heat duty, loading and capture rate were calculated and
used during the process modelling.

The energy penalty for the regeneration of solvent was an important factor to track
when modelling these technologies. To compare the performance of different models
and cases regarding the energy penalty, the specific heat duty was used. The specific
heat duty is universal since it considers not only the heat duty but also the captured
CO2. The specific heat duty was calculated according to Equation 3.5.

QSpec = QReb

MCO2

(3.5)

QSpec is the specific heat duty (MJ/kgCO2), QReb is the reboiler duty for the desorber
(MJ/hr), MCO2 is the mass flow of CO2 released in the desorber (kg/hr).

Throughout the modelling and the thesis, the term ”loading”had a certain focus. Load-
ing is defined as the molar ratio of apparent absorbed CO2 and the amount of apparent
solvent in the same stream. The term lean loading corresponds to the loading in the
lean regenerated solvent that exits the desorber, and the rich loading is the loading in
the rich stream that exits the absorber. The loading is defined as the ratio of the molar
fraction of CO2 derived components and the solvent derived components, which can be
observed in Equations 3.6 and 3.7.

HPC Loading = xCO2

xK2CO3

(3.6)

MDEA/DEA Loading = xCO2

xMDEA + xDEA

(3.7)

Two other important parameters when simulating the capture processes are the CO2
capture rate and the absorber efficiency. The capture rate is defined as the ratio of
captured CO2 that gets sent to liquefaction, and the amount of CO2 in the flue gas
entering the absorber. The equation for calculating CO2 capture rate can be seen in
Equation 3.8.

CO2 Capture Rate = MCO2 Captured

MCO2 F lue Gas

(3.8)
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The absorber efficiency is defined as ratio of the amount of CO2 that gets absorbed
in the absorber and the total amount of CO2 in the flue gas that enters the absorber,
which can be seen in Equation 3.9.

Absorption Efficiency = 1 − MCO2 Absorber Loss

MCO2 F lue Gas

(3.9)

Since the models are closed with a recirculation stream, the only loss of CO2 occurs in
the outlet gas flow from the absorber. This means that the CO2 capture rate will always
be the same as the absorber efficiency. This tendency is used in the design specifications
to obtain the wanted capture rate during simulations, as described earlier in the section.
However, the capture rate and the absorber efficiency are defined differently in this
report to distinguish between the case when the absorber is in focus and the case when
the whole system is in focus.

3.2.1 HPC Model

To begin with, a base case model was made in order to get the simulation started. The
base case model was built as explained in Section 3.1 with one addition. By request
from VEAB, pumps were added to account for the pressure drop associated to eleva-
tion differences between the columns. In Table 3.10 the base case model settings are
presented and in Table 3.11 results of relevant variables are presented. The settings
that were used for the base case model were chosen based on literature. A picture of
the base case model can be seen in Figure 3.1.

After a converged base case model was obtained, a parameter study was performed
to identify which parameters that could be changed to improve the model. The pa-
rameters that were evaluated for the HPC model were the absorber pressure, desorber
pressure, absorber inlet temperature, lean solvent loading, HPC concentration in the
lean solvent, liquid to gas (L/G) ratio in the absorber and the implementation of lean
vapour compression (LVC). By starting from the base case model, one parameter was
evaluated at the time which made it possible to see the effects of the specific model
variable. As previously described in Section 3.2, the model contained the two design
specifications, which led to denoting it as a locked model. However, when evaluating
the L/G ratio only the lean loading design specification was used, hence it was called
a semi-locked model. The capture rate design specification manipulated the absorber
L/G ratio to obtain the desired capture rate and was therefore inactivated in order to
evaluate how different L/G ratios affected the process.
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Table 3.10: HPC base case model settings.

Base Case Settings
Absorber Pressure 7 Bar
Desorber Pressure 1.01 Bar

Absorber Inlet Temp 90 °C
Lean Solvent Loading 0.3
K2CO3 Concentration 25 wt%

Table 3.11: HPC base case model results.

Base Case Results
L/G Ratio 6.35
Make-up 0.91%

Reboiler Duty 37.13 MW
Specific Heat Duty 3.30 MJ/kgCO2
Cooler 1 Duty 3.39 MW
Cooler 2 Duty 17.18 MW
Condenser Duty 14.47 MW
Pump Duty 1.55 MW

Compander Net Duty 5.71 MW

In the last row in Table 3.11 the compander net duty is presented, which is the net duty
of the compressor and the expander combined. This duty is the net external electricity
demand for the compressor, since the electricity obtained from the expander is inte-
grated to the compressor. Also, the lean solvent make-up is presented as a percentage
of the total flow of lean solvent.

Figure 3.1: Aspen Plus HPC base case model.
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3.2.2 MDEA/DEA Model

Similarly to HPC, a base case model was made as a first step of the simulation. Also for
MDEA/DEA, pumps were added to account for the pressure drop associated to the el-
evation difference between the columns. The base case model settings for MDEA/DEA
are presented in Table 3.12 and the results are presented in Table 3.13. As for the HPC
model, the settings that were used in the base case were based on literature. In Figure
3.2, the base case Aspen Plus model for MDEA/DEA is shown.

Like for the HPC model, a parameter study was performed to optimize the MDEA/DEA
model performance. The evaluated parameters were the desorber pressure, the absorber
inlet temperature, lean solvent loading, MDEA/DEA composition in lean solvent and
L/G ratio in the absorber. In addition, the implementation of LVC and intercooled
absorption (ICA) was evaluated. Also, the same design specifications as for the HPC
model was used for the MDEA/DEA model.

Table 3.12: MDEA/DEA base case model
settings.

Base Case Settings
Absorber Pressure 1 atm
Desorber Pressure 1 atm

Lean Solvent Temperature 45°C
Lean Solvent Loading 0.03
MDEA Concentration 20wt%
DEA Concentration 20wt%

Table 3.13: MDEA/DEA base case model
results.

Base Case Results
L/G Ratio 5.32
Make-up 1.16%

Reboiler Duty 4.87 MW
Specific Heat Duty 4.32 MJ/kgCO2

HEX Duty 37.51 MW
Pump Duty 0.23 MW

Condenser Duty 12.78 MW
Cooler Duty 26.12 MW

Figure 3.2: Aspen Plus MDEA/DEA base case model.
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3.2.3 Liquefaction Model

The same liquefaction model was used for both HPC and MDEA/DEA but each case
was simulated with their respective CO2 capture stream. The CO2 liquefaction model
was built and simulated in accordance with the specifications in the article by Deng et
al [27]. Hence, the liquefaction was carried out in the form of a three stage compression
train and external cooling in the form of an ammonia heat pump.

First, the CO2 was compressed to 27.5 bar with a constant pressure ratio over the
compressors. After each compressor the stream was air cooled and liquefied water was
separated. After the last compressor a ”Separator” block was added to remove excess
O2, NH3 and H2O to meet relevant industry standards. Note that this is a simplifica-
tion of reality and it was assumed that this operation did not require any energy. The
CO2 stream was then air cooled before being liquefied via heat exchanging with the
external heat pump before entering a purge flash drum, to remove excess impurities.
The stream was then expanded to 16 bar before entering the last flash drum where the
liquid outlet was the desired product. The vapour stream consisting of mostly CO2
was re-compressed and recycled back to the stream that entered the liquefaction heat
exchanger. The Aspen Plus model for liquefaction can be seen in Appendix A.

The pressures and temperatures in the ammonia heat pump were specified in a way
that it could both cool the CO2 stream and recover excess heat to the district heating
network. The flow rate of ammonia was adjusted so it would meet the required duty in
the heat exchanger with the CO2 stream.

3.3 Heat Integration

After the parameter studies of the carbon capture models were completed, the models
were optimized based on the results from the parameter studies. Two simulations of
the optimized models for each technology were made, one for full load and one for half
load. Then, based on the results from these optimized models, a heat integration to
VEAB’s SV3 was performed. Equation 3.10 below was used to calculate the sizes of the
district heating (DH) water streams to meet the cooling demands of the carbon capture
process streams and reaching 95 °C. It was assumed that the DH water entered the heat
exchanger at 45 °C and had a constant specific heat capacity of 4.18 kJ/kgK. Regarding
∆Tmin for different types of heat exchangers it was assumed 15 K for gas-gas, 10 K for
gas-liquid and 5 K for liquid-liquid.

ṁDHwater = Q

CP,water · ∆TDHwater

(3.10)

In Equation 3.10 ṁDHwater is the massflow of DH water in kg/s, Q is the heat exchanger
duty in J/s, CP,water is the specific heat duty for water in J/kgK and ∆TDHwater is the
temperature difference of the inlet and outlet DH stream in the unit K.

The following sections will describe the heat integration approaches that were made for
HPC, MDEA/DEA and liquefaction in more detail.
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3.3.1 HPC

The HPC model was primarily optimized to minimize the reboiler duty and the com-
pression demand. However, one setting was kept constant in order to benefit the heat
integration. By flashing the liquid outlet stream from the desorber at 0.59 bar it re-
sulted in the stream cooling down to 90 °C, which was the specified absorber inlet
temperature. Hence, no heat exchanger was needed to cool down the stream before
entering the absorber. Thus, keeping the pressure in the flash constant at 0.59 bar
resulted in two, rather than three cooling operations in the entire HPC process. One
being the desorber condenser and the other being the pressurized flue gas cooler. Both
streams had sufficiently high temperatures for directly warming the DH water to 95 °C.
By using Equation 3.10, the amount of heated DH water could be calculated.

3.3.2 MDEA/DEA

The streams in the amine cycle that needed external cooling were too cold to directly
heat DH water to 95 °C. Hence, heat pumps were simulated in Aspen Plus to transport
heat from the MDEA/DEA capture process streams to the DH network, at the cost of
compression work input. The heat from the desorber condenser was used to preheat DH
water. The rest of the required heat, to reach 95 °C for the DH water, was provided by
a heat pump that was connected to the absorber inlet cooler. However, there was still a
large amount of excess heat in the absorber inlet stream which was used to directly heat
DH water via a parallel heat pump condenser. This heat pump, that uses the excess
heat in the absorber inlet cooler to heat DH water, is called ”Heat Pump 1” (HP1).
But there was also another heat pump that was simulated to cool down the absorber
intercooling stream while heating DH water, called ”Heat Pump 2” (HP2). The amount
of DH water required to meet the condenser duties was calculated using Equation 3.10,
with the same DH-assumptions as stated in Section 3.3. Appendix B contains pictures
of the simulated heat pumps and a table listing the evaporator, condenser and power
duties for HP1 and HP2.

3.3.3 Liquefaction

In the CO2 compression train the post compression coolers were assumed to be air
coolers, since the duties were considered to be insufficient for being integrated to the
DH system. However, the ammonia heat pump was designed so that the heat from the
condenser could be integrated to the DH system. The amount of DH water required to
meet the condenser duty was calculated using Equation 3.10, with the same assumptions
as in Section 3.3.
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Parameter Study & Model Optimization

After the base case carbon capture models had been developed in Aspen Plus it was
time for optimizing the models in order to minimize the energy penalty as well as the
electricity demand. The models were also optimized with respect to the heat integration
to maximize the energy recovery. To find the optimal settings for respective model
several parameter studies were performed which can be seen in the following sections.
In the parameter studies, one parameter was changed at a time to investigate how a
change in that parameter affected the energy and power demand. The results from
the parameter studies are then used to create the final optimized models for HPC and
MDEA/DEA. Also, the optimized models were simulated for a half load case were the
flue gas input is decreased to the values presented in Table 3.2.

4.1 HPC Parameter Study

In the following sections, the results from the HPC model parameter study are pre-
sented.

4.1.1 Absorber Pressure

In the base case model the absorber was operated at a pressure of 7 bar. In the
parameter study the pressure was varied between 6-10 bar to evaluate how it affected
the reboiler duty, the compander duty and the L/G ratio. In Figures 4.1, 4.2 and 4.3
it is presented how the absorber operating pressure affected these variables.

Figure 4.1: Reboiler duty as a function of
absorber pressure.

Figure 4.2: Compander net duty as a
function of absorber pressure.
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Figure 4.3: L/G ratio as a function of
absorber pressure.

Figure 4.4: Net duty cost as a function of
absorber pressure.

Figure 4.3 shows that an increased pressure allows for better absorption, leading to a
smaller flow rate of lean solvent required to meet the capture rate design specification. A
smaller volume of solvent in the system leads to a smaller energy demand to regenerate
it, which can be seen in Figure 4.1. However, an increased absorber operating pressure
requires a higher compression demand of the flue gas, which can be seen in Figure 4.2,
as well as a higher pumping duty of the regenerated solvent. Nonetheless, pumping a
liquid is significantly less energy demanding compared to compressing a gas, leading
to the change in pumping duty being considered negligible in this case. In Figure 4.4
it can be seen that 7 bar is the cost-optimum pressure to operate the absorber based
on the assumption of a steam price of 400 SEK/MWhr and an electricity price of 600
SEK/MWhr (specified values from VEAB). However, it is important to note that the
optimal pressure is sensitive to changes in steam price as well as electricity price. An
increased electricity price would shift the optimum to a lower pressure and vice versa
for a case where the steam price increases.

4.1.2 Desorber Pressure

Initially in the base case the desorber was operated at atmospheric pressure. In Figure
4.5 the specific heat duty is plotted against the desorber pressure in the range from 1.01
to 2 bar.

Figure 4.5: Specific heat duty as a function of desorber pressure.
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From the plot in Figure 4.5 it can be seen that the specific heat duty increases with
increasing desorber pressure. From these results it can be concluded that a lower pres-
sure benefits the CO2 desorption process, which is in line with the literature regarding a
pressure swing cycle. However, a higher pressure of the CO2 exiting the column would
lead to a lower compression demand and thereby a lower electricity consumption in the
liquefaction process. As mentioned in Section 4.1.1, the cost-optimum conditions are
sensitive to duty price fluctuations. A higher electricity price would shift the optimum
to a higher temperature and vice versa for a higher steam price.

4.1.3 Absorber Inlet Temperature

In the base case model the absorber was operated at a temperature of 90 °C. In the
parameter study the temperature was varied between 85-105 °C to evaluate how it
affected the reboiler duty, the compander duty and the L/G ratio. In Figures 4.6, 4.7
and 4.8 it is presented how the absorber operating temperature affected these variables.

Figure 4.6: Reboiler duty as a function of
absorber temperature.

Figure 4.7: Compander net duty as a
function of absorber temperature.

Figure 4.8: L/G ratio as a function of
absorber temperature.

Figure 4.9: Net duty cost as a function of
absorber temperature.

Compared to results in section 4.1.1 the inverse trends can be seen by increasing the
inlet temperature. This is due to the absorption being favoured by lower temperatures,
meaning an increased temperature would require an increased flow rate of lean solvent
to meet the capture rate design specification, which leads to a higher reboiler duty.
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However, a higher temperature correlates to more energy being stored in the streams,
which leads to more electricity being generated in the expander, resulting in a net
decrease of the compander duty. In Figure 4.9 it can be seen that 90 °C is the cost-
optimum temperature to operate the absorber based on the assumption of a steam price
of 400 SEK/MWhr and an electricity price of 600 SEK/MWhr.

4.1.4 Lean Solvent Loading

A lean solvent loading of 0.3 was specified in the design specification in the base case
simulation. In this parameter study the lean solvent loading was varied between 0.25-
0.35 to see how it affected the specific heat duty and the L/G ratio, which can be
observed in Figures 4.10 and 4.11.

Figure 4.10: Specific heat duty as a function
of lean solvent loading.

Figure 4.11: L/G ratio as a function of lean
solvent loading.

In Figure 4.10 it can be seen that there is an optimum lean loading at 0.3 with regards
to the specific heat duty even though that the L/G ratio keeps increasing, which can
be seen in Figure 4.11. The increasing L/G ratio could be due to more solvent being
required to match the 90% absorber efficiency when the loading is higher. A higher
loading corresponds to a larger apparent CO2 flow in the regenerated solvent stream,
which pushes the equilibrium and diminishing the CO2 absorption kinetics. Hence,
more solvent is required to absorb 90% of the CO2 coming from the flue gas. The
reason that the specific heat duty does not follow the same trend could be due to the
dependence on more factors than just the absorber efficiency. A lower loading would
lead to less liquid passing through the reboiler corresponding to a lower energy penalty.
However, in order to reach a lower loading in the regenerated solvent more CO2 needs to
be released, requiring a larger energy input. At the other end of the spectrum, a higher
loading leads to less energy needed to release CO2, but a larger liquid flow through the
reboiler. Hence, it is a trade-off matter and an optimum loading with regards to the
energy penalty can be found somewhere in the middle as seen in Figure 4.10.
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4.1.5 Lean Solvent K2CO3 Concentration

The concentration of K2CO3 in the lean solvent in the base case model was 25 wt%. In
the parameter study the K2CO3 concentration in the lean solvent was varied between
20-40 wt% to see the effect on the specific heat duty, which can be seen in Figure 4.12.

Figure 4.12: Specific heat duty as a function of lean solvent K2CO3 concentration.

From Figure 4.12 it can be seen that the higher concentration of K2CO3 in the solvent,
the lower the energy penalty. This could be due to a lower L/G being required for a
solvent with a higher concentration, meaning less liquid passing through the reboiler.
However, due to risk of salt precipitation damaging the equipment at higher concen-
trations, the optimal concentration is considered to be 30 wt% [37]. This would be a
compromise between minimized risk of precipitation and minimized energy penalty.

4.1.6 L/G Ratio (Semi-Locked)

The locked base case model contained an absorber design specification that optimized
the L/G ratio to meet 90% capture rate. But, as stated in Section 3.2, to evaluate how
the L/G affected the absorber efficiency the design specification was deactivated, thus
creating a semi-locked model. In Figure 4.13 the absorber efficiency is presented as a
function of the L/G ratio.

Figure 4.13: Absorber efficiency as a function of the L/G ratio.

In Figure 4.13 it can be observed how the absorber efficiency relatively linearly increases
with an increased L/G ratio until it reaches an upper limit of how much CO2 can be
absorbed.
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4.1.7 Lean Vapour Compression (Atmospheric LV-Flash)

The lean vapour compression was simulated at various lean vapour pressures while
varying the desorber pressure, which can be seen in Figures 4.14 and 4.15.

Figure 4.14: Reboiler duty as a function of
lean vapour compressor discharge pressure.

Figure 4.15: Lean vapour compressor duty
as a function of discharge pressure.

From the series in Figure 4.14 it can be seen that the reboiler duty barely changes when
increasing the lean vapour pressure while having the desorber pressure constant. This
proves that it is not feasible to compress the lean vapour to any pressure above the
desorber pressure, since it requires more compression duty and has a negligible effect
on the reboiler duty. Hence, only the first data points in each series are of interest,
where the lean vapour pressure is the same as the reboiler pressure. The dotted lines
in both figures above are inidicating how the duties change with an increasing LVC
pressure.

It is also worth noting that the reboiler duty decreases with an increasing desorber
pressure, which is opposite of the base case model in section 4.1.2. This is due to that a
higher desorber pressure allows for more steam to be recycled within the system as well
as some electricity being put into the system leading to a lower reboiler duty. However,
there is an optimum between the operating cost and the desorber pressure, which is
further discussed in Section 4.1.8.

4.1.8 Lean Vapour Compression (Sub-atmospheric LV-Flash)

In order to adjust the model, to make the heat integration more efficient, the LV-flash
was operated at 0.59 bar. As explained in Section 5.2, this led to the regenerated solvent
reaching a temperature of 90 °C and thereby did not need any cooling before entering
the absorber. The sub-atmospheric flashing also led to more vapour being recirculated
to the reboiler, which led to a lower reboiler duty.

In this study the LVC pressure was evaluated to find the cost-optimum solution for the
case when the LV-flash was operated at the pressure that diminished the need of cooling
the regenerated solvent. In Figure 4.16 the combined duty cost for the reboiler and LV
compressor is presented as a function of the LVC pressure. In order to calculate the
cost it was assumed that the price for steam is 400 SEK/MWhr and 600 SEK/MWhr
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for electricity. Note that the compander duty is not accounted for in this cost since it
remained constant for all cases.

Figure 4.16: Duty cost as a function of LVC & desorber pressure.

As can be seen in Figure 4.16 the cost optimal LVC and desorber pressure was at 2.4
bar resulting in a duty cost of 6038 SEK/hr. As mentioned in previous sections, the
cost-optimum conditions vary with varying duty prices. In this case, a higher electricity
price would shift the cost-optimum to lower pressures and the other way around for a
higher steam price.

4.1.9 Optimized HPC Model

As mentioned in section 4.1 the parameter studies were performed with oversized
columns in order to facilitate convergence. This led to slightly skewed results in the
parameter study, but the trends that were identified are considered to be valid. Thus,
to get more realistic results for the optimized model, the column diameters were down-
sized to match 80% flood approach [38]. When downsizing the columns the net duty
slightly increased resulting in a duty cost of 6636 SEK/hr, with the compander and
pump duties excluded. Adding the compander and pump duties it results in a total
duty cost of 10166 SEK/hr. This is the model that is being used for the heat integration
to the CHP plant, which is further discussed in Section 5. In Tables 4.2 and 4.1 the final
settings and results of the HPC model are presented. Note that the optimized model
has LVC implemented and thereby some settings that seemed optimal in the parameter
study, which was performed on the base case model without LVC, were not optimal for
this model.

Table 4.1: HPC optimized downsized model settings.

Optimized Downsized Model Settings
Absorber Diameter 4.03 meters
Desorber Diameter 3.83 meters
Column Heights 25 meters

Lean Solvent Loading 0.285
K2CO3 Concentration 30 wt%
Absorber Pressure 7 Bar

Desorber & LVC Pressure 2.4 Bar
Absorber Inlet Temperature 90 °C
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Table 4.2: HPC optimized downsized model results.

Optimized Downsized Model Results Full Load Half Load
L/G Ratio 5.46 4.96

Lean Solvent Make-up 0.36% 0.77%
Reboiler Duty 7.93 MW 3.66 MW

Specific Heat Duty 0.70 MJ/kgCO2 0.64 MJ/kgCO2
LVC Duty 5.77 MW 2.93 MW

Specific LVC Duty 0.51 MJ/kgCO2 0.51 MJ/kgCO2
Cooler 1 Duty 3.39 MW 1.70 MW
Cooler 2 Duty - -
Condenser Duty 12.94 MW 5.39 MW
Pump Duty 0.48 MW 0.24 MW

Compander Net Duty 5.64 MW 2.97 MW
Carbon Capture Duty Cost 10 166 SEK/hr 5 148 SEK/hr

Liquefaction Compression Duty 3.96 MW 2.41 MW
Liquefaction DH Recovery 4.57 MW 2.43 MW

Carbon Capture & Liquefaction Duty Cost 12 538 SEK/hr 6 588 SEK/hr

Comparing the results in Table 4.2 with the results from the base case in section 4.1,
it can be concluded that the process modifications resulted in considerable decreases in
external duty requirement. The specific heat duty decreased from 3.30 MJ/kgCO2 to
0.7 MJ/kgCO2, at the expense of an added electricity input. The specific heat duty for
the base case model can be validated against literature values in Appendix D. However,
it is important to note that it is not pure external energy duty minimization, since the
optimized system has one cooler less that delivers heat to DH water. The heat is instead
recirculated within the system by means of LVC and less heat is being recovered in the
form of DH.

Apart from the duty minimization, an advantage with the optimized system is that
the heat from the condenser can be used for district heating which is not the case
for the base model due to insufficient temperatures. In order to utilize the heat in the
incoming condenser stream in the base model, it would be needed to install a heat pump.
Another advantage with the optimized model is that the CO2 stream is delivered to
the liquefaction process at an already elevated pressure, which reduces the compression
demand downstream.
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Figure 4.17: Aspen Plus optimized HPC model.

4.2 MDEA/DEA Parameter Study

In the following section, the result from the MDEA/DEA parameter study is presented
and the section is finalized with the optimized model parameter results.

4.2.1 Desorber Pressure

By increasing the desorber pressure from atmospheric pressure corresponding to the base
case, its effect on the model performance could be evaluated. Figure 4.18 illustrates
how the specific heat duty changes with increasing desorber pressure. Higher pressure
levels than 2 bar gave severe convergence issues, hence 2 bar was the maximum pressure
evaluated for the MDEA/DEA model.

Figure 4.18: Specific pump duty as yellow line (left axis) and specific heat duty as
orange line (right axis) as a function of desorber pressure.
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It can be concluded from Figure 4.18 that a higher desorber pressure corresponds to a
lower specific heat duty. This is due to the fact that a higher column pressure results in
a higher desorber temperature, thus driving the equilibrium to releasing CO2. Hence,
since the pump duty related to the pressure increase is considerably low, it is beneficial
to use the maximum 2 bar desorber pressure in the optimized model.

4.2.2 Lean Solvent Temperature

In the base case the lean solvent temperature was held at 45 °C, and in the parameter
study the lean solvent temperature was varied between 60 °C to 20 °C to evaluate how it
affected the model performance. Figure 4.19 illustrates how the temperature affects the
specific heat duty while Figure 4.20 illustrates how it affects the L/G ratio. It is worth
mentioning that a lean solvent temperature below 45 °C could diminish the potential of
heat integration to the CHP plant, thus 45 °C was considered to be most appropriate
temperature for the optimized model.

Figure 4.19: Specific heat duty as a function
of lean in temperature to the absorber,
with the black line represents the base

case.

Figure 4.20: L/G Ratio as a function of lean
in temperature to the absorber, with a
black line represents the base case.

Figure 4.21: Rich loading as a function of lean in temperature to the absorber, with a
black line represents the base case.
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It is evident that a low lean solvent temperature is beneficial due to the decreasing
specific heat duty trend in Figure 4.19. The reboiler duty decreases due to declining
trend of the L/G ratio, seen in Figure 4.20. The L/G ratio decrease is a result of the
increased rich loading, since that corresponds to a higher CO2 concentration entering
the desorber. These declining trends can be explained by noting that CO2 absorption
is favoured at lower temperatures, hence 90% absorption efficiency can be obtained at
lower L/G resulting due to higher rich loading.

4.2.3 Lean Solvent Loading

The design specification for lean loading was set at 0.03 for the base case but to deter-
mine the most optimal value, the lean loading was varied between 0.01 and 0.05. The
resulting specific heat duty and L/G ratio can be seen in Figure 4.22 and Figure 4.23
respectively.

Figure 4.22: Specific heat duty as a function
of lean solvent loading, with a black line

represents the base case.

Figure 4.23: L/G Ratio as a function of lean
solvent loading, with a black line

represents the base case.

Figure 4.22 illustrates that it exists an optimum lean loading at 0.02, which corresponds
to the lowest specific heat duty. As mentioned in section 4.1.4, the optimum lean loading
might depend on a trade off between higher regeneration energy requirement for a low
lean loading and a higher L/G ratio for a high lean loading.

4.2.4 Lean Solvent MDEA/DEA Composition

The lean solvent composition for the base case was 20 wt% MDEA and 20 wt% DEA
and to make a representative parameter study, mixtures of a total 40 wt% MDEA/DEA
were evaluated. Figure 4.24 illustrates how the specific heat duty varies for different
mixtures of MDEA/DEA with respect to lean loading. Figure 4.25 is an enlarged view
of the same plot, focused on the lower specific heat duties.
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Figure 4.24: Specific heat duty as a function of lean loading for different MDEA/DEA
mixtures.

Figure 4.25: Specific heat duty as a function of lean loading for different MDEA/DEA
mixtures, zoomed in.

From Figure 4.24 and Figure 4.25 it can be concluded that the optimum lean loading
can vary for different MDEA/DEA blends. As one example, the mixture 5% MDEA
and 35% DEA has an optimum lean loading at 0.03 whereas the mixture 30% MDEA
and 10% DEA has an optimum at 0.02. Regarding the specific heat duty, more hetero-
geneous mixtures seem to be favoured due to their lower specific heat duty. Figure 4.25
illustrates that the mixture 15 wt% MDEA and 25 wt% DEA gave rise to the lowest
energy consumption and is therefore the most optimal mixture.
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4.2.5 L/G Ratio (Semi-Locked)

The base case was simulated as a locked model using a design specification to find the
L/G ratio that meets 90% capture in the absorber. Figure 4.26 illustrates the results
from varying the L/G ratio on a semi-locked model i.e. a model without that design
specification.

Figure 4.26: Absorber efficiency as a function of L/G Ratio, with a black line represents
the base case.

Varying the L/G ratio on a semi-locked model showed a somewhat linear trend with
respect to the absorber efficiency. This is reasonable since a lower L/G ratio results in
less solvent entering the absorber and thereby the absorber efficiency decreases.

4.2.6 Lean Vapour Compression

For the MDEA/DEA capture technology three LV-flash pressures were investigated for
three different desorber pressures. The three LV-flash pressures were 1.01 bar, 0.8 bar
and 0.6 bar. The three desorber pressures were 1 atmosphere, 1.75 bar and 2 bar.
Figure 4.27 illustrates how the specific heat duty is affected by LVC, Figure 4.28 shows
how the specific LV compressor duty varies with LV-flash pressure and Figure 4.29
illustrates the total duty cost of implementing LVC. The duty cost was calculated using
400 SEK/MWhr for extracted steam and 600 SEK/MWhr for electricity, as explained
in section 4.1.8.

Figure 4.27: Specific heat duty as a function
of LV-flash pressure.

Figure 4.28: Specific compander duty as a
function of LV-flash pressure.
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Figure 4.29: Total duty cost as a function of LV-flash pressure.

Figure 4.27 shows how the specific heat duty decreases with decreasing LV-flash pres-
sure, reaching its lowest point for 0.6 bar LV-flash pressure for the highest desorber
pressure, 2 bar. However, a lower LV-flash pressure results in a higher electricity duty
due to the larger pressure difference in the compressor. The increasing compressor duty
with decreasing LV-flash pressure and increasing desorber pressure can be seen in Fig-
ure 4.28. The third plot, Figure 4.29, shows that the lowest cost is associated to the 0.6
bar LVC with 2 bar pressured desorber. Hence, the decreased reboiler duty for 0.6 bar
LVC compensates for the increased compressor duty resulting in the lowest cost. Since
desorber pressures above 2 bar were ignored due to convergence issues, no cost-optimum
is found as for HPC in Section 4.1.8. Thus, one would expect that the cost starts to
increase somewhere above 2 bar with the current duty price assumptions provided by
VEAB. A higher electricity price would lead to a lower optimal desorber pressure and
higher a LV-flash pressure.

4.2.7 Intercooling

Intercooling was implemented to investigate if the specific heat duty could be decreased.
The results presented in Figures 4.30 and 4.31 were obtained using an intercooler which
cooled the flow to 50 °C at absorber stage number 8. Figures 4.30 and 4.31 illustrate how
the specific heat duty and rich loading varies with intercooling to liquid ratio (IC/L).
IC/L is thus a percentage of how much of the liquid stream that is intercooled in the
absorber.

Figure 4.30: Specific heat duty as a function
of intercooling ratio (IC/L).

Figure 4.31: Rich Loading as a function of
intercooling ratio (IC/L).
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Figure 4.30 shows how the specific heat duty decreases with increased intercooled flow
(IC/L), reaching a minimum approaching 100% IC/L. This tendency originates from
the increased rich loading that ICA gives rise to, which can be seen in Figure 4.31. By
cooling the hot solvent in the absorber and re-circulating it on the same stage, the CO2
absorption is increased and a higher rich loading is reached. This higher rich loading
enables a lower L/G ratio and they together result in a decreased reboiler duty. Hence,
a high IC/L ratio is favoured.

There is another parameter which affects the result of intercooling, and that is the stage
number for intercooling. Figure 4.32 illustrates how the specific heat duty changes with
stage number. Note that stage number 1 is the top and stage number 20 is the bottom
of the absorber. Stages above 16 were not evaluated due to convergence issues and time
limitations.

Figure 4.32: Specific heat duty for different intercooling stages using 60% IC/L

The conclusion that can be drawn from Figure 4.32 is that the specific heat duty
decreases with increased stage number. Thus, the most optimal intercooling case is
100% IC/L at stage 16.
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4.2.8 Optimized MDEA/DEA Model

The optimized HPC model was downsized in order to match the 80 % flooding approach.
Thus, the absorber and desorber for the optimized MDEA/DEA was downsized accord-
ingly. The final settings of the optimized downsized model are presented in Table 4.33
and Figure 4.2.8 illustrates the Aspen Plus model. The resulting duties and duty cost
for the optimized model are presented in Table 4.4.

Table 4.3: MDEA/DEA optimized downsized model settings.

Optimized Downsized Model Settings
Absorber Diameter 6.02 meters
Desorber Diameter 4.12 meters
Column Heights 20 meters

Number of Stages in Columns 20
Lean Solvent Inlet Temperature 45 °C

Lean Solvent Loading 0.02
MDEA Concentration 15 wt%
DEA Concentration 25 wt%
Desorber Pressure 2 Bar
LV-Flash Pressure 0.6 Bar

Intercooling Temperature 50 °C
Intercooling Stage no. 16

Intercooled/liquid flow ratio (IC/L) 99 %

Figure 4.33: Aspen Plus MDEA/DEA optimized model.
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Table 4.4: MDEA/DEA optimized downsized model results.

Optimized Downsized Model Results Full Load Half Load
L/G Ratio 4.07 3.40

Lean Solvent Make-up 1.55 % 2.29 %
Reboiler Duty 28.01 MW 14.28 MW

Specific Heat Duty 2.49 MJ/kgCO2 2.48 MJ/kgCO2
LVC Duty 3.52 MW 1.69 MW

Specific LVC Duty 0.31 MJ/kgCO2 0.29 MJ/kgCO2
HEX Duty 23.4 MW 11.3 MW

Condenser Duty 3.83 MW 1.92 MW
Cooler Duty 12.15 5.71

Intercooler Duty 5.42 MW 2.53 MW
Total Pump Duty 0.21 MW 0.10 MW

Carbon Capture Duty Cost 13 445 SEK/hr 6 643 SEK/hr
Liquefaction Compression Duty 4.94 MW 2.65 MW

Liquefaction DH Recovery 4.71 MW 2.53 MW
Total Duty Cost 16 407 SEK/hr 8 202 SEK/hr

Comparing with the base case, the optimized model had a significantly lower specific
heat duty. The base case had a specific heat duty of 4.87 MJ/kgCO2 while the op-
timized model had a specific heat duty of 2.49 MJ/kgCO2. This specific heat duty
decrease is the result of changing parameters to optimal ones while implementing LVC
and intercooling (ICA). However, the obtained specific heat duties deviate from lit-
erature. Appendix D lists other literatures’ estimated specific heat duties for MDEA
and DEA alone, since no representative literature using a MDEA/DEA mix was found.
Those literature values lay around 3 MJ/kgCO2 for both amines and are obtained from
a general technology setup, i.e. a setup like the base case model. The base case model’s
specific heat duty lies significantly above 3 MJ/kgCO2, indicating that the Aspen Plus
model is deviating from other’s work and perhaps reality. The optimized model result
lays closer to the literature values but since it has LVC and ICA implemented, the
values cannot be compared. Hence, both of the Aspen Plus models overestimate the
reboiler duty giving rise to higher specific heat duties than expected.

Nevertheless, when comparing the MDEA/DEA model’s result to the HPC model’s
result it is noticeable that HPC might be the favourable choice. Despite HPC’s higher
electricity usage, 3765 SEK/hr of the total duty cost is saved when using the HPC
solvent due to it’s significant lower reboiler duty. The next section will investigate
the heat integration possibilities for the HPC and MDEA/DEA optimized models to
evaluate their integration potential to VEAB’s CHP plant.
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The heat integration begins with with Section 5.1 which gives an estimation of how
much of the excess heat within the CCS processes that can be recovered to the CHP
plant’s DH network. The following section, Section 5.2 investigates how a potential
integration of CCS would affect the CHP plant performance and which type of CCS
process that would be more favourable in that regard.

5.1 Heat Integration within CCS

In order to investigate how the implementation of CCS affects the CHP performance, an
overall heat integration was performed. First, an estimation of the amount of available
heat from the capture processes was made using the methodology described in Section
3.3. From this, the possible heat recovered from the capture and liquefaction processes
to the DH network could be obtained. The recovered heat and the power need for the
MDEA/DEA and HPC models can be seen in Table 5.1 and Table 5.2 respectively.

Table 5.1: Heat integration for MDEA/DEA capture process.

Full Load Half Load
CC Recovered Heat

[MW]
Power need

[MW]
CC Recovered Heat

[MW]
Power need

[MW]
Direct from CC 3.8 3.7 1.9 1.7
Heat Pump 1 17.0 4.9 6.8 2.0
Heat Pump 2 7.4 2.0 2.7 0.7
Liquefaction 4.7 4.9 2.5 2.6

Total 32.9 15.5 13.9 7.0

Table 5.2: Heat integration for HPC capture process.

Full Load Half Load
CC Recovered Heat

[MW]
Power need

[MW]
CC Recovered Heat

[MW]
Power need

[MW]
Direct from CC 16.3 11.8 7.1 6.2
Liquefaction 4.6 4.0 2.4 2.4

Total 20.9 15.8 9.5 8.6
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Comparing Table 5.2 and Table 5.1 it is evident that MDEA/DEA has higher heat
recovery possibilities whileas the power consumption is close to the same for both pro-
cesses. This tendency can be seen for both full load and half load. The following section
will investigate the heat integration to the CHP plant and evaluate how it affects its
performance.

5.2 Integration of CCS to the CHP Plant

As been previously stated in Section 1.1, VEAB uses two different blocks to meet the
DH demand, one is Sandvik 3 (SV3) and the other is Sandvik 2 (SV2). The idea is that
the capture process will be connected to SV3 whereas SV2 will be used to cover the
DH demand that is left. By using CHP data from VEAB, the fuel input, DH output
and power output for each block could be calculated. The data corresponding to SV3
and SV2 can be found in Appendix C. To get an idea of how the CCS performance
and heat integration are affected by seasons, two cases were investigated. One case for
winter season, corresponding to full load, and one for summer season which corresponds
to half load. Section 5.2.1 investigates the full load case while Section 5.2.2 investigates
the half load case.

5.2.1 Full Load

In the winter, when SV3 runs at full load, the DH demand is assumed to be 119.7
MW based on data from VEAB. Since extraction of steam to the reboiler leads to a
decrease in the power and DH output, this loss must be accounted for in the heat in-
tegration. The power loss was calculated by multiplying the extracted steam flow with
the the enthalpy loss, i.e. the enthalpy difference between the extracted steam and
LP steam. Due to the fact that LP steam is the last extraction point in the steam
turbine, it means that DH production is also affected. By assuming that the extracted
steam corresponds to the same loss of steam flow exiting the turbine, the loss in DH
effect could also be calculated. The obtained result for full load can be seen in Table 5.3.

Table 5.3, includes three columns. The first column corresponds to the CHP baseline
without CCS, the second corresponds to the CHP with HPC implemented on SV3 and
the third column corresponds to the CHP with MDEA/DEA implemented on SV3.
To compare the capture technologies’ performances, sales has been calculated for each
case and column. The sales only include the expected income from selling the power
output for 600 SEK/MWhr and DH output for 250 SEK/MWhr (specified values from
VEAB). To get a more representative value, the power and DH sales per fuel input
(SEK/MWfuel · hr) were calculated. Note that the sales values are only measures for
comparing the technologies and not actual representative sales income for VEAB’s SV2
and SV3. Also, CHP efficiencies were calculated according to the equations in Section
2.1.1.
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Table 5.3: Result from heat integration for full load (winter case), assuming DH
demand of 119.7 MW.

CHP Baseline
Full Load

CHP with HPC
Full Load

CHP with MDEA/DEA
Full Load

Heat Recovery
From CC [MW]

- 20.9 32.9

CC Power
Consumption [MW]

- 15.8 15.5

Power Loss Due To
Steam Extraction [MW]

- 1.1 3.8

Direct DH Loss Due To
Steam Extraction [MW]

- 6.0 21.0

SV3 Fuel Input
[MW]

116.7 116.7 116.7

SV3 DH Output
[MW]

89.0 83.0 68.0

SV3 Power Output
[MW]

36.6 19.6 17.3

SV2 Fuel Input
[MW]

51.4 23.7 29.2

SV2 DH Output
[MW]

30.7 15.7 18.7

SV2 Power Output
[MW]

13.5 3.7 5.6

SV2 Load
[%]

50.0 22.9 28.3

Total Fuel Input
[MW]

168.1 140.4 145.9

Total DH Output
[MW]

119.7 119.7 119.7

Total Power Output
[MW]

50.1 23.3 22.9

Power-to-Heat Ratio
(α)

0.42 0.19 0.19

ηel

[%]
30.0 16.6 15.7

ηtot

[%]
101.0 101.9 97.8

Power + DH Sales
[SEK/hr]

59 937 43 911 43 665

Power + DH Sales per
Fuel Input [SEK/MWfuel ·hr] 357 313 299
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It can be noted from Table 5.3 that HPC and MDEA/DEA have about the same power
consumption, whereas MDEA/DEA has a higher power loss and DH loss as a result of
a larger steam extraction to the reboiler. This is the effect of MDEA/DEA’s higher re-
boiler duty and thus higher steam consumption, which results in SV3 having a lower DH
and power output for MDEA/DEA compared to HPC. However, by changing the focus
to SV2 DH output, it can be seen that the difference between HPC and MDEA/DEA
is only 3 MW. These 3 MW is the result of MDEA/DEA’s larger heat recovery possi-
bilities compared to HPC. Meaning that the recovered heat from MDEA/DEA covers
up enough of the DH loss to catch up with HPC’s performance.

Since SV2 is adjusted to only meet the DH demand, the total power output is not ac-
counted for. According to Table 5.3, the total power output for VEAB would decrease
to below half of its original value if CCS would be implemented with this integration
at full load. This effect is also noticeable for the half load case in Table 5.4, where the
power output goes from 15 MW to 6 MW when implementing CCS. It is also important
to note that the minimum load of SV2 is 35%, so in the cases where CCS is implemented
the SV2 load subceeds the minimum. This problem could be solved by using VEAB’s
DH accumulation tank.

Focusing the attention to the power-to-heat ratio (α), it can be seen that this parame-
ter is almost the same for HPC and MDEA/DEA. α being close to the same for both
technologies is expected since the total DH output is the same for both technologies
whereas the total power output differs slightly, but not enough to be seen with two
decimals. The same tendency can be recognized for the electrical efficiency (ηel) since
the fuel input is kept constant throughout the calculations. The total efficiency (ηtot)
however differs more. MDEA/DEA has an ηtot of 97.8% meanwhile HPC has a value
of 101.9% and is thus closer, even above, the ηtot for the CHP baseline. Note that the
total efficiency can overcome 100% due to the flue gas condensation, which is accounted
for in all the calculations.

It can be seen in Table 5.3 that around 50 SEK/MWfuel · hr would be lost when im-
plementing CCS at full load. This is the result of a decreased electrical output when
implementing CCS. The difference in sales between HPC and MDEA/DEA is however
smaller. Around 14 SEK/MWfuel · hr would be saved if HPC would to be implemented
instead of MDEA/DEA at full load.

5.2.2 Half Load

In the summer, SV3 is assumed to be running at half load while the DH demand is
17.5 MW. Due to the low DH demand during summer, SV3 is sufficient to cover the
demand. Hence, SV2 is not needed and therefore not included in the integration for
half load. Also, as a result of the low DH demand, cooling will be needed to separate
the excess heat from SV3. Except from these notes, the integration was made using the
same approach as described in Section 5.2.1. The obtained result can be seen in Table
5.4 on the following page.
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5. Heat Integration

Table 5.4: Result from heat integration for half load (summer case), assuming DH
demand of 17.5 MW.

CHP Baseline
Half Load

CHP with HPC
Half Load

CHP with MDEA/DEA
Half Load

Heat Recovery
From CC [MW]

- 9.5 13.9

CC Power
Consumption [MW]

- 8.6 7.0

Power Loss Due To
Steam Extraction [MW]

- 0.5 1.9

Direct DH Loss Due To
Steam Extraction [MW]

- 2.9 11.1

SV3 Fuel Input
[MW]

58.3 58.3 58.3

SV3 DH Output
[MW]

46.4 43.5 35.3

SV3 Power Output
[MW]

14.9 5.9 6.0

Total Fuel Input
[MW]

58.3 58.3 58.3

Total DH Output
[MW]

46.4 53.0 49.3

Total Power Output
[MW]

14.9 5.9 6.0

Cooling of Excess DH Heat
[MW]

28.9 35.5 31.8

Power-to-Heat Ratio
(α)

0.32 0.11 0.12

ηel

[%]
25.6 10.1 10.2

ηtot

[%]
105.1 101.0 94.7

Power + DH Sales
[SEK/hr]

13 324 7 894 7 960

Power + DH Sales per
Fuel Input [SEK/MWfuel ·hr] 228 135 136
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5. Heat Integration

Similar tendencies as for full load can be seen in the half load results presented in Table
5.4. The power and DH loss due to steam extraction are higher for MDEA/DEA than
for HPC, hence the DH output for SV3 is also lower. However, the DH demand is only
17.5 MW during summer, hence there is no need for operating SV2. Instead, cooling of
the excess heat is needed to meet the DH demand.

The total power output from MDEA/DEA is slighty higher than for HPC, which results
in MDEA/DEA having higher α and higher ηel. In addition, it is assumed that the DH
demand of 17.5 MW is the only amount of DH that can be sold. Hence, MDEA/DEA
will have slightly higher sales due to it’s higher power output. The difference in sales
between MDEA/DEA and HPC is however only 1 SEK/MWfuel · hr. Note that the
cooling cost has not been included in the sales calculations.

5.3 Heat Integration Summary

Comparing all the results from the heat integration, it is evident that implementing CCS
would give rise to sales losses due to a decrease in power output, which is expected.
Thus, it is more important to evaluate which of the technologies that would be more
suitable to implement. HPC is the more favourable technology for full load due to its
lower reboiler duty and the resulted higher power output. Whereas MDEA/DEA is
the more favourable choice for half load due to its slightly higher power output and
lower cooling demand. Overall, HPC seems to be the more promising technology given
the assumptions used in this thesis. HPC has not only a higher overall sales income
but also a significantly lower reboiler duty and a higher total efficiency compared to
MDEA/DEA. Note once again that the sales calculations are very simplified and only
account for the power and DH sales without including anything else. A more detailed
cost estimation would provide a more thorough comparison and more representative
results.
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6
Conclusions

In this thesis the implementation of two different post-combustion carbon capture tech-
nologies at VEAB’s CHP plant has been investigated and compared. By conducting
simulations in Aspen Plus a heat integration could be performed to evaluate the effect
of the carbon capture technologies on the CHP plant performance.

The parameter studies laid ground for the optimization of the models in order to min-
imize the energy demand as well as favouring the heat integration to the DH network.
From the parameter studies it could be observed that certain process conditions favoured
the minimization of the energy demand for the different technologies. It could also be
concluded that process modifications such as lean vapour compression and intercooled
absorption gave rise to a lower energy demand.

The results from the optimized Aspen Plus models of the technologies were then used
to perform the heat integration to VEAB’s DH network. The results from the heat in-
tegration facilitated the comparison between the different technologies and their effect
on the CHP plant performance. It could be concluded that at a half load scenario the
technologies performed similarly. However, at a full load scenario the HPC technology
seemed to be the more favourable option. Since the CHP plant operates at a high load
over the major part of the year, the HPC technology is the preferred option based on
the results in this thesis.

6.1 Future Work

It is important to note that the results in this thesis are based on software simulations,
which can only represent reality to a certain extent. To get a more accurate understand-
ing of how the carbon capture models perform in reality it would be recommended to
carry out real experiments, such as implementing a pilot plant. Another possible im-
provement of the results could be to perform extensive techno-economic analyses, rather
than coarse sales calculations. A sensitivity analysis would also provide valuable infor-
mation regarding the robustness of the two carbon capture technologies.
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A
Liquefaction Model in Aspen Plus

The figure on the next page illustrates the liquefaction model that was simulated in
Aspen Plus.

I



A. Liquefaction Model in Aspen Plus

Figure A.1: Liquefaction model used for the HPC and MDEA/DEA models to obtain
power and cooling need.
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B
Heat pump data & pictures from heat

integration

Figure B.1 illustrates the Aspen model used to simulate Heat Pump 1 and Figure
B.2 illustrates Heat Pump 2. The orange boxes and red streams corresponds to the
heat taken from the CCS-model (MDEA/DEA optimized model). The blue streams
corresponds to the district heating water that is heated through the heat pump. Table
B.1 contains the result from the heat pump simulations for MDEA/DEA optimized full
load and half load cases.

Figure B.1: Aspen Plus Heat Pump 1 model.
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B. Heat pump data & pictures from heat integration

Figure B.2: Aspen Plus Heat Pump 2 model.

Table B.1: Result from MDEA/DEA heat integration of Heat Pumps.

Unit name
Duties

Full Load [MW]
Duties

Half Load [MW]

From CCS-model
CONDENSR 3.83 1.89
COOLER 12.15 4.87
IC-COOL 5.42 1.99

Heat Pump 1

HP-COND-1 1.39 0.71
HP-CON-2 15.63 6.14
HP-EVAP 12.15 4.87
COMP 4.88 1.98

Heat Pump 2

HP2-COND 7.38 2.72
IC-EVAP 5.42 1.99
COMP2 1.96 0.73

Total heat recovered 24.40 9.57
Total power need 6.84 2.71
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C
CHP data for SV2 and SV3

The linear correlations in the following figures where used to calculate the heat and
power output for SV3 and SV2. According to VEAB, the fuel efficiency in the boiler is
90%, hence the total fuel input was calculated by dividing ”̊angeffekt” with 0.9.

Figure C.1: Data for SV3 - District heating output (MW) vs load

Figure C.2: Data for SV3 - Power output (MW) vs load
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C. CHP data for SV2 and SV3

Figure C.3: Data for SV2 - District heating output (MW) vs load

Figure C.4: Data for SV2 - Power output (MW) vs load
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D
Specific Heat Duties from Literature

In Table D.1 different values for specific heat duties for different CCS technologies are
presented.

Table D.1: Specific heat duty for solvent regeneration for MEA, MDEA, DEA and HPC
capture technologies based on literature.*Uses pressurized absorption

Solvent Specific heat duty (MJ/kg CO2) Capture rate (%) Reference
30 wt% MEA 3.9 90 [39]
30 wt% MEA 3.4 90 [40]

50 wt% MDEA* 3.2 95 [41]
50 wt% MDEA* 3.0 87 [42]

DEA ca 3 - [43]
40 wt% HPC* 2.8 78 [44]
40 wt% HPC* 3.2 85 [44]
40 wt% HPC* 3.4 90 [45]
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