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Abstract

Borealis is a world leading producer of polyolefins [1]. In Stenungsund, Borealis is
divided into two separate sites where the cracker produces ethylene gas, and the
polyethylene plant produces polyethylene mainly for power cables. This work fo-
cuses on the cracker plant, and investigates the possibilities of reducing fresh water
intake by utilizing waste heat to produce steam needed for cracking. The objectives
of this thesis are to investigate how much medium pressure steam used for cracking,
so called dilution steam (DS), can be recovered, how much fresh water can be saved,
how this integration would affect the overall steam system, how much fuel gas this
integration could save, and if the COy-emissions could be reduced. Furthermore, it
also served to investigate whether the water being recycled needs to be purified and
how much the investment as a whole would cost the company.

The method used for answering these questions was a mixture of a literature study
and simulations in Aspen Hysys ®, Aspen Plus ® and Aspen EDR ®, as well as
calculations in Microsoft Excel. The literature studies was the first step in the
workflow, where information about industrial solutions that utilizes waste heat and
lifts it to higher temperatures were searched for. One of the greatest challenges with
this work was to find a configuration that could lift waste heat from 112 °C to a
temperature high enough to produce Dilution Steam (DS) of 240 °C. Several solu-
tions such as Closed Cycle Compressor (CCC), Mechanical Vapor Re-compression
(MVR) and Absorption Heat Pumps (AHP) were found in literature, and were sim-
ulated in Aspen Hysys ® and Aspen Plus in various configurations. Unfortunately,
all where too energy demanding to be economically viable. However, eventually the
Absorption Heat Transformer (AHT) was found and simulated. This solution, when
run at the right temperatures and pressures, could heat the recycled water, which
was the water exiting the cracker site’s sour water stripper system unit, to 182 °C
while also evaporating it entirely. For the final configuration, another waste heat
source from the quench heat exchangers was also utilized. In order to heat the 182
°C stripper water to 240 °C, high pressure (HP) steam was used after the AHT.
A DS flow of 16.4 ton/h was obtained. It was also specified that DS should hold
a pressure of 9.8 bar, which was solved by pressurizing the stripper water with a
pump before entering the AHT.



1. Abstract

The AHT design resulted in a Coefficient of Performance (COP) of 0.29, an invest-
ment cost of between 175 and 317 MSEK, and a pay back period (PBP) of between
three and six years based on current prices. The PBP however varied between 1.7
and 27.8 years depending how prices of electricity, fuel gas, COs-emission rights and
fresh water could vary in the future. In other words, one of the conclusions that
could be drawn was that the AHT investment was quite sensitive to price changes.
The cost was computed through two different paths: via Nusselt’s correlations and
cost equations computed in Excel, and via Aspen EDR.

It was further concluded that an implementation of the AHT would decrease the
fuel gas use, COs-emissions, fresh water intake, while simultaneously utilize waste
heat and generate DS from recirculated water.
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Nomenclature

2.0.1 Abbreviations

AHP Absorption Heat Pump

AHT Absorption Heat Transformer
ANP Anual Net Profit

BET Biological Cleaning Facility
CcCC Closed Cycle Compression

CF Cash Flow

COP Coeflicient of Performance

DS Dilution Steam

EDR Exchanger Design and Rating
EGT Electricity Generating Turbine
ETS Emission Trading System

EU Furopean Union

GHG  Green House Gases

HDPE High Density Polyethylene

HP High Pressure

ISBL Inside Battery Limits

LDPE Low Density Ethylene

LiBr Lithium Bromide

LP Low Pressure

MVR  Mechanical Vapor Re-compression
NPV Net Present Value

PBP Pay Back Period

TEMA Tubular Exchanger Manufacturers Association
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2.0.2 Symbols

A

ar,
Bo
Ce
Cp

Cm

CF,

Area

Thermal diffusivity
Boiling number
Equipment cost

Heat capacity

Cost per mass

Cash flow

Coefficient of performance
Diameter

Tube bundle diameter
Euro

Friction Factor
F-factor

Froude number

Mass flow rate per cross sectional area

Gravitational force
Heat transfer coefficient
Enthalpy

Effective heating value
Heat of vaporization
Interest rate

Friction factor
jh-factor

Conductivity

Length

Molar mass

Mass flow

Year

Number of tubes
Nusselts number
Effect

Tube pitch
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Prandtls number
Energy

Revenue

Gas constant
Reynolds number
Area

Stantons number
Temperature
Operating hour
Overall transferrer coefficient
Effect

Total condensate flow
Heat flux

Vapor fraction
Pressure drop

Temperature difference

Logarithmic mean temperature difference

Vertical tube loading
Sum

Head loss

Degree Celsius
Correction factor
Viscosity

Velocity

Pi=3.14

Two phase multiplier
Density

Surface tension

=

]

EK
kg

(i)

@

3
=

X1
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2.0.3 Indices

B Baffle

c Condensation

D Diameter

e Hydraulic*

el Electricity

HP High pressure steam
1 Inner

1d Inner diameter
L Liquid

LM Logaritmic mean
m Mean

n Year

0 Outer

od Outer diameter
P Pressure

sat.lig  Saturated liquid

sat.vap Saturated vapor

sh Super heated
T Temperature
t Tube

th Thermal

tp Two phase

v Vapor

w wall

* The ratio of the wet cross-sectional area to the wet perimeter of a water-carrying pipe.
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Introduction

Water scarcity is becoming an increasing problem around the world. Water extraction in Europe
has decreased with 19% since 2000, yet the area and people affected by water scarcity have in-
creased [2]. Water scarcity is also believed to increase as a consequence of climate change. Sweden
has historically been one of the countries least affected by water scarcity in the European Union,
but it is still important to be mindful of resource use. The industries in Sweden use 70% of the
water extracted compared to the rest of EU where this figure is 40%.[3]. Industries play an impor-
tant part to enable a secure water access in the future when droughts will become more frequent.
The paper and pulp industries are the largest consumers of water in Sweden, followed by chemical
and pharmaceutical industries.

Borealis in Stenungsund produces high density polyethylene (HDPE) and low density polyethylene
(LDPE) from naphtha, propane, ethane and liquefied petroleum gas (LPG). The feedstock is
cracked in furnaces which generates ethylene. The ethylene is then polymerized to HDPE and
LDPE at the neighboring polyethylene plant. The cracking process consumes a large amount
of water since steam is needed in the furnaces to generate the right operating conditions. This
steam is commonly called dilution steam (DS). The DS demand is about 90 tonnes per hour.
Heavy hydrocarbons are first separated after the furnaces in the primary fractionation distillation
tower, see figure 3.1 below. Quench oil is circulated in the primary fractionating tower to secure a
constant liquid flow and ensure a correct operating temperature. This quench oil is cooled down
by preheating water which will be turned into steam in the furnaces. The top fraction from the
primary fractionation is cooled down in several heat exchangers, called the over head. The chilled
process stream is let into the separation tank where three phases are formed: water (blue in figure),
liquid hydrocarbons (brown in figure) and hydrocarbons in gas phase (gray in figure). The water
phase is parted from the separation tank. This water contains water-soluble hydrocarbons such as
phenols which are separated in another distillation tower called the sour water stripper tower. The
stripped water is further cleaned in a biological cleaning facility, the BET and then discharged to
the ocean.
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Figure 3.1: Simplified overview of the process at the Borealis Cracker.

HP steam is produced when cooling the process stream and flue gases from the furnaces. The
fresh water for steam production is taken from lake Hallungen, and is thereafter purified since high
pressure and temperature generate corrosive conditions. Additional steam is also produced from
three boilers. Both the furnaces and boilers are powered with fuel gas which is a side product from
the cracking process. The fuel gas contains methane and hydrogen that is combusted to generate
energy according to reactions shown in equations 3.1 and 3.2 [4].

CHy + 209 — CO4 4+ 2H50 (31)

2H5 + 02 — 2H20 (32)

Since the stripper water is not reused, it generates a high consumption of fresh water at the plant.
If this waste water stream can be recirculated and used for DS, the water demand of the factory
could be reduced. This would be a positive adaption for the Borealis cracker, as the current water
purification facility is near its limit of being overloaded and the plant is also at its limit of allowed
water extraction from the freshwater lake. Generation of DS by waste heat would also decrease
the amount of HP steam needed and thereby potentially reduce the amount of fuel gas combusted.

There are three pressure levels in the steam system at the Borealis cracker: high pressure (HP) of
86 bar, medium pressure (MP) of 9.8 bar, and low pressure (LP) of 1.9 bar. The furnaces produce
HP steam as a consequence of the cracking process due to the excess heat, and additional boilers
produce HP to balance the system. A lot of the HP steam is used for generating electricity in
an electricity generating turbine (EGT), while some is used in reactors at the polyethylene plant.
At the end, it is recycled back to feed water, despite some steam that is used for steam tracing,
dilution steam for the furnaces, and steam for the flare.
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3.1 Objectives and Purpose

The main objective of this thesis is to investigate whether it is possible to recirculate waste water
to produce dilution steam to the steam cracking furnaces. This question is of great interest in
order to reduce the factory fresh water use. First it is necessary to establish the purity needed as
it will effect the design and integration of such a system. Moreover it will also be investigated how
such an integration will affect the steam system at the plant.

The objective is formatted into the following six questions:

How much dilution steam can be recovered and how much fresh water does this save?
How is the steam system affected by recovering dilution steam?

How much fuel gas can be saved?

Does the waste water need to be purified to enable its reuse for dilution steam?

How much could a dilution steam recovery integration potentially decrease COq5 emissions?

Is it possible to design an integration that is economically favorable for the process?

The main question to be answered is how much dilution steam can be recovered by heating water
with excess heat instead of fuel gas. This may generate excess fuel gas. If so, it will be of interest
to examine how much excess is generated and what applications or usage it might have.



3. Introduction

3.2 Limitations

In this section, limitations regarding the project are described. More specific and detailed limita-
tions regarding calculations and simulations are described in the Method in the workflow.

One limitation made in this work was disregarding how the performance of the separation tank
was affected by the utilization of the overhead in the AHT. It was also disregarded how the DS
entered the furnaces and what happened inside the furnaces. Moreover, it was not looked into how
the fuel gas excess would affect the equipment and system. Also, the operational consequences of
taking a boiler out of operation were overlooked.

Regarding the water purity needed for DS generation, no specific solution was calculated or simu-
lated for the purification.



Theory

4.0.1 Heat Pumps

Heat pumps can be used to upgrade waste heat or low grade heat to enable applications at higher
temperatures [5]. To do so, additional work input is often required, either by a pump or compressor.
Common heat pumps are Mechanical Vapor Re-compressors (MVR), Closed Cycle Compressors
(CCC) and Absorption Heat Pumps (AHP).

High-temperature industrial heat pumps have not been well established on the market until re-
cently [6]. Commonly they are used for producing lower grade heat, for example district heating,
of at most around 80°C [7]. However, it is predicted that the use of industrial heat pumps will
increase by 15% per year until 2030 [6]. They are also predicted to make up a larger part of the
energy generation in industries, with an increase by 22% until 2030.

For a heat pump the Coefficient of Performance, COP is defined as in equations 4.1.

Heating Power T

cop = (4.1)

Compressor Power Consumption - T — 1T,

The Carnot Efficiency can then be computed, which is a ratio of how close the heat pump is to
the theoretically maximum of a refrigeration heat pump. The Carnot Efficiency can be viewed in
equation 4.2.

COP T\ -T

carnot = 4.2
1 ' COPcarnot Tl ( )
The thermal efficiency for a heat engine is as follows in equation 4.3.
Power Consumptiont W
Nen = PROM 2 <, (4.3)

Heating Power 1

4.0.1.1 CCC

A CCC heat pump is a closed cycle where a refrigerant is circulated. The cycle consists of an evap-
orator, a compressor, a condenser and a throttle valve [8]. The cycle is configured in a way where
the refrigerant is evaporated, then compressed, whereupon it is condensed and then throttled back
to the evaporator pressure again to start over. This means that work is put into the compressor
and heat is released at a higher temperature in the condenser due to the increase in temperature
and pressure. This concept allows for low value streams of lower temperatures, to generate heat
when electricity is added, which entails a temperature lift.

The purpose of the compressor is to generate a higher pressure of the evaporated fluid, which will
result in an increase in temperature, according to equation 4.4 [9].

2 (2 (1.4)

i Py
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Further, the condenser is a heat exchanger that uses a cold stream to cool the hot gas generated in
the compressor to the saturation point, and then condenses it [8]. It is the temperature difference
between the process stream entering the evaporator, and the process stream exiting the condenser
that gives the temperature lift of the heat pump. The condenser pressure is higher than the evap-
orator pressure, hence the refrigerant needs to go through an expansion valve in order to decrease
in temperature before entering the evaporator again.

The choice of refrigerant is of great importance, as it affects the efficiency of the heat pump. There
are several factors to consider when selecting refrigerant, such as toxicity, global warming potential,
vapor pressure, heat transfer ability and COP [8]. It is also important that the boiling point of
the refrigerant lays in between the interval in which the heat source is cooled in the evaporator.
Ideally, a refrigerant should be chosen so that it is superheated in the evaporator. In figure A.1 in
Appendix, section A, suitable working fluids for different temperature and pressure conditions can
be viewed.

4.0.1.2 MVR

An MVR is an open heat pump. This means that, in comparison to a closed cycle heat pump,
no refrigerant is used, and the fluid is evaporated and compressed directly to inflict a temperature
lift. The concept of an MVR pump is to utilize a low value stream, either in liquid or vapor state,
and produce a higher value vapor stream by adding electricity work directly to the stream consid-
ered. This mechanism begins with leading the process liquid into an evaporator to vaporize it, and
thereafter compress the vapor to a higher temperature and pressure. The next step is generally to
condense the compressed vapor, and this is where heat can be released.

There are several configuration alternatives for the MVR. For example, a two-stage compressor
can be used with intermediate cooling to reach even higher pressures. Also, the process liquid can
be pressurized before entering the evaporator to decrease the compressor work. The compressor
and evaporator work the same in the MVR as in the CCC, despite the fact that the process liquid
is handled instead of a refrigerant.

4.0.1.3 AHP and AHT

There are two types of absorption heat pumps, type-I and type-II [10]. Type I, normally called
Absorption Heat Pump (AHP) amplifies low grade heat with high temperature heat to generate
more amount of heat at medium temperature than what was inputted as low grade heat, see
schematic figure below. Type II, also called Absorption Heat Transformer (AHT), uses a medium
temperature heat source and upgrades it to a high temperature heat and a low grade heat.

—

Low Low
temperature temperature

Medium Medium

. temperature temperature

e

Figure 4.1: Schematic representation of an AHP (left) and an AHT (right).

An AHP consists of an evaporator, condenser, generator and absorber [10]. The evaporator and
absorber operate at low pressure while the condenser and generator operate at high pressure. Low-
grade heat is used to evaporate the working fluid. The working fluid consists of a working pair.
Lithium-bromide (LiBr) and water, or ammonia and water are commonly used. LiBr has a boiling
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point of 1265 °C while ammonia has a boiling point of -33 °C [11] [12]. However, they work opposite
to each other. In the LiBr-water working pair, it is the water that absorbs in the LiBr-solution,
and in the ammonia-water working pair it is the ammonia that is evaporated and then absorbed
in the water. When deciding which working pair should be chosen, it is hence the boiling point of
water that should be compared with the one of LiBr when finding a match for the process in mind.
The LiBr-water solution has been proven to perform better than the ammonia-water working fluid
pair in AHPs regarding efficiency [13]. However, using the LiBr-water working pair can entail
corrosion, limited solubility, an upper temperature limit, and the solution has a higher viscosity,
which can cause problems.

The low pressure enables the working medium to evaporate at lower temperature, by reducing
the boiling point. The vapor is then absorbed by the liquid in the absorber [10]. Since the vapor
transitions from a vapor stage to a liquid one during the absorption, heat is released. The weak
solution is pumped to the generator, where high-grade heat partly evaporates the working medium.
The working medium condenses in the condenser while heating the process fluid. The boiling point
temperature is increased in the condenser due to the high pressure. This enables the condensation
to occur at a higher temperature than the evaporation in the evaporator, thereby resulting in the
temperature lift. The liquid in the condenser is let down to the evaporator by a throttle valve to
reduce the pressure. Both the heat input in the evaporator and generator are used to generate the
amplified heat output in the condenser as well as the additional heat generated by the exothermic
reaction in the absorber. Because of this the COP is always larger than one. Due to the vapor
being absorbed back into a liquid solution in an AHP, a higher pressure can be achieved with a
pump instead of a compressor as in a CCC and MVR, which thereby drastically decreases the
electricity demand [14]. For an AHT the electricity demand is only about 1% of the energy output.

An AHT consists of the same equipment as an AHP: a generator, condenser, evaporator, and
absorber [10]. The difference between the two types is that in an AHT, medium grade heat is used
both in the generator and in the evaporator instead of high grade heat in the generator and low
grade heat in the evaporator as in an AHP. Instead of the heat output being in the condenser,
the condenser usually releases heat to the surroundings at ambient temperature and the heat out-
put is at the absorber. Since AHT uses one heat source and generates one upgraded heat source
and waste heat at ambient temperature, COP will always be less than one, commonly around
0.3. The working principles of the evaporator, absorber, generator, and condenser are the same in
both types, but in an AHT the generator and condenser operate at lower pressures than the evap-
orator and absorber. Due to this, the low grade heat is able to be rejected at ambient temperatures.

Two AHT cycles can be combined to create a double stage and generate a higher temperature lift
[10]. The heat output in the absorber is then used as the heat input in the next stage evaporator.
In this project, it is assumed that the conditions in the evaporator and generator are saturated.
Hence the operating pressure and temperature in an AHT can be determined from steam tables
and working fluid diagrams [15].

LiBr exhibits some flaws as a working medium, such as low working pressure, high corrosion rates at
high temperatures and risk of crystallization at high concentrations [16]. In the 70s, Carrol ™ was
developed by Carrier Corporation, a solution with 1 to 4.5 LiBr to ethylene glycol with respect to
weight. The addition of ethylene glycol to the working pair water-LiBr improves thermal physical
properties such as viscosity, thermal conductivity as well as maximum concentration before LiBr
starts to crystallize. Due to this, the performance of the AHP or AHT is improved. However there
is no data available on how the corrosion is affected by the addition of ethylene glycol. To reduce
corrosion, lithium molybdate (LizMoOy4) can be used. The concentration of lithium molybdate
should be kept above 100 ppm [17]. It has been shown to operate as an effective corrosion inhibitor
even at temperatures as high as 200°C. A passive film of Fes O3 is formed on steel, halide ions such
as Br~ however tend to destroy this film [16] [17]. LioMoO, forms a second passive oxidized film
of MoOs on metal surfaces to prevent corrosion.
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4.0.1.4 AHT Equipment

An AHT or AHP consist of several heat exchangers. The evaporator, absorber, solution heat ex-
changer, generator and condenser are all different types of shell and tube heat exchangers. Beside
the heat exchangers, a pump to increase the pressure after the condenser and a valve upstream of
the generator are needed.

The absorber is a shell and tube heat exchanger with vertically standing tubes within the shell [18].
The cold process liquid goes on the tube side. The evaporator and the generator are connected
so that the water vapor flows to the absorber. The concentrated LiBr is sprayed onto the tubes,
creating a thin falling film on the tubes. The vapor absorbs into the thin film and the generated
absorption heat heats and/or evaporates the cold process fluid.

The solution heat exchanger after the absorber transfers heat from the weak LiBr solution to the
concentrated LiBr solution from the generator. The generator is just like the absorber, a shell
and tube heat exchanger with vertical tubes. The weak LiBr solution is sprayed onto the tubes,
creating a falling film. Within the tubes is a hot process fluid that transfers heat to the LiBr
solution and evaporates the water that exits the top of the heat exchanger. The now concentrated
LiBr solution is pumped back to the solution heat exchanger.

The reactions considered in the absorber can be viewed in reactions 4.5 to 4.8.

LiOH +— Lit +OH~ (4.5)
HBr + HyO < Br~ + H30" (4.6)
2H,0 < H30" + OH~ (4.7)
LiBr — Lit + Br~ (4.8)

Reactions 4.5 and 4.6 are the dissolution of water-solved LiT and Br~. Reaction 4.7 is the auto-
protolysis of water that is occurring as a side reaction. Reaction 4.8 is the dissociation of LiBr.
The main reaction in the absorber can be viewed in 4.9.

kJ

Lit + Br~ + HyO — LiOH + HBr AH = —71.36—1 (4.9)
mo

4.0.1.5 AHT Simulation

The generator and absorber, which have a more complex configuration of shell and tube heat
exchangers than the other heat exchangers, are more difficult to correctly simulate in Aspen Plus
with respect to reality. An equilibrium reactor followed by a cooler could represent the absorber
in a quite fair way, as the absorption of water in the LiBr-solution can be viewed as a reaction.
This reaction, seen in reactions 4.5 to 4.9, is exothermic and hence releases heat. It is however
the condensation mechanism that is the most important factor of heat release. This is what the
equilibrium reactor is meant to represent: a temperature increase caused by absorbing the water in
the LiBr-solution. The following cooler, cooling the exiting weak LiBr-solution flow, represents the
heating of the process fluid on the tube side by heat transfer from the LiBr-solution. In real life,
these two steps occur simultaneously, but to simulate it as two steps was considered to be the best
alternative in Aspen Plus. Even though the reaction is not of equilibrium characteristics, using
the equilibrium reactor appeared to be the best approach considering the alternatives of reactor
models in Aspen Plus, seen in table 4.1.

8



4. Theory

Table 4.1: Different reactor types available in Aspen Plus.

Reactor Type Assumptions

Stoichiometric Reactor | Stoichiometric reactor based on known

fractional conversions or extents of reaction.

Yield Reactor Non stoichiometric reactor based

on known yield distribution.

Equilibrium Reactor Rigorous equilibrium reactor based

on stoichiometric approach.

Gibbs Reactor Rigorous reactor and multiphase equilibrium

based on Gibbs free energy minimization.

CSTR Rigorous stirred tank flow reactor with rate

controlled reactions based on known kinetics.

Plug Reactor Rigorous plug flow reactor with rate controlled

reactions based on known kinetics.

Batch Reactor Rigorous batch or semi batch reactor with rate

controlled reactions based on known kinetics.

Electrolyzer Shortcut and rigorous electrolyzer.

The batch-, plug- and CSTR reactor are all reactors based on known kinetics. These rectors cannot
be applied on this work as the kinetics are not of interest in this case, only the amount of heat
released. Since we do not have an electrolyzer, this model can be disregarded as well. The Gibbs
reactor minimizes the Gibbs free energy in the system and is commonly used for many and com-
plex reactions. The other reactors left are the yield reactor, stoichiometric reactor and equilibrium
reactor which all could be used for an approximation of the absorber.

4.0.2 Heat Exchangers

Heat exchangers transfer heat from one medium to another, and is a vital part of most chemical
processes [19]. Generally, the media are separated from each other by a wall to allow for heat
transfer but avoid mixing or contamination between the two streams. Common types of heat
exchangers are plate heat exchangers and shell and tube heat exchangers. Provided that there are
no losses, the heat transferred between the fluids can be seen in equation 4.10.

Q = CP . (T‘initial - Tfinal) (410)

The area required for heat exchange is dependent on the temperature difference between the
fluids and the heat transfer coefficient, U [19]. The temperature difference is calculated differently
depending on whether the flows are parallel or countercurrent. For parallel flow the temperature
difference, AT is simply the mean of the inlet and outlet temperature difference between the fluids.
This can be viewed in equation 4.11.

AT — (Thot,in - Tcald,in) + (Thot,out - Tcold,in)
2

For a counter current flow the temperature difference will vary throughout the heat exchanger and
is calculated by the logarithmic mean temperature difference, ATL s, which can be seen in relation

(4.11)
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4.12 [19].

(4.12)

Where AT; is the temperature difference between the inlet temperature of the hot stream and
the outlet temperature of the cold stream. AT is the temperature difference between the outlet
temperature of the hot stream and the inlet temperature of the cold stream.

The minimum temperature difference in industrial heat exchangers is commonly 10°C to ensure
efficient heat recovery and avoid temperature crosses [8].

Subsequently, the heat transferred between the fluids is visualized in 4.13 [19].
Q=AU AT (4.13)

4.0.2.1 Shell and Tube Heat Exchangers

Shell and tube heat exchangers are widely used within the petrochemical industry due to their
robust design and easy maintenance [19]. A shell and tube heat exchanger consist of bundles of
tubes in which one media flows. The other fluid surrounds the tubes and is contained within a shell.

The heat transfer area of a shell and tube heat exchangers is dependent of the number of tubes,
their length and circumference [19]. This can be seen in equation 4.14.

A=N,-d-7-1 (4.14)

Where N; is the number of tubes, 1 is the length and d is the diameter.

Inside a shell and tube heat exchanger are baffles that direct the flow on the shell side and support
the tubes [19]. The flow in shell and tube heat exchanger is thereby not truly counter current but a
mixture of countercurrent, cross-flow and co-current. To account for this deviation, an F-factor is
used. The F-factor is a function of the fluid temperatures, the number of tubes and the number of
tube and shell passes. The corrected temperature difference AT,, can thereby be seen in equation
4.15.

AT,, = F, - ATy (4.15)

4.0.2.2 Sizing of Shell and Tube Heat Exchangers

In order to calculate the cost of the equipment designed, the sizes of the equipment needs to
be known. The sizes of shell and tube heat exchangers can be computed in a multitude of ways
depending on factors such as the phase of the working fluids, if a phase change occurs, and whether
the fluid is fouling, corrosive, or neither. However, the area is always computed from equation 4.13.
The overall heat transfer coefficient U, is always computed as in equation 4.16.

1 1 1 doln(%) a4, 1 d, 1
- = 0 di/ Yo Lo = 4.1
Uy "ty T hoa T 2he T d he T d T (4.16)

where U, is the overall heat transfer coefficient based on the tube outside area in W/(m 2 °C), h,
is the outside fluid film heat transfer coefficient in W/(m 2 °C), h; is the inside fluid film coefficient
in W/(m 2 °C), hyg is the outside fouling factor in W/(m?°C), h;4 is the inside fouling factor in
W/(m2°C), k,, is the thermal conductivity of the tube wall in W/(m°C), and d, and d; are the
outside and inside tube diameters in m [8].

In shell and tube heat exchangers, heat transfer consists of conduction and convection. The third
heat transfer mechanism, radiative heat transfer, is neglected as this phenomena occurs when there
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is no transfer medium present [20]. Conduction is characterized of molecular interactions, where
molecules at higher energy levels imparts energy to adjacent molecules at lower energy levels [20].
Another conduction mechanism is conduction caused by free electrons on a solid material. Pure
metallic solid surfaces have the highest amount of free electrons, which makes them the best con-
ductors. In the case of shell and tube heat exchangers, conduction takes place as heat is transferred
through the tube wall and through the process fluids.

Convection occurs between a fluid and an adjacent surface, for example between the tube wall and
process fluid [20]. There are two types of convection: forced convection and free convection. Forced
convection occurs when an external agent forces the fluid to flow across a surface. The external
agent can for example be a pump or fan, and hence it is forced convection that takes place in a
shell and tube heat exchanger. Free convection occurs when temperature differences in the fluid
causes density differences across the solid surface.

Equation 4.16 takes both convection and conduction into account, where k,, is the conductivity of
the tube wall and h,, hog, h; and h;4 are the convective heat transfer coefficients in the fluid inside
and outside the tubes. Therefore both convection and conduction are considered.

The calculation of the convective heat transfer coefficient on the tube side, h;, is computed via
Nusselts number. For forced convection for internal turbulent flows, Nusselts number is computed
as in equation 4.17. The flow is assumed to be turbulent if it has a value of Reynolds number
above 2300 [20].

Nup = C - Re%® - Prpy (4.17)

The variable n is 0.4 if the fluid is being heated, and 0.3 if the fluid is being cooled. The variable
C is 0.021 for gases, 0.023 for non-viscous liquids, and 0.027 for viscous liquids [8]. The Reynolds
number is computed as in 4.18.

VoopL Voo L
Lo v
Voo is the tube side fluid bulk velocity, p is the tube side fluid density in kg/m?, L is the tube length,
p is the fluid dynamic viscosity in Pas and v is the fluid kinematic viscosity in m?/s. Equation
4.17 assumes that all fluid properties are evaluated at the arithmetic-mean bulk temperature, the
Re-value should be above 10 000, and the Prandtl number should be between 0.7 and 100. The
fraction of tube length and tube diameter, L /D, should be above 60. Moreover, there are some

velocity constraints when considering shell and tube heat exchanger. Different velocity constraints
can be viewed in table 4.2 [8].

Re = (4.18)

Table 4.2: Velocity constraints of fluids of different phase and pressure in shell and
tube heat exchangers [§]

Medium Velocity [7]
Liquid (tube side) 1to4
Liquid (shell side) 0.3 to 1

Vapor (vacuum) 50 to 70
Vapor (high pressure) 5 to 10
Vapor (atm. pressure) 10 to 30

The Prandtl number, Pr, is computed as in 4.19.

p- Cp

P p—
"%

(4.19)
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C, is the heat capacity of the fluid in J/kg-K and k is the conductivity of the fluid in W/(m?-K).
Nusselt’s correlation for finding the convective heat transfer coefficient can be seen in equation
4.20.

hi - di

N:
YR

(4.20)

where d; is the tube inside diameter in meter.

For the convective heat transfer coefficient on the shell side, h, can be computed from Nusselt’s
correlation as in equation 4.20, but with the hydraulic diameter d. and the thermal conductivity
k for the shell side fluid instead, as in 4.21.

ho ! de
k
The hydraulic diameter d. is the shell side equivalent diameter in meter. The calculations for d.

differ between different choices of tube arrangements. For a square pitch arrangement d. can be
computed via equation 4.22, and for triangular pitch it can be computed as in 4.23.

Nu =

(4.21)

2 2
4. (Zrdey 127

_ 2 _0.785 - d? 122

de ﬂ__do do (pt 0.785 do) ( )
4-(2.087 p—L.7m-%) 110

de = — 22— = = (p — 0.917 - ) (4.23)

p: is the tube pitch in m, and d, is the outside tube diameter. The tube pitch is computed as in
equation 4.24.

pe=125-d, (4.24)
To find the value of Nusselt’s number, equation 4.25 can be used on the shell side.
Nu = ju - Re - Pri/3 . (LL)014 (4.25)
fhaw

Re is computed via 4.18 where v, is the shell side fluid velocity, u is the shell side fluid dynamic
viscosity, p is the shell side fluid density. Pr is computed as in 4.19 with properties for the shell
side fluid. The fraction p/ p, is assumed to be equal to 1, as the viscosity at the wall and the
fluid viscosity is similar in non-viscous fluids, as the ones considered in this thesis. This viscosity
correlation factor is of greater importance in viscous liquids [8]. The jj-factor can be read off a
diagram depending on Re and L/D, or calculated via equation 4.26 for both tube- and shell side

[8].

jn = St pro-67 . (L y-014 (4.26)
Paw
St is the Stanton number, computed in equation 4.27.
St — 0.0225 - ¢—0-225:n(Pr)* | p,—0.205  p,.—0.505 (4.27)

The fouling coefficients for the tube side and shell side, h; and h,, are tabular values that differ
depending on the properties of the fluid [8]. Values of fouling coefficients for different fluids can
be found in table 4.3 below.

Table 4.3: Fouling factors for different process fluids [§]

Fluid Fouling Coefficient %
Sea Water 1000-3000
Aquos Salt Solutions 3000-5000
Town Water 1000-5000
Organic Liquids 5000
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These fouling factors are so-called dirt factors that affect heat transfer. Most process fluids have a
fouling effect to a lesser or greater extent. Hence, it is important to design the heat exchanger to
be oversized, to allow for some fouling. It is of course also necessary to have regular maintenance
and cleaning of the exchangers to keep the fouling effects lower. The tabulated values over fouling
coefficients are based on past experiences as they are difficult to predict.

For scenarios where the fluids change phase via vaporization, which occurs in the evaporator and
generator, the heat of vaporization needs to be taken into account. Then pool boiling can be
considered. Pool boiling takes place when a heated surface is submerged in a stagnant liquid and
no external forced flow is applied. This means that motion in the relatively stationary liquid is
driven by natural convection and bubble movement. The heat transfer coefficient h is computed
from a different correlation of Nusselt’s than regular heat transfer between two unchanged phases.
This correlation can be viewed in 4.28 [8].

(ki'U'Tf )1/3

Nu=h- % =~-0.81 (4.28)
L

o is the surface tension in N/m, hy, is the enthalpy of vaporization in J/kg, and q is the heat flux
in W/m?. v is computed in equation 4.29 below.

0.06 . ,0.05 . 7,0.04
d h,

PL  \1.73 PL
v =028 (—PL_ 7.
oL —py a0 0% 003 50.02

(4.29)

ar, is the thermal diffusivity in m?/s.

Another case is flow boiling, when a phase change occurs in a flowing fluid, for example on the
tube side in shell and tube heat exchangers. For convective vaporization in boiling flow, Shah
has developed a method to compute the heat transfer coefficient h that starts by computing the
dimensionless numbers Bo (the boiling number), Co (the convection number) and Fr (the Froude
number) seen in 4.30, 4.31, and 4.32 [8].

q
Bo = (4.30)
G-hyg
G is the total mass flow rate per unit cross sectional area.
1—
Co=[—"* (&% (4.31)
x PL
x is the vapor fraction.
G2
Fr=——— 4.32
pi-g-D (4.82)

D is the channel diameter.

Flow boiling is based on different regimes that evolves as the heat supply proceeds along the tube
[8]. These regimes evolve from a single phase liquid to a bubble flow where small bubbles are
formed, then a plug flow, slug flow, wavy flow, annular flow or drop flow and at last a vapor
flow where the vapor fraction is 1. The plug flow, slug flow and wavy flow are names for how
the gas bubbles become larger and larger as the flow is heated and evaporated. In the eventual
gas phase, there are small liquid droplets carried along, and a liquid film will at first cover the
channel walls. Eventually this liquid film will become gas, and then the heat transfer will decrease
dramatically and the wall will become overheated. This phenomenon is called dry boiling, and is
usually avoided when efficient heat transfer is required. However it is inevitable in evaporators if
the fluid is being evaporated entirely. One more important thing to consider when calculating flow
boiling in horizontal flows, is the negative pressure gradient formed in the direction of the flow as
the fluid changes phase from liquid to gas. For vertical flows it is instead the density that affects
the pressure gradient the most.
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Due to the phase change occurring in flow boiling, a coefficient needs to be multiplied with the
heat transfer coefficient. This multiplier, 1, is the two phase multiplier for convective two phase
heat transfer. 1 is depending on the boiling number, convection number and Froude number, as
the flow boiling equations are a combination of nucleate boiling and convective vaporization. ¥ is
multiplied with the heat transfer coefficient for a single liquid phase hy, in order to obtain the heat
transfer coefficient for a two-phase flow hy,. This relation can be viewed in 4.33 [8].

=77 =1543 B’ eTon s (4.33)
L

Equation 4.33 assumes that Co< 0.1 and Fr> 0.04 for both vertical and horizontal tubes.

The single phase liquid heat transfer coefficient is computed via the Dittus-Boelter equation as in
4.34 [8].

G‘(l_x)'D]ois.PT%A_kfiL

hr = 0.023 -
r | 159 D

(4.34)
The index L stands for liquid, and the Prandtl number is computed as in 4.19. The two phase
multiplier can then be read from a diagram depending on the boiling number and the convection
number [8].

Computing the heat transfer coefficient for condensation means another relation than for evapora-
tion is needed. This relation can be viewed in equation 4.35 [8].

ho.gzﬁ-k.(”'(pz *FPV)'Q)I/3 (4.35)

This equation holds for condensation inside and outside vertical tubes, and I' is the vertical tube
loading in condensate rate per unit tube meter kg/(m-s) computed as in equation 4.36 [8].

W,

r=——¢°_
Nt'ﬂ"d

(4.36)

d is either the inner or outer tube diameter, W, is the total condensate flow, and Ny is the number
of tubes in the bundle [8].

4.0.2.3 Shell and Tube Heat Exchanger Configuration and Design Choice

When designing shell and tube heat exchangers, there are several parameters that affect the design
choice. To begin with, the tube dimensions should be chosen. Smaller tube diameters are preferred
for most cases since it entails a more compact design and hence becomes cheaper [8]. However, if
the process liquid allocated to the tube side is heavily fouling, larger tube diameters are favorable
as they are easier to clean mechanically. If a much higher pressure is used within the tubes than on
the shell side, it is favorable to have thicker tubes, also called gauge. Normal tube outside diameter
is 16 to 50 mm, and normal gauge are 1.2 to 3.2 mm. Tube lengths normally vary from 2 meters to
around 20 meters [21]. Typically, longer tubes entail smaller tube diameters, and this will reduce
the heat exchanger cost [8]. The most optimal tube lengths usually lay in between 5 and 10 meters.

One way of increasing the tube length is to have tube passes. The number of tube passes also affect
the tube side velocity and pressure drop. The normal number of tube passes vary between 1 and 16,
and there are usually an even number of tube passes. Moreover, tube passes can potentially entail
an internal temperature cross in the heat exchanger that can not be noticed from ATy, in equation
4.12. Regarding the shell, the diameter usually varies in between 152 and 1524 mm according to
the TEMA (Tubular Exchanger Manufacturing Association) standards [8]. The minimum shell
thickness for carbon steel lays in between 7.1 and 9.5 mm. It is favorable to have a shell diameter
that fits closely to the tube bundle to minimize bypassing along the shell. Depending on tube
bundle type, such as U-tube, packed head or floating head, there are different recommendations
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for shell-bundle clearance. The size of the tube bundle depends on the number of tubes and the
number of tube passes, as well as the tube diameters. The number of tubes can be computed as

in equation 4.37.
D
Ny = Ky - ()™ (4.37)
where N; is the number of tubes, K; and n; are constants depending on the tube arrangement
and number of tube passes that can be found in tables, and D, is the tube bundle diameter. Dy, is

further computed as in equation 4.38.

Nti

Dy =do - (7)™ (4.38)

Moreover, the tubes can be configured in different ways, and there are three configurations that
are the most common ones: triangular pitch, square pitch and rotated square pitch [8]. Triangular
pitch and rotated square pitch generally give higher rates of heat transfer, but the square pitch
gives a lower pressure drop. Usage of heavily fouling process fluids on the shell side benefit from
using a square or rotated square pitch as it simplifies cleaning. The tube pitch is commonly 1.25- d,.

The shell can also be designed in a multitude of ways in relation to the tube bundle [8]. The
most common and also cheapest configuration is to have a fixed tube sheet where the tube bundle
is non-removable. However, in order to simplify cleaning, which is necessary for heat exchang-
ers operating with fouling liquids, a floating head, with removable tube bundle could be a good
choice. A floating head shell with removable tube bundle also allows for differential expansion of
the shell and tubes if they for example are made out of different materials and expand at different
temperatures. Hence, the floating head heat exchanger is optimal if operated at large temperature
differences. However, this configuration requires a larger space between the tube bundle and shell.
This space, called the shell-bundle clearance, can be optimized from diagrams for different shell
types, and it typically ranges between 10 and 100 mm. Another common shell type are U-tubes
or U-bundle, which are cheaper than the floating head shells, but are much more difficult to clean.

The materials considered for the AHT are carbon steel in the equipment where LiBr is not used,
and stainless steel 316 where LiBr is present. This is because LiBr in an aqueous solution is cor-
rosive as said in section 4.0.1.3, especially when it undergoes reactions 4.5 to 4.8 where solid salt
can be formed.

4.0.3 Cost Calculations

In order to evaluate whether a project is worth implementing or not, the cost needs to be com-
puted. The total cost of a project does not only include the cost of the equipment in terms of
material and fabrication, but also includes engineering hours, piping costs, potential buildings and
reconstructions of the ground. Also, as total investment cost calculations have a lot of uncertain
parameters, a contingency factor is commonly added to account for unexpected costs thar arise as
the project progresses. In order to evaluate the project, the revenues also need to be considered.
The evaluation is later based on how long it will take to pay the investment back, and how much
money can be saved by implementing the project. Companies usually have an internal threshold
for the backpack period to invest in them. This threshold varies, but about 3.5 years is common
in the petrochemical industry [22].

4.0.3.1 Investment Cost and Evaluation Methods

The material cost for most industrial equipment can be computed via equation 4.39 [23]. The
variables a, b and n varies depending on material and type of equipment. The variable S is
the parameter determining the size of the equipment, which in turn affects the cost. For a heat
exchanger for instance, S is the area in m?, and for a pump, S is the capacity in L/s.
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Co=a+b-S" (4.39)

Where the parameters a, b and n are constants used to compute the costs [8]. In the table, all costs
are for equipment made in carbon steel, and additional factors can be multiplied by the cost in
order to calculate for other materials. For instance, for stainless steel 316 this factor is 1.3 [23]. An
additional installation factor, a so called Lang factor, can also be multiplied to the equipment cost
in order to compute the investment cost. The Lang factor covers the cost of the plant it self, the
ISBL, which includes producing and installing, the process equipment, delivering cost as well as
engineering costs. The Lang factor has different values depending on which process is considered.
In table 4.4 Lang factors for different processes can be viewed.

Table 4.4: Lang factors for different processes [§]

Process Lang factor
Solids processing plants 3.1
Fluids processing plants 4.74
Mixed solids and fluids processing plants 3.63

Other additional costs that need to be taken into consideration are piping costs. These are com-
puted with respect to the pipe length and diameter, as well as material. To calculate the cost of
pipes, equation 4.40 can be used in case the pipes are made out of carbon steel [24].

Chipe = (do — du) - duy - 0.02466 - ¢, - L (4.40)

Cpipe is the pipe cost in SEK, d, is the tube outside diameter in m, d,, is the wall thickness of the
tube wall in m, ¢,, is the cost per mass of carbon steel in SEK/kg, and L is the tube length in m
[24]. Wall thicknesses for different tube diameters, and the corresponding price per mass of carbon
steel pipes can be found in tables [25].

To evaluate whether the investment is financially beneficial, the Pay Back Period (PBP) can be
computed as in 4.41 [23].

Total Invenstment
PBP = 4.41
Average Annual Cash Flow ( )

Another way of evaluating the investment is via the Net Present Value (NPV) showen in equation
4.42. The NPV is the sum of the present values of the future cash flow, meaning it represents the
difference between the present value of cash inflows and the present value of cash outflows over
a period of time. If the NPV has a value greater than 0, it indicates that the investment will be
profitable since it generates more money than it costs. A NPV equal to 0 indicates the investment
is expected to break even, and an NPV less than 0 means that the investment will cost more than it
generates. The NPV value was computed for year one to 20, as this commonly is the depreciation
period, when the economic value of an equipment at last becomes insignificant.

n=t
CF,
NPV = nz::l T (4.42)

CF,, is the cash flow in year n, i is the interest rate and t is the project life in years. The interest
rate is considered to be 10% in this work.

Finally, the annual net profit (ANP) can also be used to evaluate the investment. The ANP relation
computes the remaining value after the total expenses of an investment with revenue [23]. As for
the NPV, the value 20 years after the investment is regarded.

ANP=CF —r-i (4.43)
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4.0.3.2 Revenue Calculations

The sources of income in this work are the decrease in carbon dioxide emissions, the water intake
savings, and reduction in fuel gas use. The carbon dioxide emissions can be calculated with the
fuel gas flows by knowing the molar ratio between CH, and CO5 as in 4.44.

Mco,
Mecn,

Mo, = e H, (4.44)
7 is the mass flow in kg/s, and M is the molar mass in kg/kmol. The reduction in carbon dioxide
emissions can hence be computed via the same equation, knowing how large the reduction in mass
flow of fuel gas is. One way of calculating this is by knowing how much the fresh water intake can
be reduced, and using relation 4.45.

(Hvap + (hp7T7sh - hp7sat. vap) + (hp, sat. liq — hp, sat. liq)) . mwater save
Mooiter - HVeyys

(4.45)

Mfg, save =

Mg, save 1S the mass flow of fuel gas reduction in kg/s, Hyqp is the heat of vaporization, h is the
enthalpy of water at different conditions in kJ/Kkg, myater, save is the mass flow of saved water
intake in kg/s, Mposter is the boiler efficiency assumed to be 85%, and HV ¢y is the effective heating
value of fuel gas in kJ/kg.

The fuel gas losses from using quench oil for the AHT instead of preheating water into the cracking
furnaces is computed below in equation 4.46.

Pquench
1) (4.46)
H‘/eff * Nfurnaces

mfg, totsaved — (mfg, save

Mg, totsaved 1S the total fuel gas reduction in kg/h, miyr, sqve is the fuel gas saved from removing
one boiler in kg/h, Pyyench is the effect of the quench heat loss in kW, HV.ss is the effective
heating value of the fuel gas in kJ/Kg, 7furnaces is the furnaces efficiency assumed to be 85%, t is
the yearly operating time in h.

The money saved for the fuel gas reduction can be based on the price of natural gas, that is added
as makeup to the fuel gas in order to supplement it out. The reduction in cost of fuel gas when
implementing the AHT can hence be based on the reduction in makeup used. The reduction in
CO; emissions can be computed as in 4.47. Mco, is the molar mass of carbon dioxide, and M¢ g,
is the molar mass of methane in kg/kmol.

Mco,
Mcu,

(4.47)

Mco,, save = Mfg, save *

The combustion of CH4 which generates COs can be seen in reaction 3.1. The final revenue can
be computed as in 4.48.

RCOg = mCOQ, save * CCOz + Mgy, save - Cfg (448)

Rco, is the revenue from decreasing the consumption of fuel gas and the reductions of carbon diox-
ide emissions in SEK, and Cco, is the cost of emitting one tonne of carbon dioxide in SEK/ (kg
CO2) and Cy, is the cost for fuel gas in SEK.

Moreover, looking at the reduced water intake, the savings can be computed as in 4.49.

Rwater = mwater, reduced * t- Pwater (449)

Ruater is the fresh water reduction revenue in SEK, myater, reduced is the mass flow of reduced
fresh water intake in ton/h, t is the operating hours per year, and Pyqter is the price of freshwa-
ter in SEK/ton. The reduction in mass flow of fresh water is the same as amount of regenerated DS.
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The cost of HP steam can be related as in 4.50.
Cup=1mpyp-t-Pyp (4.50)

Py p is the price of HP in SEK/ton, t is the operating time in hours per year considered to be
8300 h/year, and mhyp is the mass flow of HP used.

HP steam is currently used in a turbine to produce electricity by expanding HP steam to MP steam.
There will therefore also be a loss in electricity production as HP steam is used for producing DS
instead of being expanded. Less HP steam will hence be produced since DS steam is produced of
the stripper flow instead. This loss in electricity generation can be computed as in 4.51.

Qturbine = (hzn - hout) : (mHP + mwater) (451)

h;,, is the enthalpy for superheated HP steam at 86 bar and 480°C, and h,,; is the enthalpy of MP
steam at 280°C and 9.8 bar, both measured in kJ/kg.

The electricity consumption can be computed as in 4.52.

Cel = (Z qump) - Pel (452)

Ce; is the cost of electricity in SEK, Y Qpumyp is the sum of all pump work in kW, t is operation
time i hours, and P, is the electricity price in SEK/kWh.

4.0.4 Pressure Drop Calculations

In all equipment included in an AHT, there will be pressure drops as it consists of shell and tube
heat exchangers [20]. Of course there are also pressure drops in the pipes that need to be consid-
ered. The two main factors causing a pressure drop is friction on the fluid from the channel walls,
and losses caused by contractions and expansions in the channel [8]. In the AHT, it is important
to keep the original pressures for the process, as the water stream and LiBr-solution stream evapo-
rates and condenses at specific temperatures at certain pressures. There is a pump and a pressure
valve in the AHT LiBr-cycle that can be used to adjust the pressures. The pump downstream the
preheater can be used to obtain the right pressure in the absorber, taking pressure drops in the
preheater and evaporator into account.

The pressure drop in the heat exchanger on the shell side was computed via equation 4.53 [8].

) denen L p-v? 1 _g1a
AP pry 8 . she  —_— e — . . —_— '
]f) hell do DB 2 (/f"w)

(4.53)

The value -0.14 is set assuming that Reynolds number is above 2100 [8]. If the Reynolds number
would be less than 2100, a value of -0.25 should be used instead. AP is the pressure drop in
Pa, jf sheu is the friction factor on the shell side depending on baffle arrangement and Reynolds
number, dgpey; is the shell diameter in m, d, is the tube outside diameter in m, L is the shell length
in m, Dp is the baffle spacing computed in equation 4.54, p is the shell side fluid density in kg/m3,
v is the shell side fluid velocity in m/s, and /., is the dynamic viscosity in the fluid divided by
dynamic fluid viscosity at the tube wall [8]. This fraction is approximated to be one in this work.

Dp =0.5 dspen (4.54)
On the tube side, the pressure drop is computed via formula 4.55 [8].
1 2

L p-v
AP =n; - (8 jriupe - — - ()71 +2.5).
g - (8 i, tub @ (uw> +2.5) =

(4.55)
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d; is the tube inside diameter and Ny is the number of tubes. The number 2.5 comes from Frank’s
method of estimating pressure losses [8].

In order to calculate pressure drops in the pipes, equation 4.56 was used, that is Bernoulli’s equation
with head losses [20].

2,2
AP:p-(g~Ah-02 4

+Xhy - g) (4.56)

The sum of all head losses and flow losses is the head loss X h. Head losses consist of pipe bends,
tapers and such, while flow losses consists of streaming losses due to friction on the tube walls.
Only 90°pipe bends are used in this work. Head losses due to flow losses is calculated as in 4.57,
while head losses are computed as in 4.58 [20].

L 2
hp=2-ff- = -— 4.57
L (R (4.57)
02
h :K~’n]‘n — 4.58
L bend 2.9 ( )

fy is the fanning factor that can be read from a diagram with respect to the Reynolds number and
the fraction e/d where ¢ is the pipe roughness, in other words how much the unevenness of the
pipe surface measured in meters, an d is the pipe diamter. K is a value that can be taken from a
table, depending on how the pipe is bent, npe,q is the number of pipe bends [20].

Some general pressure drop limits considered is a maximum of one bar on both the shell and tube
side in shell and tube heat exchangers [8]. However, in an AHTs the generator and condenser
operate at comparatively low pressures, the pressure drops in this equipment need to be carefully
handled to prevent absolute vacuum.

4.0.5 EU Emission Trading System

The European Union (EU) launched the EU emissions trading system EUETS in 2005 to help
reduce emissions of green house gases GHG while at the same time generate revenue for a green
transition [26]. A limit has been set on the maximum allowed emissions of GHG. This limit is
expressed as allowances where one allowance corresponds to the right to emit one tonne of COs
equivalents. The limit, or cap, is reduced annually to ensure a reduction of the GHG emitted. The
EU ETS covers the heat and energy sector, industrial manufacturing, aviation sector as well as
maritime transportation. Companies are either assigned a certain allowance or have to buy them.
This generates a market where companies have to buy enough allowance to account for the total
amount of emissions for the whole year otherwise they are subjected to heavy fines. The cost of
an allowances for one ton of COs-eq was 84 € in January 2025, and reached an all time high of
105 €/tonne in March 2023 [27].

4.0.6 Safety Risks

In this subsection, safety risks of the chemical compounds involved will be described.

Lithium Bromide (LiBr)

Crystalline LiBr has acute oral toxicity, causes skin irritation, severe eye damage, and skin sensi-
tization [28]. Personal protective equipment should be used when handled, and releasing it to the

environment should be avoided.

Lithium Molybdate
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Lithium molybdate is irritating to the skin and eyes and toxic to organs [29]. Moreover, it is very
hazardous to ingest. In case of fire, lithium molybdate forms hazardous compounds such as lithium
oxides and molybdenum oxides.

Ethylene Glycol

Ethylene glycol is harmful if ingested and can cause damage to organs [30]. Contact with skin,
eyes, and clothes should be avoided. Protective clothes should be therefore worn when handling
the compound. Regarding flammability, ethylene glycol is combustible but will not ignite readily.

Phenols

Phenols are acutely toxic through inhalation, dermal, and oral exposure[31]. It causes irritation
to skin and eyes and can lead to severe eye damage. Moreover, phenols can entail chronic hazards
when exposed in aquatic environments. Lastly, it can cause germ cell mutagenic damage and be
toxic to organs if exposed repeatedly.

Overhead process Fluid and Quench Oil

The overhead process stream and quench oil consists of a mixture of various hydrocarbons. Inhala-
tion, aspiration or ingestion of hydrocarbons can be very toxic and even lethal [32]. This can be a
potential risk as some hydrocarbons are volatile and hence easily inhaled. Leakage of hydrocarbons
that come in contact with air could cause fire or explosion [33].

Pressure Risks

High pressures in industrial equipment could cause explosions and constitute safety risks for workers
[34]. Some examples of potential hazards are leakages of hot steam, blasts from explosions leading
to flying debris from equipment being torn apart, and fire. These risks due to pressure depend
on the process fluid and amount of stored energy [35]. The Pressure Equipment Directive requires
that all pressurized equipment operating above 0.5 bar are controlled, and that it is made sure
that it is safe to operate before implemented in a process.
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Methods

In this section, the procedure leading up to the final design will be described in detail. To begin
with, the procedure of investigating how much DS can be generated by the waste heat was carried
out testing a CCC, MVR and AHP. Thereafter, the method of investigating the AHT will follow
with a more detailed description. Firstly, it will be described how the design was found and simu-
lated, and thereafter it will be described how the cost and sizes were computed. Lastly, it will be
explained how the sensitivity analysis was carried out.

The waste heat available in the overhead is 656 MW and 13 MW in the quench oil. The overhead
consists of a mixture of water, light hydrocarbons and heavy hydrocarbons, while the quench oil
consists of heavy hydrocarbons in liquid phase. The water stream that could be generated to DS
is either the stripper flow or the BET flow. The properties of these streams are found in table 5.1
below.

Table 5.1: Properties of the streams available in this work.

Stream | Temperature [°C] | Pressure [bar] | Mass flow [%"]
Stripper 110 4 100
BET 30 1 110
Overhead 112 - 34 1.25 360 000
Quench oil 187 - 161 7 1 402 885
HP 480 86 -
DS 240 9.8 -

5.0.1 Simulation of CCC Heat Pump

When investigating the CCC heat pump, it was considered that the DS steam was needed to be
produced from water purer than the stripper water. This was before it had been realized that the
stripper water was pure enough. Therefore, it was considered that the DS was to be generated
from the water cleaned by the BET. This water, at 30 °C, is much colder than the stripper water
of 110 °C.

A CCC heat pump requires a refrigerant. Hence, a literature study of different refrigerants was
performed, where five refrigerants considered to be efficient were simulated. The results from these
simulations can be observed in table A.1 in Appendix, section A.

The evaporator was simulated as a plate heat exchanger in Aspen Hysys. This choice of heat ex-
changer type was mainly to avoid F-factor correlation errors, which shell and tube heat exchangers
are more sensitive to. The outlet pressure in the compressor was set in order to receive the desired
temperature lift, of a temperature above 240 °C in order to generate DS from the BET or stripper
outlet. The condenser was also simulated as a plate heat exchanger, where the compressed working
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fluid was either heat exchanged with the BET water or the stripper outlet stream. The working
fluid is then recirculated back to the evaporator, and in order to have the same ingoing pressure
and temperature, a pressure throttle and sometimes a cooler was used.

5.0.2 Simulation of MVR Heat Pump

Another configuration considered was a MVR heat pump, which is an open heat pump that directly
heats and compresses the water to DS. Simulations of the MVR, were performed in Aspen Hysys,
and the configuration generally consisted of only an evaporator and a compressor. The evaporator
was represented by a plate heat exchanger, since this type allowed a broader range of temperature
differences. The shell and tube heat exchanger is more sensitive to F-factor violations as it is not
truly countercurrent.

Several different MVR configurations were tested and simulated in Hysys. Two simulations were
preformed where the overhead from 112 to 35 °C was used, as well as only from 112 to 58 °C to
preheat and evaporate the water from the BET. The vapor was then compressed to achieve the
right temperature and pressure. It was noticed that by compressing the evaporated water, the
temperature would become very hot when the desired pressure was obtained. This problem was
solved by injecting cold feed-water to the compressor outlet: a commonly used technique called de-
superheating. The water injection was more efficient than implementing a cooling heat exchanger
to obtain the right temperature. This because the flow increases by cool water injection but the
compressor work is unaffected.

Another solution for generating DS from the BET flow was to have a HP steam injection prior to the
compression instead of an evaporator. However, evaporation with HP steam required a very high
flow, meaning the freshwater reduction would be less for the same amount DS generated. There-
fore a pump was needed prior to the compression to increase the pressure without increasing the
temperature. Other configurations assessed were having two compressors in series with intermedi-
ate water injection, and to have intermediate cooling via heat exchangers between two compressors.

For the last configuration for the BET, it was also tested whether it would be favorable to use HP
steam in the evaporating heat exchanger prior to the compression instead of injecting the steam
directly. MVR simulation attempts are compiled in table A.2 in Appendix, section A.

On the other hand, if the water needed for MP steam production does not have requirements of
being purified in the BET, it would be a better alternative to utilize the liquid bottom outlet from
the stripper tower and generate steam from it directly. This is since the stripper outlet is much
warmer than the water in the BET, that is cooled when it undergoes purification.

Since the furnaces contain a mixture of hydrocarbons, the fact that the stripper water contains at
most 50 ppm phenols will not lead to a contamination in the cracking process [36]. However, 50
ppm of phenols means 50 tonnes/h in the DS flow. As the water evaporates at the DS properties,
the phenols can crystallize and contribute to fouling. However, in the following heat pump config-
urations, the fouling possibilities were disregarded.

One possible solution for generating DS from the stripper outlet could be to use excess heat
from quench oil heat exchangers used for preheating water for steam production. This heat, with
temperatures from 187 to 161 °C, could be used to heat and evaporate the stripper outlet stream
of 110 °C. This was tested in Aspen Hysys. It resulted in a configuration where the stripper outlet
first was pressurized to 9.8 bar. Then the quench oil evaporated the stripper outlet at 179 °C,
whereupon HP steam was used to superheat it to 240 °C. This solution can be viewed in Appendix
A in table A.2.
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5.0.3 Simulation of AHP

Another concept investigated was using an AHP with LiBr and water as working fluids. This
simulation was made using the overhead waste heat stream to evaporate the working fluid of LiBr
dissolved in water. In an AHP, the working fluid was thereafter absorbed, whereupon it was
pumped up to a generator. In the generator, steam was added to evaporate the working fluid.
The mechanism in the evaporator was to have a pressure low enough to make the working fluid
evaporate at a lower temperature. The pressure set in the absorber was 0.04 bar, which made the
working fluid boil at 96 °C. After the absorption, the working fluid is pumped up to 8 bar, where
is is evaporated in the generator at 180 °C. This heat is thereafter used for heating the stripper
outlet from 110 °C to 160 °C at 5 bar. The condensed working fluid is thereafter throttled back
to the low evaporator pressure of 0.04 bar. The stripper outlet is heated to 160 °C and is fully
evaporated, but does not meet the temperature and pressure requirements of DS. Therefor it is
compressed to 9.8 bar afterwards.

5.04 AHT

It was further investigated whether an AHT could be an appropriate equipment for the purpose
considered. In this case, the overhead waste heat together with the quench oil is considered as the
medium temperature heat source, and the goal would be to lift the temperature to over 179 °C,
that is required to evaporate the stripper outlet at 9.8 bar. This since no compression would in
this case be needed, only superheating of the generated steam. A low grade stream will also be
generated from the AHT.

5.0.4.1 Requirement of an AHT

The sought after outcome of the AHT is to procedure DS at 9.8 bar. The saturation temperature
of water at 9.8 bar is 179 °C [37]. To evaporate the water from the stripper, the temperature in
the absorber thereby needs to be at least 189 °C if a minimum temperature difference for the heat
transfer of 10 °C is wanted.
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Figure 5.1: Saturation temperature of LiBr in an aqueous solution [38].

As can be seen in figure 5.1, if a temperature of 189 °C or above is wanted in the absorber, a vapor
pressure of about 4 bar or more is needed. Water at 4 bar evaporates at 144 °C and at 5 bar at
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153 °C [37]. Since the absorber and evaporator operate at the same pressure the heat source in
the evaporator needs to be of a least 154 °C (144 °C plus AT ,,,;, of 10 °C). The heat source in the
evaporator thereby can not be the overhead since its temperature is between 112-35 °C, instead
the quench oil of 187 °C has to be used.
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Figure 5.2: Saturation temperature of LiBr in an aqueous solution at lower tem-
peratures [39].

To regenerate the water vapor in the generator a heat input is needed. If this heat source is to
be heat from the overhead, the temperature in the generator needs to be less than 102 °C (the
overhead is 112 °C minus a AT ,,,;, of 10 °C) which would indicate a pressure of less than 15 kPa
(0.15 bar) as can be seen in figure 5.2. The generator and condenser operates at the same pressure.
Water at 0.15 bar condenses at 53 °C [37].

Since the waste heat sources (the overhead and quench oil) have a limited temperature range, the
design and choice of operating pressures in the AHT becomes limited as well since the pressure
affects the condensation and evaporation temperatures of the working fluid, which have to match
the temperatures of the input heat.

5.0.4.2 Simulation of AHT

The simulation of the AHT was conducted in Aspen Plus, as Hysys does not allow dissolution of
salts and electrolytes. The working fluid considered was water and an aqueous solution of LiBr.
The two most common working fluid pairs are LiBr and water and ammonia and water. Since the
heat output in the AHT is in the absorber, a temperature of 179 °C in it is needed. To accomplish
this a working medium with the right properties is required. Water has a boiling point of 10 0°C at
1 bar while ammonia has a boiling point of -33 °C at 1 bar. The boiling point of ammonia is too low
to be able to be absorbed at such high temperature and therefore it is unsuitable for this applica-
tion. Hence, water-LiBr was was chosen as the working pair. The working pair LiBr-water however
has some drawbacks named in section 4.0.1.3, entailing that the process needs maintenance. De-
spite this, this solution was the obvious choice due to the boiling points. Moreover, ethylene glycol
and lithium molybdate were added to the LiBr-water solution to reduce corrosion and increase
the efficiency of the heat pump. The lithium molybdate should not influence the performance
of the AHT. This was made sure by adding 100 ppm of lithium molybdate to the LiBr-solution
to the AHT-simulation in Aspen Plus, where it was confirmed that it had no influence on per-
formance. Ethylene glycol was added to the LiBr-solution with a weight ratio of 1:4.5 LiBr solution.
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In Aspen Plus, the AHT was simulated by shell and tube heat exchangers representing the pre-
heater and evaporator, an equilibrium reactor and shell and tube heat exchanger representing the
absorber, a shell and tube heat exchanger representing the solution heat exchanger, a simple sepa-
rator representing the generator, and a shell and tube heat exchanger representing the condenser.
The simulation can be viewed in figure 5.3 Moreover, one last heat exchanger was used to superheat
the generated steam to the right temperature of DS.
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Figure 5.3: AHT simulation in Aspen Plus. Temperature can be viewed in the
circles in °C, and pressure is visualized in the hexagons in bar.

The heat inputs into the AHT are located at the preheater, evaporator and generator. In the
generator, the waste heat from the overhead was used from 112 °C to 94 °C. Here the entire flow
of 360 ton/h of the overhead was utilized. The preheater used heat from the overhead from 94 to
87 °C, but only required 120 ton/h of the total flow. The evaporator uses heat from the quench
oil from 187 to 171 °C, with a mass flow of 100 ton/h.

The AHT was simulated as a single-stage heat transformer. However, other configurations with
two stages were also tested in Aspen Plus. The two-stage AHT uses the heat generated in the
absorber as the medium temperature heat source in the next cycle. In this way the temperature
can be lifted two times and could reach higher temperatures at the end. However, with the right
pressures and temperatures, and by utilizing all waste heat available from the overhead and quench
heat exchangers, one AHT cycle was found to be enough to enable heating and evaporating of the
stripper outlet to approximately 180 °C. A single stage AHT will have a higher COP than a two
stage AHT and the single stage one was therefore chosen.

The fluid package used in Aspen Plus was the ELECNRTL as ions were involved. It was set so that
no salt formation were allowed in the Elec Wizard tool, but aqueous solutions of salt were allowed.
This was done to avoid handling solid compounds in Aspen Plus. Also, as the concentration of
LiBr to water was within the solubility limits, it was assumed that no solid forms of salt were
formed.

Preheater
The first unit in the AHT cycle was the preheater, that is the first heat exchanger from the left in

figure 5.3. It can be viewed separately in figure 5.4 in more detail. This was simulated as a shell
and tube heat exchanger with the overhead flow on the shell side and water on the tube side. The
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purpose of the preheater is to utilize waste heat to heat the water before evaporating it, so that
less energy will be needed for the evaporation. With an overhead flow of 120 ton/h, the water flow
of 19.4 ton/h could be preheated to 88 °C. The flow of 19.4 ton/h is a value that was iterated with
respect to the heat input in the generator in order to regenerate the same amount of water.

Evaporator

After being preheated, the water enters the evaporator, where heat from quench oil is utilized to
evaporate it. This is simulated as a shell and tube heat exchanger in Aspen Plus, with the quench
oil on the tube side and water on the shell side according to the fluid allocation recommendations
in section 4.0.2.3. The evaporator is the second heat exchanger from the left in figure 5.3, named
EVAP. Tt can also be viewed in figure 5.5 in more detail. A quench oil mass flow of 1402.8 ton/h
was used to evaporate 19.4 ton/h water at 5 bar, where the saturation temperature is 151.85 °C.
The outlet temperature of the water vapor was 153 °C.

PREHEATE

PUMP-H20

Figure 5.4: Simulation of the pre- Figure 5.5: Simulation in Aspen

heater in Aspen Plus. The tempera-
ture is showed in the circles in °C, the
pressure is showed in the hexagons in
bar, and the rectangles show the mass
flow in kg/h.

Plus over the evaporator. The tem-
perature is showed in the circles in °C,
the pressure is showed in the hexagons
in bar, and the rectangles show the
mass flow in kg/h.

Absorber

The absorber was simulated as an equilibrium reactor in Aspen Plus, visualized in figure 5.3 with
the reactor named ABSORBER. The reactions 4.5, 4.6, 4.7 4.8, and 4.9 are taking place in the
absorber. Reaction 4.7 is the autoprotolysis of water that occurs as a side reaction, the formation
of H3OT and OH™ occurred at such a small extent that their presence was neglected. Reaction
4.8 is the dissociation of LiBr. In this work, it is however considered that the LiBr salt is already
dissolved in water as ions when it enters the AHT as a concentrated LiBr-solution. The concen-
trations of the solution were: of 56.12 wt-% of LiBr, 34.99 wt-% water, and 8.89 wt-% etylene
glycol. This ratio is within the solubility range at 195 °C and 5 bar, which can be seen in figure
5.1. So, reaction 4.8 takes place before entering the AHT, and reactions 4.5, 4.6 and 4.7 occurs to
a very small extent in the reactor. It is hence reaction 4.9 that is the most important reaction in
the absorber. The LiBr concentrations decreased from 56.12 wt-% to 51.35 wt-%, while the water
mass concentration increased from 34.99 wt-% to 40.49 wt-% during the reaction. All these ratios
are within the solubility range which can be controlled in figure 5.1.

There are two streams entering the absorber on the shell side, the concentrated LiBr-solution
stream and the water vapor stream. The concentrated LiBr-solution holds 153 °C and 5 bar, and
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so does the water vapor stream. As reaction 4.9 takes place, the temperature rises to 195 °C in the
reactor. Heat from the reaction is transferred to the stripper water flowing through the tubes and
the stripper water is fully evaporated. The reaction will heat the LiBr solution to 195 °C and the
solution will cool down as it flows down the tubes in the absorber. However, the reactor was only
possible to simulate at a constant temperature. Therefore, a cooler simulated by a shell and tube
heat exchanger was implemented following the equilibrium reactor, named COOLER in figure 5.3.
So as reactions 4.5, 4.6, 4.7 and 4.9 took place, a constant temperature of 195 °C was maintained.
In the following cooler, the weak LiBr-solution heated the stripper flow and the temperature of
the solution decreased from 195 to 185 °C. These two units together represented the absorber.

The stripper becomes steam at 182 °C and 9.8 bar, 3 °C superheated. There is at most 50 ppm
phenols in the stripper flow, as the concentration is so low it was assumed that the stripper flow
had the properties of pure water. The heat released in the reactor unit was 7083.92 kW and the
following cooler had a heat duty of 1645.64 kW.

In order to check whether this simulation was representative of a real absorber, a back-of-an-
envelope-calculation was performed where the heat from condensing 19.4 ton/h of water vapor was
computed. This was done by multiplying the heat of vaporization at prevailing conditions in kJ/kg
with the mass flow in kg/s. The heat required for heating the concentrated LiBr-solution from 153
°C to 195 °C was then subtracted. This heat was approximately the same as the heat duty in the
reactor. Most of the heat from the reaction originates from the condensation of the water vapor
as it is absorbed and should therefore be the same.

Solution Heat Exchanger

The next unit, the solution heat exchanger, was simulated by a shell and tube heat exchanger in
Aspen Plus, where the weak LiBr-solution exiting the absorber was the hot stream going on the
shell side, and the cold concentrated LiBr-solution exiting the generator went on the tube side. The
solution heat exchanger is visualized as SOL-HX in figure 5.3. The purpose of this exchanger’s is
to preheat the concentrated LiBr solution before it enters the absorber again, and simultaneously
cool the weak LiBr-solution before it entered the generator at a lower pressure. To adjust the
pressures, a valve and a pump were used. The valve took the pressure down from 5 to 0.1265 bar
before the generator, and the pump took it back to 5 bar after the generator.

The solution heat exchanger later had to be designed as two separate units, as using only one
unit caused a temperature cross. It is however simulated as one unit in the AHT in Plus, as Plus
does not take heat exchanger design into consideration. It was however separately designed as
two, in order to get a more detailed picture of how it could be designed and what the operating
conditions would be. This can be viewed in figure 5.6. The reason another type of heat exchanger
than shell and tube was not considered when designing and sizing the solution heat exchanger,
was that shell and tube heat exchangers are very common in chemical industries as they are rel-
atively cheap and easily cleaned [8]. Plate heat exchangers, which also are quite common, are
often expensive and more difficult to maintain clean. When the equipment was sized, which can be
read in section 5.0.4.3, it is described how the solution heat exchanger is considered to be two units.

Generator

After the weak LiBr-solution exited the solution heat exchanger, it enter the generator. The func-
tion of the generator is to evaporate water from the weak LiBr-solution so that the cycle can start
over again. The concentrated LiBr-solution is returned to the absorber, and the water vapor enters
the condenser.

In reality the generator is a shell and tube heat exchanger where the LiBr-solution is sprayed onto
the tubes. The water evaporates on the shell side and the overhead stream goes in the tubes. Due
to this complex setup, the generator could not be simulated as the equipment it really is in Aspen
Plus. It was hence simulated as a simple separator, called Component Separator, where the mass
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flows of the outlet streams were specified. This unit can be viewed in figure 5.3 named GEN-
ERATO. This was done in a way that entailed the right concentration of LiBr-solution returning
to the absorber, and the right amount of water vapor returning to the preheater. However, this
equipment was not true to reality either as the separation fractions was forced to be the size they
were.

To verify that the right amount of water vapor would evaporate at the prevailing conditions, a flash
was inserted in Aspen Plus. This can be viewed in figure 5.7. With the same streams and condi-
tions, the same amount of water was evaporated, and the heat duty was also controlled. However,
the generator does in reality operate with several equilibrium stages for a solution of LiBr and
water with etylene glycol [40]. A flash unit operates as only one equilibrium stage [41]. Therefore
the flash does not represent the generator perfectly either. Actually, a distillation tower would be
a more accurate representation as more equilibrium stages can be taken into consideration then.
However, the data needed for simulating a distillation tower, such as number of trays bottoms and
reflux ratio, are unknown and do not exist in reality as it is a heat exchanger and not a tower.
Hence it was considered to be unnecessary to simulate a tower in this case.

Figure 5.6: Simulation over the so-
lution heat exchanger divided into two

separate units. The temperature is Figure 5.7: Generator simulated as

showed in the circles in °C, the pres-
sure is showed in the hexagons in bar,
and the rectangles show the mass flow

a flash unit in Aspen Plus. Tempera-
ture can be seen in the circles in °C,
pressure in the hexagons in bar, and

in kg /h. mass flow in kg/h in the rectangles.

As neither the flash simulation nor the separator simulation of the evaporator were truly satisfac-
tory approximations, one further simulation was made of a shell and tube heat exchanger. This can
be seen in figure 5.8. The entire overhead flow of 360 ton/h heats the weak LiBr-solution flow so
that 19.4 ton/h water evaporated, leaving the concentrated LiBr-solution. In this simulation, the
ethylene glycol was disregarded as it does not evaporate in reality, where the generator operates
at several equilibrium stages and ethylene glycol have a higher boiling point than water [40]. The
temperature of the overhead decreases from 112 °C to 98 °C, entailing in a heat duty of 7448.75
kW at 0.1265 bar and 89 °C for the LiBr-solution.
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WEAKLIBR

Figure 5.8: Generator simulated as a shell and tube heat exchanger in Aspen
Plus. Temperature can be viewed in the circles in °C, pressure is visualized in the
hexagons in bar and flows in kg/h .

Condenser

The condenser processes the water vapor exiting the generator, and condenses it with cooling wa-
ter, which is sea water of 15 degrees. The cooling water was placed on the tube side, and the
water vapor on the shell side. The condenser operates at the same pressure as the generator, at
0.1265 bar. Therefore it condenses at 50 °C, which can be seen in steam tables. Due to a small
pressure drop affecting the temperature of condensation, the outlet temperature of the water was
48 °C. This water was later pumped back to 5 bar, before entering the preheater again, and the
cycle starts over. The condenser is visualized as COND in figure 5.3, and in figure 5.9 in more detail.

Superheater

The stripper flow was evaporated and heated to 182 °C in the absorber. To obtain the properties
of DS, with 240 °C and 9.8 bar, some additional heat was required. The heat source needed to be
comparatively warm, and one such source available on the plant is HP steam. Since HP steam has
a high enthalpy, only a small flow of 0.77 ton/h was needed in order to lift the stripper flow of 16.4
ton/h to 240 °C. This was simulated in a shell and tube heat exchanger in Aspen Plus, with HP
steam on the tube side and the stripper flow on the shell side according to the allocation of fluids
mentioned in section 4.0.2.3. The Plus simulation can be viewed in figure 5.10. As a consequence
the HP steam became condensed and cooled to 199.79 °C, which is a subcooled liquid at 86 bar.
Hence, this will end up in the dearators at the site, to be deoxidized and later recirculated back
to the furnaces and boilers to become new steam. The DS exiting the superheater can thereafter
be piped to the furnaces and used for cracking.
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CONDENS
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Figure 5.9: Simulation over the con-
denser in Aspen Plus. The tempera-
ture is showed in the circles in °C, the
pressure is showed in the hexagons in
bar, and the rectangles show the mass
flow in kg/h.
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Figure 5.10: Superheater simulated
in Aspen Plus. Temperature can be
seen in the circles in °C, pressure in
the hexagons in bar, and mass flow in
kg/h in the rectangles.

The path of the stripper water starts with being pressurized to 9.8 bar by a pump. This can be
viewed in figure 5.12. Thereafter it is heated and evaporated in the absorber and finally superheated
to the final temperature in the superheater. This was simulated in Aspen Plus where the absorber
is represented by a shell and tube heat exchanger, and the superheated is represented by a heater,

visualized in figure 5.11.

Figure 5.11: Simulation over the
stripper path through the absorber
and superheater. The temperature is
showed in the circles in °C, the pres-
sure is showed in the hexagons in bar,
and the rectangles show the mass flow
in kg/h.
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Figure 5.12: Simulation in As-
pen Plus over the stripper flow being
pumped to the DS pressure. The tem-
perature is showed in the circles in °C,
the pressure is showed in the hexagons
in bar, and the rectangles show the
mass flow in kg/h.
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In all the units included in the AHT, pressure drops were entered after being computed. The
pressure drops did not affect the function or conditions noticeably anywhere in the AHT.

5.0.4.3 Sizing of equipment

After the AHT was designed in Aspen Plus, it was sized both using the correlations in 4.0.2.2
in Excel to iterate a suitable design as well as designed in Aspen EDR to enable a comparison
between the designs. In the preheater it was estimated that no phase changes occurred since the
water was only heated, and the change of gas composition in the overhead was assumed to be
negligible. The necessary values to calculate the heat exchanger design such as heat capacity,
viscosity, temperatures, density conductivity, mass flows and heat exchanged were collected from
the simulation in Aspen Plus. A first guess of the inner and outer diameter of the tubes, length
of heat exchanger, number of tube passes, shell diameter and the overall heat transfer coefficient
U was made.

From the initial guesses, the area required could be calculated by 5.1.

Q
Apot = ———— 1
= AT UF; 51)
The number of tubes was then calculated as in 5.2.
A
Ny=—"———"— 5.2
¢ doﬂ-thube passes ( )
From this, the flow rate in the tubes could be estimated as in 5.3.
m
Nypm 3
The flow rate on the shell side was estimated by equation 5.4.
m
v = (5.4)
d?
(LB — N, )

The Reynolds number for both shell and tube side could then be calculated by using 4.18, Prandtl
number with 4.19, the jj factory with 4.26 and Nusselt number with 4.20. From the correlation of
Nusselt number the convective heat transfer coefficient h; and h, could be calculated by relation
5.5.

(5.5)

Finally the overall heat transfer coefficient U could be calculated by 4.16. The guessed U was then
changed until the guessed U and the calculated U was of the same value. When this value was
obtained the total area could be estimated. The aim of the iterative process of the U value was to
optimize it without exceeding the limitations for pressure drop and velocity. These constraints can
be viewed in table 4.2 and section 4.0.4. To get the value of U to be as high as possible, the shell
diameter was set as low as possible without undercutting the tube bundle diameter and exceeding
the shell side pressure drop nor the fluid velocities. The tube lengths, number of tube passes and
tube diameters were also changed to get the highest value of U. The area of the configuration with
the highest U was then chosen and used for cost calculations. To evaluate whether the chosen
design could be appropriate, the pressure drop on the shell and tube side were calculated using
equations 4.53 and 4.55.

In the evaporator a phase change of the water is occurring. For this heat exchanger pool boiling

was assumed, with quench oil on the tube side and water on the shell side. The same procedure
as for the preheater above was used with the exception that convective heat transfer coefficient h,
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was calculated from the Nusslet correlation with v, equations 4.28 and 4.29.

The sizing of the absorber is less straightforward since a reaction and phase change is present. In
reality, as the concentrated LiBr is sprayed onto vertical tubes in the absorber, the water vapor
from the evaporator is absorbed into the falling film on the tubes and becomes a liquid. On the tub
side, the water from the stripper is evaporated to generate DS. Since this becomes quite complex to
calculate and size two estimation were made. It is assumed that the heat transfer from the phase
change of water due to absorption occurs at constant temperature from the liquid solution to the
stripper water. Secondly, the absorber is sized as two separate heat exchangers, one that represents
the temperature decrease of the LiBr which preheats and partially evaporates the stripper water
and one that represents the heat transfer from the absorption reaction which fully evaporates and
superheats the stripper water.

Since the stripper water is on the tube side in the absorber instead of the shell side as in the
evaporator, flow boiling is taking place instead of pool boiling. The iterative process is the same
as before but the additional dimensionless numbers Bo, Co and Fr are used.

The total mass flux, G is calculated by 5.6:
=", (5.6)
Ntﬂ'f

Co is calculated from equation 4.31, Bo from equation 4.30, Fr from equation 4.32 v from equation
4.33 and hy, from equation 5.5. The heat transfer coefficient for the two phase flow, hy, can then,
at last be calculated by 5.7:

hep = Vhr, (5.7)

U, the overall heat transfer coefficient, is as usual calculated again from equation 4.16 and iterated
until it corresponds to the guessed value with a tolerance of two decimals.

Since no phase changes occur in the solution heat exchanger. The area required is calculated the
same way as for the preheater. In the generator on the other hand, water is evaporating from
the weak LiBr solution. In reality, the weak solution is sprayed onto the tubes and the water
evaporates from the falling film. The correlations needed to calculate this correctly were, however,
difficult to obtain and varied a lot depending on the solution being subjected to evaporation. The
generator was thereby approximated as a shell and tube heat exchanger with pool boiling. The
area was calculated the same way as for the evaporator described above, but with the overhead on
the tube side instead of quench oil.

The next heat exchanger to be sized was the condenser where water condenses on the shell side and
cooling water is being heated on the tube side. The general procedure is the same as for the others.
I' was calculated from equation 4.36 and the heat transfer coefficient, h for the condensation was
then given from equation 4.36. The heat transfer coefficient for the cooling water was calculated
from equation 5.5 as for the preheater.

Lastly, the superheater was designed, where HP steam was superheating the evaporated stripper
flow exiting the absorber. In this heat exchanger, the HP steam condensed from 480 °C to 199
°C at 86 bar, that is a sub cooled liquid. Hence, equation 4.35 and 4.36 could be used for the HP
flow. The stripper flow was allocated on the shell side and the HP steam flow on the tube side.

The data obtained for the calculations and sizing of the heat exchangers from Aspen Plus can be
seen in table A.3 in Appendix, section A. The data for Cp, p, k and p are mean values between
the inlet and outlet conditions of the streams. The index t stands for the stream on the tube side
and s for the shell side.
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To verify that the design of the heat exchangers, especially if the number of tube passes were
plausible, the heat exchangers were also designed in Aspen EDR. Graphs showing the internal
temperature differences between the shell side and the tub passes were also generated enabling
verification that internal temperature crosses did not occur. The graphs can be seen in A.0.4 in
appendix. If the number of tub passes were too high, leading to an internal temperature cross, the
number was reduced.

5.0.4.4 Piping

To determine the cost of the piping and pressure drops, the position of the AHT first had to be
decided. At the cracker there is an old furnace that is no longer in use, but has not yet been re-
moved since the area is not needed for anything else at the moment. This area could be a suitable
space for the AHT. The total area that the AHT will take up was computed via a quick back-of-
an-envelope calculation. The area of each heat exchanger was estimated by multiplying the lengths
with the shell diameter. For the absorber and generator, the area was computed a bit differently,
as they stand vertically. Hence the area they occupy is the radius squared times w. However, it
was computed as the diameter squared to account for some space between the units. The area
for the pumps was not computed. All the areas were summed to 55 m?, and to account for some
spacing between the units and for the pump areas, these 55 m? would need to be expanded a bit.
The highest vertically standing heat exchanger has a height of 18 meters, so the AHT will need to
be at least 18 meters high. All the AHT equipment should preferably stand close to each other to
minimize piping. As there are just shell and tube heat exchangers and pumps, there would be no
need to have the equipment indoors. The safety risks associated with the AHT are sufficiently low
to allow it to be outdoors.

The pipes for each fluid were assumed to follow the already existing pipe routes at the plant. The
minimal number of pipe bends was estimated to be nine, and then 50 % additional bends were
added to accommodate for unexpected turns. The number of bends was thereby estimated to be
15 for the overhead and quench oil to the AHT, and 15 each on the way back. The distance for
the overhead to the AHT, colored brown in the figure 5.13 below, was determined to be 350 m,
the distance for the quench oil (the black route) was somewhat shorter, since it is a bit closer to
the pipe route and was thereby estimated to 325 m. The distance was determined by measuring
the distance along the route in Google Maps. From the stripper tower to the AHT, the distance
was estimated to be 100 m (the blue route) with 15 bends as well. For the DS produced from the
stripper water to the furnaces, the distance was assumed to be the same as for the overhead, 350
m and 15 bends. The stripper outlet is at ground level while the overhead is 30 m above ground
and the quench oil is 3 m above ground.

33



5. Methods

Figure 5.13: Position and piping for the AHT. The brown line is the overhead,
the black one is quench oil and the blue one is the stripper water. The red circle is
the possible position of the AHT.

The pressure drops for the piping were determined by first guessing the diameter of the pipes. The
velocity could then be determined by the data from table A.3 and equation 5.3. The Reynolds
number was then calculated by equation 4.18 and the flow losses and head losses from equations
4.57 and 4.58. The total pressure loss was then obtained from equation 4.56 and the diameter of
the pipes were then changed until a suitable pressure drop was given.

5.0.5 Cost calculations

To evaluate the AHT economically, mainly three methods were used. The PBP, ANP and the
NPV, seen in 4.41, 4.43 and 4.42. In order to obtain a value of the cash flow and total investment,
calculations were performed for each equipment, and for each part of the current operations that
the implementation of the AHT would affect. To start of, the investment cost was computed with
equation 4.39 in Excel. For shell and tube heat exchangers, the value of a is 32 000, b is 70, n is
1.2, and the variable S is the heat transfer area of the heat exchanger, computed as in 5.1. For
the heat exchangers that contained LiBr-solution, stainless steel 316 was chosen as material, as
LiBr is a corrosive fluid. Stainless steel was used in the absorber, solution heat exchangers and
generator. The rest of the equipment: the preheater, evaporator, condenser, and superheater was
considered to be made out of carbon steel since that is less expensive but assumed resilient enough.
As equation 4.39 only applies for equipment made out of carbon steel, a material factor of 1.3 was
added to the equipment made out of stainless steel 316 to compensate for the more expensive
material. For the pumps in the AHT cycle, equation 4.39 looked a bit different. The variable a
was set to 8000, b was set to 240, and n to 0.9. The variable S is in this case the pump effect in
L/s. The same material factor of 1.3 was added to the LiBr-solution pump, while the water pump
and stripper pump was left unchanged. Also, an isentropic efficiency 7;,=0.85 and an electrical
efficiency 7,;=0.98 were divided from the total pump cost, two values assumed based on common
efficiencies in chemical process.

The equipment cost for all heat exchangers was also computed in Aspen EDR. This was done to
enable comparing the cost computed via equation 4.39 in Excel with another value. After comput-
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ing the equipment cost, other investment factors such as engineering cost, piping cost, potential
buildings etc needed to be taken into consideration. This was done by multiplying a Lang factor
by the equipment cost. In this work, the factor 4.74 was chosen since the cracker at Borealis is
considered a fluid processing plant. Also a contingency factor of 20% was added to the investment
cost to allow for unexpected costs.

Since quite long pipes were considered to be needed, the costs for the pipes were computed sepa-
rately in addition to the Lang factor. This was done with equation 4.40, assumed that the pipes
was made out of carbon steel. The total investment cost then became the equipment cost multi-
plied with the Lang and contingency factors, plus the piping cost.

The cash flow included money saved from the freshwater reduction, reduced carbon dioxide emis-
sions and reduced fuel gas usage. The additional energy consumption for implementing the AHT
will be very small since it is mainly driven by waste heat. The only negative cash flows considered
were electricity needed for pumps, electricity lost in the EGT as steam is taken from the HP header,
plus the cost of the HP steam. By using equations 4.44 to 4.52, the cash flow can be computed.

Finally, the PBP, ANP and NPV could be computed as in equations 4.41, 4.43 and 4.42. The NPV
and ANP was computed for 20 years after the investment.

Aspen EDR considers capital cost, construction and engineering man hours, while the computa-
tions in Excel with equation 4.39 only considers the equipment cost. The Lang factor considers
some more parameters than only engineering cost, capital cost and construction cost, namely off-
site costs and installation costs. With the Lang factor multiplied, the costs calculated by Excel
hence considers some more parameters than the costs obtained from EDR. Hence the Lang factor
is added to the EDR investment cost as well. Also, the heat exchanger area is normally multiplied
by 110% to oversize the exchanger to account for changes in temperatures and flows. However, this
was not taken into consideration in this work, since the investment cost in EDR does not consider
this. In order to enable comparing the costs obtained from Excel with the costs from EDR, they
need to be based on the same parameters.

5.0.6 Sensitivity analysis

In order to evaluate the effect of changes in different key parameters in the system, a sensitivity
analysis was performed. Two aspects were considered, where the first aspect of the analysis covered
how different operational conditions affected the performance of the AHT. The other evaluated
how changes in different cost parameters affected the profitability of the AHT.

The temperature and heat of the overhead is vital for the AHT to work properly. The overhead
has 112 °C at normal operating conditions. However, it sometimes decreases down to 107 °© C and
some heat losses in the piping from the source of the overhead to the position of the AHT is also
expected. To examine the effect of a temperature decrease, the inlet temperature of the overhead
to the generator was decreased to the lowest possible temperature while still maintaining the same
vapor flow of water. The overhead inlet stream to the generator can be viewed in figure 5.8.

Another analysis performed was whether temperature changes of the cooling water, which in this
case is sea water, would affect the operation of the condenser. It was considered that the highest
sea water temperature would be reached during summertime, at a value of 20 °C. The cooling
water inlet temperature was therefore changed to 20 °C from 15 °C in order to evaluate whether
the cooling effect would be worsened.

When evaluating the cost and profitability of the AHT, the current values of EU carbon permits,

electricity, and natural gas and fresh water was considered. These values can however vary and
will affect the PBP greatly. The current prices of COs emissions per ton is 940 SEK [27]. This cost
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was varied between 400 SEK/ton to 1500 SEK/ton. Further, the electricity price varies as well.
Especially throughout a year in Sweden as the outdoor temperature varies greatly [42]. Electricity
prices also differs depending on where in Sweden you are, and the area where Borealis cracker is
located is called SE3. The cheapest prices is during summer, and 2024 the lowest price in SE3
occurred in August of 0.0854 SEK/kWh. The highest electricity price in SE3 occurred in January
of 0.830 SEK/kWh. As the electricity prices could possibly increase even more in the future, the
electricity price was varied between 0.09 and 1 SEK/kWh.

Moreover, the natural gas price was varied between 0.3 SEK/kWh to 1 SEK/kWh [43]. The current
price of natural gas is 0.6 SEK/kWh [44].

These costs were then consequently varied to calculate maximum and minimum profitability. The
cost of drinking water in the Gothenburg region is 11.64 SEK/m?3. However, Borealis cracker does
not pay the same price as households, as they have their own water purification system, and take
in fresh water straight from H&llungen. Therefore, these drinking water prices are assumed to be
reduced with 30%, hence 11.64- 0.7=8.15 SEK/m?. The cost of water was changed between 5-20
SEK/m3 [45].

5.0.7 Fuel Gas

The integration of an AHT could potentially generate enough steam so that one boiler would be
made redundant. The cost of producing HP steam was estimated based on the freshwater need, fuel
gas consumption and boiler efficiency. The enriched methane fuel gas contains 80 mole-% methane
and 20 mole-% hydrogen. Methane has an effective heating value of 50 MJ/kg and hydrogen 120
MJ/kg [46].
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In the Result section that follows, the outcome of the simulations and calculations performed will
be presented. This refers to the sizing of the AHT, cost calculations, and also a sensitivity analysis
of the AHT.

Regarding the simulations of the CCC and MVR, they were considered to be very unprofitable
due to the large electricity demands and HP consumption. In tables A.1 and A.2 the electricity
consumptions for different configurations of the CCC and MVR can be viewed. All CCCs have
electricity demands between 10.7 and 21.3 MW which is considered to be unrealistic as the task
was to utilize waste heat. The MVRs electricity demand was between 1.14 and 9.5 MW with
additional HP steam or water injection.

Considering the AHP, it was unable to lift the temperature of the stripper flow to above 160 °C at
5 bar which is not enough for DS. Additional compression would therefore be needed to achieve 9.8
bar. This would require a lot of electricity since compression of an gas is very energy demanding
and was not considered as a suitable solution.

6.0.1 Heat exchanger sizing

The final design of the heat exchangers are presented below in table 6.1, 6.2 and 6.3. A comparison
of the sizing parameters for the heat exchangers designed in EDR and Excel was made. Mostly
the parameters are the same in EDR and Excel. In the cases where they differ, it is because the
most profitable design in Excel does not conform with the design simulated in EDR.
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Table 6.1: Data from Aspen Plus for Preheater, Evaporator, and Absorber 1.

Pre. Pre. || Evap. | Evap. || Abs. 1 | Abs. 1

Unit Excel | EDR || Excel EDR Excel EDR
d, [mm] 21 21 50 50 16 21
d; [mm] 16 - 46 - 12 -
Liube [m] 3.25 3.25 10 10 6 6
Npasses,t | - 6 6 2 2 1
dshel [m] 1.63 1.63 1.00 1.00 0.90 0.90
Viube ] 0.07 - 3.50 - 0.019 -
Vshell (] 22.34 | - 0.029 - 0.41 -
Regube - 2413 | - 312 516 | - 606 -
Reshenn | - 10 540 | - 4 290 - 14 702 -
U [oe] || 939 |- 783.53 | - 296.96 | -
Niube - 382 167 104 83 1576 935
A [m?] 491.65 | 204.7 || 327.66 | 257.1 475 364.1
APype | [bar] 0.0009 | 0.044 || 0.50 0.88 0.000016 | 0.033
APgpen | [bar] 0.22 0.21 0.00027 | 0.63 0.011 0.32
Cost [MSEK] || 1.53 1.12 1.07 0.82 1.93 1.41

Table 6.2: Data from Aspen Plus for Absorber 2 and Solution Heat Exchangers 1

& 2.
Abs. 2 | Abs. 2 || Sol. 1 | Sol. 1 Sol. 2 | Sol. 2

Unit Excel EDR Excel EDR Excel EDR
d, [mm] 21 - 16 25 21 25
d; [mm] 16 - 12 - 16 -
Liube [m] 6 - 12 5 15 6
Npasses,t | - 2 - 1 6 1 1
dsnelr [m] 1.00 - 0.64 0.8 0.62 0.85
Viube (2] 0.022 - 0.36 - 0.28 -
Vshell ] 19.31 - 0.39 0.69 -
Retube - 65 - 1751 6179 | -
Reshetr | - 817 035 | - 16 118 | - 28 908 | -
U %] || 1065 - 47447 | - 439.55 | -
Niube - 744 - 997.57 | 163 683 571
A [m?] 588.48 - 601.41 | 264.8 675.87 | 234.9
APpype | [bar] 0.000037 | - 0.050 0.046 0.026 0.043
APgpen | [bar] 0.47 - 0.37 0.63 0.79 0.48
Cost [MSEK] || 2.37 - 2.42 1.11 2.72 1.07
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Table 6.3: Data from Aspen Plus for Generator, Condenser, and Subcooler.

Gen. Gen. Cond. | Cond. | Sup. Sup.

Unit Excel EDR Excel EDR Excel EDR
do [mm] 50 50 50 50 25 25
d; [mm] 46 - 46 - 21 21
Liube [m] 18 6 6 6 4.8 4.8
Npasses,t | - 3 4 8 8 1 1
dshelr [m] 3.3 5 1.67 2.50 0.5 0.37
Viube ] 81.06 - 0.67 - 6.19 0.28
Vshell ] 8.35 - 2.20 - 5.09 21.62
Retube - 24 869 - 32598 | - 722306 | -
Reshenn | - 5 422 - 174 275 | - 34 636 | -
U =] | 10426 | - 362.06 | - 112.76 | -
Niube - 674 1 306 137 115 1 68
A [m?] 5 720.64 | 4632.2 || 1033 839.8 0.08 24.3
APyype | [bar] 0.61 0.023 0.14 0.16 0.84 0.04
APgpey | [bar] 0.0084 0.31 0.0041 | 0.0018 || 0.0073 | 0.46
Cost [MSEK] || 29.82 10.56 4.25 2.47 0.33 0.48

6.0.2 Cost Evaluation

The equipment costs for each equipment included in the AHT can be viewed in table 6.4, together
with the total equipment cost. As most of the heat exchangers cost calculations were performed
in both Excel and Aspen EDR, these values can be compared. The equipment that lack cost

calculations from EDR have the notation "—

n

where the cost have not been computed.
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Table 6.4: Equipment cost.

Equipment Cost EDR [MSEK] | Cost Excel [MSEK]
Preheater 1.12 1.53
Evaporator 0.82 1.07
Absorber 1 1.41 1.93
Absorber 2 - 2.37
Solution heat Exchanger 1 1.11 2.42
Solution heat Exchanger 2 1.07 2.72
Generator 10.56 29.82
Condenser 247 4.25
Superheater 0.47 0.33
Water Pump - 0.44
LiBr Pump - 3.29
Stripper Pump - 0.40
Total equipment cost 25.53 50.57

The total investment cost for the AHT can be viewed in table 6.5. This is the equipment cost with
additions of pipe costs, the Lang factor and the contingency factor. The total investment costs
can be compared between the calculated values in Excel and EDR.

Table 6.5: Total Investment cost.

EDR Excel

Total Equipment Cost [MSEK] 25.53 | 50.57
Pipe cost [MSEK] 9.26 9.26
Lang Factor 4.74 4.74
Contingency Factor 1.2 1.2

Total Investment Cost [MSEK] | 197.89 | 340.31

Beyond the investment cost, there are also cash flows considered for the implementation of the
AHT. This regards water savings, fuel gas savings, COs-emission savings, HP steam usage and
changes in electricity usage. These computations were only performed in Excel, and can be viewed

in table 6.6. Revenues are noted positive while costs are noted negative.
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Table 6.6: Cash flows from the implementation of an AHT.

Source Mass flow ["] / [2%] | Cost [2EK] | Cost ]‘Jy‘zgf(
Water Savings 16.4 / 136 120 8.73 1.19
Fuel Gas Savings 1 /8300 16 330 135.57
C' O, Emission Reduction 2.74 /22 772.74 941.36 21.41
HP Steam Usage 0.77 / 3 691 1082.33 -6.92
Source El. Consumption [kW] | Cost [$£5] | Cost %
Electricity Loss 1955.54 0.39 -6.79
Electricity Usage 35.23 0.39 -0.12
Total Cash Flow 144.34

The results of the final cost of the project can be observed in table 6.7. The NPV and ANP are
computed until 20 years after the investment was begun, and the interest rate is assumed to be
10%. The PBP, NPV and ANP are all computed with current prices of electricity, fuel gas, COs-
emissions and fresh water. Also, all three profitability methods are computed with the investment
costs computed in both Excel and EDR. These values can hence be compared in table 6.7.

Table 6.7: PBP, NPV and ANP for the AHT.

Excel | EDR
PBP [years] 6.21 3.42
NPV [MSEK] | 117.36 | 259.79
ANP [MSEK] | 13.79 | 30.52

6.0.3 Sensitivity Analysis

A sensitivity analysis over the investment and implementation of the AHT was performed in order
to evaluate whether the project would be sensitive to unpredictable possible changes in operating
conditions or pricing. The parameters considered were an increase in cooling water temperature, a
decrease of the temperatures in the overhead and quench oil streams, variations in electricity price
and COs-emission cost, and changes in the fuel gas price.

6.0.3.1 Cooling Water Temperature Increase

When the cooling water temperature was increased to 20 °C in the condenser in the Aspen Plus
simulation, it could be concluded that the performance of the condenser was not affected. The
outlet temperature became 40.87 °C instead of 35.86 °C which it was with 15 °C at the inlet. The
water vapor could still be condensed and cooled to 45 °C from 85 °C, and hence the heat duty was
not affected. The increase in cooling water outlet temperature entails a smaller value of AT, of
only around 4 °C. This entails in a larger heat transfer area of 1243 m? instead of 1033 m? that
was the area when the inlet temperature was 15 °C. In order to account for warmer cooling water
temperatures, that occurs during summertime, the condenser would need to be designed larger.
This would also entail a more expensive investment cost.
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6.0.3.2 Overhead Stream Temperature Decrease

Looking at the case where the overhead heat was colder than 112 °C, the generator would be
affected in such a way that the temperature difference on the overhead side became smaller. When
the overhead flow consisted of only vapor, the heat transfer effect were much lower than when it was
liquid, additionally the phase change itself releases a lot of energy. The lowest possible overhead
inlet temperature for the generator simulated as a heat exchanger in Plus ended up to be 102 °C. In
this case, AT on the overhead side was only 8.8 °C, instead of 14.5 °C as when the inlet temperature
was 112 °C. This means that the overhead temperature could drop up to 12 °C, without negatively
affecting the generator’s performance.. There would be a difference in outlet temperature of the
concentrated LiBr-solution and water vapor. With a overhead inlet temperature of 112 °C, the out-
let temperature would be 95.84 °C, and with 102 °C it would be 95.91 °C. This is actually slightly
warmer, probably because of the higher liquid content, which gives better heat transfer. As the
AT of the overhead decreases, a larger heat transfer area would however most likely be required,
which would entail a more expensive investment but not effect the operation of the AHT as a whole.

The overhead heat is also utilized in the preheater. However, the performance of the preheater will
not be affected by a drop in the overhead temperature, as it uses heat from the overhead stream
exiting the generator. And as it was concluded in the last paragraph, the outlet temperature of
the overhead stream from the generator will not change much, and hence the preheater will not be
affected by a overhead temperature decrease above 102 °C.

6.0.3.3 Quench Oil Stream Temperature Decrease

It was further tested how the evaporator would be affected if the quench oil dropped in temperature.
The result from this test showed that it could drop 20 °C, from 187 °C to 167 °C without affecting
the operation or performance of the evaporator. With 167 °C quench oil, the AT,,;, would still
be 14 °C. In reality, it would be very unexpected if the temperature were to drop 20 °C, but this
means that most disturbances in quench oil temperature will be harmless to the operation.

6.0.3.4 Electricity Price Variations

Different electricity prices were tested in order to evaluate the effect on the PBP. The result can
be viewed in table 6.8. Depending on the season, the electricity prices vary. Therefore the mean
value of 0.41 SEK/kWh for electricity price over a year will be used as an approximate cost. It
can also be seen that the PBP varies a lot between the values computed from Excel or EDR.

Table 6.8: Varied electricity prices affect on the PBP computed in Excel and with
EDR.

Electricity Cost [2£5] | PBP (Excel) [years| | PBP (EDR) [years]
0.09 5.62 3.09
0.41 6.21 3.42
1.00 7.72 4.25

6.0.3.5 Fuel Gas Price Variations

Looking at table 6.9, the PBP for different fuel gas prices can be seen. Some make up in the
form of natural gas is used to complement the fuel gas in the furnaces. The implementation of the
AHT will reduce the need for this and the effect of the natural gas price variation on the PBP is
evaluated accordingly.
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Table 6.9: Varied natural gas cost affect on the PBP computed in Excel and with

EDR.
Natural gas cost [22X] | PBP (Excel) [years] | PBP (EDR) [years]
0.30 10.93 6.02
0.60 6.21 3.42
1.00 3.94 2.17

6.0.3.6 COs-emission Price Variations

In table 6.10 the PBP for variations in COs-emission pricing can be viewed. The COs-amount
considered is the reduction of COs-emissions from implementing the AHT.

Table 6.10: COs-emission price affect on the PBP computed in Excel and with

EDR.
COy-emission price [32X] | PBP (Excel) [years] | PBP (EDR) [years]
400 7.26 4.00
940 6.21 3.42
1500 5.41 2.98

6.0.3.7 Freashwater Price Variations

In table 6.11, variations in PBP for different prices of fresh water can be viewed. It should be
noted that the fresh water savings by implementing the AHT are considered, hence the fresh water

price affects the income.

Table 6.11: Fresh water price variations and how they affect the PBP.

Fresh water price[5£{] | PBP (Excel) [years] | PBP (EDR) [years]
) 6.27 3.45
8.15 6.21 3.42
20 6.02 3.32

6.0.3.8 Extreme Case Scenarios

In table 6.12, the value of the highest versus the lowest PBP possible can be studied. For the
lowest PBP, the fuel gas price, COq-emission price and water price is on the upper edge while the
electricity price is at the lower edge. On the contrary, for the highest PBP, the fuel gas price,
CO3-emission price and water price are low, and the electricity cost is high. However, it is not
realistic that these prices stay the same over the entire PBP.
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Table 6.12: Fuel gas prices, electricity prices, CO,-emission prices and water prices
configured so that the highest and lowest PBP possible is achieved.

Pricesuet [SEK] | Priceq [$EK] | Priceco, [SEX] | Priceyarer [S25] | PBP (Excel) [y] | PBP (EDR) [y]
1.00 0.09 1500 20 3.34 1.84
0.3 1.00 400 5 28.10 15.47

However, in reality, the fuel gas price is correlated to the electricity price, and considering this the
two extreme cases seen in table 6.13 below was produced.

Table 6.13: Fuel gas prices in correaltion with electricity prices, together with
COs-emission prices and water prices configured so that the highest and lowest
PBP possible is achieved.

Pricefyer [%] Price; [”:’{/EV—IZ] Priceco, [ng] Priceyater [%] PBP (Excel) [y] | PBP (EDR) [y]
0.30 0.09 1500 20 4.00 7.27
1.00 1.00 1500 20 2.19 3.98
0.30 0.09 400 6.56 11.91
1.00 1.00 400 2.79 5.06

6.0.3.9 Evaluation of Differences in Cost Between EDR and Excel

It cannot be overlooked that the Excel costs are much higher than the EDR costs throughout
all cost calculations. To be able to determine what was the cause of this difference, the areas
computed via EDR were inserted into the cost equation 4.39 in Excel. The comparison between
the investment costs for areas computed via EDR and Excel with equation 4.39 can be seen in
table 6.14, plus the cost computed in EDR completely.

Table 6.14: Investment cost computed via equation 4.39 for heat exchanger areas
computed via EDR and Excel.

Investment cost computed with Excel area with eq.4.39 [SEK] | 220.10
Investment cost computed with EDR area with eq.4.39 [SEK] | 166.43
Investment cost computed completely in EDR 90.37

6.0.3.10 Steam System Impact

The impact of the steam system created by the AHT regards the HP steam of 0.77 ton/h used to
superheat the stripper flow, plus the fact that one boiler, that produces at least 15 ton/h of HP,
is considered to be taken out of operation as DS steam is produced from the AHT instead.

44



Ethics

Fresh water is a scarce resource on Earth. Only 2.5% of Earth’s water is freshwater, of which
only 0.3% is contained in rivers, lakes, and the atmosphere, the rest is contained in glaciers and
groundwater [47]. For a long time, there has been an excess of fresh water in Sweden [48]. The use
of water has therefore been somewhat careless and little effort has been made to reuse water and
reduce the fresh water consumption. The industries in Stenungsund constitute 70% of the fresh
water consumption in Stenungsund. Water in the municipality of Stenungsund is now becoming so
scarce that it limits the production of new buildings in the region. To enable enough drinking water
for the inhabitants, a new water pipe with water from the neighboring municipality, Kungélv, was
put into operation in 2024.

Borealis is the single largest consumer of fresh water in the municipality and is at its limit of
maximum allowed water outtake from Lake Héllungen. Borealis’ steam cracker consumes 1.3 Mm?
per year and the municipality of Stenungsund uses 1.9 Mm? per year. The industries’ consumption
of fresh water therefore greatly affects the inhabitants of Stenungsund. Reduction of the water
consumption at the industries could enable better access of drinking water. There are, however,
little incentive for industries to make such investments since the low cost of water in Sweden makes
it difficult to justify them. Incentives to make the investments are instead the uncertainty if wa-
ter access will be reduced in the future. Since industries in Sweden are accustomed to a certain
purity and ease of access to water, the requirements of water purification for different processes
are often neither known nor investigated and water from different streams are often combined. In
this study the purity of the stripper water was assumed to be adequate both based on information
from Borealis and a previous study stating 50 ppm of phenols was acceptable in a steam cracking
furnace [36]. Since no further purification is assumed to be needed, both the complexity and cost
of the project is reduced and the incentive to invest in it is increased.

It is expected that climate change will increase the number of days with low water flow. During
the summers, this figure will change from 20 to 50-80 days in the region [48]. The population
in Stenungsund is also expected to increase by 15 % from 2021 until 2030. Borealis’ cracker is
also using more than their assigned water rights and are dependent on Vattenfall to provide them
with water of 0.3 Mm? /year. Vattenfall can terminate the contract with one-year notices. It can
therefore be necessary for Borealis to reduce their water consumption even though the revenue
from it is not sufficiently high.

Another benefit from the installation of an AHT to reduce the water consumption with excess heat
is the reduction in need of fuel gas and consequently the reduction in CO5 emissions. During 2024,
the emissions of Borealis’ cracker amounted to 618 kton COg [49]. A reduction of fuel gas burning
in the boilers to produce steam could potentially reduce the emissions with 18 kton per year, a
reduction of 3%. As COs is a GHG which leads to global warming and climate change [50], it is
of great importance to reduce the CO5 emissions. Climate change leads to fluctuations in seasons,
low rainfall, and temperature rise which in its turn leads to lower output of agriculture globally.
Health problems as a consequences of droughts and floods will increase as well as diseases due to
extreme weather conditions.
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In the following section, a discussion will be conducted in order to evaluate the design, operation,
cost and environmental effects of an integration of the AHT.

8.0.1 Choice of Heat Pump Design

The AHT was considered to be the only appropriate solution based on the task at hand. CCCs
and MVRs are more established types of heat pumps but are not suitable for this application. The
CCC has a very high electricity demand which would make it unlikely to be profitable. The MVR
had a lower electricity demand but instead used HP steam to evaporate the stripper flow. Almost
as much HP steam was needed as the amount of DS generated. This also means that no waste heat
was utilized and there would have been no reduction in fuel gas use, only the freshwater demand.
Since an AHP uses both a high temperature and a low temperature heat source to generate a
medium temperature output, the heat generated was not high enough to evaporate the stripper
water at 9.8 bar, only at 5 bar. To generate DS it would therefore also need to be compressed.
This would consume a lot of electricity, as stated previously. Due to all this, the AHT was deemed
to be the best solution.

8.0.2 Differences in Cost Estimate Methods

It can be seen that for all heat exchangers where the equipment costs have been calculated in Excel
or EDR in table 6.4, the numbers are of the same order of magnitude. However, the reason why the
numbers are not more similar could depend on the choice of correlations used for the calculations
in Excel. For example in the evaporator, generator, superheater and condenser, the streams un-
dergo a phase change, which means that more complex correlations were used when computing the
heat transfer numbers, such as equation 4.35 or 4.28. As these depend on more variables than the
simplest correlations for the heat transfer number, there are more factors that could affect the end
result. Some values, such as the heat transfer friction factor and the F;-correlation factor are taken
from a diagram for the Excel calculations. These values hence need to be iterated manually, and
could contribute to a more unsure result. The variables used in the heat transfer number calcula-
tions are taken from Aspen Plus, and the EDR costs are also based on the Plus model. However, in
Excel a mean value for the different values have been used, generating a linearity of the values. In
EDR on the other hand, each value is being calculated. As can be seen in the temperature-length
diagrams (in figures A.2 to A.8 in Appendix, section A.0.4) the temperature profiles for the heat
exchangers are not always linear, effecting the properties such as heat capacity, viscosity etc. The
calculations in Excel does not take non-linear temperature profiles into consideration.

Other parameters that could differ between EDR and calculations in Excel are assumptions in
the heat exchanger design. Aspects such as number of baffles, baffle spacing, tube pitch and tube
arrangement have been selected based on common settings found in literature [8]. However, these
design parameters are assumptions, and may not be the same choices that Aspen Plus or Aspen
EDR calculates with. Also, these design parameters may not be the best suited for the application.
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For example, looking at the tube arrangement, the calculations for the shell side heat transfer factor
jn in Excel assumes the tube arrangement that gives the highest heat transfer number. The tube
arrangement is then chosen in the jj-diagram so that the factor j, becomes as large as possible.
In Aspen EDR another tube arrangement may have been chosen. Hence, the tube arrangement
may differ between the EDR and Excel designs, which could lead to differences in cost. The same
goes for baffle spacing. In the Excel calculations the baffle spacing and tube pitch are computed
via equations 4.54 and 4.24, while they are chosen by EDR when designed there. Thus, there are
several assumed design parameters for the shell and tube heat exchangers that may differ between
the calculation in Excel and EDR, that could affect the cost. Other parameters that could possibly
contribute to this difference is the material cost, as the cost of carbon steel and stainless steel 316
could vary depending on country and time. The price of the material that EDR used was unknown.

Especially the generator differs a lot in cost comparing the EDR design with the Excel computa-
tions. As described in section 4.0.1.4, the generator is in fact a shell and tube heat exchanger where
the LiBr-solution is sprayed onto vertically oriented tubes wherein the overhead flow goes, and wa-
ter is boiling on the shell side. This configuration is considered to be quite difficult to simulate.
Hence it is simulated as a flash column, a simple separator and a shell and tube heat exchanger
in Aspen Plus. None of these simulations gives a design that is true to reality. The same goes for
EDR, where it is designed as a normal shell and tube heat exchanger. These approximations, in
both Excel and EDR, would give rise to uncertainties in the cost.

Despite these large difference in investment cost of the generator, no more simulations was made.
The explanation to this is that there was a lack of time, and if there was more time available,
the generator could have been simulated in other programs that allow complex heat exchanger
configurations such as spray on vertical tubes with falling film theory. This also applies for the
absorber, which was also difficult to simulate correctly.

8.0.3 Sensitivity

It can further be discussed that the AHT is fairly robust as it can handle relatively high temper-
ature drops in both the overhead stream and quench oil, as well as an increase in cooling water
temperature. Since the cycle includes two pumps and a valve, the AHT is easily regulated with
regards to pressure.

8.0.4 Effect on Steam System

If the AHT were to be implemented, the same amount of DS to the furnaces would still be needed.
At the moment DS is produced from HP steam that has either been reduced by an electricity
generating turbine, a compression turbine or by a reduction valve. By generating DS directly from
the stripper water the amount of HP steam in the steam system would be reduced. As the three
boilers often operate at minimum load, a reduction in the amount of HP steam would have to
be made by shutting down one of the boilers. If more HP steam would be required due to the
operating conditions, the load of the remaining two boilers can be increased. Dividing the load
on two boilers instead of three could also be beneficial since the efficiency usually is higher when
equipment is not operating at minimum load.

8.0.5 Requirements of Water Purity

Water for production of HP steam needs to be very pure because high pressure and temperature
generating very corrosive conditions. DS steam is of both lower pressure and temperature, and
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should therefore not require as pure water. The water from the stripper contains at most 50 ppm
phenols. For ethylene steam cracking furnaces, 50 ppm is an acceptable level [36] of oil content
in the DS. However, fouling problems can occur in the absorber and superheater, as 16.4 ton DS
contains 0.82 kg phenols. A possible solution to avoid excessive fouling from phenols could be to
use a thermosiphon. The thermosiphon uses a pressure difference between the inlet and outlet to
drive the flow through the reboiler [51]. A regular shell and tube heat exchanger heats the liquid
containing water with phenols to a mixture of gas and liquid. The flow is thereafter separated
to gas and liquid, where the liquid is recirculated back to the heat exchanger. Over top goes the
vapor that is purified from phenols. Part of the liquid flow can be bled out through the bottom
and sent to the BET to avoid accumulation of phenols. This structure can be seen in figure A.9
in Appendix A. It can further be discussed that a thermosiphon would not add significantly to
the total cost, as it is similar to a shell and tubr heat exchanger, that the absorber already is.
However since a part of stripper water will be bled out, a larger flow will likely be used and the
heat exchanger will be a little larger. Another solution beside the thermosiphon could be to use
the water from the BET since this water is purified from phenols. Using this water at about 30 °C
would entail a DS flow of 14.3 ton/h, which would decrease the efficiency of the AHT.

8.0.6 Redundance

Moreover, it can be discussed that redundant equipment could be needed for the operation of the
AHT to work smoothly. For instance, the three pumps should have redundancy for oil changes and
possible operation errors. For maintenance such as removal of fouling in the heat exchangers, the
two remaining boilers can be operated at higher load to enable taking the AHT out of operation
for regular cleaning.

8.0.7 Profitability Evaluation

To answer the question whether it is possible to design an integration that is economically favor-
able for the process: it depends on the circumstances. Since the investment cost and PBP differs
so much between the two methods of computing the cost, there is no obvious conclusion that can
be drawn regarding profitability. Moreover, looking at the extreme cases in table 6.12, a PBP of
28.10 years is compared with one of 1.84 years. This is a very large range, and a more realistic
approach would be to assume that the electricity price correlates with the fuel gas price. For this
case, the PBP varies between 2.19 and 11.91 years instead. As the water prices and CQOs-emission
prices probably will not decrease in the future, it would be more realistic to assume a PBP closer
to the lower value of 2.19 years. It was concluded earlier that a project with a PBP over 3.5 years
usually is considered to be unworthy to invest in.

The cost estimated in this thesis is very approximate and if the AHT were to be integrated in
reality the cost is assumed too be within +/- 50 % of the final cost. For the cost calculated from
Excel this would change the PBP from 6.21 to 9.32 years or 3.12. For the EDR cost it would
change from 3.42 to 5.13 or 1.71 years.

8.0.8 Possible Future Aspects

Today, the fuel gas is either sold or used by the furnaces and boilers, but this could potentially
change in the future as more and more renewable sources of energy are being used in society. One
solution to this problem could be to separate the fuel gas into methane and hydrogen, where the
methane could be sold on the natural gas network. Another solution could be to use the methane
for the synthesis of methanol [52].
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The Borealis cracker cannot avoid generating fuel gas as it is a by-product from the cracking pro-
cess. For it to be sold, it requires that there is a fuel gas or natural gas demand. It could be that
this demand decreases in the future as society moves towards using more renewable fuels. If the
fuel gas cannot be sold, it needs to be used by the furnaces, boilers or sent to the flare. Hence the
revenue of the AHT implementation would decrease due to increased COz-emission costs, and the
investment would be less profitable. A possible solution to this could be to separate the fuel gas
into pure methane and hydrogen which could enable synthesizing it to methanol.

The integration of the AHT is not only a question of economy, but also environment. Even though
the investment itself might not that profitable, an implementation of the AHT, or another solution
to reduce the freshwater intake, might be necessary since the fresh water intake is at its upper
limit. COs-emission reduction will also be beneficial since the prices likely will increase. Hence a
balance between cost and environment needs to be regarded.

Another possible solution for utilizing the overhead waste heat with the AHT could be to generate
district heating instead. District heat is of a much lower temperature than DS, which means that
an AHP could be used instead of an AHT. Since an AHP has a much higher COP than an AHT
the heat output would be higher. However, this application would not solve the problem with
reducing fresh water intake.
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This thesis aimed to investigate how the freshwater intake at Borealis cracker plant in Stenung-
sund could be reduced by regenerations of steam. The first question to be answered was how much
steam could be recovered. This work lead to the conclusion that 16.4 ton/h DS could be generated
through the implementation of an AHT. This also means that 16.4 ton/h fresh water can be saved.
It could further be concluded that the steam system at the cracker plant would not be affected
by the implementation of the AHT in any significant way. Only 0.77 ton/h HP steam is used in
the superheater, and a potentially smaller HP steam generation resulting from removing a boiler
is not a must, as this generation depends on the operation conditions of the two remaining boilers.

Moreover, it was concluded that 8300 ton/year of fuel gas and 18 200 ton/year COz-emissions
could be saved by implementing the AHT to the Borealis cracker plant.

Another question answered in this work is that the water exiting the stripper does not need to be
purified any further, and can be generated into DS directly.

Lastly, it would be brave to state whether the integration of the AHT would be economically fa-
vorable or not. Due to the large fluctuations in cost depending on prices of electricity, fresh water,
fuel gas and COs-emissions, it can be concluded that the AHT investment is sensitive. As can be
seen in section 6.0.3, the PBP varies heavily between the two extreme case scenarios, and it can
hence not be stated whether the investment would be profitable or not. To evaluate this further,
a more detailed investigation of future price predictions would be required.
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A.0.1 CCC

In figure A.1, temperature and pressure intervals for some common working fluids can be found

8].

Figure A.1: Temperature limits for some working fluids.

In table A.1, properties and performances of different refrigerants simulated in a CCC in Aspen
Hysys can be viewed.
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Table A.1: Properties and performance of different refrigerants simulated.

Refrig. Boiling Temp. lift [K] El Heat %
Point [°C] Demand [MW] | Output [MW]
R-113 48 51.9 12 55 4.58
R-141b 32 74.5 14 60 4.29
R-134a -26 94.1 17 53 3.12
R-11 23 69 21.3 58.2 2.73
Water 100 295 10.7 - -
A.0.2 MVR

Table A.2 show properties and performances of different MVR and compressor configurations
simulated in Aspen Hysys.

Table A.2: Properties and performance of different MVR configurations simulated.

Case DS gen. [©2] | EL. Demand [MW] | HP /water Demand [%"]
Water injection 15.84 1.2 0.97 water
after
compression (58 °C) *
Water injection 17.88 1.61 9.8 water
after
compression (35°C)**
HP pump and HP 130 9.5 100 HP
injection prior to
compression
Two compressors 7.09 1.24 1.05 water

in series with
water injection
Intermediate 6.04 1.14 -
cooling and two
compressors (58°C)*
Intermediate 8.08 1.52 -
cooling and two
compressors (35°C)**
HP heat exchanger 50 2.46 41 HP
before compressor

* The MVR heat pump uses heat from 112°C to 58°C in the overhead, in other words the first
eight heat exchangers.
** The MVR heat pump uses all the heat in the overhead, from 112°C to 35°C.

It could be seen that the MVR heat pump with water injection after compression
generates almost 18 tonnes per hour of DS steam, while only demanding 1.61 MW
of electricity. This configuration takes all heat available in the overhead, from 112
to 35°C. In comparison to the same configuration where only the first eight heat
exchangers are taken into account, using all heat entails in a 34% higher electricity
demand, and generates 13% more DS steam. The electricity demanded for this
increase of steam generation might be considered to be unfavorable. Hence the
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MVR using heat from 112 to 58°C with water injection after compression seems to
be the most favorable alternative.

A.0.3 AHT

Table A.3: Data from Aspen Plus for heat exchanger calculations.

Pre. Evap. Abs. 1 Abs. 2 Sol. Gen. Cond. Sup.
Cp; [kg‘{K] 4188.12 | 1952.47 4032.75 2921.95 2146.16 | 1991.37 4180.22 | 3408.5
Cps [ng_K] 2016.28 | 3084.33 2460.18 2409.48 2359.7 | 1955.94 2089.90 | 2022.88
Pt [7’;—%] 978.88 643.26 485.62 12.22 1455 1.10 996.5 448.41
Ps [%] 1.17 495.17 1333.00 1376.33 1365.44 | 1.67 495.13 4.56
ky [szK] 0.65 0.12 0.68 0.28 0.25 0.041 0.61 0.37
ks [mEVK] 0.051 0.35 0.29 0.27 0.29 0.25 0.33 0.04
ut [Pa-s] | 0.00047 | 0.00033 0.00018 0.00007 0.00354 | 0.00017 0.00094 | 0.000081
us [Pa-s] | 0.000052 | 0.00017 0.00045 0.0052 0.00052 | 0.0013 0.00031 | 0.000017
My [%] 5.39 389.69 4.56 4.56 58.33 100 5.39 0.21
M [%] 33.33 5.39 63.72 63.72 63.72 63.83 152.78 4.56
Tin: [°C] 45 187 110 179 132.70 | 112 15 480
Tout,e [°C] | 84 171.03 179 181.76 156.56 | 94.5 36 199.79
Tins °C] | 94 87.95 195 195 170 84.9 85 182
Tout.s [°C] | 85 153 170 195 150 85.1 45 240
Q [kW 969 12 975 3 662 7 086 2 967 9914 13 319.8 | 524.29
Pliq [L%] - 962.09 888.13 888.13 - 962.09 990.20 48.31
poap [25] | - 2.54 5.04 5.04 - 0.28 0.07 1.51
o [%] - 0.0611 0.0611 0.043 - 0.080 0.069 0.038
ar, ["%2] - 0.00000016 | - - - 0.000000085 | - -
Ah [%} - 2103.22 2 018 450 | 2 018 450 | - 2 148 2 392 2490

A.0.4 Temperature-Length Diagrams for All Heat Exchang-
ers in the AHT.

In figures A.2 and A.3, the temperature-length diagrams for the preheater and evap-
orator can be viewed.
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Figure A.2: Temperature-length di- Figure A.3: Temperature-length di-
agram of the preheater simulated in agram of the evaporator simulated in

Aspen EDR. Aspen EDR.

Figures A.4 and A.5 show the temperature-length diagrams for the generator and
condenser.
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Figure A.4: Temperature-length di- Figure A.5: Temperature-length di-
agram of the generator simulated in agram of the condenser simulated in
Aspen EDR. Aspen EDR.

In figures A.6 and A.7, the temperature-length diagrams for the solution heat ex-
changers can be seen.
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Figure A.6: Temperature-length di- Figure A.7: Temperature-length di-
agram of the first solution heat ex- agram of the second solution heat ex-
changer simulated in Aspen EDR. changer simulated in Aspen EDR.

Figure A.8 Visualize the temperature-length diagram for the superheater.
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Figure A.8: Temperature-lenght di-
agram of the superheater simulated in
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