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ABSTRACT

One of the main problems today is global warming and the need for more efficient energy use.
Industry in general holds almost a third of global emissions and energy demand, and in turn the
petrochemical industry holds a share of more than 30% of the industrial emissions. In specific, the
production of olefins by steam cracking holds a significant share of the petrochemical CO, emissions
and energy demand. Steam cracking involves highly endothermic reactions that require high
temperatures and superheated steam to crack hydrocarbons (ex: ethane, naphtha...) into a
combination of products including ethylene and propylene. The reactions occur in reactor tubes that
hang inside a furnace and the required energy is provided by combustion of fossil fuels inside the
furnace.

In this paper, a fluidized bed heat exchanger (FBHE) using metal oxides as active bed material (also
referred to as oxygen carrier aided combustion or OCAC) was investigated as an alternative to the
furnace used in today’s steam cracking plants. The key advantage of a FBHE is its good heat transfer
capability which allows for many potential benefits including lower temperature levels and less fuel
consumption in the furnace. The advantages with active bed material include improved oxygen and
fuel mixing in the dense bed (allowing more combustion to occur in the dense bed itself), use of very
low excess air ratios, and achieving more uniform temperature distribution in the bed. A base case
reflecting a typical ethane steam cracking process was chosen for reference and comparison with the
FBHE alternative and the case was modelled in Aspen Plus. The focus of the model was the reactor
tube, and a simplified reaction network and kinetics based on common and verified models from
literature was used. However, the complete steam cracking plant layout and equipment were
included in the Aspen model. Then an extensive literature review was conducted to select the FBHE
dimensions, bed material, operating conditions, and heat transfer properties. The temperature
required in the bed was then calculated and verified against the heat flux requirements in the reactor
tube. The resulting temperature level, fuel consumption, and flue gas composition were noted to
evaluate the benefits of using the FBHE. Finally, a sensitivity analysis on the heat transfer coefficient
in the FBHE and on the reactor tube was conducted.

The study showed that with the fluidized bed heat exchanger with oxygen carrier aided combustion
an excess air ratio of 1.03 and an outside heat transfer coefficient (hou) of 600 W/m?.K could be
used. As a result, the temperature in the furnace could be reduced by 194°C (down to 1064°C) and
fuel consumption by 48.5% while maintaining the same operating conditions as the base case.
Sensitivity analysis showed that increasing values of the outside heat transfer coefficient have a
decreasing impact on the temperature and fuel consumption. For the reactor tube, sensitivity
analysis showed that the coil outlet temperature (COT) has the biggest effect on ethylene yield. In
addition, there is an optimum range of operation for the steam to hydrocarbon ratio and COT at
which the ethylene yield is maximized.

Keywords: Fluidized bed heat exchanger, oxygen carrier aided combustion, olefins, steam cracking,
heat transfer
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Notations

Abbreviations

coTt
FBHE
OCAC

S/HC

Symbols
A

di

d:

dp

€p

eW

€

8

e

te

Coil outlet temperature
Fluidized bed heat exchanger
Oxygen carrier aided combustion

Steam to hydrocarbon ratio (kg/kg)

Area (m?)

internal diameter of reactor tube (m)
outer diameter of reactor tube (m)
particle diameter (um)

emissivity of the bed

emissivity of reactor tube wall

void fraction in the bed

acceleration due to gravity (9.81 m/s?)
Outside heat transfer coefficient (W/m?.K)
equivalent heat transfer coefficient (W/m?.K)
Thermal conductivity of gas (W/m.K)
molecular weight (kg/mol)

Prandtl number of the gas

coke density or specific gravity (kg/m?)
particle density of bed material (kg/m3)
energy or heat flux (kw)

rate of coking (mol/m?.s)

Coke thickness (m)

Pyrolysis gas temperature (°C)

Furnace temperature

temperature of the bed (°C)

External reactor tube wall temperature (°C)



u superficial gas velocity through bed (m/s)
Unm¢ minimum fluidization gas velocity (m/s)

u dynamic viscosity of gas (N.sec/m?)



1. INTRODUCTION

Global warming and fossil fuel consumption are part of the key issues facing societies across the
world. High levels of CO, emissions are increasing CO, concentrations in the atmosphere which is the
main contributor to global warming. Sources of CO, emissions are varied and include power
production, transport, and industry. Across these sources, the common denominator is high energy
demand and using that energy more efficiently can save a lot of emissions. Industry in general holds
close to a third of global energy demand and CO; emissions [1]. A large share of more than 30% of
industrial energy demand comes from the chemical and petrochemical sector in specific, and hence
the need to improve energy efficiency and emissions in this sector [1].

The petrochemical industry refers to chemical products derived mainly from petroleum (but also
other fossil fuels), and is split into two main classes: olefins and aromatics. Light olefins are high
value chemicals that serve as the main raw material for the petrochemical industry and production of
various materials. The materials include several plastic products, synthesis fibers, polymers, and
rubbers. Light olefins refer to the class of unsaturated hydrocarbons with a single double bond and a
chemical formula CnH2n [2]. The main components of light olefins are ethylene and propylene, with
chemical formulas C;H4 and CsHg respectively. Also these two compounds represent the largest
volume of produced olefins, and as such are the most interesting to study [3] [4]. Today the ethylene
and propylene production industry is very large with a yearly demand of around 155 million tons of
ethylene [5] and 100 million tons of propylene per year [6]. This demand has been increasing over
the last couple of years and is expected to continue to grow [4] [5] [6]. Accordingly, the need for
more efficient production processes with a lower carbon footprint is still a priority.

For the production process of olefins, the two most common paths are fluid catalytic cracking (FCC)
and steam cracking. FCC takes up nearly 60% of the global feedstock volume and is used in oil
refineries, while the remaining 40% are used in steam cracking in dedicated plants [6]. The volume of
hydrocarbon feeds for production of olefins in 2014 was around 1,000 million tons, with around 390
million tons going to steam cracking plants [6]. FCC requires relatively low temperatures and heat
input, and the main reactions proceed with the help of a catalyst to reach the end product. As such,
the catalyst is the main focus in a FCC process. Steam cracking on the other hand is much more
energy intensive and requires significant amounts of heat for the desired endothermic reactions to
proceed. The focus in steam cracking is then the heat source, which is typically a flame burner
furnace. Steam cracking occurs at high temperatures in the range of 700-1000°C [5]. Heat is
generated through combustion of fossil fuels. Ethylene is almost exclusively produced in steam
cracking plants, while 50% of propylene is produced in such plants [6]. In FCC plants, gasoline is the
main product with olefinic gases (converted to propylene), oil distillates, and butane and propane as
by-products. The feedstock for production of ethylene are hydrocarbons, namely naphtha, ethane,
gas oil, and liquefied petroleum gas (LPG) [6]. The largest feedstock volumes come from naphtha and
ethane (around 82% in 2002 [7]) and this paper will focus on ethane due to relatively simpler
reaction kinetics. For propylene, the main feedstocks are naphtha and gas oil [6]. Figure 1 below
illustrates the relation between FCC, steam cracking, ethylene, and propylene.
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Figure 1. a) hydrocarbon feed used for olefin production processes. b) Ethylene production by source.

¢) Propylene production by source [6]

In a steam cracking plant, the process from feedstock to olefins involves many steps. A typical
process block diagram is shown in Figure 2.

Feedstock

Pyrolysis
oil Gasoline

- Propylene

Cut Product

Figure 2. Block diagram for typical steam cracking process [8]

y & 3
H2 (H4  Ethylene

Fraction Fraction  Product

The process used in this paper will be discussed in more detail in section “4. Process”. The first step
in the steam cracking process and one of the key components is the furnace, and it is where the
primary reactions occur. The furnace configurations typically found today have flame burners
distributed along the furnace walls that are fed with fuel and excess air to provide the required heat
transfer to the reactor tube hanging inside the furnace. Such a furnace is depicted in Figure 3. The
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radiant section is where heat is supplied to the reactor tube and a convection section where energy
recovery from the hot flue gases occur.

’

Cooling zone <

Convective zone

Raw material
Light hydrocarbons:

Raw material
Steam

Radiant zone
(Furnace)

.

Burners

Figure 3. lllustration of a furnace including the different sections [5]

Heat transfer conditions in the radiant zone of typical industrial furnaces with flame burners require
the temperature in the furnace to be as high as 1300°C to achieve the desired temperatures in the
reactor tube. Due to the high temperatures required, issues like heat loss from the furnace, high
consumption of fuel, CO emissions, and material heat stress are present. This report investigates the
potential of addressing these drawbacks by using a fluidized bed heat exchanger with oxygen carrier
aided combustion (FBHE-OCAC) as an alternative heat source. The fluidized bed potentially offers
better heat transfer conditions which should reduce the temperature levels required in the furnace
and the drawbacks that come with it. Also the temperature gradients are lower in a FBHE due to very
efficient heat transfer within the bed. The active bed material, also referred to as oxygen carrier
aided combustion or OCAC, offers several benefits of which the most important is enabling high
levels of fuel conversion in the dense bed itself rather than the freeboard above the bed. This in turn
allows the bed to reach the required temperatures and provide the necessary heat for the
endothermic reactions in the reactor tubes. In addition, OCAC has the potential to decrease excess
air requirements compared to inert beds and furnaces with flame burners which in turn decreases
auxiliary power requirements for fans/compressors. Ultimately, combining the FBHE with the OCAC
concept should improve energy and fuel efficiency of the steam cracking process, reduce CO
emissions, and provide unchanged levels of ethylene and propylene yields. To assess the potential of
the FBHE a base case for ethane cracking was selected as a reference and for comparison. Then the
FBHE design and operating conditions were decided upon using a comprehensive literature review.
In addition, the entire steam cracking process was modelled in Aspen Plus which allowed the
simulation of different operating conditions.
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2. AIM

Given the large energy demand of the petrochemical industry, the broader aim is to investigate the
possibility of a more sustainable steam cracking process for olefin production. Up to the author’s
knowledge, the FBHE-OCAC as a heat source for olefin production by steam cracking is a novel idea
that has not been covered in literature. As such, the specific aim and main effort was to suggest a
design for a FBHE that can replace industrial furnaces used in steam cracking plants and evaluate the
feasibility and potential benefits of using the FBHE. The design of the FBHE was based on extensive
literature review and included geometry, heat transfer conditions, excess air ratio, and bed material
while the temperature, CO emissions, and fuel flow rate in the bed were determined mathematically.
In addition, a model for the complete steam cracking process was developed in Aspen Plus with a
focus on reaction kinetics in the reactor tube. The purpose of the model was to complement the
study by providing a complete picture of the steam cracking process and to serve as a tool for
predicting the output of olefins and evaluating the effect of changes in operating conditions of the
reactor coil. Finally, a sensitivity analysis was performed on both the outside heat transfer coefficient
in the FBHE and the reactor tube in the Aspen model.

This thesis will hopefully be of significant value for industries looking to use alternative and more
efficient heat generation sources in their steam cracking plants as well as a base case for further,
more detailed development of the Aspen model. The results of the design and simulations will
provide a background for further research on the FBHE application in steam cracking. In addition, the
model has the potential to be upgraded and applied for reactor and furnace control, optimal
feedstock selection, and production planning.

3. SCOPE

In this paper the focus was on the FBHE. First a base case for steam cracking of ethane was selected
to be used for the design of the FBHE and development of the model in Aspen Plus. Ethane was
chosen instead of naphtha as a feedstock since determining the exact composition of naphtha fuels is
challenging and the kinetic model for steam cracking of naphtha is complicated and includes many
free radical reactions which are hard to integrate in Aspen Plus. Next the design of the FBHE was
determined. As mentioned above, the design included geometry (dimensions), heat transfer
conditions, excess air ratio, and bed material. For the heat transfer, previous research on FBHE with
similar conditions as those in this paper was used to identify a suitable heat transfer coefficient. No
model or calculations for the heat transfer were made due to the complexity of the topic, and it was
assumed that there is one constant heat transfer coefficient in the bed. The fluidization velocity was
assumed to be at optimal based on literature reviews without doing explicit calculations. Power
requirements for the fans/compressors that supply the air were not taken into account in the energy
savings calculations. The temperature in the bed was assumed to be uniform and was calculated
accordingly. The composition of the combustion flue gases and CO emissions in the FBHE were
calculated using the model in Aspen Plus and compared with measured CO emissions in experimental
studies.

As for the reactor coil, it was modeled as a plug flow reactor in Aspen Plus. The kinetic model of the
reactions were based on a simplified 8-reaction model from literature and followed the Arrhenius
Powerlaw type of reactions. A coking model was not included and evaluated in this study. Instead the
effects of coking on energy and temperature in the furnace and FBHE were considered, and those
effects were taken from the results in the base case which does include a coking model. The
temperature profile inside and on the skin of the reactor tube was kept the same as the base case
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rather than calculating the same, and the energy requirements were based on the simulation done in
the base case.

4. OLEFIN PRODUCTION PROCESS

The first step in the process is the furnace where steam and hydrocarbon feed are mixed and pre-
heated in the convection section before entering the radiant section of the furnace. Typical pre-heat
temperatures are up to 650°C [9]. Steam is used to dilute the feed, reduce the partial pressure of the
feed, and help in reducing coke formation on the inside of the reactor tube walls. Steam to
hydrocarbon ratio depends on the feed. An example range for ethane is 0.3-0.4 kg steam/kg
hydrocarbon and for naphtha 0.6-0.7 kg/kg hydrocarbon [9]. The mix enters the furnace in a reactor
tube. Inside the reactor tube the cracking reactions occur, and several important parameters are
considered. The hydrocarbon undergoes a large variety of reactions (up to 500 reactions producing
90 radicals) [10]. The reactor skin or wall temperature is in the range of 850-1100°C [5]. Special
material like Inconel 600 is used to withstand the thermal stress and usually plants have an upper
limit on the tube wall temperature to prevent breakdown of the reactor coil. The temperature of the
feed gas inside the reactor tube increases along the length of the reactor with the range from
beginning to end being from 650-900°C. The temperature of the feed gas is controlled to maintain
selectivity towards olefins production, and the control is done by measuring the temperature at the
outlet of the reactor tube, also called coil outlet temperature in literature or COT [9]. Another
parameter is the residence time in the reactor. The residence time is controlled to make sure
reactions proceed far enough to produce as much desired product as possible, since after a certain
time the cracking reactions will continue which significantly changes the composition of the cracked
gas. For older existing plants the residence time is in the range of 0.2-0.8 seconds, but more modern
plants have even shorter residence times in the range of 0.08-0.25 seconds [5]. Residence time is
dependent on the temperature at which the reactions occur. Higher temperatures, which give higher
yields, mean faster reaction velocities, and accordingly the residence time becomes lower. Also at
the same temperature level, shorter residence times mean lower coke deposition rates [10]. The
feed flow rate and tube diameter are used to control the residence time. An example feed flow is
11600 kg/h [9]. Finally, total pressure of the feed mix affects selectivity of the reactions (and with it
the yield) and usually low pressures are favored in the range of 170-250 kPa [5]. Pressure drops in
the reactor (difference between inlet and outlet) are in the range of 70-150 kPa [5]. An example
industrial plant used is Arak Olefin plant, part of Arak petrochemical complex in Iran [9]. The Arak
plant is a modern steam cracking plant and has the typical configuration for such plants as found in
literature and other industrial examples. In the Arak plant, for a reactor tube length of 45m, the
pressure drop was 65 kPa [9]. Reactor tube length can be in the range of 10-100 m with a 3-15 cm
range in diameter [5]. Figure 4 illustrates the distribution of temperatures in the furnace of a typical
steam cracking plant.
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Figure 4. Example furnace radiation section with temperature data

Inside the radiant section of the furnace, fuel combustion maintains the temperature at the required
level for the chemical reaction in the reactor tube to proceed. Typically, the temperature range is
1000-1300°C [5]. The most common fuel compositions have CH,4 (natural gas) as the main
component, in addition to H,, CO, and traces of light olefins which are recycled from downstream of
the process [5]. Excess air is added to the fuel feed and fed to the burners. An example fuel
composition from Arak plant by weight percent is 86% CH4, 14% H,, and 15% excess air [9]. The
furnace dimensions in the Arak plant are 11.47 m height, 10.48 m length, and 2.1 m depth [9]. An
important factor in the furnace is the heat transfer conditions or the heat flux to the reactor tube. In
the radiant section, the bulk of the heat is transferred by radiation, and hence the name. The flame
burners are distributed along the furnace walls to achieve the temperature gradients and heat flux
required.

After the furnace comes the transfer line exchanger (TLE, also referred to as TLX), where rapid
guenching of the cracked gas occurs to freeze further undesired reactions from occurring. These
reactions lead to formation of heavy polymerization products and an increase in the gasoline content
of the cracked gas which mean a reduction in the light olefin (ethylene and propylene) content. Next
comes the caustic tower where H,S gases are scrubbed from the cracked gas. In the case of pure
ethane feedstock this step can be skipped since there are no sources of sulfur present. Then the
dryer is used to remove water/steam content from the gas by condensation. Afterwards, the splitting
columns are used to separate the cracked gas (also called pyrolysis gas) into the different required
products. The De-C3 column separates C4 cuts from the pyrolysis gas which are a mixture of C4
hydrocarbons consisting mainly of 1,3-Butadiene (C4H¢) [11]. Butadiene is used primarily as a
chemical intermediate and as a monomer in the manufacture of polymers such as synthetic rubbers
or elastomers [11]. In turn, these rubbers and their latexes are used to produce other goods and
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materials such as tires, gloves, and gaskets [11]. The De-C1 column separates methane and hydrogen
which can be recycled to the furnace as fuel. The De-C2 column separates C3 cuts which consist
mainly of propane (CsHs) and propylene (CsHg). Propane is used in applications such as fuel for
engines, gas torches, and gas stoves. The remaining stream consists of Acetylene (C;H;) and Ethylene
(C2H4). Acetylene combustion with oxygen produces high flame temperatures (over 3,300°C) which is
used in applications such as welding and cutting of steels, and acetylene is also used to produce
acrylic acid derivatives that are in turn used to form acrylic fibers, glasses, and paints. Figure 5
illustrates those steps for an ethane cracking plant [12].

Primary fractionation

i i Seperation
{dlireet quench) Compression Drying p

TLX
(indirect
quench)

[ 4
D drairl
= B /___//-:J

Water ")

condensate Intercooler x

CH4+FIT ETHYL.ENE

C3's
C4H6 [

-

Figure 5. Equipment flowsheet for a typical ethane steam cracking plant [12] [13]

4.1 Base case for steam cracking of ethane

Steam cracking of ethane has been investigated for some time in literature. Recent studies focus
more on the kinetic model for the pyrolysis reactions and on optimizing yields and operating
conditions. As such, details about the heat transfer and temperature profiles in the furnace are often
not presented in those studies. After a comprehensive literature review, the data provided in the
paper by Plehiers et al. [13] was selected to establish the base case for this study. The paper includes
almost all information required to build a model, especially the temperatures and temperature
profiles in the furnace and reactor tube. In addition, the paper simulates a typical industrial furnace
with typical operating conditions that are closely matched in several other studies on the subject [12]
[14] [15]. Also the paper compares the results to an actual plant and confirms agreement within
acceptable tolerances. Finally, the paper takes into account coking which is interesting to consider
for this research as coke acts as a barrier to heat transfer. This causes the temperature in the
furnace, and with it the energy requirements, to increase. The first set of information extracted from
the paper is the furnace characteristics. The dimensions of the furnace were used as a comparison to
the determined FBHE dimensions. However, those dimensions were not relevant for the model in
Aspen Plus. Table 1 shows the furnace characteristics for the base case:
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Table 1. Furnace characteristics for base case

Length 9.6 m
Depth 1.8m
Height 12.73 m
Fuel composition
Methane 95 vol %
Hydrogen 5 vol %
Excess air 20%

The maximum temperature in the radiation section is not specified in the base case paper. Instead
the average temperature (along the length of the furnace) of the flue gas at the exit of the radiation
section is shown, and it is 1116°C which is 266°C higher than the COT temperature. The issue with the
temperature at the exit of the radiation section is that it reflects the temperature after all the heat
transfer to the tube has occurred, and as such is lower than the temperatures present along the
furnace height. To find a better approximation of the expected temperature differences present
between the furnace and external tube wall, several studies on naphtha cracking furnaces were
reviewed where the temperature profile along the height of the furnace is simulated. The studies
used in this paper are by G. Hu et. al. [16] [17]. The use of those two studies is justified by very
similar furnace and reactor coil configuration, and coil inlet and outlet temperatures and pressures.
Based on those studies, the temperature difference at maximum heat flux between furnace gas and
external tube wall was assumed to be 300°C.

The second set of information was the reactor tube geometry, operating conditions, and the
temperature profile of the pyrolysis gas. This information is shown in Table 2 and Figure 6, and is one
of the main inputs for the Aspen Plus model.

Table 2. Reactor tube details

Coil total length 100 m
Coil inlet temperature 656°C
Coil outlet temperature (COT) 850°C
Coil Inlet pressure 292 kPa
Coil outlet pressure 195 kPa
No. of passes 8
Internal diameter passes 1-6 12.4cm
External diameter passes 1-6 14 cm
Internal diameter passes 7-8 13.6 cm
External diameter passes 7-8 15.2 cm
Tube thermal conductivity -1.257 + 0.04327T (W/m.K)
Feedstock 100% ethane
Hydrocarbon feed rate 2800 kg/h
Steam dilution 0.365 kg steam/kg hydrocarbon
Coke conductivity 6.46 W/m.K
Coke specific gravity 1600 kg/m3
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For Figure 6, it can be seen that there are two temperature profiles for 0 hours of operation and
1370 hours of operation. The difference between the run times is the thickness of the coke layer
formed on the inside of the reactor tubes which increases with time, and in turn slows the heat
transfer to the pyrolysis gas. So as more coke is formed the temperature of the pyrolysis gas
decreases for the same heat flux. For the temperature profiles, they are almost the same for the
entire run length since the assumption in the paper is that the heat supplied to the tube is adjusted
to keep the temperature levels of the gas the same.

The third set of information was the heat flux profiles and external tube temperatures along the
reactor length for different run length of the reactor. These profiles are shown in Figure 7 and Figure
8. The 0 h and 1370 h graphs were compared to evaluate the effect of coke formation, and the 1370
h case was used to verify that the coke model detailed in the section below was working well.
Looking at the graphs in Figure 7, it can be seen that the heat flux to the tube varies a lot with several
spikes and dips. This profile is due to many reasons. One of the reasons is the proximity of the flame
and the distribution of flame burners along the wall of the furnace which cause an increase in the
heat flux. The other is the combination of temperature difference between furnace and tube and the
rate of the reactions inside the tube. The temperature difference can be seen as the driving force
which decreases as the temperature of the tube increases. The reactions start slow at the beginning
of the tube and become more intense towards the middle, then slow down a bit towards the end.
More intense reactions consume more energy and thus require higher heat fluxes.
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Figure 7. External heat flux on reactor tube [13]

Looking at Figure 7, the heat flux for the coke case is higher than the baseline at the beginning of the
reactor tube since little coke is present while it is lower at the end of the reactor tube where coke is
present. Overall, the average heat flux is almost the same for both cases. This matches with the fact

that the temperature profile inside the reactor tube is also the same for both cases, which means the
same intensity of cracking reactions is taking place.
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The issue with the base case paper was the kinetic model used to simulate the cracking reactions,
which is detailed and includes up to 150 reactions. In Aspen Plus, it is difficult to incorporate such a
large number of reactions and include radicals and generic molecule formations (such as CyHzn.1).
Instead, a simplified reaction network of 8 reactions from Shokrollahi et. al. [12], which is based on
Sundaram and Froment [18], was used. The reactions and related Arrhenius parameters are listed in

Table 3 and Table 4 respectively. The rate of the reaction is then k = Ae_R_ET. Reactions 1 and 5 below
are reversible, and the rates for the reverse reactions were calculated from Shokrollahi et. al. [12]
and checked against the rates given in P. Ranjan et. al. [15]. The Arrhenius parameters for the reverse
reactions are shown in Table 5. Tables 3, 4, and 5 represent the simplified kinetic model used in this
paper. This kinetic model as well as models from P. Ranjan et. al. [15] and M.N. Rosli et. al. [19] were
implemented in Aspen Plus. The results showed that the three models gave very similar predictions
of the final product composition. In addition, the percentage difference between the predicted yields
using the simplified kinetic model and the yields from the base paper was calculated. The maximum
difference was found in the conversion of ethane, which amounted to 9%. This error percentage is
acceptable for the purpose of this thesis, especially that coking reactions were not accounted for.
Thus it was considered satisfactory to adopt the simplified kinetic model.

Table 3. Simplified reaction network for cracking of ethane

C,Hg & C,H, + H, (1)
2C,Hg - C3Hg + CH, (2)
C3Hg - C3Hg + H, (3)
C3Hg —» C,H, + CH, (4)
C3Hg & CyH, + CH, (5)
C;H, + C;Hy = Ch4Hg (6)
2C,Hg — C,H, + 2CH, (7)
C,Hg + C,H, — C3Hg + CH, (8)

Table 4. Arrhenius parameters for simplified reaction network

Rate Coefficient A (s?) or (m3.molt.s?)* E (kJ/mol)
kq 4.65-10%3 273
k, 3.85-10! 273
ks 5.89-10% 215
ks 4.69-10%° 212
ks 6.81-10% 154
ke 1.03-10%* 173
k- 6.37-10% 530
kg 7.08-1013* 253
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Table 5. Reverse reaction rates

Reaction A(s?) E (kJ/mol)
C2H4_ + HZ 4 C2H6 849108 1365
C2H2 + CH4 d C3H6 381108 1472

With the above information, the most important parts of the ethane cracking plant, the furnace and
reactor coil, were ready to be modeled. The rest of the process downstream is often not considered
or focused on in literature due to two factors: the equipment is almost the same with regards to
design and operating conditions (with some exceptions for the TLE); the equipment serve the
purpose of separating the streams into required products very well and not much room for
improvement is available. As such, it is assumed in this paper that the downstream components
shown in Figure 5 apply. The pressure and temperature details for each component were based on
several literature sources [13] [12]. This leaves the coking model and some key assumptions made to
be able to proceed with the implementation in Aspen Plus, which are detailed in the following
sections.

4.1.2 Coke formation

In steam cracking for olefins production, coke is solid carbon deposits on the internal reactor tube
walls. Coke layers affect the temperature of the tube skin, internal tube diameter, and product
yields. Coke layers act as a thermal barrier to heat transfer from the furnace to the pyrolysis gas.
Since temperature profiles of the pyrolysis gas is of major importance for product yield and
selectivity, plant operators would like to keep the profile constant as much as possible. Accordingly,
as the coke layer becomes thicker the amount of heat required to obtain the same pyrolysis gas
temperature will increase. This in turn raises the temperature on the tube skin, which causes thermal
stress on the tube material. The metal has a temperature limit, usually around 1100°C [13] [12], and
that means the furnace has to be taken offline to de-coke the reactor tube before it can be operated
again. The most common options for de-coking are using a mixture of air and steam to burn off the
coke and using a pig that travels through the pipe and removes the coke layer. For the tube
diameter, the coke layer reduces the internal diameter which in turn reaches a limit and causes
operations to be stopped for de-coking. Due to these two factors, the run length of the plant falls in
the range of 30-80 days, and in the base case paper it is 57 days (or 1370 h).

With regards to product yields, coke formation reactions affect the composition of the pyrolysis gas
at the outlet of the reactor tube. The rate of formation of coke depends on the temperature and the
concentration of coke precursors in the pyrolysis gas, as well as operation time. Higher temperatures
and concentrations of coke precursors lead to higher rates of coke formation. Most important coke
precursors in steam cracking of ethane are ethylene, propylene, and 1,3-butadiene [12]. Those
precursors are also in agreement with papers on steam cracking of naphtha which identify the same
groups of molecules as precursors [20]. Since temperature and coke precursor concentration are
much higher further along the reactor length than at its start, coke thickness is highest in the final
sections of the reactor. This should be one of the reasons why the tube internal diameter becomes
larger in passes 7 and 8 as shown in Table 2. After 57 days of operation, the coke thickness in the
base case becomes 13.4 mm at 80 m of the reactor length (which corresponds to passes 7 and 8). As
discussed above, the internal diameter affects the run length of the plant, and so increasing the
diameter by 12 mm in the last passes compensates for the coke layer build up. As for operation time,
the thickness of the coke layer increases with time as coke reactions continue to build up that layer.
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Due to the complexity of coke formation, time dependence of coke deposits, and the nature of the
coking reactions it was difficult to get an accurate prediction of the concentration of coke using the
Aspen Plus model. For the purposes of this thesis, coking reactions were not taken into account. The
composition of the pyrolysis gas after the reactor tube was found to be well within range of the base
case paper and the industrial values, and accordingly the coking reactions were not required for this
paper. Instead, the focus was kept on the effect of the coke layer on temperature and energy
demand.

4.1.2 Assumptions
The main assumptions made in this study are listed below. The assumptions are based on the base
case paper as well as previous work where the same assumptions are widely accepted [17] [13] [5].

- Reactor modeled as 1-dimensional plug flow reactor
- @Gas flow mixture behaves as an ideal gas
- Radial concentration gradients are neglected

5. METHOD

This section shows the detailed procedure followed to obtain a functional model of an ethane steam
cracking plant in Aspen Plus. The approach was first to implement the base case data into an Aspen
Plus model that can accommodate input changes easily. With the model ready, simulation proceeded
and key parameters were noted to be used as performance indicators. The key parameters,
collectively referred to as “results” hereon after, were:

- Energy demand in the reactor tube (unit: W)

- Fuel consumption (kg/s)

- Ethylene yield (kg CoH4 /kg CoHe)

- Methane yield (kg CHa/kg CoHe)

- CO; and CO emissions (ton/yr and ppm respectively)

The energy demand in the reactor tube was calculated by Aspen as the sum of the difference in
enthalpies of formation of the different compounds in the gas. Fuel consumption was determined as
the mass flow rate of fuel (methane) required to meet the energy consumption at a certain
temperature. The combustion reaction of methane was considered in Aspen using the RGibbs block
which calculates the equilibrium composition of the flue gases and energy released per kg of fuel at a
specified temperature. Since temperature level and energy released are considered in the RGibbs
block, it was also used to represent the FBHE. The temperature, fuel flow, and air flow were set as an
input to the block, and the released energy and flue gas composition were noted. For the base case
the fuel consumption is determined based on the fired duty specified in the base case paper, which
takes into account losses in the furnace. For the FBHE, the energy required is considered to be the
same as the energy demand of the reactor tube. For the emissions, as mentioned the block calculates
the equilibrium composition of the flue gas. In practice, flue gas from furnaces and boilers do not
reach full equilibrium, which means higher CO concentrations will in reality be present in the flue gas
as compared to the output from the RGibbs block. Accordingly, the CO;, and CO concentrations from
Aspen Plus were used for comparison between the different cases rather than true values of
expected emissions from the combustion conditions. Finally, the ethylene yield is determined from
the output of the Rplug block in Aspen which is used to simulate the reactor tube.

Afterwards, the sensitivity analysis was conducted on the model to identify which parameters have
the biggest impact on the energy efficiency of the process. This was done by varying one parameter
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over a range of values while keeping other parameters the same, and taking note of the results for
each value of the parameter. The key parameters studied, collectively referred to as “variables” here
on after, were:

- Outside heat transfer coefficient in FBHE (hoy): varied between 300-900 W/m?2.K

- Steam to hydrocarbon ratio (S/HC): Varied from 0.2-0.8 kg/kg

- Coil outlet temperature (COT): Varied from 800-950°C. Since the reactor has a temperature
profile rather than a single temperature, it was assumed that each point of the profile shifts
vertically by the same amount that the COT has shifted.

- Pressure of the feed: The pressure drop over the reactor was assumed constant, and the
inlet pressure was varied from 320-220 kPa.

The parameters noted for comparison were the “results” defined above. Afterwards, the design of
the FBHE was performed under the guideline that it should be a suitable replacement for the
conventional furnace. The parameters determined for the FBHE are comprehensive, and include
geometry, bed material composition, excess air ratio, and heat transfer coefficient. Then the
temperature level required in the FBHE was calculated and verified against the temperature profile
of the pyrolysis gas.

5.1 Aspen Plus model

Aspen Plus is a flow-sheeting software that simulates chemical processes. The advantage of Aspen is
that is a visual tool, relatively simple to use since complex calculations are built in and the user only
specifies the input data, and allows for integration of whole processes. Aspen represents different
components of a plant or process as blocks that interact with each other using streams. Each type of
block represents a specific method used to handle the input data, and the user chooses the block
based on the output requirements. Streams represent material flows in and out of the block, and are
used to show the temperature, pressure, and species compositions.

The first element to be modeled was the reactor tube. The reactor tube was modeled as a one
dimensional plug flow reactor with an imposed temperature profile. The block used was Rplug. The
input stream to the block was the ethane and steam mixture at the specified flowrates, temperature
and pressure. Next the pressure drop was specified, and then Aspen assumes a linear pressure
profile along the reactor tube length using the input and output pressure. In Aspen the property
method should be specified and that is an input that tells Aspen which set or table of thermodynamic
and chemical data to use for the calculations. For selecting the property method, M.N. Rosli et al.
[19] tried several property methods and showed that the results are very similar, eventually adopting
the GRAYSON property method since it is also recommended by Aspen for ethylene production
applications. As such the GRAYSON property method was also used in this paper. Then the reactions
and kinetic parameters shown in Tables 3 and 4 were entered. The reaction type was defined as a
Powerlaw reaction.

The second element was the combustion in the furnace. The block RGibbs was used to simulate the
combustion of CH4. The RGibbs block uses the Gibbs free energy minimization to calculate
equilibrium compositions of a reaction at a certain temperature. The inputs to the block are the flow
rates, temperature, and pressure of the fuel and air mixture. The outputs are the composition of the
flue gas and the net energy released from the reaction. The RGibbs block has been used successfully
in previous studies made at the department of Energy and Environment at Chalmers to simulate
combustion and gasification reactions.
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The TLE was modeled using as simple heat exchanger block with the temperature of the inputs and
outputs specified. The splitting columns were modeled using the separators block where the fraction
of each component in the outlet stream is specified.

5.2 FBHE design

The design of the FBHE involved three steps: Geometry and dimensioning of the furnace and cracking
coils, selection of bed material and related parameters, heat transfer conditions, and calculation of
the required temperature level in the bed. These steps are presented in detail in the respective
sections below.

5.2.1 FBHE geometry and dimensioning

The reactor coil configuration used in the base case is shown in Figure 9. Four coils are used that are
placed next to each other in a single row. Combining this configuration with the dimensions of the
coils given in Table 2, the length of the tube bend is approximated as the total length of the furnace
minus 0.5 m from each side for tolerance and divided by the total number of bends which is 4x4=16
(tolerance reflects the physical clearance required so the tubes do not actually touch the furnace
walls). Next the size of each bend is multiplied by the total number of bends (7) and subtracted from
the reactor length of 100 m and divided by 8 to obtain the length of each pass in the reactor. Results
are shown in Table 6.
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Figure 9. Reactor coil configuration in base case

Table 6.Pass and bend length

96—1
Bend length =0.534m
16
100 — (7 * 0.534
Pass length (8 ) =12.03m

In comparison with other literature studies containing plant data, the size of the reactor coil in the
base case is more on the large side. As such, maintaining the same coil configuration in the FBHE
where the coils should be immersed in the bed is difficult mainly due to the height of bed material
that would be required and the ability to fluidize the bed. A 12 m high bed would be needed to
immerse the tubes and that is not practical. Instead, the design is altered based on the fact that
temperature distribution in an FBHE with OCAC is quite uniform [21] [22] and accordingly the heat
transfer coefficient from the bed to the reactor tube surface is almost the same as well (one fixed
value for the heat transfer coefficient). This means that the temperature profiles that exist along the

25



height of flame burner furnaces and the presence of secondary burners are no longer a factor for the
shape and dimensions of the bed of the FBHE. Based on the above, the first modification was to stack
the coils in four rows on top of each other, with each row one external diameter (15 cm) apart from
the next. This means that the bed height required to immerse the tubes is 8*0.15+0.1=1.3 m. The
bed height is an important factor for the performance of the FBHE and it directly affects bubble
formation and pressure drop inside the bed. With higher bed heights the size of gas bubbles formed
becomes larger which significantly decreases particle contact with the immersed tubes and hence
the heat transfer. Typically bubbling fluidized beds have a height of 0.5 m. However, it is expected
that the tube bundles will act as a physical barrier to bubble formation and help break the bubbles
before they get too large. With respect to pressure drop, higher beds require significantly larger gas
pressures to fluidize. This also means a bigger fan or compressor is needed to fluidize the bed, which
means more electric power consumption.

Then the coils were shifted to a horizontal position along the length of the furnace instead of the
height. In this position, the length of the FBHE required will be greater than 4*0.534= 2.1 m which is
relatively small. Accordingly, to reduce the depth of the FBHE from 12 m, the number of bends and
passes for each coil was increased to obtain a more square geometry. If the number of passes is
increased to 14, then the tube bend number becomes 13 with a total length of 13*0.534=6.94 m and
the length of the pass (depth of the FBHE) becomes 6.647 m. The length of the FBHE is then
13*0.534=6.94 m. Finally, the height of the FBHE for a bubbling bed is almost the same as the height
of the bed, so it was set as 1.5 m. The new configuration in the FBHE is illustrated in Figure 10.

1.5m

Height

Depth

Figure 10. FBHE configuration and dimensions

Due to the high complexity of heat transfer and gas-particle flows in a FBHE, some key assumptions
for the above dimensioning were considered. The effect of having coils stacked on top of each other
on the heat transfer and particle contact with the tubes was assumed to be small such that the those
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properties are almost the same as they would be if only one coil was immersed in the bed. This
assumption stems from the study by Q.F. Hou et. al. [23] where a detailed and rigorous assessment
of the effect of different tube arrangements (in-line, and staggered) on bubbling behavior and heat
transfer was conducted, and no significant effect was observed. It should be noted that the study did
find differences in the microscopic level but there was no specific trend for variation in heat transfer
and gas-particle flows and the conclusion was that the process was too complicated and needs
further research. Another assumption was that the amount of fuel that could be combusted in the
FBHE and consequently the amount of energy that could be supplied was assumed to be
independent of the size of the FBHE, only on the fuel and air flow rates. Finally, up to the author’s
knowledge there is no actual bubbling fluidized bed of the size proposed above actually in operation
today. As such, the feasibility and performance of the bed was assumed to be the same as in the
smaller beds on which a lot of research is available. In theory, the limiting parameter is the bed
height and it has the most effect on the fluidization rather than the cross section.

5.2.2 Selection of bed material

In this study, active bed material is used in the FBHE to achieve better combustion inside the bed,
more uniform temperature distribution, reduce emissions (in particular CO), and reduce power
demand of auxiliary equipment due to low excess air ratios. Active bed material can be mixed with
inert sand material that is typically used in fluidized beds or used as the sole bed material. Active bed
material consists of metals called oxygen carriers that can chemically bond with oxygen (oxidize) and
then release this oxygen (reduce) where oxygen concentrations are low. Hence the name oxygen
carrier aided combustion (OCAC). With regards to performance, OCAC holds several advantages over
inert bed material. Since good mixing is achieved in a fluidized bed, oxygen carriers are well
distributed all over the bed. In turn, this results in more uniform oxygen availability and much better
fuel and oxygen mixing which ensures complete combustion. Typically in a bubbling fluidized bed,
gaseous fuels such as methane are converted to a large extent above the bed (in the freeboard),
which makes it very difficult for the dense bed to reach the desired temperature and temperature
distribution. The key advantage with OCAC is that oxygen carriers facilitate the conversion of fuel
inside the dense bed. Relatively stable fuel components such as methane are combusted by direct
solid-gas reactions inside the bed, where ignition may otherwise be hampered by thermal inertia
[21]. Another issue is that without active bed material, higher ratios of excess air need to be used to
ensure complete combustion and reduce unwanted emissions. The downside is that excess air
increases the heat losses in the bed and the power consumption of support equipment such as fans.
The advantage with oxygen carriers is that the ratio of excess air needed becomes much less while
maintaining low CO emissions.

Several metals can serve as oxygen carriers, and the metal oxides that have been tested and found
feasible are NiO/Ni, Mn304/MnO, Fe,03/Fes04, Cu;0/Cu, CoO/Co [24]. The criteria used to evaluate
the oxygen carriers are listed below [24]:

- High reactivity with fuel and oxygen, and ability to convert the fuel fully to CO, and H,0
- Low fragmentation and attrition, as well as low tendency for agglomeration
- Low production cost and preferably being environmentally sound

After reviewing the studies by A. Lyngfelt [24], and Ryden et. al. [21] and Kallen et. al. [25] it was
found that manganese ore (Mn30,) meets the above criteria quite well and experimental data on its
performance is available. As such, manganese ore is adopted in this study. Since methane is used as

fuel in this study, the reaction for combustion of methane is illustrated below:

CHy gy + 4Mn3045) > 12Mn0 g + CO4(q) + 2H,0(4)
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Then manganese is oxidized backed to the initial state according to the reaction below:
202(g) + 12MTLO(S) g 4Mn304(5)

It should be noted that manganese ore batches are not solely composed of manganese, but rather a
mixture of components of which manganese (Mn) holds the largest percentage (greater than 45%)
[21].

Next, three more parameters were required with regards to the bed material: air-to-fuel ratio (excess
air), extent of mixing of bed material, and mean particle diameter. To determine the air-to-fuel ratio
and bed composition, the study by Kallen et. al. [25] was used where performance of manganese ore
in a fluidized bed with methane as fuel was experimentally measured. The study showed that using a
bed material with 50% manganese ore and 50% silica sand allowed the fluidized bed to be operated
at an air-to-fuel ratio as low as 1.01, with CO concentrations in the flue gas about 5 times lower
compared to a 100% sand bed. As such, the same bed composition was used in this paper and the
excess air ratio was set to 1.03 (for practical reasons it would be difficult to operate at lower ratios).
Finally, an assumption of mean particle diameter in the bed material was required for this paper as it
has a significant impact on the heat transfer conditions in the FBHE as detailed in the section below.
Using both Kallen et. al. [25] and Ryden et al [21], the mean diameter for a bed material consisting of
sand and manganese ore was between 150 — 200 um. The diameter adopted in this report was

200 um since it falls within the small diameter range that achieves higher heat transfer [26] [27].

5.2.3 Heat transfer conditions
The main function of the furnace in an ethylene plant is to provide heat for the endothermic
reactions in the reactor tube. The FBHE serves the same function through different heat transfer
mechanisms that are detailed in this section. First, the general case for heat transfer is presented.
Heat transfer that occurs from the surroundings to the tube is denoted as outside/external heat
transfer. Inside or internal heat transfer occurs between the tube wall and feed gases through the
coke layer. Outside heat transfer occurs through convection, conduction, and radiation and the
coefficients are temperature dependent. Inside heat transfer occurs mainly through conduction and
is also temperature dependent. Heat transfer is represented mathematically by heat transfer
coefficients which can be visualized as a resistance to the heat flow. Figure 11 illustrates the
resistance concept with the different heat transfer coefficients. An overall heat transfer coefficient
(heq) or equivalent coefficient can be defined to take into account all resistances. The general
function for heq is shown in equation 2:

11 dﬂ“(?z‘f) de 1 d 1

— = + +—x—
heq hout kaall di kcoke di hi

where 2)

- hout = heonv + hraa + heona
- hcony : cOnvection coefficient
- hyyq: radiation coefficient

- h¢ona : conduction coefficient
- kwan: tube wall conductivity

- keoke: conductivity of coke layer
- hi: coefficient for pyrolysis gas

Based on above equations, the heat transfer from the furnace to the tube will be
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Q= hqu(Tf - Ty) 3

- Q:energy consumed by the reactions for given temperature profile.

- A:surface area of reactor tube, based on outside diameter of reactor tube (d:)
- Tg temperature in the furnace/fluidized bed

- Tg: pyrolysis gas temperature inside reactor tube
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Figure 11. Heat transfer coefficients analogy to electric resistance

In the FBHE surroundings include combustion gases, furnace walls, and bed material. For this study,
the tubes were immersed in the bed material and accordingly were assumed not to “see” the furnace
walls so no radiation from the furnace walls was considered. In addition, since the same tube and the
same temperature profile for the gases was used in the FBHE, the internal heat transfer will be the
same as compared to the base case. As such the outside heat transfer was the main factor and it
represents the main change that occurs when using the FBHE in the process. Taking into account the
outside heat transfer only, equation 3 now becomes

Q= houtA(Tf - Twe) 3)

Equation 3 has two unknowns: h,,,; and T¢. The external tube wall temperature profile is given in
Figure 8. The heat flux per unit area given in Figure 7, and integrating gives the area under the curve
or the total amount of heat Q that needs to be supplied to the tube. As mentioned above, the
outside heat transfer coefficients are temperature dependent, so an iterative procedure that solves
for both Tr and hy,,; at the same time is required. However, the trick is finding an expression for
hoyut- The heat transfer mechanisms are very complex in a fluidized bed and are affected by many
different factors that interact with each other. As such, the formulas found in literature are
complicated, require detailed knowledge, and a lot of calculations to be solved without necessarily
providing accurate answers. In addition, it is difficult to find a general expression for the heat transfer
from a FBHE to an immersed tube that applies across all situations. To address this issue, the key
factors that affect the heat transfer were identified and based on the chosen values of these factors
in this paper an overall outside heat transfer coefficient value was assumed. However, a general
expression for bubbling beds from Basu [28] was found to be relevant to this study and it was
evaluated using common and assumed values for the different terms present. This way a calculated
number for hoy: Was available and can be compared to the adopted value of hyyt. The expression is
shown in equation 4.
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The most important factors according to different literature reviews were the size of the particles in
the bed material (d,), the fluidizing gas velocity or superficial gas velocity (U), and the temperature
of the bed. With smaller size particles, heat transfer to the tube is improved since the particle does
not absorb a lot of heat and does not have a temperature gradient across its diameter. The diameter
range for “small” particles is between 150-350 um [27]. The fluidizing gas velocity affects the gas
bubble formation and the contact time of the particles with the tube surface. Larger bubbles create a
space without many particles and thus decreases heat transfer by conduction, and short contact
times means the particles have limited time to transfer heat by conduction. Finally, higher
temperatures in the bed create a stronger driving force for heat transfer to occur and increases the
radiation contribution significantly.

To find more details and suitable values for the above factors, four papers on the topic were
reviewed and compared to reach reasonable assumptions that could be applied to the case in this
paper. The four papers are from Kim at al. [26], Khan et. al. [29], H-S Li et. al [30], and N.
Masoumifard et. al. [31]. H-S Li et al. [30] showed that increasing temperatures in the bed result in
higher heat transfer coefficients. The radiation part of the heat transfer is expected to increase
quickly with higher temperatures and the radiation contribution becomes quite significant at high
temperatures. The temperature required in the FBHE for steam cracking will be higher than 1000°C
since the COT for ethane and naphtha is close to 900°C. Across the four papers, it was shown that
heat transfer coefficients increase with smaller diameter of the sand particles. In N. Masoumifard et.
al. [27] and Kim et. al. [26], it is shown that heat transfer has a maximum value at a certain U.
However, a general ratio for U/Un¢ is not defined and could be in the range of 2-4. In this paper it is
assumed that the bed is fluidized at the optimum U to give the maximum heat transfer rate. In the
reviewed papers, the immersed tubes had different diameters. Although the effect of this diameter is
not evaluated, the values of the heat transfer coefficients obtained do not show that the diameter of
the immersed tube has a direct or significant impact on the heat transfer performance of the bed. Of
course using tube bundles in different configurations will affect the heat transfer properties, but for
the level of detail and purpose of this paper it is assumed that this factor can be neglected. Finally,
the value of the heat transfer rates measured in the four papers was compared and found to be in
the range of 350-600 W/m?2.K. Based on the above, the operating conditions for the FBHE in this
paper is compared and evaluated against the results of the literature review. Accordingly, for the
given temperature and particle diameter given above the outside heat transfer rate from the FBHE to
the immersed tubes (hout) Was assumed to be 600 W/m2.K. To further assess this assumed value,
equation 4 above was used to calculate hoy and the value was found to be 922 W/m?.K. Based on
bubbling beds in operation today, the calculated value is on the high side but it shows that the
assumed value is reasonable and falls within the range between theoretical and experimental values.

To put things into perspective, the value assumed for h,,; in the FBHE is compared with the value for
flame burner furnaces found in both the base case and literature. For the base case, Figure 7 &
Figure 8 were used in combination with equation 3 to find the maximum heat transfer coefficient
from the furnace to the tube.

o2, b
out A (Tf_Twe)
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As mentioned in section 4.1 above, the difference between furnace and tube wall temperature is at
maximum heat flux is around 300°C. The maximum outside heat transfer coefficient was found to be
300 W/m?.K.

5.2.4 Temperature calculation (T¢)

The temperature level required in the FBHE is a main indicator for assessing the effect of increased
heat transfer in the FBHE as compared to a typical cracking furnace. As discussed above, the
temperature in the FBHE is expected to be quite uniform and constant at T=T:. Furthermore, since
the heat transfer coefficient from the bed to the reactor tube is also assumed constant, the external
heat flux will not have the spikes and dips seen in the base case (Figure 7). Accordingly, the
temperature in the FBHE was calculated using the average heat flux and the average external tube
wall temperature values. Alternatively, the net heat demand can be used in conjunction with the
average external tube wall temperature. Next equation 3 was used with the values of hout, Q, and Tye
to find Tr. Afterwards, hou Was varied over the range 300-900 W/m?.K to assess the effect on T and
to try to further validate the chosen value of hoyt.

6. Results and discussion

In this section the results of the calculations and sensitivity analysis are presented and discussed. A
comparison is made between the furnace in the base case and the suggested FBHE.

First, a summary of the design and selected parameters for the FBHE is presented in Table 7 for easy
reference.

Table 7. Summary of FBHE design and parameters

FBHE
Length 7.34m
Depth 7.05m
Height 15m
Bed height 1.3m
Bed material 50% manganese ore, 50% silica sand (wt%)
Mean particle diameter (d,) 200 um
Excess air ratio 1.03 (kg air/kg fuel)
Outside heat transfer coefficient 600 W/m?2.K
Fuel 100% methane (CHa)
Gas velocity (U) At optimal

Next the calculation of the temperature and fuel flow rate were performed for two cases: without
coke (Oh) and with coke (1370h). Using the heat flux curve from Figure 8, the total heat consumed by
the reactor tube was determined as the area under the curve and the units are kW/m?. The area was
based on the external tube surface, so the heat flux value obtained was multiplied by the area of the
tube (based on outside diameter) and the length of the tube to get the total energy demand in MW.
Since the tube has two different diameters along its length, the tube length was split into two
sections accordingly. The calculation was done in MATLAB via a simple code presented in Appendix
A. The formula used is shown below:

Q = trapz(x,y)
Qtor = (Q1 *m* D1+ Q2 * m + D2)/1000

31



- trapz: MATLAB function for calculating the area under the curve
- Qtot: total energy consumed by a single reactor tube (MW)

- Ql: total heat flux for section 1 (kW/m)

- Q2: total heat flux for section 2 (kW/m)

- D1: outside diameter of section 1 =14 cm

- D2:outside diameter of section 2 =15.2 cm

Then the average temperature of the external tube surface was calculated for Oh (no coke) and
1370h (with coke layer). For Oh the value was 900°C and for 1370h it was 958.4°C. An average for the
heat flux on the tube was also calculated and found to be 63.63 W/m?.K. Using this average
temperature and heat flux, the temperature in the FBHE can be calculated, with the assumed value
of hout = 600 W/m?2.K, as follows

Q_avg

hout

be = + Tweavg

The results are shown in Table 8 below.

Table 8. Calculated values for Ty based on different cases

T# based on average Ty for Oh 1006 °C
Ts based on average Tye for 1370h 1064 °C

It can be seen that the temperature in the fluidized bed needs to be approximately 106°C higher than
the external tube wall temperature to provide the necessary heat demand. Figure 12 a) illustrates
the heat flux profile and average heat flux while b) shows Tweg,,g, Twe profile, and Tg, for the 1370h

scenario.
100 . T r r T 1100
:!{ ax
—————————————————————————————— SO S U SU SIS SUSI SO
90
1050 [
o
- =
£ 0 'g
= > 1000 [
[ o
g 7or £ Twegyg /\
E| a; =
= o =
b= Vg g2 osof \/\/
2 et &
s |
=
900 -
50 -
a) b) e >
0 10 20 30 40 50 6 70 80 80 100 0 10 20 30 40 50 60 70 80 90
reactor length - m reactor length - m

Figure 12. a) heat flux and average heat flux for 1370h, b) external tube wall temperature profile Tye,
Twe average, and fluidized bed temperature for 1370h

As for the total heat required by the reactor tube, the heat consumed in one reactor tube for Oh was
2.58 MW and 2.6 MW for 1370h. Since four reactor tubes are present, the total heat demand from
the furnace and FBHE becomes 4*2.6=10.4 MW. The two values are almost the same as expected
since the temperature profile inside the reactor tube was kept almost the same as shown in Figure 6.
The slightly higher value at 1370 h was used for the fuel consumption calculations.
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To find the mass flow rate of fuel needed, the combustion reaction for CHs was considered at the
temperature of the furnace or FBHE coupled with the excess air ratio used in each case. The energy
released by the combustion reaction per kg of burnt fuel was calculated as the enthalpy difference
between the products and reactions. Then the mass flow rate is the energy consumed in the reactor
tube divided by the energy released per kg of burnt fuel.

Using the fuel flow rate, excess air ratio, and temperature in the furnace and FBHE the CO emissions
were determined using the RGibbs block in Aspen Plus. The data obtained for the furnace are
summarized in and for the FBHE in

Table 9. Summary of obtained parameters for the furnace of the base case

At 0 h (no coke)
Mryel 0.5503 kg/s
Excess air ratio 1.2
Total Q consumed by reactor tubes 10.4 MW
Tt 1183 °C
CO concentration in flue gas (mol basis) 1.32 ppm
At 1370 h (with coke deposit)
Mryel 0.6226 kg/s
Excess air ratio 1.2
Total Q consumed by reactor tubes 10.4 MW
Tt 1258 °C
CO concentration in flue gas (mol basis) 4.16 ppm

Table 10. Summary of obtained parameters for FBHE

At 0 h (no coke)
Mryel 0.3073 kg/s
Excess air ratio 1.03
Total Q consumed by reactor tubes 10.4 MW
Tto 1006 °C
CO concentration in flue gas (mol basis) 1.17 ppm
At 1370 h (with coke deposit)
Mryel 0.3206 kg/s
Excess air ratio 1.03
Total Q consumed by reactor tubes 10.4 MW
T 1064 °C
CO concentration in flue gas (mol basis) 4.19 ppm

From the above tables, the effect of improved heat transfer conditions in the FBHE can be evaluated.
It can be seen that the temperature required in the FBHE is 177°C lower than the furnace at Oh and
194°C lower at 1370h. This temperature difference, in addition to lower excess air, results in about
44.1% lower fuel consumption in the FBHE at Oh and about 48.5% lower at 1370h. The values
presented above also reflect the effect of coke deposition on the operation of the FBHE. The
temperature difference between no coke and with coke is 58°C in the FBHE which in turn results in
4.33% more fuel consumption.

33



The ethylene yield in all cases for both the furnace and the FBHE was the same since the same
temperature and pressure profiles were applied to the reactor tube. The ethylene yield, ethane
conversion, and CH, yield were obtained from the Aspen Plus model. Yield was defined as the weight
of the product divided by the weight of the ethane feed. A comparison between the obtained values
and the values in the base case was also performed. The results are summarized in Table 11 below.

Table 11. Ethane conversion and ethylene and CH, yields

Base Case Simplified kinetic Percentage difference
model

Pressure in 292 kPa

Pressure out 195 kPa

coT 850°C
Ethane conversion 63.4% 72% 8.6 %
Ethylene yield 48 wt% 53.3 wt% 53%
CH, yield 43 wt% 5.93 Wt % 1.63%

34




6.1 Sensitivity Analysis

In this section the effect of different “variables” on the “results” is evaluated. The findings are
illustrated in graphs and then discussed to shed more light on both the operating conditions in the
FBHE and the ethane steam cracking process.

6.1.1 Outside heat transfer coefficient in FBHE (hout)

The heat transfer coefficient in the FBHE was varied between 300 and 900 W/m?.K to determine the
effect on temperature in the FBHE and fuel consumption. The results are shown in Figure 13 and
Figure 14 below.
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Figure 13. Effect of external heat transfer coefficient on fuel consumption in the FBHE

From the respective figures, if hout is increased from the adopted 600 to 900 W/m? K, fuel
consumption can be decreased by around 3.7% while the temperature required in the FBHE will
decrease by around 35°C. It can also be noted that the slope of the lines decreases with increasing
heat transfer coefficient, meaning that the savings in fuel consumption and decrease in temperature
is much higher when going from 300 to 600 than it is from 600 to 900.
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Figure 14. Effect of external heat transfer coefficient on temperature in the FBHE

6.1.2 Steam to hydrocarbon ratio

The steam to hydrocarbon ratio (S/HC) is varied from 0.2-0.8 kg steam/kg ethane. The variation is

done in Aspen Plus on the reactor tube block. The main effect of this variation was found to be on
the ethylene yield. Figure 15 shows the effect of the steam to hydrocarbon ratio on ethylene yield.

Ethylene yield (wt%)
54.5
54
53.5
53
52.5
52
51.5

51
0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9

S/HC - kg/kg
Figure 15. Ethylene yield vs S/HC

It can be seen from Figure 15 that the yield improves with higher steam to hydrocarbon ratios up to a
certain maximum, after which the yield actually starts to decrease. As such, there is an optimum
range for the S/HC ratio between 0.5 and 0.6 kg/kg. The S/HC ratio used in the base case paper was
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0.365 kg/kg. Another benefit of increased steam dilution is a reduction in the coke layer formed
inside the reactor tube. However, it should also be mentioned that more steam comes at an
increased energy cost.

6.1.3 Coil outlet temperature (COT)

The coil outlet temperature is typically used as an indicator to the temperature levels in the reactor
tube since it is relatively easier to measure that temperature. In this study, each point on the
temperature profile of the reactor tube was adjusted by the same amount as the change in COT. The
main effect of COT were observed in the ethylene yield and energy consumption in the reactor tube.
The results are shown in Figure 16 and 17.
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Figure 16. Ethylene yield vs COT
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Figure 17. Energy consumption in reactor tube vs COT



From the above figures, it can be seen that there is an optimum range of COT at which ethylene yield
is maximized. The optimum range is between 860 and 910°C. At temperatures higher than the
optimum range, the ethylene yield decreases rapidly. A possible explanation for the decrease in yield
could be that ethylene conversion reactions into other products becomes faster at these high
temperatures. Looking at the energy consumption, the trend is an increase in energy demand with
increasing temperatures, again up to a point where the energy consumption stagnates and begins to
decrease slightly. Since this coincides with the ethylene yield trend, this signifies that ethane
conversion into ethylene is possibly the most energy intensive reaction in the cracking process. On
another note, increase in COT will also lead to more coke deposits which shortens the run length of
the furnace or FBHE.

6.1.4 Pressure of the feed
The pressure of the feedstock is known to have an effect on the yields, and as such was varied from
220-320 kPa. The results are shown in Figure 18 below.
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Figure 18. Ethylene yield vs feedstock pressure

It can be seen that lower pressures increase the ethylene yield, so conversion reactions to ethylene
are favored at lower pressures.

7. Conclusions

This study has shown that a fluidized bed heat exchanger with oxygen carrier aided combustion has
superior heat transfer potential compared to the typical flame burner furnace used in steam cracking
processes. The improved heat transfer in the FBHE-OCAC can save a significant amount of fuel, and
with it the energy demand. In addition, temperatures required are much lower in the FBHE
compared to the flame burner furnace. Lower temperature mean lower heat losses from the furnace
or FBHE and less heat stress on the material present. Furthermore, lower excess air ratios due to the
oxygen carrier bed material saves energy requirements for auxiliary equipment which further
enhances the total efficiency of the process. Based on the results, there is room for more energy
savings if the design of the FBHE is optimized with respect to the key parameters affecting the heat
transfer. However, the sensitivity analysis showed that higher values of ho.t have a decreasing impact
on the temperature and fuel consumption. One possible explanation is that the outside heat transfer
starts approaching the internal heat transfer rate, making the internal rate the limiting factor.
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For the Aspen plus model, the results show that the model is suitable for predicting yields and
assessing the effect of operating conditions on the product output. The model also reflects an
overview of an ethane steam cracking plant, showing the different stages present in the steam
cracking process. As such, the model allows for further more detailed development of both the
reaction kinetics and downstream processes where a complete energy assessment of the plant can
be performed. The sensitivity analysis on the reactor tube showed that the coil outlet temperature
(COT) has the biggest effect on ethylene yield, reflecting the highly endothermic nature of the
cracking reactions. The pressure of the feed had the lowest impact on ethylene yields. In addition,
there is an optimum range of operation for the steam to hydrocarbon ratio and COT at which the
ethylene yield is maximized.

Recommended future research is to create an experimental setup or pilot plant to test the FBHE-
OCAC and take measurements that can be used to further validate and improve the accuracy of the
results of this study. It is suggested to involve industry in future research in order to optimize the
steam cracking process using the FBHE and develop new methods or tools to take advantage of the
benefits brought by the FBHE. Another important work would be an economic evaluation of an FBHE-
OCAC compared to the typical flame burner furnace where costs and profits can be compared.
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Appendix A— MATLAB code for temperature calculation and sensitivity
in FBHE

clear all

close all

% Q curve for 1370 h

Q_coke=[87.95 84.04 75.96 93.39 84.77 67.95 72.23 67.52 69.79 66.67 77.31
69.79 55.54 62.75 58.17 58.17 61.35 55.54 67.40 61.71 50.15 54.74 51.31
54.92 50.15 49.54 59.94 40.98 48.44 40.98];

x=[3.05 6.26 8.94 11.86 15.03 17.87 21.21 24.47 27.39 33.49 36.24 40.04
42.71 46.05 48.81 52.03 54.78 58.12 60.92 63.97 67.18 70.06 73.24 76.12
79.21 82.42 85.18 91.27 94.24 97.24];

x1=[3.05 6.26 8.94 11.86 15.03 17.87 21.21 24.47 27.39 33.49 36.24 40.04
42 .71 46.05 48.81 52.03 54.78 58.12 60.92 63.97 67.18 70.06 73.24];
x2=[76.12 79.21 82.42 85.18 91.27 94.24 97.24];

Q_cokel=[87.95 84.04 75.96 93.39 84.77 67.95 72.23 67.52 69.79 66.67 77.31
69.79 55.54 62.75 58.17 58.17 61.35 55.54 67.40 61.71 50.15 54.74 51.31];
Q_coke2=[54.92 50.15 49.54 59.94 40.98 48.44 40.98];

%Q curve for O h

Q_0Oh=[78.72 75.96 67.40 86.30 77.55 61.83 67.58 63.79 65.44 66.79 63.12
77.31 69.79 55.54 62.75 58.17 58.17 61.35 55.54 73.52 68.62 52.84 58.17
55.11 58.72 52.97 70.21 45.69 53.33 46.85];

X_0h=[3.01 6.26 9.06 12.07 15.03 18.12 21.21 24.47 27.39 30.48 33.82 36.24
40.04 42.71 46.05 48.81 52.03 54.78 58.12 60.79 63.72 67.47 70.19 73.24
76.20 82.17 85.34 91.52 94.57 97.62];

x11=[3.01 6.26 9.06 12.07 15.03 18.12 21.21 24.47 27.39 30.48 33.82 36.24
40.04 42.71 46.05 48.81 52.03 54.78 58.12 60.79 63.72 67.47 70.19 73.24];
x22=[76.20 82.17 85.34 91.52 94.57 97.62];

Q11=[78.72 75.96 67.40 86.30 77.55 61.83 67.58 63.79 65.44 66.79 63.12
77.31 69.79 55.54 62.75 58.17 58.17 61.35 55.54 73.52 68.62 52.84 58.17
55.11];

Q22=[58.72 52.97 70.21 45.69 53.33 46.85];

figure

plot(x,Q_coke)

hold on

plot(x_0Oh,Q_0Oh)

%Area under the curve 1370h = total kW/m for each tube section
Ql=trapz(x1,Q_cokel);

Q2=trapz(x2,Q_coke2);

%tube surface area

Al=pi()*0.14;

A2=pi()*0.152;

%Total energy consumed by reactor tube for 1370h (MW)
Q_tot=((Q1*A1)+(Q2*A2))/1000;

%Area under the curve Oh = total kW/m for each tube section
Qlh=trapz(x11,Q11);

Q2h=trapz(x22,Q22);

%Total energy consumed by reactor tube forOh (MW)
Q_toth=((Q1h*A1)+(Q2h*A2))/1000;

%Twe profiles for t=0h and t=1370h

Twe_0h=[845.03 858.70 853.11 895.65 891.61 864.29 878.57 875.78 882.61
887.58 915.53 901.55 882.30 896.58 892.86 894.10 903.11 901.55 933.85

924 .53 904.35 915.22 914.60 918.32 918.94 917.08 948.45 925.78 933.23
926.71];

Twe_1370h=[876.09 890.99 890.06 947.52 943.17 901.24 923.29 918.94 931.99
937.27 985.40 962.73 930.43 950.31 945.03 953.42 961.49 954.66 1022.36
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1004.97 963.04 981.99 975.47 991.61 983.85 991.61 1041.61 994.72 1005.59
990.99];

%Temperature profile inside reactor tube

x_value=[0 4.9 9.8 14.7 19.6 24.5 29.4 34.3 39.2 44_.1 49 53.9 58.8 63.7
68.6 73.5 78.4 83.3 88.2 93.1 98];

y_value=[656 693.17 718.55 736.12 743.71 752.82 760.63 767.35 776.68 780.15
786.66 791.87 798.37 807.70 810.74 816.38 822.89 828.31 840.02 843.49 850];
figure

plot(x_value,y value,"g",x,Twe_Oh,"r",x,Twe_1370h,"b")
%Ffind average Twe for each time period
Twe_avg=mean(Twe_0h);

Twe_avg2=mean(Twe_1370h);

%Find Tfb (Fluidized bed temp)

Qavg=mean(Q_0Oh);

Qavg2=mean(Q_coke);

Tfb=(Qavg*1000)/600 + Twe_avg;

Tfb2=(Qavg2*1000)/600 + Twe_avg2;

%Find point wise Tf and Tfb for Oh

Tf=(Q_0Oh./300)*1000 + Twe_Oh;

Tfb_0h=(Q_0h./600)*1000 + Twe_Oh;

figure

plot(x,TfF);

hold on

plot(x,Tfb_0Oh);

plot(x,Twe_0h);

furnace_temp=max(TF)+273;

fb_temp=max(Tfb_0h)+273;

Tfb_avg=mean(Tfb_0h);

%Find point wise Tf and Tfb for 1370h
TF2=(Q_coke./300)*1000 + Twe_1370h;
Tfb_coke=(Q_coke./600)*1000 + Twe_ 1370h;

figure

plot(x,Tf2);

hold on

plot(x,Tfb_coke);

plot(x,Twe_1370h);

furnace_temp2=max(Tf2)+273;

Tb_temp2=max(Tfb_coke)+273;

Tfb_avg2=mean(Tfb_coke);

%data for CH4 combustion

h_ch4=-74980;

H_C02 = -394088;

H_H20 = -242174;

T_in=298;

I=[1.2 1.03 1.2 1.03];

T=[furnace_temp Tfb furnace_temp2 Tfb2];
Q_total=Q_toth*4;

%calculate m.dot for TF and Tfb at corresponding lambdas
for i=1:4

lambda=1(i);
n_N2_p 2*lambda*3.76;
n_02_p 2*(lambda-1);

T _out=T(i);

H r=1*h_ch4;

H p = HCO2 + 2*H H20 + (T_out-T_in) * (1*44.3191 + 2*32.4766 +
n_N2_p*29.2313 + n_02_p*30.5041) + ((T_out)"2-(T_in)"2)/2 * (1*0.00730 +
2*0.00862 + n_N2_p*0.00307 + n_02_p*0.00349);

Q 2(i)=H_r-H_p; %J3/mol
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Q_extract(i)=Q 2(i)*62.5; %J/kg fuel

m_fuel (i)=(Q_total*1e6)/Q _extract(i); %kg/s
i=i+l;

end

%sensitivity for h_out
H_out=[300 400 500 600 700 800 900];
n_N2p = 2*1.03*3.76;
n 02 p = 2*(1.03-1);
for j=1:7
h_out=H_out(j);
temp(J)=(Qavg/h_out)*1000 + Twe_avg;

%temp(J)=(Q_coke./h_out)*1000 + Twe_1370h;

T _out2=temp(j)+273;

H_r=1*h_ch4;

H_p = H_CO2 + 2*H_H20 + (T_out2-T_in) * (1*44.3191 + 2*32.4766 +
n_N2_p*29.2313 + n_02_p*30.5041) + ((T_out2)"2-(T_in)"2)/2 * (1*0.00730 +
2*0.00862 + n_N2_p*0.00307 + n_02_p*0.00349);

Q_3()=H_r-H_p; %J/mol

Q_extract2(jJ)=Q_3(()*62.5; %J/kg fuel

m_dot(j)=(Q_total*1e6)/Q_extract2(j);
end

figure
plot(H_out,temp)
title("T_f b vs h_o u t*)

xlabel('ﬁ_o_u_t - W/m2.K")
ylabel("T_f b - ~0C")
figure

plot(H_out,m_dot)

title("Fuel flow rate vs h_o u_t*")
xlabel("h_ o u t - W/m2.K")

ylabel ("Fuel flow rate - kg/s®)
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Appendix B — Aspen Plus model flowsheet screenshot

c2sPUT

(O Temperature ()
() Pressure (kpa)
Q  Duty (MW)
W Power(Watt)

46



