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Abstract 

Climate change is an urgent worldwide issue that is mostly brought on by the accumulation of 

greenhouse gases, including CO2 in the atmosphere. Carbon Capture and Storage (CCS) 

technologies can play an important role in the decarbonization process. Chemical Looping 

Combustion (CLC) using biomass as a fuel can be combined with CCS to obtain negative 

emissions.  

This work is part of a collaboration between Chalmers University of Technology and Skövde 

Energi. The project includes performing a process modeling and techno-economic assessment 

of substituting one of the existing biomass CHP-plant boilers with a CLC-system; including 

the capture, compression, and liquefaction of the CO2 obtained. The general objective is to 

analyze the techno-economic feasibility of the CLC technology and give some guidelines for 

future implementation at Skövde Energi’s site. Additionally, the technology is compared with 

a post-combustion study using absorption with monoethanolamine (MEA), previously 

performed for the same combustion unit.  

After an initial review of the main literature and assessment of the current boiler operation, a 

base case simulation of the full-chain process is performed in Aspen Plus, including gas 

conditioning and liquefaction of the CO2.  The process model considered heat integration of 

the different components together with the steam cycle for electricity production. Furthermore, 

a design of the fluidized bed CLC unit was conducted as well as a techno-economic analysis 

of the full-chain process, which was compared to the use of a post-combustion technology. 

Finally, through the interpretation of the obtained results, a discussion is performed on how the 

implementation of the technology would affect the current production and future considerations 

for implementation at other sites. 

The work concludes that the CLC technology would lead to a total capture efficiency of  

97.5 %, capturing around 101 ktonne CO2 and obtaining a capture cost of around 800 

SEK/tonne CO2 captured, which includes the purchase and installation of equipment. This is 

considerably lower than what is expected in a post-combustion system, with costs of about 

1,100 SEK/tonne CO2 captured. The reason for this is due to the lower amount of energy and 

equipment needed for the capture process. Excluding installation costs, a capture cost of around 

330 SEK/tonne CO2 captured was obtained, which is slightly higher than the 200 SEK/tonne 

CO2 of a 1000 MWth design by Leckner and Lyngfelt. 

 

 

Keywords: carbon capture and storage (CCS), chemical looping combustion (CLC), negative 

emissions, combined heat and power plant (CHP-plant)    
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1 Introduction 

The Intergovernmental Panel on Climate Change (IPCC) is flagging a need for negative 

emission measures to reach the Paris Agreement goal of restricting global warming to well 

below 2 °C [1]. Biomass is the major source of energy for about 50% of the world’s population 

and wood biomass can be considered in the developed world as a major renewable energy 

source [2]. It is considered that biomass will play an important role in replacing fossil fuels and 

reducing greenhouse gas (GHG) emissions over the next decades [3]. Negative emission 

technologies (NETs), such as bioenergy with carbon capture and storage (BECCS), are an 

option to generate negative emissions while producing renewable energy, such as heat and/or 

power. 

BECCS is based on the principle that plants and forests sequester CO2 during their lifetime, 

which then is converted into an energy vector, for applications like heat and electricity. 

However, the process of biomass-to-energy can still contribute to the release of carbon dioxide 

previously sequestered during biomass growth [4]. These emissions can be reduced by applying 

carbon capture and storage (CCS) methods, such as post-combustion, pre-combustion, and 

oxyfuel-combustion technologies. The CO2 captured could afterward be stored in geological 

reservoirs or used for other purposes in order to substitute the use of fossil fuels [4]. Different 

projects have already been started in order to make carbon dioxide storage possible. A clear 

example is the Northern Lights (NL) project, in Norway, which plans to start the injections of 

CO2 captured into aquifers under the northern sea in 2024 [5]. In order to make transportation 

more efficient, the CO2 captured is compressed and liquefied to be transported to the aquifer, 

as shown in Figure 1.1. 

 

Figure 1.1. BECCS CO2 cycle from sequestration to geological storage. 

If biomass is grown sustainably, i.e. utilized biomass replaced without additional emissions, 

then BECCS would result in a net flow of CO2 out of the atmosphere.  The application of a 

CCS technology with biomass would thus achieve negative emissions and contribute to the 

IPCC goal [1].  

Different technologies allow the capture of carbon in a combustion plant. The two more 

advanced technologies are post-combustion with amine absorption and hot potassium 

carbonate, which are mature enough to install and can be easily retrofitted in existing plants 

[6]. The low CO2 content in the flue gas, however, is a significant drawback of using post-

combustion techniques, as it translates to a low carbon capture efficiency [6].  

Since these technologies, however, are associated with relatively high energy penalties and 

large costs, an additional CCS technology can be implemented, namely chemical-looping 

combustion (CLC) [6]. CLC is a way of combusting a fuel using an indirect transfer of oxygen 

from the air to the fuel by means of oxygen carriers, theoretically providing a clean flue gas of 

CO2 and H2O, which reduces the complexity of capturing the CO2 [7]. The EU and Sweden are 
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currently working on policies and incentives to trade or sell negative emissions in order to 

compensate for other CO2 fossil emissions. This would create an economic and environmental 

benefit of capturing emissions, incentivizing investors to perform CCS [8], [9].  

Skövde Energi is a public company that provides heat and electricity to the municipality of 

Skövde. The energy is produced using different boilers situated around the region, some of 

them supplying district heating for the city and others only for specific buildings, like Volvo's 

factory or the hospital. The main heat is obtained in the location "Värmekällan" using two 

different blocks, Block 3 and Block 4, which together have a capacity of 58 MW. Block 3 is a 

CHP waste incineration plant and will not be considered in this thesis. Furthermore, Block 4 

uses a biofuel cogeneration plant fired with woodchips and bark. This will be studied 

throughout the work with respect to the implementation of a carbon capture unit [10].  

Block 4 was built in 2017, with the thought that waste incineration would not be the future for 

performing sustainable energy production. This CHP plant has a thermal input of around 49 

MW, obtaining around 40 MW of district heating heat and 9 MW of electricity [10]. Some 

work has already been performed to study the possibility of using a post-combustion system, 

such as amine technology or chilled ammonia, to capture carbon dioxide from this block. These 

technologies are on a higher TRL scale and have already been commercialized, therefore they 

are of higher interest to the industry sector. Despite this, the electricity and utility need in the 

capturing process is relatively high and does not contribute to the future electrification need 

[11].  

1.1 Aim and scope 

The thesis aims to investigate what it would entail to substitute one of the biomass boilers in 

Skövde Energi with a CLC-system connected to a steam generation cycle. In addition, the 

downstream cleaning, compression, and liquefaction of the CO2 stream are analyzed and 

simulated. The future goal is to eventually store the captured CO2 underground or used it in 

further applications, i.e., for carbon utilization. 

The thesis objective is to simulate the CHP system with a CLC technology including the 

compression and liquefaction of the captured CO2 using Aspen Plus. Additionally, a heat 

integration, using Aspen Energy Analysis, and a techno-economic analysis are performed to 

conclude if the technology would be techno-economically feasible. Thereafter, sensitivity 

analyses of the key parameters are performed, such as raising the steam cycle temperature or 

varying the energy utilities market price. Moreover, a preliminary sizing and layout of a CLC 

fluidized bed unit will be performed. 

Finally, the CLC technology is to be compared to a post-combustion amine-based process, 

which can be seen as the current state-of-the-art technology and for which a feasibility study 

has already been performed by the company. A comparison of the carbon efficiency, energy 

requirements, and cost is performed.  

In this work, the following delimitations have been considered: 

• Skövde Energi has more than one boiler which produces heat and power for the district 

heating system. Only Block 4, the boiler using biomass, will be studied to be substituted 

by a CLC-system. Nevertheless, considerations on how the other boilers would play an 

important role for the company, to achieve net emissions, will be described.  
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• The boiler is assumed to be running at full load, with approximately a 50 MW thermal 

input for 5,900 h/year. 

• The equipment’s capital cost calculation has been performed by using literature values, 

instead of contacting possible suppliers.  

• The data for the post-combustion amine carbon capture will be extracted from the 

previous pre-feasibility study that has been carried out by the company. 

• The sequestration of the CO2 and biomass transportation to the plant is not considered 

in this report. 

• The logistics of the further utilization or storage of CO2 will not be studied in this work. 

The process chain will stop after the compression and liquefaction of the CO2 stream 

although the conditions are provided by the NL facility in Bergen (Norway).  
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2 Literature review 

Throughout this section, the results of the literature study will be discussed. Firstly, the current 

plant is analyzed together with the different carbon capture technologies existing in the market. 

After this, the chemical looping combustion system is explained, and the upscaling limitations 

are shown. Thereafter, the downstream flue gas cleaning requirements and technologies used 

are shown followed by an analysis of the compression and liquefaction system. Finally, a 

literature review on the capture costs for the CLC technology is performed. 

2.1 Current plant layout of Skövde Energi 

Skövde Energi is a public company that provides heat and electricity to the municipality of 

Skövde. Skövde is located approximately two hours from Gothenburg between Sweden’s 

largest lakes Vänern and Vättern, which is important to note when dealing with potential carbon 

capture projects. A project has been started in Gothenburg, CinfraCap, to create a joint 

infrastructure for the transport of captured CO2. The project is a unique collaboration between 

companies from the area such as Göteborg Energi, Nordion Energi, Preem, St1, Renova, and 

Göteborgs Hamn AB [12]. To be part of the carbon capture of NL and CinfraCap, the CO2 

would have to be transported by train or truck from Skövde to the closest harbor, to then be 

further transported by ship to the facility of NL in Bergen. 

The main production is performed in Blocks 3 and 4, which are run by waste and biomass, 

respectively. The waste boiler (Block 3), situated next to Block 4, is in continuous production 

as waste materials are readily available and need to be processed. Therefore, the waste boiler 

supplies a base load for the population of Skövde, while the analyzed boiler is used as a peak 

load. The current boiler is used by the company in a very variable manner depending on the 

DH demand and volatility of the electricity prices, as both show high volatility [13].  

The existing boiler at Block 4 is a bubbling fluidized bed containing sand which is fluidized 

by preheated and moisturized air. Looking at Figure 2.1, the flue gas exiting the boiler (1) goes 

through a series of water heating stages, starting with the superheater (7), the evaporator (2), 

the economizer (3), and air preheating (4). The water cycle is connected to a steam drum (5) 

and steam leaves the superheater (7) which goes through a turbine to produce electricity and 

then to produce district heating [14]. 

Afterward, the steam is fed into the turbine, where it expands to produce work. A generator is 

connected to the steam turbine to utilize the work and generate electricity. The steam exits the 

turbine at lower pressure and temperature, and it is condensed back into liquid to be reused in 

the power generation cycle. In the case of Skövde Energi’s plant, the turbine has two stream 

outputs, where a bleed stream is extracted from an intermediate pressure stage of the turbine. 

It is believed that turbines extracting a bleed stream will improve the plant’s total efficiency, 

have higher flexibility during operation, and can prevent damage to the turbine blades due to 

high-pressure [14], [15].  
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Figure 2.1. Current boiler configuration with steam generation and air preheating. 

The bed material in the boiler at Block 4 operates between 700 °C and 900 °C. The boiler has 

a thermal input of around 49 MW and the turbine is designed to deliver 9.3 MW of electricity, 

already accounting for the generator efficiency, and approximately 40 MW of district heating, 

when the boiler is run at maximum load.  Nevertheless, in Skövde Energi, the bleed stream is 

regulated to satisfy the needs of the population by producing more district heating or more 

electricity, depending on the current demand. 

2.2 Carbon capture and storage/utilization 

Carbon capture and storage, or CCS, is a technology that aims to reduce greenhouse gas 

emissions by capturing CO2 from industrial processes such as power plants and storing it 

underground. CCS may be a necessary step to achieve negative emissions of CO2 to stay within 

the 1.5 °C and 2 °C climate goals of the Paris Agreement [6]. This is possible by implementing 

CCS with biomass as an energy source in power and heat production, where the biomass has 

taken up CO2 from the atmosphere during its growth. The CO2 captured could also be utilized 

as feedstock in other industrial processes, such as enhanced oil recovery.  

Even though CCS is considered an essential solution to reach the climate targets, the 

technology is not widespread, mainly due to economic reasons. Incentives can play a crucial 

role in accelerating CCS technology deployment. For instance, EU-ETS, which stands for 

European Union Emissions Trading System, is a market-based approach implemented by the 

EU operating on a cap-and-trade principle. It is a cap-and-trade system in which all the facilities 

inside the EU share a common cap on the total amount of greenhouse gas emissions allowed 

in the system [16]. Emissions allowances are allocated to installations such as power plants and 

industries, which are covered by the system. One allowance is defined to be the right of emitting 
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one metric tonne of CO2 and can be traded between participants, easing flexibility in emission 

reduction [16]. The cap is gradually reduced over time in order to achieve emission reduction 

targets [9]. Although this system is at the forefront of international efforts to reduce CO2 

emissions, it does not include biogenic CO2 emissions. For this reason, Sweden has developed 

a subsidy system, called reverse auctioning, to incentivize the development of CO2 removal 

technologies. This system was proposed as a support system for BECCS, which plans to cover 

the costs of capture, transport, and storage over a period of 15 years [8]. 

The three main carbon capture methods described in the next Section are: 

1. Post-combustion, 

2. Pre-combustion, 

3. Oxyfuel-combustion and Chemical Looping Combustion (CLC). 

2.2.1 Post-combustion capture 

In this carbon capture method, CO2 from the flue gas is directly captured using a solvent with 

a high affinity for CO2 [6]. The most studied solvent is monoethanolamine (MEA) but ammonia 

and potassium carbonate have also gained popularity recently [17]. The CO2-rich flue gas and 

the solvent enter an absorber in which the CO2 is absorbed by the solvent. The solvent is then 

regenerated in a stripper by means of heating in a reboiler and is then sent back again to the 

absorber. The heat required in solvent regeneration is energy intensive. This implies additional 

fuel consumption for a power plant and additional CO2 that needs to be captured. Post-

combustion is seen as state-of-the-art technology today as the concept is quite mature.  Further, 

it is highly applicable for most processes in the heat and power sector as well as industrial 

processes as no retrofitting of the production units would be needed [6]. 

2.2.2 Pre-combustion capture 

Pre-combustion carbon capture is a technology in which the CO2 is captured before the fuel is 

burned in a facility such as a power plant. The fuel is first broken down into smaller components 

such as syngas, namely H2, and CO, by means of gasification or steam reforming, followed by 

heat recovery for steam heating. The syngas is then led to a water-gas-shift reactor, where the 

CO is converted to even more H2 and CO2. The resulting stream, mainly consisting of H2 and 

CO2, is passed through an absorber where CO2 is removed using the solvents named in Section 

2.2.1. The flue gas would also be cleaned from potential particles and traces of sulfur containing 

chemicals. Finally, the remaining H2 is combusted in a facility, producing steam and nitrogen 

gas [18]. Compared to post-combustion capture, solvent regeneration would be less energy 

intensive, as the CO2 concentration in the flue gas would be higher as well as the pressure. 

These conditions are favorable for CO2 absorption. This technology has, however, high capital 

costs and is complex to run [6].  

2.2.3 Oxyfuel combustion and Chemical Looping Combustion 

Oxyfuel combustion refers to the process of combusting a fuel using pure oxygen, as opposed 

to air, which eliminates the nitrogen in the flue gas, as well as the formation of NOx gases. It 

is simple to separate the carbon dioxide from the resulting flue gas, which is mostly made up 

of steam and carbon dioxide. This can be done by condensing the steam and implementing flue 
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gas cleaning, again to remove traces of particles and gases, which produces a clean stream of 

CO2 [19]. Normally, some of the CO2 is recycled to the combustion unit, and hence the fuel is 

burned in a mixture of O2/CO2. The issue with oxyfuel combustion is that it requires a lot of 

energy to produce high-purity O2, which in practice is primarily done through cryogenic air 

separation [18], [19].  

CLC is a form of unmixed combustion where oxygen is provided to a fuel by means of a so-

called oxygen carrier and a double reactor system, which is further explained in the next 

subsection. 

2.3 Chemical looping combustion technology 

CLC has been discussed in literature since the 1950s as an alternative to combustion [20]. It 

has been considered an attractive option for a NET during biomass combustion, as it inherently 

separates the CO2 from the rest of the flue gas components [21]. Thus, in contrast to the 

technologies mentioned above, no or small energy penalties are incurred during the capture 

process. The process is normally carried out with a double-fluidized bed system, consisting of 

an air and fuel reactor. The two-reactor system contains a circulating oxygen carrier, which 

comes in the form of metal oxide particles. The oxygen carrier gets successively oxidized and 

reduced during circulation. 

In the fuel reactor (FR), the fuel is oxidized by the oxygen carrier, theoretically providing a 

pure outlet stream of CO2 and H2O. The oxygen carrier is replenished in the air reactor (AR) 

by mixing with a stream of air, allowing it to be reused in the fuel reactor, thus completing the 

cycle which is also known as a CLC loop. A general illustration is shown in Figure 2.2 below 

[22].  

 

Figure 2.2. The general layout of a chemical looping combustion system [23]. 

During the CLC process, the combustion of the fuel will mainly take place in the FR with the 

heat and oxygen provided by the oxygen carrier [21]. 

Solid fuels are usually composed of moisture, ash, char, and volatiles. When a solid fuel is 

exposed to a hot-flowing gas, it undergoes three stages of mass loss, namely drying, 

devolatilization, and char combustion/gasification, depending on the surrounding gas. The first 

two stages, drying, and devolatilization, are essentially endothermic. Generally, as the solid 

fuel particle is gradually heated to the evaporation temperature, it releases its moisture at a 



2.  Literature review 

 

 

 

 

 

8 

 

 

constant temperature. When all moisture is gone, the temperature again rises, at which volatiles 

are released, such as H2, CO, CO2, H2O, and short-chained hydrocarbons at sufficiently high 

pyrolysis temperatures. These volatiles undergo numerous chemical reactions at high 

temperatures, depending on the surrounding gas. Lastly, the remaining char undergoes 

combustion or gasification. This step usually lasts much longer than the devolatilization and 

drying stages. After the complete conversion of the fuel particle, ash remains due to the 

presence of minerals in the fuel [24]. 

During CLC, the FR is usually fluidized by steam and/or CO2 acting as gasifying agents. The 

volatiles and char of the solid fuel then undergo several chemical reactions, where some of 

which are presented in equations 2.1, 2.2, 2.3, and 2.4 [25], 

C + H2O → H2 + CO (2.1) 

C + CO2 → 2CO (2.2) 

H2O + CO → H2 + CO2 (2.3) 

H2 + CO + volatiles + 𝑛Me𝑥O𝑦 → CO2 + H2O + 𝑛Me𝑥O𝑦−1 (2.4) 

where reactions 2.1 and 2.2 are gasification reactions, 2.3 is the water gas shift reaction and 2.4 

is the main combustion reaction in the fuel reactor [25]. Most often, the overall reactions of 

solid fuels in the FR are endothermic [21]. Since the conversion of char is a slow process, there 

is usually a small fraction unreacted which leaves the fuel reactor to the AR due to insufficient 

residence time. A small fraction of volatiles also leaves the fuel reactor with the flue gas. More 

on the unreacted volatiles is given in Section 2.5.3. As for the FR temperature, it has been 

shown that CO was efficiently converted to CO2 in the temperature range of 840-900 °C. A 

general trend is that fuel conversion and thereby carbon capture efficiency is increased with 

higher temperatures, as well as low H2 concentrations out of the FR at higher temperatures 

above 840 °C [26]. 

In the AR, the reduced oxygen carrier gets fully oxidized and regenerated by enough incoming 

air according to the following reaction. 

Me𝑥O𝑦−1 + 0.5O2 → Me𝑥O𝑦 (2.5) 

Ideally, the gases leaving the AR should only contain nitrogen and small amounts of oxygen. 

However, the unreacted char mentioned previously that enters the air reactor is also oxidized 

by the oxygen in the air, forming a small amount of CO2 that cannot be captured. Some pilot 

plants contain a so-called carbon stripper to avoid elutriation of unreacted char to the AR. A 

carbon stripper is a steam-fluidized bed, which separates unreacted char from the bed material 

and returns it to the fuel reactor [27]. Implementing such a unit, however, implies additional 

costs and process complexity, which is why it is not applied in this thesis. Rather it may be 

more relevant for smaller FR units where the residence time for char conversion is lower. 

Furthermore, due to the presence of small quantities of nitrogen and sulfur in the char, some 

SO2 and NO could be formed in the AR. This is however not considered in this study. 

Moreover, only a small amount of fuel ash is expected to reach the AR [21]. Similarly, this is 

assumed to not be the case in this study. 

The overall reactions in the AR are strongly exothermic, thereby heating the oxygen carrier, 

which in turn provides heat for the endothermic FR [28]. It is therefore important for adequate 

circulation of the oxygen carrier to provide enough heat to the FR, which is mainly determined 
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by particle size and gas fluidization velocity. A too-high circulation is however not desired, 

since that implies a lowered residence time in the FR, thereby lowering carbon capture 

efficiency. An implication of the endothermic and exothermic nature of the FR and AR 

respectively, is that the FR be adiabatic to avoid heat losses and the AR be cooled to avoid 

overheating. Overheating of the AR may lead to issues with the oxygen carrier such as 

agglomeration of the bed material [21].  

The CLC-system shows many similar attributes to that of a circulating fluidized bed (CFB). 

The AR could be set up as a CFB boiler, with some small differences such as higher solid 

circulation, and lower gas flow. Additionally, due to the smaller volumetric flow in the FR 

compared to the AR, the FR could be considerably smaller than the AR [21]. In Figure 2.3 

below, a general schematic of a CLC-system provided by Leckner and Lyngfelt [21] is shown, 

including the AR (1), cyclone (2), FR (3), and loop seals (4). The loop seals allow for only 

solids to pass through from one reactor to another and are preferably fluidized by CO2 [21]. 

The cyclone is described in more detail in Section 2.5.2. 

 

Figure 2.3. Circulating fluidized bed (CFB) principle where 1) Air Reactor, 2) Cyclone, 3) Fuel Reactor, 

and 4) Loop Seals [29]. 

In order to ensure maximum fuel conversion and a clean AR, the fuel particles need to be 

relatively small, therefore obtaining even smaller ash particles, leaving the process as fly ash. 

More on particle size in section 2.5.2. To ensure a good separation in the cyclone and not 

contaminate the AR, the OC must be considerably bigger than the fly ash particles [21]. 

2.3.1 Biomass fuel 

Biomass is primarily constituted by the combination of cellulose, hemicellulose, and lignin, 

together with a trace quantity of extractives and minerals [30]. Normally these three 

components account for 40-60, 20-40, and 10-25 wt.% of biomass material on a dry basis, 

respectively [31].  

The biomass composition is analyzed performing the proximate and ultimate analysis. In the 

proximate analysis, the volatiles, ash, and fixed carbon are shown, where their percentages sum 

up to 100 %. Additionally, in some cases, the moisture content is also included in the analysis. 
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For the ultimate analysis, the percentages of H, C, N, O, and S are expressed [3]. In some cases, 

the chlorine and ash percentage are also shown in the ultimate analysis.  

In the renewable energy directive 2018/2001 of the EU, one of the extended requisites for the 

sustainability of criteria to perform large-scale biomass for heat and power using forest biomass 

is the following: the country of origin must have laws in place related to avoiding the risk of 

unsustainable harvesting and accounting from forest harvesting [32]. In Sweden, more than 

half of the land area is covered by forests, approximately 23 million hectares, which makes 

forest biomass an abundant source to use in order to increase renewable energy use and 

sustainable production. Although Sweden has only 1% of the world’s commercial forest areas, 

it contributes to around 10 % of the global forest industry business, including sawn timber and 

pulp and paper products [33]. In order to produce these products, the forest generates some 

“residues”, including chips, tops, and branches (GROT), which are mainly utilized as 

bioenergy. The combustion of these solid components is quite common in CHP plants [34]. 

The energy contained within biomass, known as its calorific value, is released as heat energy 

during combustion. It is one of the most crucial factors in order to determine a fuel’s energy 

potential. The researchers can determine the heat capacity of biomass fuel by either conducting 

experimental investigations or calculating it using the ultimate and proximate analysis results. 

It is important to be aware of the ash content in biomass because it has a lower melting point 

than the combustion temperature due to its alkaline content, resulting in fouling and slagging 

[35]. High levels of chlorine and alkali in biomass can cause corrosion, therefore it is important 

to know their concentration [36].  

The heating value of biomass can be reported using LHV or HHV and either on a dry or wet 

basis. Typically, biomass contains high levels of moisture (about 30-40 %), which affects its 

heating value in comparison to fossil-based fuels such as coal (about 6 %) [35].  

2.3.2 Choice of oxygen carrier 

Selecting an appropriate oxygen carrier is crucial for the success of the CLC process, which is 

why considerable time has been dedicated to the testing of various oxygen carriers in pilot 

plants over the years. By 2020, more than 8,000 hours of operational experience with 

manufactured oxygen carriers had been accumulated, while over 3,000 hours of experience had 

been gained using natural or waste materials as oxygen carriers [37].  

Initially, nickel-based oxygen carriers were the most extensively tested, primarily because of 

their reactivity with methane as a fuel. However, this does not apply to solid fuels, and they are 

associated with health issues, safety, and high cost. Hence, they will not be further discussed 

[37].  

Copper-based oxygen carriers are associated with excellent chemical looping and oxygen 

uncoupling (CLOU) ability. That is, the copper oxide releases its oxygen which in turn reacts 

with the fuel, as opposed to a conventional oxygen carrier, which directly reacts with the fuel. 

A clear drawback however with copper oxide is its high cost [37]. 

Manganese-based oxygen carriers are cheaper than nickel and iron oxides, but they have not 

been as extensively researched as other metal oxides. As of 2020, they have only been tested 

for less than 100 hours using only gaseous and liquid fuels [37]. 



2.  Literature review 

 

 

 

 

 

11 

 

 

Iron oxides, with the reduced and oxidized states of Fe2O3 and Fe3O4 respectively, demonstrate 

strong reactivity towards syngas, which could be advantageous for CLC processes using solid 

fuels that generate syngas during devolatilization. Under highly reducing conditions, however, 

FeO and Fe may be formed which reduces the ability of full oxidation of the gas [37].  

Oxygen carriers also have the ability to be composed of combined oxides. That is, oxides 

composed of more than one metal, such as CaMnO3-δ and Fe-Cu oxides. These types of oxygen 

carriers show some CLOU characteristics, along with high solid fuel conversion. 

As for natural ores or waste materials, iron materials are popular due to their large availability 

and low cost. A particular oxygen carrier known as ilmenite is the most used low-cost material 

in operation with solid fuels. Ilmenite is a mineral, also known as iron titanium oxide with the 

chemical formula FeTiO3 in its reduced form and FeTiO5 + TiO2 in its oxidized form. Ilmenite 

is one of the most abundant titanium minerals and it is currently mined in large quantities [38]. 

Ilmenite has been tested for numerous hours using a variety of fuels in many different pilot 

plants. Moreover, ilmenite has been tested for over 12,000 hours as a bed material in a 75 MWth 

CFB boiler [37]. There are other natural ores and waste materials, such as manganese ores, that 

are associated with a higher fuel conversion, but result in a greater loss of fines, which may be 

expensive to replenish during continuous operation [37]. 

During CLC-operation, it has been shown that a layer of Fe forms around the TiO2-particle. 

The layer accumulates and may make the particle brittle, eventually leading to cracks and pores 

in the particle causing it to break. Additionally, oxygen carriers such as ilmenite absorb alkalis 

found within the ash in the biomass, causing the bed to defluidize due to agglomeration. 

Biomass ashes generally consist of higher levels of alkali than coal, such as Na and K. 

However, biomass generally contains lower levels of ash than coal, which increases the lifetime 

of the oxygen carrier [26], [37]. The estimated lifetime of ilmenite is in the range of around 

200-800 hours depending on the type of fuel [26]. According to a life cycle assessment done 

on natural gas-powered CLC, the lifetime of ilmenite can be assumed to be on the higher end 

of 700-800 hours [39]. This is considering that natural gas combustion contains no ash. 

However, since biomass contains a small amount of ash, the lifetime in the scope of this report 

is assumed to be 600 hours. 

An additional factor that requires consideration during operation is the temperature of the AR 

which preferably needs to be kept below around 1050 °C, due to the potential defluidization of 

ilmenite [39]. This was also confirmed during a discussion with the examiner. Hence 1050 °C 

could be considered the maximum limit of operation without significant issues. In summary, 

ilmenite is feasible as an oxygen carrier in the scope of this report due to its low cost, 

availability, performance, and operational experience. 

2.4 Upscaling of chemical looping combustion processes 

Chemical looping combustion has its origins way back in the 1950s. A patent was filed by 

Lewis and Gilliland in which a carbon-containing fuel was oxidized by copper oxide to produce 

pure CO2. Even back then, the term oxygen carrier was used. The term chemical looping was 

first introduced in the 1980s though, and since then, over 600 types of oxygen carriers have 

been tested for many different fuels, sizes, and products [20]. The number of pilot plants which 

have increased from a few in 2004 to 46 in 2018, as well as the size from barely 1 kWth to the 

biggest pilot plant of 1 MWth in Darmstadt as of 2012 [20], [40]. The number of pilot plants 
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utilizing solid fuels, such as coal and biomass, has also increased from being nonexistent in 

2004 to accounting for 60 % of all pilot plants in 2018 [21], [40]. 

As explained by Leckner and Lyngfelt [21], results in small pilots are not directly translatable 

to the large scale [21]. Therefore, there will be uncertainties during scale-up, which need to be 

considered in the scope of this report. However, some experience with similar technology of 

CFBs facilitates full-scale development. An advantage of upscaling is the fact that the reactors 

will be larger, which provides an additional larger residence time for char conversion. This 

makes it potentially possible to use fuels of larger sizes than pilot plants, which reduces the 

risk of fuel elutriation with the flue gas. A direct comparison of the performance of different-

sized pilot plants is difficult to make because it is affected by many different parameters. A 

comparison of the performance, done for different particle sizes of a 100 kWth and 1 MWth 

plant showed varying results of carbon capture, fuel conversion, and gas conversion. However, 

the larger 1 MW pilot plant showed generally worse performance, due to its lower operating 

temperature. As mentioned previously, the performance of CLC-operation is greater at higher 

temperatures due to the gasification reactions that favor a higher temperature in the FR [26]. 

Currently, Block 4 at Skövde, the facility in question in this work, has a thermal input of around 

49-50 MW, which presents some issues during simulation. As mentioned, small pilots are not 

directly translatable to the large scale, and the largest pilot plant in operation has a thermal 

input of 1 MW. Therefore, there are going to be uncertainties in the validity of the simulation. 

During a discussion with the examiner, a feasible parameter is the CO/CO2 ratio in the flue gas 

out of the FR. The conclusion was that a CO/CO2 molar ratio of approximately 5 % was a 

feasible expectation for a potential 50 MWth CLC unit utilizing ilmenite.  It should be noted 

that the fuel will likely be well mixed with the oxygen carriers. Hence, fuel particles will be 

present on top of the bed, and inferior contact between the oxygen carrier and fuel is inevitable.  

Still, the use of CLOU oxygen carriers or a staged reactor design could be possibilities to 

improve this figure. This has however not been considered in this work and realistically, some 

char will inevitably be unconverted in the FR during upscaling, where 1 % from the FR to the 

AR was assumed to be a reasonable assumption.  

The extent of oxygen carrier reduction in the FR is determined by the contact between the 

oxygen carrier and fuel. A higher residence time implies a higher extent of reduction and more 

successive endothermic reactions, thereby providing a lower outlet temperature. In pilot plants, 

the temperature difference between AR and FR varies between around 50 °C – 100 °C and has 

even exceeded 100 °C during an experiment using the 100 kWth unit at Chalmers [41], [42]. 

The conversion of oxygen carrier is therefore uncertain and highly depends on the dynamics of 

the FR. During this study, the conversion of the oxygen carrier was assumed to be enough to 

account for the higher residence time of the potential larger unit of 50 MWth as opposed to pilot 

plants. An 80 % conversion was thereby assumed, providing a larger temperature difference of 

the AR and FR of around 150 °C. Further discussion is given in section 4.1. 

A potential CLC unit implemented in a plant must be built as a dual-purpose boiler. Due to the 

similarities of a CLC and a CFB, a CLC unit should be built as a CFB with a FR separately 

attached, also designed as a CFB, which may be inactivated if the CLC-operation turns out to 

be unfeasible and does not meet expectations. In that case, the plant may run as a CFB, and the 

risk of investment is lowered due to the flexibility of the system [43]. 
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2.5 Flue gas cleaning 

During combustion of solid fuels, several components are found in the flue gas apart from H2O 

and CO2. Typical solid fuel combustion products are ash and other solid particles, unconverted 

fuel components along with NOx and SOx [44]. These typical components are discussed in this 

section, along with the challenges they induce and conventional solutions, to ensure that 

standards and limits required for transportation and storage of the CO2 are met. It follows that 

the removal methods are done sequentially in order to reduce the temperature to avoid heat 

integration complexity. A flow chart showing the layout of CLC-operation and the method of 

removing impurities and unwanted components in the flue gas is shown in Figure 2.4. 

 

Figure 2.4. Simplified process diagram including the flue gas cleaning procedure. 

As seen in Figure 2.4, the flue gas cleaning includes the post-oxidation chamber (POC) for 

oxidizing unconverted gases from the FR such as H2 and CO, SO2-removal, as well as 

compression and dehydration for water removal. Note that unliquefied CO2 is recycled to the 

FR. More on that in section 3.7.3. During the following sections, the procedures for removing 

flue gas impurities following the chart in Figure 2.4 will be presented, also including particle 

removal in the CLC unit. 

2.5.1 Northern Lights 

Northern Lights (NL) is a carbon capture and storage project and a large-scale initiative that 

has the goal of transporting and storing the CO2 emissions from industrial sites in Europe, 

shipping them to an onshore terminal on the Norwegian west coast and storing the emissions 
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underground at a storage site beneath the North Sea. Incorporated in March 2021 as a 

partnership between Equinor, Shell, and TotalEnergies, the project is a component of a larger 

initiative to reduce CO2 emissions to the atmosphere and battle climate change. As earlier 

mentioned, NL plans on initiating the storage injections by 2024 and storing 1.5 million tonnes 

of CO2 every year [45], [46].  

As previously mentioned in Section 2.1, the current objective of Skövde Energi is to transport 

the liquefied CO2 by train, to one of the closest habilitated harbors in order to store it in the NL 

facility. Considering NL as the receiving terminal, some specifications must be ensured to 

provide long-term safety and integrity of various infrastructure components. This is taking into 

consideration the safety, material selection, thermodynamics, and chemical reactions during 

transport and storage [46]. In the following table, the required purity of the CO2 stream to be 

transported is shown. 

Table 2.1. Purity specification of CO2 stream to be transported to receiving terminal in the scope of the 

Northern Lights project [46]. 

Component Concentration, ppm (mol) 

H2O ≤ 30 

O2 ≤ 10 

SOx ≤ 10 

NOx ≤ 10 

H2S ≤ 9 

CO ≤ 100 

Amines ≤ 10 

NH3 ≤ 10 

H2 ≤ 50 

Formaldehyde ≤ 20 

Acetaldehyde ≤ 20 

Hg ≤ 0.03 

Cd, Tl Sum ≤ 0.03 

As seen in Table 2.1, numerous potential flue gas components need to be regulated before 

transportation can occur. In this thesis, formaldehyde, acetaldehyde, mercury, cadmium, 

thallium, amines, and ammonia are assumed to be negligible. Furthermore, the presence of 

sulfur in the fuel is assumed to be decomposed into sulfur oxides or hydrogen sulfide [47].  

2.5.2 Particle cleaning 

Combustion of biomass can lead to the formation and release of different particulate matter 

(PM) including soot, ash, condensed fumes, volatile organic compounds, and polycyclic 

aromatic hydrocarbons among others [48].  

In CLC, even the fuel itself is susceptible to contaminate the flue gas. The size of fuel particles 

plays a large role in elutriation from the FR. There is the possibility for the fuel to elutriate 
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from the FR if the particle size is too small, along with elutriation of char and oxygen carrier. 

The fuel should therefore have a size large enough to avoid elutriation and to prevent it from 

reaching the AR. However, it should not be too large, as this increases the residence time 

needed for full conversion. According to Song and Shen, Lyngfelt suggested an intermediate 

fuel particle size of 90-300 µm, since about 35 % of introduced char was found to elutriate for 

particle sizes of 74-125 µm from the FR. For bigger particles around 200-300 µm, the 

elutriation was found to be much lower [28], [37]. It is however difficult to specify an exact 

number since the elutriation depends on many other different parameters. Also as mentioned 

in section 2.4, larger fuel sizes may possibly be used on a large scale. 

Northern Lights has specifications regarding PM and solids in the CO2 stream generated by 

biomass combustion [45], [46]. The CO2 stream is to be free from solid particles and should 

not contain any other impurities than those specified in Table 2.1. 

In the present work, the particle size distribution has not been added for the different possible 

PM during simulation. Therefore, particle removal unit operations will not be modeled in 

detail. Rather, solids in the simulation will be separated from the rest of the flue gas using a 

simple separation unit in Aspen Plus. However, relevant unit operations will be described in 

the two following subsections which should be noted during realistic implementation. 

2.5.2.1 Cyclones 

Cyclones are widely used gas-solid separators in many industries for cleaning waste/flue gas. 

They have a simple design, low capital cost, and do not require high maintenance, which makes 

them ideal as pre-cleaning devices before the use of more expensive equipment such as 

baghouse filters or electrostatic precipitators. Cyclones use centrifugal force for the separation 

of solid particles from gases and are effective at removing particles of relatively larger sizes of 

a few µm [49], [50].  

In the context of CLC, cyclones are included in the design of a CFB in the FR and AR. For the 

FR, the cyclone recirculates the oxygen carrier and captures other solid particles such as 

bypassed char. The cyclone of the AR returns the oxidized OC back to FR. 

2.5.2.2 Electrostatic precipitators 

An electrostatic precipitator (ESP) uses an electric charge to remove impurities and solid 

particles from the flue gas, without significantly impeding the flue gas flow, resulting in a low-

pressure drop. ESPs have the ability to capture fine particles, and should preferably be operated 

at above 180 °C to avoid acid condensation due to the presence of SO2 [51], [52].  

An ESP is a good complement to the cyclone of the FR to completely capture solid particles, 

for a solid-free flue gas to comply with the standards of NL. Additionally, an ESP is already 

currently used in Block 4 to remove fly ash and dust from the flue gas. Hence, it is assumed to 

still be in operation during CLC-operation. During this work, potential PM from the AR, such 

as fragmented OC and ash, was not considered. 

2.5.3 Oxypolishing 

Oxypolishing is an essential step in CLC since it is difficult to achieve complete combustion 

in the fuel reactor. The reason being that there is insufficient contact between oxygen carrier 
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particles and fuel gases due to bubbling effects in fluidization systems. This results in 

incomplete combustion gases leaving the FR, mainly CO, H2, and CH4. Any H2S present in the 

flue gas would also be oxidized into H2O and SO2. Some strategies have been proposed to 

enhance contact between oxygen carrier and fuel gas, enhance reaction kinetics, and higher 

reactivity of oxygen carrier, but it is still difficult to achieve complete combustion. Therefore, 

a post-oxidation chamber (POC) is installed after the FR, where the flue gas is mixed with an 

injection of pure oxygen to fully combust these components to CO2 and H2O. In a POC, the 

amount of oxygen provided can be adjusted, allowing for the possibility to include a variety of 

fuels in CLC and operating conditions [53].  

The oxygen needed for the oxypolishing would have to be produced by an air separation unit, 

using mature cryogenic technology. Therefore, there is an energy penalty associated with the 

utilization of pure oxygen. The energy penalty is minimal though, due to the small amount 

needed for complete combustion. Moreover, the heat produced by the combustion in the POC 

should be used to heat up steam [53]. Since Skövde Energi is a relatively small power plant, 

the implementation of an air separation unit for the production of a small amount of oxygen is 

difficult to justify, considering the high cost of equipment. It is thereby assumed that oxygen 

needed for the oxypolishing should be bought by a supplier. Since providing more oxygen 

carrier to the fuel in the FR implies additional oxygen, it is worth noting that doing so increases 

fuel combustion. Consequently, the need for oxygen in the POC is reduced. There may be a 

trade-off between the expense of utilizing more oxygen carrier or oxygen in the POC, 

depending on the cost of the oxygen carrier.  

As can be seen from Table 2.1, there is a need to minimize CO and H2 in the flue gas to below 

100 ppm and 50 ppm respectively. Additionally, the O2 concentration in the flue gas may not 

exceed 10 ppm. Hence, the POC should be constructed to fully allow the oxygen and gaseous 

fuels to mix and combust to reduce all of these components as much as possible. Due to 

limitations on oxygen concentration as well as cost considerations, additional oxygen should 

not be provided in great excess. However, a small excess is probably necessary to allow for 

nearly full oxidation [53]. In a report about the performance of an oxypolishing step using a 

pilot 100 kWth CLC-system at Chalmers by Mei. et al, an optimal molar fraction excess of 1 % 

over the stoichiometric amount of oxygen needed for combustion was optimal for achieving 

low fractions of CO, H2, and O2 in the flue gas. CH4 was burned easily, however, CO was more 

challenging to keep at a low level, due to the presence of char that bypasses the cyclone and 

oxidizes slowly. This could be improved by lowering elutriation from the FR [53]. Larger 

residence and mixing times might also be possible with a larger reactor.  

2.5.4 NOx, SOx, and HCl cleaning 

Solid fuel combustion can lead to emissions of NOx and SOx, which are harmful pollutants. 

Among these, the major harmful components are NO, NO2, and SO2. The presence of these 

components in the flue gas may arise due to the presence of nitrogen and sulfur in the fuel, of 

which SOx may additionally be formed by the combustion of H2S in the POC, as mentioned in 

the previous section. These acidic gases are considered to be the leading cause of environmental 

issues such as acid rain, photochemical smog, and ozone layer depletion [54]. In addition, these 

contaminants are toxic, and could in high concentrations lead to health issues such as 

respiratory diseases, such as asthma, bronchitis, etc. [54]. Sulfur-containing components also 

have the potential to form corrosive chemicals, such as sulfuric acid, which has been shown to 



2.  Literature review 

 

 

 

 

 

17 

 

 

form in several oxy-fuel laboratory and pilot scale studies [55]. Due to these reasons, research 

into reducing NOx and SOx in flue gas has been conducted over the last two decades, resulting 

in various technologies that are used today [54], [55]. The most widely used technologies are 

wet flue gas desulfurization (WFGD) for the removal of SOx and selective noncatalytic 

reduction (SNCR) for the removal of NOx.  

According to Lyngfelt et al, NOx formation in the FR in a CLC-system is low [56]. With the 

assumption of 0.5 % O2 and 0.5 % N2, the equilibrium NOx concentration will be approximately 

16-60 ppm at high temperatures of 1200-1500 °C. However, a FR operates at lower 

temperatures of around 900 °C. Hence, thermal NOx formation is not expected during CLC-

operation [56]. Potential NOx-formation will be simulated in this thesis, but the assumption is 

that NOx-formation is negligible. Hence, SNCR will not be implemented in the simulation and 

will not be further analyzed. 

As the amount of nitrogen present in the flue gas is proportional to the amount of nitrogen in 

the fuel, it is unavoidable for a fuel containing nitrogen to have a flue gas in a CLC-system that 

is free of any traces of nitrogen. Northern Lights does not have a required purity related to the 

nitrogen amount, but to acquire a highly pure liquid CO2 stream to be captured, potential 

nitrogen should be removed late in the process using flash separation due to the low boiling 

point of nitrogen.  

WFGD is the most used SO2 removal method because of its great efficiency, stability, and its 

capacity to operate at a range of different temperatures. WFGD using absorption of SO2 in a 

slurry of limestone in water is the most wide-spread desulfurization method worldwide. In this 

procedure, the limestone slurry and flue gas are both driven into a spray tower absorber where 

they are combined with water. Limestone, which is basic, reacts with the acidic SO2 before 

being absorbed into the liquid phase to form gypsum and leaving the absorber according to the 

following reactions 2.6 and 2.7 [43]. 

SO2 + CaCO3(s) + 0.5H2O → CaSO3 · 0.5H2O(s) + CO2 (2.6) 

CaSO3 · 0.5H2O(s) + 0.5O2 + 1.5H2O → CaSO4 · 2H2O(s) (2.7) 

Where the O2 needed for gypsum production in reaction 2.7 could be supplied by air.  The solid 

waste product could be recycled or used in the production of fertilizer or gypsum. The main 

disadvantages of this process are relatively high capital and operating costs and water 

consumption [54]. 

Another issue arising from combustion processes is the potential chlorine present in the fuel. 

HCl, which may be produced during combustion, may cause downstream corrosion and 

combine with the alkali released during solid fuel combustion [57]. HCl is also a highly toxic 

gas and exposure may lead to several health issues. Release to the environment could be 

dangerous as HCl in water for instance leads to the formation of hydrochloric acid [58]. 

Currently, to the authors' knowledge, there is no HCl concentration requirement in the Northern 

Lights project. However, it is safe to assume that it should be kept low due to reasons described 

in the previous paragraph, namely corrosion, toxicity, environmental risks, and conserving a 

high process efficiency. From a discussion with the examiner, it is safe to assume that the HCl 

concentration in the flue gas is negligible due to the low presence of chlorine in biomass. 

Furthermore, as discussed in section 2.3.2, potential chlorine reacts with the ash to produce 

alkali chlorides. The alkali chlorides produced can deposit on downstream equipment which 
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can lead to fouling and reduced process efficiency, which is why proper particle separation 

from the flue gas is important. Potential solid particles that escape with the flue gas stream are 

preferably captured with an ESP. Due to the formation of alkali chlorides, chlorine potentially 

found in the flue gas is assumed to be reacting with the ash and is thereby removed in the ash 

removal process. Hence, HCl presence in the flue gas is assumed to be low. Additionally, any 

potential HCl in the flue gas would be neutralized by WFGD along with SO2 [43]. 

In a modeling study done by Yakah et al, the removal of HCl and SO2 in the flue gas was 

modeled using two absorbers in series with ten stages each. The first absorber removes the HCl 

simply by injection and absorption of the HCl in water with over 95 % efficiency. The second 

absorber, also comprising ten stages, removes the SO2 with over 99 % efficiency. For the 

second absorber, a slurry of 90:10 wt.% of water and CaCO3 respectively was implemented 

[59]. In this thesis, the presence of HCl in the flue gas is assumed to be low due to the reasons 

mentioned in the previous paragraph. Hence, only SO2 removal is implemented in the 

modeling, using similar operating conditions and equipment as done by Yakah et al [59]. 

Moreover, the material costs of CaCO3 and gypsum are neglected due to insufficient data in 

the literature. 

2.5.5 Excess oxygen removal 

As stated previously, an ideal stoichiometric molar excess of oxygen in the oxypolishing step 

is roughly 1 %. This suggests that it is likely that the final flue gas will have an oxygen content 

higher than 10 ppm. Therefore, a relevant oxygen removal step needs to be implemented since 

oxygen induces corrosion and two-phase flow in the transport [60].  

There are numerous methods of separating oxygen from flue gas. Some relevant ones are listed 

below, ranked from most to least relevant in descending order according to Abbas et al: 

• Catalytic oxidation of H2, 

• Cryogenic distillation, 

• Adsorption onto a copper or based adsorbent, 

• Oxidation of coal and catalytic oxidation of CO. 

Key factors behind the ranking of these methods are efficiency, safety, operating conditions, 

and energy requirement. Catalytic oxidation of H2 is safe, has optimum operating conditions 

(80 °C), has low energy requirement, and is considerably safe. However, since the oxidation 

of H2 leads to the formation of water, this method increases the moisture content of the flue 

gas. The next method in order is cryogenic distillation, with its high efficiency and safety, but 

has a high energy requirement and unfavorable operating conditions (-56.6 °C), leading to a 

high capital and operating cost. An advantage, however, is the ability to achieve a very high 

CO2 purity. Adsorption on Cu has high efficiency and safety but high operating conditions, 

leading to high costs. Oxidation of coal and catalytic oxidation of CO is in the lowest ranking 

due to the toxicity of carbon monoxide [43], [60]. 

The implementation of a technology to remove excess O2 is not done in this thesis. However, 

if done in the future, catalytic oxidation of H2 is deemed to be a suitable method due to the 

reasons mentioned above. The process involves the reaction of H2 with O2 to form H2O in the 

presence of a noble metal catalyst such as palladium or platinum at 80 °C. It has been shown 

to be able to reduce the O2 content in flue gas to below 10 ppm, given that the hydrogen content 
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is between 500 and 1000 ppm [60]. Cryogenic distillation may also be favorable due to its high 

purity potential.  

2.6 Compression and liquefaction 

Carbon dioxide compression and liquefaction is an essential part of the CCS chain and for other 

industrial applications such as enhanced oil recovery, and food/beverage production. In these 

applications, CO2 is compressed and liquefied in order to reduce its volume and safely facilitate 

its transportation and storage. 

The compression process involves reducing the volume of the gas by applying pressure. In the 

CLC-system, the flue gas obtained is mainly CO2 and H2O. To separate most of the water, 

different intercooling and flashing steps in each stage of the compression are applied. After the 

compression, CO2 can be cooled and liquified by reducing the temperature below its critical 

point which, as can be seen in the phase diagram shown in Figure 2.5, is at 73.77 bar and 30.98 

°C. This can be achieved using a multicompressor and an ammonia refrigerator cycle.  

The optimal conditions for ship transportation are being raised as CCS chains are moving closer 

to implementation. In CinfraCap’s first preliminary study published in March 2021, it is stated 

which conditions the CO2 should have to be sent to the NL facility through the CinfraCap 

project [12]. 

When handling CO2 in the liquid phase, it is kept at a low temperature and is then called a 

cryogenic liquid. Those conditions involve a saturation pressure of 16 bar and approximately  

-26.5 °C. In order to compensate for heat loss during transport, it is advised to cool the liquid 

by approximately 2 °C, which corresponds to a temperature of -28.5 °C. The transportation by 

ship will be at 16 bar and approximately -26.5 °C, which is chosen to maintain a maximum of 

19 bar upon arrival at the NL receiving facility [12]. During this project, the final liquid CO2 

was conditioned to reach 16 bar and -28.5 °C to comply with the mentioned specifications. 

During the CO2 compression and liquefaction, there are some considerations: 

- When compressing, it is important to control the temperature and pressure in order to 

assure that the CO2 will remain in the gas phase. If the pressure is too high or the 

temperature is too low, the CO2 can condense into liquid or solid, which could end up 

damaging the compression system and reducing its efficiency. 

- During compression and liquefaction of the CO2 is important to not reach the critical 

point, which is shown in Figure 2.5.  

- When liquifying the CO2, the temperature and pressure must be monitored in order to 

ensure that the CO2 is not in the supercritical state, the state where both gas and liquid 

phases coexist. Once the CO2 is in the supercritical state, further compression will cause 

it to liquefy.  

- During the storage and transportation of CO2, it is important to control the temperature 

and pressure to ensure that the CO2 stays in liquid form, not solidifying nor gasifying.  

Therefore, it is important to maintain the liquid CO2 close to the saturation line but not on the 

line, to ensure that there will be no vapor phase even after its transportation [12], [61]. 
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Figure 2.5. Phase diagram of pure CO2 based on the Span and Wagner equation of state. The data was 

obtained by approximation of the diagram stated by Deng et al [61]. 

It is important to ensure that a purified CO2, following the NL specifications shown in Table 

2.1, enters the liquefaction process. For that, the study of NOx, SOx, HCl, O2, and H2O has been 

performed and will be conducted downstream of the CLC process. After the purification, the 

liquefaction process begins.  

There are two main liquefaction designs, together with the compression part. The first one is 

named “open-cycle liquefaction” which is based on compressing the gas to a high pressure and 

then liquefying the CO2 by expansion [62]. The second one, called “close-cycle liquefaction”, 

is based on first compressing the gas and then liquefying it with a refrigeration cycle [62], [63]. 

It is mentioned by Gong et al, that the second option has lower energy requirements, therefore 

it will be used in this work [63]. Deng et al [61] suggest conducting the compression process 

using a multi-compressor. It is stated as a recommendation that if the final compression 

pressure is smaller than 25 bar, three compression stages are enough. However, when the 

liquefaction target pressure is above 25 bar then four stages of compression should be used 

[61]. A sensitivity analysis will be conducted on the appropriate amount of compression stages 

in the case of the studied Block 4 in section 3.11.2. 

An ammonia-based two-stage vapor compression cycle with an intercooler and a main heat 

exchanger (condenser) is recommended to be used for cooling the CO2-stream [61]. Therefore, 

all the heat exchangers in the process use water as a cooling agent except for the liquefier, 

where ammonia is used. The refrigerant cycle involves compressing ammonia gas with a 

compressor, causing it to heat up and then move into the condenser where heat is dissipated, 

turning it into high-pressure liquid form. It then moves through the expansion valve, where it 

boils and becomes significantly colder than the CO2 that is desired to condense. This cold 

ammonia is used to cool the CO2, bringing it to a liquefied state, while the ammonia is gradually 

warming up as it passes through the evaporator and then is pulled back into the compressor to 

start the cycle again [61]. 
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After this system, the CO2 should be fully condensed and slightly sub-cooled. When the CO2 

contains residual components, the bubble point temperature is much lower than the one for 

pure CO2, and the stream, after the liquefier, might only be partially condensed. In these cases, 

a flash tank can be used to purge the uncondensed gas and prevent an accumulation of them in 

the system. The liquid obtained, which is mostly CO2, passes through a valve in order to expand 

it to the desired pressure, in the CinfraCap project which corresponds to 16 bar. The obtained 

stream passes through a flash separator in order to store the CO2 liquid and recirculate the 

uncondensed gasses to the refrigeration system [12], [61]. 

2.6.1 Excess water removal 

During the compression process, some water is removed in the intercooling step of the multi-

compressor stages. In most cases, this procedure is not enough to ensure the low concentration 

set for the NL project, 30 molar ppm, therefore, a water removal system must be included. 

There are two main technologies suggested by Leckner and Lyngfelt [21], which have been 

analyzed for a CLC configuration, where the water content can meet the requirement of the 

Northern Lights project [64], TEG and molecular sieve dehydration process [65]. It is important 

to note that the described technologies would play an important role in offloading the main 

dehydration unit, in the case of Deng et al [61] design, the compressors with inter-stage cooling 

and knockout, while enabling to achieve low moisture levels in the CO2 stream [66]. The 

offloading could lead to smaller and less costly dehydration systems [65]. 

The first technology mentioned would be to use triethylene glycol (TEG) as a liquid desiccant 

to perform absorption. The TEG process would consist of a scrubber with a reboiler and 

different flash separation units which would account for the absorption of water and solvent 

regeneration process. A standard absorption using TEG would achieve a water content of 150 

ppmv, in the best-case scenario. It is stated by Kemper et al [66], [67] that various methods 

currently under research could increase the drying performance of TEG absorption to achieve 

a water content of 30 ppm or lower. 

The second technology is the molecular sieve dehydration process. It consists of a two-bed 

system where the spent regeneration gas is returned to the inlet of the adsorption bed. The 

process uses pressurized air or CO2 for regeneration, where, if the air is used, a higher volume 

and therefore a bigger equipment, would be needed [64], [66]. The process could achieve a 

water concentration of less than 1 ppm without increasing the capital costs. If a lower water 

concentration is wanted, the sorbent bed cycle decreases [66]. 

The suggested conditions for the molecular sieve dehydration are a temperature of 30 °C and 

a pressure of 30 bar. For regeneration of the sorbent 175-320 °C would be needed [66].  

A study was conducted by Kemper et al [66] to analyze the effect of different impurities in 

both proposed dehydration systems. For the molecular sieve, the following maximum tolerable 

amounts of components are suggested and stated in the following table.  
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Table 2.2. Effect of impurities in molecular sieve and TEG dehydration system [66]. 

Impurity Effect on TEG system Effect on mol. sieve system 

H2O 

Formation of liquid 

droplets and mist can 

weaken absorption 

capacity 

Formation of liquid droplets and mist can 

exhaust the sieve or react with the binder 

causing a breakdown of the structure 

Inerts (N2, 

H2, CH4…) 
No effect (No limit) No effect (No limit) 

O2 
Oxidative degradation of 

TEG 
If sulfur present: blockages (Limit 15-50 ppm) 

H2S Limit: 3000 ppm 

Acid degradation of sieve, COS can form; if 

O2 present: formation of SO2 and free sulfur, 

corrosion (limit 0-1000 ppm if O2 present) 

NOx, SOx Not found 
Attack sieve structure reducing lifetime, acids 

can form during regeneration 

HCl, other 

acids 

Lower pH causes 

corrosion (limit 200-300 

ppm for HCl) 

Dealumination of zeolite framework, causing 

dust formation (Limit: 0-1 ppmv) 

CO Not found No effect nor limit 

NH3 Not found 

Co-adsorption if H2O in liquid state present: 

ion exchange weakens sieve structure. Limit: 

5-10 ppmv 

Regarding the technology costs, the minimum CAPEX and OPEX for both, molecular sieve 

and TEG absorption, depend mainly on the operating pressure, solvent regeneration process, 

and other impurities. In case of high impurities, it has been calculated that the CAPEX will 

increase for both systems. For the molecular sieve system, the presence of impurities such as 

NOx, SOx, and H2S would lead to a 7 % increase in CAPEX but no difference in OPEX. When 

the study was conducted, there was no possibility to quantify the exact effect of impurities on 

the TEG absorption costs [66]. 

There is a lot of controversy between choosing molecular sieve or TEG-modified absorption. 

For the TEG-modified absorption process, not enough information regarding the conditions, 

costs, and impurity tolerance is available. Additionally, with the available data, it is claimed 

that molecular sieve has a better performance and could result in lower costs. The maturity of 

molecular sieve over TEG absorption in the industry is what drove the implementation of 

molecular sieve for downstream gas purification [66], [68]–[70]. 

2.7 Literature review on the capture costs using CLC 

One of the first estimations of the cost for CO2 capture using CLC with solid fuels was in the 

project ENCAP, managed by the European Union (EU), where it was found that the price could 
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be as low as 10 €/tonne CO2 captured. Later studies show other low costs of 16-26 €/tonne, 26 

€/tonne, and 20-30 €/tonne using coal as fuel and 24 €/tonne when using biomass [21].  

A study conducted by Leckner and Lyngfelt [21] show the following values of CAPEX and 

OPEX per tonne of CO2 captured for a 1000 MWth using coal as fuel. 

Table 2.3. Cost estimations from literature for CLC in a 1000 MWth plant using coal as a fuel [21]. 

Process section 
Costs per tonne CO2 

captured [€/tonne CO2] 

CO2 compression 10 

Oxypolishing 6.5 

Boiler cost (FR) < 1 

Oxygen carrier 2 

Steam and hot CO2 0.8 

Coal grinding 0.2 

Lower air ratio -0.5 

Total 20 

Leckner and Lyngfelt [21] state that the compression of CO2 corresponds to the highest share 

in the cost, which is an inevitable part of any CO2 capture technology. The second most 

important cost is the oxy-polishing due to the oxygen required. It must be noted the low added 

cost of a CLC boiler, which consists of well-insulated reactor walls, in comparison to an extra 

CFB, as it is an adiabatic reactor, meaning that the walls are not used to produce steam [56]. 

Leckner and Lyngfelt [21] mention throughout their study that a lower air ratio is used in the 

designed unit, which has led to a 5 % smaller gas flow in the CLC-CFB, in comparison with a 

CFB. In the designed case, the air ratio is similar to a CFB unit, therefore the lower air ratio 

benefit is not accounted for. Additionally, in this thesis, the cost of possible grinding of OC 

and/or fuel is not considered. Finally, Leckner and Lyngfelt [21] conclude that the added cost 

relating to the boiler system could be very low and that the main focus to reduce costs is in gas 

conversion while maintaining a low OC cost [21]. 

Furthermore, Deng et al [61] explain throughout their work that a cost of 16-21 €/tonne CO2 

will be incurred in order to compress and liquefy the CO2 to a pressure of 15 bar, depending 

on the amount of impurities.  

The results from this work will be compared with the previously mentioned values from the 

literature in order to understand their differences and analyze the technology competitiveness. 

2.8 Software 

In this section, the two main software tools used in the current work are briefly described.   

2.8.1 Aspen Plus 

Aspen Plus® is the leading process simulation software in the chemical industry and is utilized 

for a wide range of applications. Reactors, separators, pressure changers, heat exchangers, and 

other unit operations are all simulated in this robust tool for chemical and process engineers. 
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Using a graphic interface, process flow diagrams can be constructed by connecting different 

unit operations. Aspen simulates processes involving the handling of solid materials, fluids, 

and electrolytes using a vast database of physical attributes, mathematical equations, and 

thermodynamic models [71].  

Aspen works well for both applications involving the simulation of combustion processes and 

chemical looping combustion. Its ability to handle solid materials in processes like biomass 

combustion, oxygen carrier oxidation and reduction, and power generation by means of a 

Rankine cycle is an advantage. 

2.8.2 Aspen Energy Analyzer 

Aspen Energy Analyzer is a software tool developed by Aspen Technology for engineering 

and optimizing solutions regarding process energy analysis. The energy management software 

is used for performing optimal heat exchanger network design to minimize process energy [72]. 

The software provides a set of features and capabilities to perform energy analysis and identify 

opportunities for energy savings in the process industry.  

Some of its key functionalities are data integration, energy performance indicators, energy 

simulation, energy optimization, energy reporting, benchmarking, and targeting. The 

possibility of integrating the program with other software from AspenTech is an advantage 

when analyzing the process systems.  

In the project, Aspen Energy Analyzer is used to perform the heat exchanger network, based 

on the target load of utilities calculated by it. In addition, the Grand Composite Curves (GCC) 

and the utility curves are plotted using the software. 
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3 Method 

The process of the project is explained in detail throughout this section. This involved getting 

important parameters from Skövde Energi and choosing the most pertinent presumptions to 

use. A simulation procedure of a CLC process was presented, together with the relevant 

parameters used. Steam generation cycle, downstream flue gas cleaning, CO2 compression, and 

liquefaction were also simulated. Additionally, heat integration was used to quantify the heat 

recovery potential. The proposed process design was then the subject of a techno-economic 

study and sensitivity analyses were performed. The resulting process was lastly compared to a 

post-combustion process previously conducted by the company for the same boiler unit. 

3.1 Data collection 

The data for the reference plant have been taken from the data given by Skövde Energi [13]. 

Some data, which was not provided by the company, was assumed and taken from the literature 

and it is given below.  

3.1.1 Biomass data 

The biomass used at Skövde Energi’s facility is a mixture of woodchips, GROT, and bark 

which depends on each “batch”. As the fuel composition is constantly changing, the data used 

for the present work corresponds to the prerequisites specified by the manufacturer of the 

current CHP plant. The calorific value, proximate, and ultimate analysis data are expressed in 

Table 3.1 [73]. 

Table 3.1. Biomass data used in the present work [73]. 

Calorific value 
Lower calorific value (moisture-free) [MJ/kg] 19.1 

Lower calorific value [MJ/kg] 10.51 

Proximate analysis 

Moisture content [%] 45 

Ash [% dry matter] 2.5 

Fixed carbon [% dry matter] 17.1 

Volatile matter [% dry matter] 80.4 

Ultimate analysis 

Carbon [% dry matter] 50.11 

Hydrogen [% dry matter] 5.9 

Oxygen [% dry matter] 40.93 

Sulfur [% dry matter] 0.04 

Nitrogen [% dry matter] 0.5 

Chlorides [% dry matter] 0.02 

   

3.1.2 Oxygen carrier 

In this work, a CLC model has been designed for ilmenite. The composition of the ilmenite ore 

used in this work has been extracted from Cheng et al [74], where different OCs are studied, 
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and the most important components of ilmenite ore are mentioned. This ilmenite ore is 

composed of many different components, but the major components have been used in the 

simulation, as mentioned in Table 3.2. 

Table 3.2. Composition of the OC used (Ilmenite). 

Composition 

(wt.%) 
Fe2TiO5 Fe2O3 SiO2 TiO2 

Ilmenite 54.7 11.2 5.5 28.6 

It is important to note that in the Aspen Plus model, Fe2TiO5 is defined as Fe2O3 + TiO2, where 

TiO2 and SiO2 are assumed to be inert.  

3.1.3 Steam cycle 

The data for the optimal operation of the turbines is given by the equipment supplier of the 

actual turbines installed at Skövde Energi. The present work intends to use the existing steam 

cycle to produce steam and electricity for the district heating.  

The data used for the turbines is part of one of the performance tests that the supplier guarantees 

and it is expressed in Table 3.3. The load case used is case A, as it is the one currently being 

used at Skövde Energi’s plant for the heat and production system [75]. 

Table 3.3. Data used for the steam cycle simulation (turbine) [75]. 

Load case A B C D 

Steam at supply limit into the turbine 

Pressure (bar) 90 90 90 90 

Temperature (°C) 480 480 480 480 

h in Enthalpy (kJ/kg) 3,336.5 3,336.5 3,336.5 3,336.5 

Flow (kg/s) 14.1 14.10 9.20 3.80 

Extraction steam 

Pressure (bar) 7.1 7.0 7.9 - 

Temperature (°C) 198.4 197.1 225.6 - 

h bleed Enthalpy (kJ/kg) 2,841 2,839 2,898 - 

m bleed Flow (kg/s) 1.73 1.89 1.23 0 

Exhaust steam at supply limit 

Pressure (bar) 1.34 1.13 1.13 1.13 

h out Enthalpy (kJ/kg) 2,622 2,588.5 2,618.8 2,645.8 

m out Flow (kg/s) 12.36 12.20 7.96 3.79 

District heating temperature 

(°C) [13] 
50-120 100 100 100 

Electrical output at a terminal 

on generator (kWel) 
9,294 9,662 5,959 1,566 

  

3.2 CLC-process description 

A brief description of the CLC-process is given in this section, following the information given 

in the theory sections above, along with a full process flow chart shown in Figure 3.1.  
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Figure 3.1. CLC-process design layout. 

As shown above, the flue gas produced during CLC-operation is separated from solid 

components with a cyclone and then goes through a POC for complete volatile fuel conversion. 

The solids that were separated in the cyclone go to the air reactor and a subsequent ash handling 

and separation system, which was not modeled due to unknown particle size distributions. The 

heat of the flue gas and the air reactor was used to heat up steam in the HRSG for electricity 

and district heat production. A more detailed description of the steam cycle is given in section 

3.6. The relatively cold flue gas enters the ESP for further small particle separation such as fly 

ash, which again was not modeled due to unknown particle size distribution. It follows that the 

ESP shown in the flow chart is theoretical and not included in the simulation. Rather, solid 

separation is simply separated using a simple separation block in Aspen. Complete PM 

separation is assumed in this thesis, which implies no solid particles in the flue gas. The flue 

gas was further cooled and SO2 removed by WFGD using literature data [59], where a 

negligible amount of CO2 is also assumed to be released, according to reaction 2.6. Water is 

then separated with a flash unit prior to the multicompression stage, and excess of O2 in the 

flue gas is disregarded due to insufficient simulation data. Hence, its concentration is assumed 

to be negligible. The flue gas was then the subject of four-stage multicompression with 

intercooling and water separation. The compression was done with equal pressure ratios 

followed by high-pressure dehydration by means of absorption using molecular sieve. The flue 

gas was then cooled using an ammonia refrigeration cycle which is described more in detail in 

section 3.7.3.1. The resulting CO2-stream was separated and purged using a flash column to 
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get rid of N2. The liquid stream was throttled, and again separated, capturing the pure CO2-

stream and reusing the vapor as a fluidization agent in the FR after throttling and preheating. 

The vapor was extracted at this point due to the purity of the stream, thereby reducing the cost 

of the entire flue gas purification chain. Nevertheless, a comprehensive analysis of this was not 

done. In the following subsections, the design procedure will be explained and justified in 

further sections. 

3.3 Modeling the existing plant 

In this work, steady-state modeling of the current of a reference plant at Skövde and CLC plants 

is performed using Aspen Plus. The reference plant was initially modeled for biomass drying, 

combustion, basic ash separation, air preheating, and steam cycle power generation in a 

Rankine cycle to learn the basics of using Aspen Plus. The traditional combustor in Skövde 

Energi is then replaced by an AR and FR in order to model the CLC plant. The same input 

parameters were used for modeling the CLC plant to have a better understanding of different 

processes. 

3.4 Setting up the simulation  

To start an Aspen Plus simulation the steam class needed to be set. MIXCINC steam class was 

used in this work which allowed the mixture of three sub-streams: MIXED, Conventional Inert 

(CI) solid, and Non-Conventional (NC) solid. The sub-stream “MIXED” consists of all the 

components in the liquid and vapor phase whereas the “CI Solid” and “NC Solid” consists of 

all the solid compounds with and without molecular weights, respectively. Due to the unknown 

exact weight, Ash and Biomass are defined as “NC Solid” while Char and OC are defined as 

“CI Solid”. 

Biomass is defined in Aspen Plus as a Nonconventional component where the data, shown in 

Table 3.1, is used as an input for the component attributes together with the heat of combustion 

(HCOMB). To consider the formation of ash in the FR it needs to be defined in Aspen Plus. 

As well as the biomass, the ash is defined as a Nonconventional component and the component 

attributes proximate, ultimate, and sulfur analysis are defined. In the case of ash, the element 

ash in each component is defined as 100%. 

The enthalpy and density of the biomass are needed and calculated through “HCOALGEN” 

and “DCOALIGT” models in Aspen Plus, respectively. In order to properly calculate the 

enthalpy using “HCOALGEN”, the value of the dry heat of combustion (HCOMB) is specified 

in Aspen Plus, as expressed in the following equation. 

HCOMB = Heat of combustion (wet) ·
100

100 − %Moisture
(3.1) 

The property method chosen for the following simulations is the Peng-Robinson equation of 

state with Boston-Mathias modifications (PR-BM), as it is a commonly used method and 

performs well for hydrocarbons and other complex molecules. Compared to the PR-BM 

property method, Peng-Robinson has several limitations when it comes to CO2 phase change 

simulations, as it tends to overestimate the vapor pressure of CO2 at low temperatures and 

pressures, which can lead to inaccurate predictions of phase behavior and equilibrium 

properties [76], [77].  
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Additionally, STEAMNBS is used for the steam cycle unit operations to define water and 

steam. STEAMNBS is a property method commonly used in steam cycles because it is based 

on the latest scientific formulation for water and steam properties, which was developed by the 

International Association for the Properties of Water and Steam (IAPWS). It provides accurate 

and reliable thermodynamic data for the properties of water and steam over a wide range of 

operating conditions [78].   

3.5 Chemical looping combustion modeling 

In this Section, the CLC base case simulation is designed. The CLC-system consists of an 

interconnected FR and AR. The OC is reduced in the FR, in the presence of fuel and fluidizing 

agent, and then travels to the AR where it is oxidized again, in the presence of air. The oxidized 

OC re-enters the FR being reduced again, therefore completing a loop.  A simplified simulation 

diagram of the CLC-system is shown in Figure 3.2. The numbers used over the chapter 

correspond to the ones in this image.  

 

Figure 3.2. Simplified diagram of the CLC-system.  

3.5.1 Fuel Reactor 

The combustion of biomass in Aspen Plus is simulated using a so-called RYield reactor, to 

simulate decomposition of the fuel, and an RGibbs reactor, for combustion. Therefore, the FR 

is the combination of these two. 

The decomposition of biomass, performed in an RYield reactor (1), shown in Figure 3.2, is 

endothermic which requires heat that is provided by the RGibbs reactor (2). The FR is a mixture 
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of highly endothermic reactions, produced by the OC, and a partially exothermic reaction, 

generated by the fuel combustion, which leads toward endothermicity. The modeling of the 

two reactors is explained in more detail in the following paragraph. Additionally, in order to 

follow the CLC design, the RGibbs that model the FR does not contain a stream of air to induce 

the combustion, instead, the combustion is induced by the OC flow, which gets reduced in the 

FR supplying oxygen to the reaction.  

The first reactor, RYield (1) is used when this yield is known but it does not require reaction 

stoichiometry nor kinetics of the reactions. The yield defined in the reactor specifications is 

guessed and it is computed by a calculator block. The different components that will be 

obtained when performing the decomposition of biomass are added and an arbitrary yield is 

set. The defined components are H2O, ash, C, H2, N2, Cl2, S and O2. It is worth mentioning that 

in addition to the MIXED sub-stream products, the RYield block forms carbon in the CI sub-

stream and ash in the NC sub-stream. 

To set the calculation block, the different mass yields are set for each variable together with 

the proximate and ultimate analysis of important yields. Then, the factor to convert the ultimate 

analysis to a wet basis is defined as the following:  

FACT =
100 − Moisture content

100
(3.2) 

The different yields are calculated by using the ultimate analysis and multiplying it by the 

factor FACT. After, they are automatically added as an input value in the RYield reactor. In 

addition, the proximate analysis is used to read the moisture content of the fuel. 

Subsequently, the RGibbs reactor (2), FR, is defined in order to use the heat of combustion 

formed in the RYield (1) and combust the decomposed products. RGibbs reactor models 

reactions calculating the chemical and phase equilibrium by minimizing the Gibbs free energy 

of the system. In the reactor, all the possible products of the reaction must be added to the 

reactor input parameters. This includes all the possible products that the ilmenite can have 

when reduced/oxidized. 1 % of the char (C solid) entering the reactor is set as inert in the 

simulation in order to be able to transport it with the OC into the cyclones and not have 100 % 

carbon conversion in the reactors.  

The fluidization agent in the present work is part of the CO2 not liquefied in the liquefaction 

stage and heated up to 100 °C. Using CO2 as a fluidizing agent has already been studied by 

Leckner and Lyngfelt [21], and is proven to be preferred from an efficiency point of view. 

Steam will also be present in the FR due to the presence of moisture in the fuel, thereby leading 

to a higher char conversion. 

3.5.2 Oxypolishing  

An adiabatic RGibbs reactor (3) was utilized in the design of the POC contained in the CLC-

loop to mimic post-combustion treatment for enhanced combustion yield. Pure oxygen, which 

could be sourced from an air separation unit, is entering the reactor at saturated vapor with  

-183 °C and 1 bar [53], [79]. However, in this work, the oxygen source is not studied.  

The oxypolishing cost depends on the pressure drop in the post-oxidation chamber. In Aspen 

Plus, the pressure drop cannot be calculated, therefore, in the model, it is not considered that a 
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pressure drop is occurring. For the cost calculations, it is assumed that the pressure drop in the 

chamber will be similar to the one calculated by Farajollahi et al 2022, therefore 2 % [80]. 

3.5.3 Solid separation 

As mentioned in Section 2.5.2, PM dynamics will not be modeled in detail, since particle size 

distributions of different particles in the flue gas have to be known. After the oxypolishing, the 

OC, ash, and char are separated using a cyclone (4), as shown in Figure 3.2. In the present 

work, “Sep” has been used. All the previously mentioned solids go into a separation unit (5) 

where the OC is recovered. The separation unit used in this work is a “Sep” unit, but in a real 

design, solid separation by different particle sizes would be used. In this recovery, the ash 

leaves the system losing some OC with it. Potential remaining PM in the flue gas after the 

cyclone is assumed to be removed by an ESP. Prior to the ESP, the flue gas is cooled to around 

200 °C to avoid acid condensation.  

3.5.4 Air Reactor 

After the solid separation (5), as shown in Figure 3.2, the oxygen carrier together with the 

unburned char enter the AR. An isothermal RGibbs reactor (6) has been used to simulate the 

AR set to a temperature of 1050 °C. As the reaction is highly exothermic, cooling is needed to 

ensure the desired isothermal temperature. In the reactor, the oxygen carrier is oxidized by the 

addition of air, which has been preheated (10), in order to increase the reactor efficiency. The 

amount of air added corresponds to an air ratio of approximately 5 %, as is indicated in 

literature for CLC, as anything higher than that value would entail flue gas losses [23]. In order 

to calculate the air losses, the following equation has been used in function of the molar fraction 

of oxygen leaving the air reactor (𝑥𝑜2,𝑜𝑢𝑡). 

0.21 (1 −  𝑥𝑜2,𝑜𝑢𝑡)

0.21 − 𝑥𝑜2,𝑜𝑢𝑡

(3.3) 

Additionally, a source of clean OC is added into the AR to compensate for the loss during the 

ash separation unit (5). The oxidation of the OC together with the combustion of char takes 

place in the AR producing an oxidized metal, CO2, and air excess (N2 and O2). 

After the oxidation of the OC, the excess air together with the OC enters a cyclone (7), 

simulated using a Sep, in order to separate the gas/solid mixture. The OC is then re-introduced 

into the FR (2) to get reduced again, supplying oxygen and heat to the combustion, and closing 

the loop. 

3.5.5 Parameter adjustment 

After closing the CLC-loop in the simulation, some parameters were adjusted for proper 

simulation results. As mentioned in 2.4, an important parameter considered in the FR 

simulation design is the ratio of CO/CO2 out of the FR as explained in 2.4. The simulation was 

performed such that this ratio was kept at around 5 mol.%, to achieve feasible simulation results 

for that of a hypothetical 50 MWth unit. Another parameter was the temperature difference 

between the fuel and AR which was discussed to be around 150 °C. In order to acquire these 

results, the oxygen carrier reduction efficiency had to be modified, while simultaneously 

adjusting the oxygen carrier flow around the CLC-loop. At the same time, the air flow to the 
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air reactor was adjusted to allow for an air ratio of 5 %. This was done using solvers in Aspen 

Plus. The CO/CO2 ratio and the AR/FR temperature difference solvers were constructed to 

reach their specified values with high tolerances to achieve simulation convergence and reduce 

the chances of errors. 

3.6 Heat recovery system and steam cycle 

To simulate a heat recovery steam generator (HRSG), two heat exchangers, (8) and (9), are 

placed after the cyclones (4) and (7) in order to model the exchange of the heat produced and 

generated steam, as shown in Figure 3.2. In addition, the heat extracted from the AR (6) is also 

exchanged to produce steam.  

The steam cycle is designed with the data given by Skövde Energi, which is expressed in Table 

3.3. As mentioned, the data used is for Load case A, as it is the currently used case by Skövde 

Energi. A simplified version of the system modeled in Aspen Plus is shown in Figure 3.3. 

 

Figure 3.3. Simplified diagram of the heat production system 

In the Aspen model, the addition of a bleed stream extracted from the steam turbine has been 

simplified by simulating two turbines operating at different pressures. In the work, this 

simplification has led to a definition of two turbines (ST1 and ST2), but it needs to be noted 

that, in the physical system, only one turbine is used with two extraction points. 

It is important to state that all the steam cycle has been simulated with the property method 

STEAMNBS, as its design is suitable to handle steam and its change of phase. 

In the base case simulation, the steam is produced through an HRSG (1), as shown in Figure 

3.3, using the heat provided by the flue gases, from the air and FR, and the heat extracted to 

maintain the AR isothermal. In Aspen Plus, the HRSG is simulated through a system of heaters 

and coolers in order to exchange all the heat obtained in the process. A heat integration model 

using Aspen Energy Analyzer is performed and shown in Section 3.8. The steam is obtained at 

480 °C and 90 bar in the heater (1), afterwards, a splitter (2) separates the stream that passes 
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through all the stages of the turbine (3), approximately 12.3 kg/s, from the one extracted in an 

intermediate stage also called bleed stream (4), approximately 1.8 kg/s. A generator is 

connected to the steam turbine in order to obtain around 9.3 MW of electricity, in those 

conditions. The first simulated turbine (3), simulates a single large stream flow path that passes 

through all the stages of the turbine, extracting the stream at a lower temperature and pressure, 

108 °C and 1.3 bar, producing most of the electricity, around 8.9 MW. In the second simulated 

turbine (4), a bleed or extraction line is simulated which separates approximately 12 % of steam 

going into the turbines, with a discharge of 198.4 °C and 7.1 bar. Following the provided 

information by Skövde Energi, the isentropic efficiencies are 0.791 and 0.798, respectively.  

The district heating system is warmed up using heat exchangers (5) and (6), shown in Figure 

3.3, in order to provide heat to the grid. Subsequently, the medium-pressure steam is pumped 

up (7) to the same pressure as the bleed stream in order to mix them, in the mixer (8). The 

mixed streams are pumped up to 90 bar (9) closing the steam cycle.   

3.7 CO2 train modeling 

In this subsection, the modeling of the CO2 train is explained, starting with flue gas purification, 

compression dehydration, and liquefaction. 

3.7.1 Flue gas purification 

To obtain a purified CO2 liquefied gas after the carbon capture, an analysis is performed on the 

concentration of the different components forming the flue gas obtained. This concentration is 

compared with the NL specifications, shown in Table 2.1, in order to decide if extra purification 

is required.  

Some of the parameters such as H2O, O2, and SO2 exceed the specified levels of NL. It is 

important to mention that NL’s specifications are just a guideline as they have not started the 

storage of CO2. Additionally, due to the amount of chloride in the biomass, some HCl is 

theoretically formed. It is important to keep in mind that 50 % of the chloride is assumed to 

react with the ash in order to form alkali chlorides such as KCl, while the rest, would remain 

as HCl. As the remaining practical HCl would be very low, it won’t be considered an impurity 

in this work. However as mentioned, present HCl would be removed during limestone 

absorption in the WFGD. The same mechanism will happen with SOx, the sulfur will react with 

the ash and reduce its concentration by about 50 %. As the concentration of SOx is 20 times 

higher than permitted, removal would be required, which can be performed through limestone 

absorption. Following the absorption stage, the SO2 and HCl levels will most likely be low 

enough to comply with NL’s standards. The removal technology is approximated with an ideal 

separator block. The energy consumption and dimension parameters will be estimated from 

literature data [59]. 

The oxygen level obtained in the CO2 gas is approximately 15 times the allowed, which is due 

to the excess amount of oxygen added in the oxypolishing step. This excess is required to 

ensure a proper ratio of CO/CO2 ≈ 5 %, in addition to decreasing the amount of H2 obtained. 

The removal of oxygen excess is expected to be required but it will not be implemented in this 

study as mentioned previously, because the technologies available for it are still immature. The 

removal of this impurity is performed with an ideal separator block but it will not be considered 

in the energy nor cost calculations.  
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Additionally, more than 3,000 ppm of H2O is obtained, even after the multi-compressor with 

intercooling and flash separation stage. A dehydration step with molecular sieve technology 

will be added to the simulation and explained in Section 3.7.2, in order to reach the required 

levels for NL (below 30 ppm of water). 

Moreover, to construct a system using catalytic oxidation, proper knowledge of reaction 

kinetics and reactor design is needed, which is not easily found in literature. Cryogenic 

distillation is also an extensive process and therefore, O2 reduction will not be further 

considered in this thesis. 

Lastly, it is important to point out that the levels of NOx are below 1 ppm, therefore the removal 

of this component will not be needed.  

3.7.2 Flue gas compression and dehydration system 

In Figure 3.4, a simplified diagram of the flue gas compression system and CO2 purification is 

shown. To perform the flue gas compression, a first flash separation (1) is added to have a pure 

vapor fraction entering the multi-compressor. In there, approximately 60 % of the water mixed 

with the gas is separated. Afterward, a multi-compressor (2) with intercooling and flash 

separation is set. Following the design proposed by Deng et al [61], a three or four stages 

multicompressor is optimal for this specific work. In this case, four stages of compression are 

used but the impact of this decision will be analyzed in a sensitivity analysis [81].  

 

Figure 3.4. Flue gas compression and purification simplified diagram 

After the multi-compressor stage, a dehydration unit (3) has been placed to reduce the amount 

of water in the CO2 further to below the NL specifications. According to Deng et al [61], a 

molecular sieve adsorber system would be suitable after gas compression but before the 

liquefaction. The molecular sieve adsorber considered would need 30 °C and 30 bar as 

operating conditions and it would reduce the water concentration to less than 1 ppm [61]. As 

mentioned previously, the removal technology is approximated with an ideal separator. The 

costs and energy consumption will be estimated from literature data [66], [82]. 

3.7.3 CO2 liquefaction 

In Figure 3.5, a simplified version of the liquefaction system used in the present work is 

presented. As explained in the theoretical part, the liquefaction will be performed to obtain 16 

bar and -28.5 °C. The CO2 will be obtained at 2 °C subcooled to compensate for possible heat 

losses during transportation [12]. 
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Figure 3.5. Simplified diagram for the CO2 liquefaction system. 

To perform the liquefaction, CO2, in the gas phase, enters the ammonia refrigeration cycle. In 

there, ammonia at approximately -22 °C exchanges heat with the CO2 at 30 °C, lowering the 

temperature of the gas, until -12.6 °C, and liquefying it. A flash separator (2) is added after the 

liquefaction to purge the non-liquefied gases, mostly N2 and CO2. In this flash, some CO2 is 

lost, therefore lowering the liquefaction efficiency. After, valve (3) changes the pressure from 

30 bar to the desired liquefied pressure, 16 bar. This process cools the liquefied CO2 even more 

until the desired temperature of liquefaction is -28.5 °C. Finally, a flash (4) separated the 

liquefied CO2 from the un-condensed one, which will be placed in an intermediate storage. The 

un-condensed CO2 is recycled to the FR as a fluidizing agent. For that, a valve (5) and a heater 

(6) are placed in order to obtain a CO2 stream at 100 °C and 1 bar. 

The system has been optimized for the suggested conditions for transportation mentioned by 

NL [12], therefore, some CO2 is not being liquefied after the liquefaction stage. Instead of 

recirculating it to the ammonia refrigeration cycle, it has been considered that it would be used 

to fluidize the FR. Further research could be performed to find the most efficient process for 

CO2 liquefaction.  

3.7.3.1 Ammonia refrigeration cycle 

The ammonia refrigeration cycle is simulated in Aspen Plus to analyze the heat and power 

needed together with the flow of ammonia in the cycle for this specific process. A simple 

diagram of the process is shown in Figure 3.6. 
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Figure 3.6. Simplified diagram of the simulated ammonia refrigeration cycle 

The ammonia in the refrigeration cycle is vaporized in the heat exchanger (1), shown in Figure 

3.6, of the refrigeration cycle in order to exchange this heat of vaporization to liquefy the CO2. 

After, a compressor (2) increases the pressure and a condenser (3) to condense the ammonia. 

In order to close the refrigeration loop, a valve (4) is installed to reduce the pressure until the 

ammonia reaches a lower temperature than the liquefied CO2. 

The refrigeration cycle was constructed in Aspen Plus by choosing appropriate pressures of the 

evaporator and condenser, as a way to decide the minimum temperature difference of the heat 

exchangers. The evaporator minimum temperature difference was chosen to be 10 °C between 

the refrigerant and CO2-stream to be cooled. The condenser minimum temperature difference 

was chosen to be 15 °C to reduce the need for cooling water, which was assumed to be heated 

from 10 °C to 20 °C. The procedure of the refrigeration cycle was then initiated starting with 

the evaporator. An arbitrary vapor fraction of the refrigerant entering the evaporator was 

assumed. The flow of refrigerant was then determined by means of a simple energy balance of 

the evaporator. The compressor was inserted to compress the refrigerant up to condenser 

pressure, assuming an isentropic efficiency of 80 %. The condenser was inserted cooling down 

and condensing the refrigerant to a saturated liquid state. A valve was then used to throttle the 

refrigerant, thereby leading back to the evaporator. However, the vapor fractions were not 

similar. To get the same vapor fraction, a solver was used which modified the refrigerant flow 

rate to achieve the same vapor fraction, thereby closing the loop. 

3.8 Heat integration 

A heat exchanger network was designed for the CLC-process with the only heat source being 

the fuel combustion. It was also designed to maximize DH production and thereby minimizing 

the need for cooling water. The DH water at Skövde Energi is to be heated up from 50 °C to 

120 °C at 16 bar and the income from selling DH is at 600 SEK/MWh according to Skövde 

Energi. Although the cost of the DH is variable throughout the year, a constant value has been 

used in this thesis to simplify the economic analysis. A cooling water system needs to be 

implemented in Skövde Energi’s plant due to the need to cool some of the streams below the 

temperatures of that of the DH system. In this analysis, it is assumed that cooling water is 

available. The cooling water is assumed to be heated from 10 °C to 20 °C.  
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Aspen Energy Analyzer was used to construct a grand composite curve (GCC) of the streams 

included in the heat integration. The GCC is shown in Figure B.2 in Appendix B. Aspen Energy 

Analyzer calculates the minimum flow needed for the most expensive utility which in this case 

is cooling water, by activating a utility pinch point based on the global minimum temperature 

difference, which in the scope of this report is assumed to be 10 °C. The rest of the cooling 

needed in the process is provided by DH. 

The design of the heat exchanger network was then started. The heat exchangers were all 

assumed to be of countercurrent configuration to allow for more effective heat transfer, and the 

pressure drop was assumed to be negligible. The areas of the heat exchangers were calculated 

using equation (3.4) below: 

𝐴 =
𝑄

𝑈∆𝑇𝐿𝑀

(3.4) 

Where 𝑄 is the heat duty, ∆𝑇𝐿𝑀 is the log mean temperature difference and 𝑈 is the overall heat 

transfer coefficient. The log mean temperature difference was calculated using equation (3.5) 

below, 

∆𝑇𝐿𝑀 =
(𝑇ℎ𝑜𝑡,𝑖𝑛 − 𝑇𝑐𝑜𝑙𝑑,𝑜𝑢𝑡) − (𝑇ℎ𝑜𝑡,𝑜𝑢𝑡 − 𝑇𝑐𝑜𝑙𝑑,𝑖𝑛)

ln (
𝑇ℎ𝑜𝑡,𝑖𝑛 − 𝑇𝑐𝑜𝑙𝑑,𝑜𝑢𝑡

𝑇ℎ𝑜𝑡,𝑜𝑢𝑡 − 𝑇𝑐𝑜𝑙𝑑,𝑖𝑛
)

(3.5)
 

And the overall heat transfer coefficient was calculated from equation (3.6) below. 

𝑈 = (
1

ℎℎ𝑜𝑡
+

1

ℎ𝑐𝑜𝑙𝑑
)

−1

(3.6) 

Where ℎℎ𝑜𝑡 and ℎ𝑐𝑜𝑙𝑑 are the individual heat transfer coefficients of the hot and cold sides of 

the heat exchangers. Using equation (3.5), fouling in the heat exchangers is assumed to be 

negligible, as well as conduction heat transfer resistance. The calculations of equations (3.4)-

(3.6) are done by Aspen Energy Analyzer. The individual heat transfer coefficients are entered 

manually for each stream depending on the nature of the streams, i.e., if they are gases, liquids, 

condensing, or evaporating. The numerical values are mean values chosen based on literature 

[83]. The design of the heat exchanger network was done in Aspen Energy Analyzer. More 

details on the design procedure are given in Appendix B. 

Note that the heat integration included the entire system, where the focus was to maximize DH 

production from available high temperature process streams and thereby minimize cooling 

water needs, as well as eliminate the need for any other hot utilities other than the heat acquired 

from burning fuel. 

3.9 Equipment sizing 

Some of the equipment needed in this project require sizing to calculate their costs. In this 

subsection, the FR, AR, and columns will be preliminarily sized. In Appendix D, flash drum 

sizing is also shown. 
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3.9.1 Preliminary design of FR and AR  

In order to understand the dimensions of the CLC technology, the AR and FR were sized. To 

do so, the premises of the Design proposal for a 200 MWth CLC-CFB boiler published by 

Lyngfelt et al [56] were used. The design is based on the two following premises:  

- Although a lot of small CLC pilots are in operation, the proposal would be a first of a 

kind, therefore, unexpected difficulties may arise in the system. For this reason, the 

design must allow to have high flexibility in order to ensure continuous production. 

Thus, the design will have an AR that can be used also as a CFB boiler. This would 

significantly reduce the economic risk for the end-user, i.e., Skövde Energi. 

- To accommodate for unexpected difficulties the unit should be designed to have good 

flexibility with respect to the fuel and OC, as well as other operational parameters, like 

load and solid inventories. This will allow us to perform research and development 

(R&D), including the evaluation of other fuels, operational strategies, and OC.  

- In order to ensure R&D, the unit should also be equipped with detailed pressure 

measurements and be fitted with ports for gas and solids sampling and visual 

observation. 

The general outline suggested by Lyngfelt et al [56] would be followed for this design and it is 

shown in Figure 3.7. This design is based on a 200 MW thermal input and is composed of two 

interconnected CFB boilers.  This is a bit different than most of the pilot-scale units which have 

been used, normally composed of a CFB, an AR, and a bubbling fluidized bed boiler, as FR.  

It is expected that a dual CFB configuration would also be appropriate for the 50 MWth boilers 

at Block 4 in Skövde. 

 

Figure 3.7. Outline of the 200 MW CLC boiler performed by Lyngfelt et al [56]. 

The exact dimensions of the current design are chosen in order to achieve a gas velocity of 6 

m/s in the AR not considering reactions and a velocity of 5.5 m/s in the upper part of the FR 

assuming full gas conversion [56]. According to the volumetric flow rate of both reactors and 
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the mentioned velocities, the cross-sectional area of the reactors can be calculated following 

equation (3.7).  

𝐴 =  𝑉̇/𝑣 (3.7) 

It is important to note that with the current simulations performed, the height of the reactors 

cannot be estimated, therefore it is assumed the actual boiler height, 20 meters, would be 

enough to achieve a proper conversion and adequate residence time in the reactor. Additionally, 

Skövde is already constrained by the already existing building structure. A further study using, 

for example, a CFD tool, could be performed in order to estimate the reactors’ height.  

Additionally, the cyclone diameter has been designed following the equation (3.8) [84]: 

𝐷 =  0.675 · √𝑄  (3.8) 

As shown in Figure 3.7, the oxygen carrier is transported from the AR to the FR by the yellow 

loop seal and returned to the AR by the green loop seal, which connects the two reactors. A 

sizeable portion of the cooling of the AR/CFB will employ configurable external fluidized heat 

exchangers, which are not included in the picture, to achieve great flexibility. Additionally, 

there will be two solid fuel feeding systems: one for the FR and one for the AR/CFB. The latter 

would be utilized only if the boiler was operated in “normal” CFB mode, without CO2 capture. 

There will be a post-oxidation chamber after the FR's outlet where any combustibles still 

present in the output gas can be burned off using either oxygen or air [56].  

3.9.2 Pressure vessels 

Absorbers and flash drums were constructed as vertical pressure vessels made of carbon steel. 

In this section, the procedure for sizing the pressure vessels is shown for their final cost 

estimation. The dimensions were acquired using Aspen. In order to get the weight of pressure 

vessels, a vessel thickness needed to be estimated, due to their hollow cylindrical shape. A 

relevant formula for calculating the wall thickness is given by equation (3.9) below [85], 

𝑡 =
𝑃𝑖𝑑𝑖

2𝑆 − 1.2𝑃𝑖

(3.9) 

where 𝑆 is the maximum allowable stress, which for steel is 12.9 kpsi (889 bar), 𝑃𝑖  is the 

internal pressure and 𝑑𝑖 is the internal diameter. Additionally, equation (3.9) is applicable in 

those cases where the calculated thickness 𝑡  is larger than the minimum practical wall 

thickness, which depends on the vessel diameter. Table 3.4 below shows the relationship 

between the minimum wall thickness and vessel diameter. 

Table 3.4. Minimum allowable pressure vessel thickness for a given diameter. 

Vessel diameter (m) Minimum thickness (mm) 

1 5 

1-2 7 

2-2.5 9 

2.5-3.0 10 

3.0-3.5 12 
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Finally, given the vessel height, diameter, and thickness, its mass can be calculated through the 

following equation [85], 

shell mass = (
(𝑑𝑖 + 𝑡)2

4
ℎ −

𝑑𝑖
2

4
(ℎ − 2𝑡))  𝜋𝜌 (3.10) 

which calculates the volume of a hollow cylinder with caps on the top and bottom, multiplied 

by the density 𝜌 to get the shell mass. The density of the carbon steel was assumed to be 7,850 

kg/m3 and ℎ is the vessel height. 

3.9.3 Sizing the dehydration unit  

The dehydration unit consists of two adsorber columns using molecular sieve as an adsorbent 

with the characteristics explained in Table 3.5. An example of a molecular sieve with those 

characteristics can be the one from the suppliers, a type A zeolite structure with a pore size of 

3Å [86]. As the costs for the molecular sieve are not public, the assumed capacity, bulk density, 

and adsorbent price from CEMCAP will be considered for this work.   

Table 3.5. Assumed molecular sieve technology properties for this work [86], [87]. 

Adsorbent capacity  

[kg water/100 kg of adsorbent] 
16.4 

Adsorbent bulk density [kg/m3] 720 

Adsorbent pore size [Å] 3 

Adsorbent particle size [mm bead] 3 

Cycle time (time of adsorption) [h] 4 

Following the procedure established by CEMCAP, together with Kohl & Nielsen, the adsorbers 

are sized [87], [88]. The procedure to calculate the height and diameter of the columns is shown 

in detail in Appendix D.  

The thickness of the column and therefore the shell mass can be calculated using equations 

(3.9) and (3.10), extracted from the chemical engineering design book for pressure vessels [85]. 

The material assumed for the adsorption columns is carbon steel.  The cost equation shown in 

Table 3.7 for the pressure vessel is used to calculate the direct costs of the adsorbers and the 

total cost of the molecular sieve technology.  

3.9.4 SO2 cleaning absorber 

As mentioned in Section 2.5.3, SO2 cleaning is done by means of an absorption column with 

ten stages. Again, note that the number of stages and temperatures needed for SO2-removal 

were chosen following the work of Yakah et al [59]. The only thing differing from the 

conditions in the report are the flows, which are scaled appropriately to get similar inlet and 

outlet temperatures. The absorption column was applied in Aspen using the PR-BM property 

method, even though it may be inaccurate, with the intention to get a rough estimation of its 

dimensions. A more appropriate property method for WFGD would be an electrolyte model, 

such as ELEC-NRTL, due to the ionic interactions in WFGD. Nonetheless, a rough amount of 
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CaCO3 and H2O required for absorption was acquired and should therefore not be used as data 

in the simulation. Additionally, the raw material flows and costs of these components, as well 

as products formed such as gypsum, were unknown. Hence, only rough dimensions were 

desired, which were acquired from Aspen. 

3.9.5 Intermediate CO2 storage tank 

For the current analyzed site location, it is important to have intermediate storage for the 

liquefied CO2. As mentioned in Section 2.5.1, the current objective for the company is to 

transport the liquefied CO2 by truck, to the railways, followed by train, to the closest habilitated 

harbor. From the harbor, a ship would transport it to the facility of NL, in Norway.  

It can be approximated that once a day a truck would be sent to the railways, therefore, it is 

believed that the tank would need to hold a maximum of two days of storage. In order to 

calculate its volume, the production of two days of capture at a high load is assumed together 

with a 15 % buffer.  

3.10 Techno-economic analysis 

The techno-economic analysis is done by means of capital cost estimations (CAPEX) and 

running costs (OPEX). The main assumptions of the techno-economic analysis for the base 

case are shown in the following table. 

Table 3.6. Assumptions for the techno-economic analysis [13]. 

Economic lifetime of the plant (years) 20 

Interest rate (%) 5 

Annual operating time (h/year) 5,900 

Biomass chip price (SEK/MWh) 250 

3.10.1 CAPEX 

The capital cost for the process includes the capital costs for FR, cyclone, AR, oxypolishing 

reactor, ash and waste OC handling, WFGD for SOx removal, molecular sieve technology, heat 

exchanger network, pumps, compressors, and intermediate storage. The cost of each equipment 

was estimated through literature data. Some equipment that already exists in Block 4 of Skövde 

Energi has not been considered a CAPEX. These are the steam turbine, the ESP, and the 

biomass drying and grinding.  

The capital costs for each equipment are explained in the table below, which contains the source 

of each equation.  
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Table 3.7. Equipment cost calculation equations. 

Unit 

operation 

Units for 

Size 

calculation 

[S] 

Equation 

Units 

of 

cost 

Reference 

FR 
Surface area 

[m2] 
1500 · 𝑆 (3.11) 

2015 

M€ 
[80] 

Cyclone 

Diameter of 

the cyclone 

[m] 

260 000 · 𝑆 (3.12) 
2014 

M$ 
[87] 

AR (CFB) 

Heat 

extracted in 

the AR 

[MW] 

0.288 · 𝑆 + 5.08 (3.13) 
2014 

M$ 
[80] 

Oxypolishing 

Gas flow 

[kg/s] (S1), 

temperature 

out of the 

reactor (S2) 

and the 

pressure out 

and in of the 

reactor [bar] 

(S3 and S4) 

48.67 · 10−6 · 𝑆1 · (1 + 𝑒0.018·𝑆2−26.4)

0.995 −
𝑆4
𝑆3

(3.14)
 

2011 

M$ 
[80] 

Ash and OC 

waste 

handling 

Makeup OC 

(S1) and ash 

cleaning (S2) 

flow [kg/s] 

4.6 · (
𝑆1+𝑆2

6.7
)

0.56

(3.15) 
2018 

M$ 
[80] 

Column / 

pressure 

vessel 

Shell mass 

[kg] 
−400 + 230 · 𝑆0.6 (3.16) 

2006 

$ 
[89] 

Sieve trays 
Diameter 

[m] 
100 + 120 · 𝑆2 (3.17) 

2006 

$ 
[89] 

Molecular 

sieve 

Cost of the 

adsorber and 

desorber [€ 

2015] (S1) 

and mass of 

adsorbent 

[tonne] (S2) 

𝑆1+3600 · 𝑆2 (3.18) 
2015 

€ 
[80] 

HEX 
Area of the 

HX [m2] 
10 000 + 88 · 𝑆1 (3.19) 

2006 

$ 
[89] 

Pumps Flow [L/s] 3 300 + 48 · 𝑆1.2 (3.20) 
2006 

$ 
[89] 

Compressors 

(centrifugal) 
Power [kW] 8 400 + 3 100 · 𝑆0.6 (3.21) 

2006 

$ 
[89] 
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Floating roof 

tank 

(intermediate 

storage) 

Capacity 

[m3] 
53 000 + 2 400 · 𝑆0.6 (3.22) 

2006 

$ 
[89] 

Turbine Power [kW] −19 000 + 820 · 𝑆0.8 (3.23) 
2006 

$ 
[89] 

It should be noted that the current CHP plant has adequate unit operations for the study, thus 

an investment for them, in the base case, is not needed.  Additionally, Skövde Energi has an 

ash removal system that could be reused when shifting to a CLC technology. Nevertheless, a 

unit to separate not only ash but also waste solids and OC needs to be added, of which its cost 

is calculated in the equation for “Ash and OC waste handling”, expressed in Table 3.7. Finally, 

a cone roof tank is used as intermediate storage for the liquefied CO2, in order to wait to be 

transported to the final storage site. It is accounted to last for a maximum of 2 days, over the 

weekend, with a buffer of 15 %.  

Table 3.7 also contains the year for which the equipment cost applies. Most equipment cost 

estimations apply for different monetary years and need to be adjusted for inflation to reflect 

the current value of money, following equation 3.24 [90]. The CEPCI index of January 2022 

was found to be 797.6 according to a source, and adjusting for January 2023 using the Chemical 

Engineering Magazine, the CEPCI index of January 2023 is 805.6 [90].  

CCyear 2023 = CCyear 𝑋 ·
CEPCIyear 2023

CEPCIyear 𝑋

(3.24) 

For the pressure vessels, namely absorbers and flash drums, carbon steel is chosen as the 

construction material. Carbon steel is the most commonly used material in engineering due to 

its affordability, versatility in shaping and sizing, and robustness and malleability. It is, 

however, susceptible to corrosion, mainly at higher temperatures. Carbon steel will rapidly 

oxidize rapidly at higher temperatures, which is why its use is limited to below 480 °C. In this 

thesis, carbon steel is assumed to be used for equipment cost since most streams in the CLC 

process are below 480 °C, apart from the heat exchangers which are assumed to be of type 304 

stainless steel, which can handle higher temperatures [89]. The AR and FR will also be assumed 

to be made out of type 304 stainless steel due to their high temperatures and the corrosive 

environment of the FR. 

The total plant cost (total PCE) is defined to be the capital cost sum of all the equipment needed 

for the project. In addition to it, the fixed capital and the working capital need to be considered. 

The typical factors for estimating the Project Fixed Capital Cost stated for a process type with 

solids and fluids in the Chemical Engineering Design book are used and expressed in Table 3.8 

[89]. These factors are used in equations 3.25 and 3.26. 
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Table 3.8. Typical factors for estimating the Project Fixed Capital Costs [89] 

Major equipment, total purchase cost PCE 

f1 Equipment erection 0.5 

f2 Piping 0.6 

f3 Instrumentation 0.3 

f4 Electrical 0.2 

f5 Buildings, process 0.15 

f6 Utilities 0.2 

f7 Storages 0.15 

f8 Site development 0.05 

f9 Ancillary buildings 0.15 

f10 Design and engineering 0.25 

f11 Contractor's fee 0 

f12 Contignency 0.1 

 

The total physical plant cost (PPC) and the fixed capital cost (FCC) are calculated using the 

following equations: 

PPC =  PCE · (1 + ∑ 𝑓𝑖

9

𝑖=1

) (3.25) 

FCC =  PPC · (1 + ∑ 𝑓𝑖

12

𝑖=10

) (3.26) 

which include the factors mentioned in Table 3.8. The working capital cost is assumed to be 

low, 5 % of the fixed capital cost, as it is a simple single-product process. In addition, the fixed 

capital cost is annualized through 20 years with an interest rate of 5 %. 

The annual capital cost (ACC) is calculated by multiplying the FCC with the annuity factor 

(a): 

ACC = FCC · 𝑎 (3.27) 

Where the annuity factor (a) is calculated from the interest rate (i) and an economic lifetime of 

the plant (n) in order to find the present value of receiving that annuity for the economic lifetime 

period:  

𝑎 =
𝑖

1 − (1 + 𝑖)−𝑛
(3.28) 

3.10.2 OPEX 

The OPEX costs are broken down into fixed operational costs and variable operational costs. 

Regarding the fixed operating costs different categories are considered. Following the 

Chemical Engineering Design book together with the professional knowledge from Skövde 

Energi, some assumptions have been considered in order to calculate them [89]: 

- Maintenance is assumed to be 1 % of the fixed capital costs as the CHP plant usually 

has a low maintenance requirement.  
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- For the labor costs, it is assumed that currently 8 operators are needed to run the plant. 

After implementing the change of technology together with adding the compression 

and liquefaction part, a total of 12 operators are assumed that would run the plant. As 

the plant is designed to be in Sweden, the salaries are according to the actual plant, 

which corresponds to 40,000 SEK per employee. It is possible that, if the technology 

requires further investigation from an R&D perspective, this number could increase. 

Therefore, an overhead cost of 45 % of the salary wages is assumed to account for these 

variations together with the supervision and management cost. Additionally, 5 % of the 

operating labor cost is taken to account for the lab cost. 

- As the investment will have a high footprint impact on the actual plant, a rate of capital 

(rent of land and/or buildings) would be considered as 0,5 % of the fixed capital cost. 

Insurance and taxes to allocate environmental charges and cover superfund payments 

would be considered as a typical value of 0.5 % and 1 % of the fixed capital cost, 

respectively. 

For the variable operating cost, the cost of the different raw materials and the utilities are used 

and shown in Table 3.9. The variation of some of these values will be studied in the sensitivity 

analysis.  

Table 3.9. Raw material and utilities variable costs for the base case 

Raw materials and utilities Price Unit Year Reference 

Biomass 250 SEK/MWh 2023 [13] 

OC makeup 0.42 USD/kg 2011 $ [91] 

Oxygen 100 €/tonne 2016 [92] 

Molecular sieve 3,600 €/tonne 2014 [87] 

Cooling water 0.4 SEK/m3 2023 [89] 

Electricity 1,000 SEK/MWh 2023 [93] 

The lifetime of the OC has a high impact on its variable costs. From literature, it is known that 

a pilot plant using ilmenite suggested a lifetime of 600-800 h [39], [77], [94]. This estimation 

does not consider any interactions with ash, therefore some studies state that the lifetime might 

decrease [21]. As the biomass used in this work is quite low in ash content, a value of 600 h is 

used [39]. In order to understand the effects of the lifetime of the OC on the total plant cost, a 

sensitivity analysis is recommended. The OC makeup flow has been calculated assuming the 

solid inventory needed for the two reactors together. A value of 850 + 250 kg/MWth is 

considered for the FR and AR respectively [39], [77]. 

3.10.3 Revenue 

From the analyzed plant situated in Skövde Energi (Block 4), DH and Electricity are produced. 

The pricing of the utilities is highly dependent on the market price, therefore Skövde Energi 

keeps a variable load depending on the demand. In this study, only the full load capacity case 

has been studied but two different market prices will be analyzed.  

The electricity prices considered in this work are 500 SEK/MWh and 1,000 SEK/MWh, 

following the NordPool yearly average predictions for the area where Skövde is located [93]. 

For the DH prices, the analysis will be conducted at 600 SEK/MWh, as it is the 2023 price, 
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following Skövde Energi, together with 375 SEK/MWh, to analyze the impact of it [13]. It is 

important to note that the main analyses are conducted using higher utility prices. 

Additionally, the negative emissions obtained by the captured and stored CO2, obtained from 

a biogenic source, can be used as carbon credits to compensate for the emitted CO2 from the 

waste-to-energy boilers used in the same company, or sold as CO2 credits for other nearby 

companies. There is currently no CO2 credits market, therefore the price of them is assumed 

[95]. In January 2023, the value of the EU-ETS was around 90 €/tonne CO2 [96]. For most of 

the CCS studies, a price of 100 €/tonne CO2 is assumed, as the trend shows that prices are going 

to rise in the future [95], [96].   

3.10.4 Economic parameters 

The techno-economic analysis for different configurations and conditions has been discussed 

and compared based on the following economic parameters. 

The levelized price of CO2 (LCCO2) (capture) is the minimum price that the CO2 should be 

sold at for the investment to break-even, expressed in SEK per tonne of CO2 captured. If the 

product is sold at a higher price, the project would become profitable. This is the value that is 

comparable with the different literature findings.  

LCCO2(capture) =
(ACC + OPEX)capture

tons CO2 captured 
(3.29) 

The levelized cost of CO2 (LCCO2) (total plant) is the minimum price at which the CO2 has to 

be sold to break-even, considering the total plant cost and the revenue produced by selling the 

utilities. 

LCCO2(total plant) =
ACC + OPEX − Utilities revenue

tons CO2 captured
(3.30) 

The simple payback period (PBP) is an estimate of the number of years it would take to recover 

the investment: 

PBP =
Total FCC

Average annual profit 
(3.31) 

The net present value (NPV) is the current value of a future stream of payments over the 

lifetime of the project, in this case, 20 years:  

 

NPV = ∑ Net cash flow

20

𝑛=0

= ∑  
Revenue𝑛 − Costs𝑛

(1 + 𝑖)𝑛

20

𝑛=0

(3.32) 

Additionally, the net future value (NFV) is the value of a future stream of payments in the last 

year of the project, therefore in year 20.  

NFV = ∑  
Net cash flow

(1 + 𝑖)𝑛

20

𝑛=0

(3.33) 

When calculating the NPV, NFV, and payback period, a price per tonne of CO2 of 1000 SEK 

is assumed, as mentioned in 3.10.3 [95].  
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3.10.5 CLC vs post-combustion  

Skövde Energi performed a pre-feasibility study to analyze the economic impact of building a 

post-combustion technology in the studied plant [13]. The technology selected is absorption 

with monoethanolamine (MEA) together with a compression and liquefaction plant.  

The data obtained by Skövde Energi is used in order to compare it with the technology studied, 

CLC. For that, the same assumptions as the report using post-combustion are used to compare 

the two different capture technologies. The data reported on the study of implementing MEA 

post-combustion capture in Block 4 is summarized in the following table. 

Table 3.10. Implementation of MEA post-combustion capture in Block 4 from Skövde Energi. Data 

obtained from a past study of the company [13]. 

Parameters Values 

Flue gas flow [Nm3/h] 67,587 

CO2 content in the flue gas [vol. %] 13.6 

Evaluated scenario (Block 4) [Tonnes captured CO2 per year] 73,000 

Capture rate [%] 90 

Losses in liquefaction stage [%] 5 

Net electricity production [MW] 4.8 

Net DH production [MW] 36.3 

Cooling water requirements [MW] 10 

Electricity price [€/tonne CO2] 50 

DH price [€/tonne CO2] 37.5 

Depreciation [years] 20 

Interest rate [%] 5 

Operating hours [h/year] 5,900 

Added CAPEX [M€/tonne CO2] 61 

Total added cost [M€/tonne CO2] 110 

In the previous work performed by Skövde Energi, it was found that the MEA post-combustion 

technology requires low-pressure (LP) steam in order to operate the reboiler at 4-5 bar (140-

150ºC). In addition, the cooling requirement need is quite high, this could be solved by 

implementing a heat pump, which could be studied and compared in future work [13]. 

Moreover, the amines studied consist of using a “proprietary mixture” which is bound to the 

selected supplier. As the data is extracted from a preliminary study, it is assumed that the amine 

needs to be replaced with 0.1-0.5 kg/tonne of CO2, which would depend on the NOx and SOx 

content in the flue gas. Additionally, in the study, the waste volumes are assumed to be based 

on a compilation of supplier information. The amines are reactive against NOx and SOx and 

form by-products, thus the amount of waste products is strictly correlated to the flue gas 

composition. In the report, 0.3 kg/tonne of CO2 is assumed as the amount of waste, which is 

extrapolated to be 22 tonnes of waste amine/year. [13] 
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In terms of liquefaction, a high-pressure expansion (Joule-Thompson process) is assumed to 

be used in the post-combustion project [13]. All the economic calculations there are performed 

based on the heat and mass balances [13]. 

In the case of this study, comparing CLC with post-combustion based CCS, the assumed 

electricity and DH prices considered are in the lower range, 500 SEK/MWh and 375 

SEK/MWh respectively. For this reason, when comparing the two technologies, only these 

utility prices will be analyzed [13]. For all other purposes, the electricity price and DH price 

are 1,000 SEK/MWh and 600 SEK/MWh respectively. 

The efficiency of the post-combustion technology is lower than the modeled efficiency for the 

CLC technology, therefore, although the same initial conditions in the plant are used, the 

amount of CO2 captured per year will not match. For this reason, the comparison is performed 

per tonne of CO2. The sensitivity analysis includes the study of energy utilized and price per 

tonne of CO2 capture, separated by CAPEX and OPEX. 

3.11 Sensitivity analysis 

In this subsection, the methodologies to perform the sensitivity analyses are presented. 

3.11.1 Steam temperature and pressure for electricity production 

A major benefit of CLC lies in its capacity to increase the steam temperature within a power 

plant to increase electricity production. Traditional combustion power plants often experience 

substantial fouling, primarily due to the presence of ash, where alkali components accumulate 

on heat transfer equipment, consequently diminishing the boiler's heat transfer capabilities. The 

primary heat extraction in a CLC process occurs in the cooled AR, consisting mainly of 

nitrogen, oxygen, and oxygen carrier. This composition significantly reduces fouling and 

corrosion on heat transfer equipment, theoretically allowing for elevated steam temperatures.  

In this sensitivity analysis, the steam temperature and pressure of the steam cycle are increased 

separately and combined, where the DH- and electricity production potential are compared 

using relevant prices according to Skövde Energi and electricity market prices. Different bleed 

stream scenarios of the turbine exhaust are also considered, as well as DH temperatures. A DH 

selling price of 600 SEK/MWh is assumed according to Skövde Energi and an electricity price 

of 1,000 SEK/MWh. The operating time of the plant is 5,900 h/year and the DH acts as a cold 

utility with a temperature range from 50 °C to 120 °C at 16 bar as previously mentioned in the 

heat integration. The current steam data is presented in case A of Table 3.3, as 480 °C and 90 

bar. Different scenarios are considered for the sensitivity analysis: 

• Steam temperature of 600 °C at the same pressure (90 bar), 

• Steam pressure of 150 bar at the same temperature, 

• Both higher temperature and pressure at 600 °C and 150 bar, 

• Steam temperature of 600 °C at the same pressure, but with DH temperature 50 °C to 

100 °C, 

• No bleed stream (complete expansion to 1.34 bar with a focus on electricity 

production), 
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• Complete bleed stream (complete expansion to 7.1 bar with a focus on DH production). 

As in the heat integration, a global minimum temperature difference of 10 °C was assumed. 

The district heating and electricity production revenue potential was then compared for these 

different cases in the total cash flow. The total cash flow also included the cost of cooling 

water, which was assumed to be 0.4 SEK/m3, for those streams that cannot be cooled by DH 

water. Heat exchanger networks were not designed for the different cases and capital costs 

were deemed negligible as opposed to the revenue of district heating and electricity. The 

isentropic efficiency of the base case was assumed to be constant for all cases. In the cases of 

raising steam temperature and/or pressure, the cost of a new turbine was included in the total 

cash flow. The capital cost of a new turbine was determined using equation 3.23, adjusted using 

CEPCI, and annualized using equations 3.27 and 3.28. The contributing electricity costs 

included in the total cash flow were those that are directly affected by altering the steam 

properties, which is the work done by the turbine and the pump. This is denoted by net 

electricity production in the results in Section 4.6.1. It is worth noting that this analysis is only 

done using one value of electricity and DH price, namely those values mentioned in the 

previous paragraph. 

For every case, the utility grand composite curve was used as a guideline for utility needs. 

These graphs are presented in Appendix C. 

3.11.2 Multistage compressor 

During the plant design, compressors were used to raise the pressure of some gaseous streams, 

namely the CO2-stream for subsequent liquefaction and in the ammonia refrigeration cycle. A 

sensitivity analysis was made for those streams during the process design, by examining the 

effect of the number of compressors in series with interstage cooling needed, for minimizing 

the annual cost. Having more compressors with interstage cooling generally reduces the total 

power needed to achieve the desired pressure elevation, which could save money, given a 

certain electricity price. In this analysis, the cost of a compressor was calculated using equation 

3.21, adjusted using CEPCI, and annualized as previously done using equations 3.27 and 3.28. 

The cost of electricity was again assumed to be 1,000 SEK/MWh and the operating time of the 

process was 5,900 h/year. The cost of adding an additional heat exchanger and flash in the case 

of additional stages was included. The cost of an additional flash was assumed to add another 

100,000 SEK which was also annualized. The cost of an additional heat exchanger was added 

using equation 3.19, where it was assumed that additional heat exchangers are small and 

therefore cost approximately 10,000 USD as of 2006. As done with the compressors, the cost 

of the heat exchanger was adjusted using CEPCI and annualized. The final saved amount of 

money was calculated as the difference between saved electricity, and the difference in the 

annual cost of additional units. 

For the CO2-stream, the saved amount was compared using three and four compressors. As for 

the refrigeration cycle, one compressor was deemed to be enough, and no further analysis was 

conducted given its already low power requirement. An additional compressor with 

intercooling would not save a significant amount of power. 
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3.11.3 Impact of the CAPEX and OPEX on the project 

The methods to calculate the total capital and operational cost are approximated using literature 

values although they are highly dependent on the different suppliers and construction 

companies. For this reason, a sensitivity analysis is performed in order to analyze the impact 

of a misestimation when calculating the CAPEX and OPEX.  

As it has been mentioned, the source of the oxygen is not taken into account in this work, 

therefore the variability of the price is high. The assumed value throughout the work is 100 

€/tonne CO2 [92], but other sources suggest that this price could vary by ±50 % depending on 

the location and production of it [92], [97], [98]. Additionally, the OC price reported in 

literature is very variable, as CLC has not been scaled up, therefore, there is no market for it. 

Estimations are made by different papers where the price range from 1,000 SEK/tonne to 6,000 

SEK/tonne of ilmenite, therefore an analysis of different values within the stated range is 

performed [21], [91], [99]. Finally, the CAPEX and fuel price are varied in order to understand 

the impact on the techno-economic results. 

3.11.4 Effect of the utility price 

A major benefit of the implementation of CLC is the minimization of energy needed to obtain 

pure CO2, due to the fact that two reactors are used, easing the capture process. The price of 

utilities has a high contribution to the total cost of the plant, and therefore it will be studied as 

a sensitivity case.  

It is important to note that the price of electricity is extremely variable, as it is highly dependent 

on the demand. Due to the variable and unstable estimations of the future prices and the impact 

on those, a sensitivity analysis is performed on the effect that changing the utility prices has on 

the economical parameters, explained in Section 3.10.4. 

In order to simplify the analysis, only two cases are analyzed, and they are shown in Table 

3.11, maintaining the value constant over the different years. The analysis is performed in 

Sections 4.6.3 and 4.6.5. 

Table 3.11. Electricity and DH prices were used in the sensitivity analysis. 

Case 
Electricity price 

[SEK/MWh] 

DH price 

[SEK/MWh] 

High utilities prices 1,000 600 

Low utilities prices 500 375 
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4 Results 

This chapter includes the results from the simulation given the assumptions and parameters 

chosen in the literature review and method. The results include the CLC, compression and 

liquefaction, equipment sizing, techno-economics, and various sensitivity analyses.  

4.1 Chemical Looping Combustion 

After performing the simulation of the CLC technology with Aspen Plus, some general CLC-

operational results are presented in Table 4.1. 

Table 4.1. CLC-results from the Aspen Plus simulation performed in this work. 

Fuel input [MW] 51.2 

AR temperature [°C] 1050 

AR inlet temperature [°C] 938 

FR temperature [°C] 909 

Outlet CO/CO2 [mol.%] 4.70 

Air flow to AR [kg/s] 17.6 

Oxygen carrier flow [kg/s] 91.5 

O2 outlet fraction AR [wt.%] 4.25 

H2 fraction flue gas [mol.%] 2.15 

CO fraction flue gas [mol.%] 1.72 

C bypassed the FR to AR [%] 1 

CO2 capture efficiency [wt.%] 97.5 

CO2 capture rate [ktonne/year] 101.8 

Included in the simulations is thermal input to the FR, AR, and FR temperature, air flow to the 

AR, oxygen carrier circulation rate, and the CO/CO2-ratio in the flue gas from the FR. Also 

shown are the CO and H2 molar fractions in the flue gas and the O2 weight fraction out of the 

AR. The carbon capture efficiency of the plant and the CO2 capture rate is also presented.  

As seen from Table 4.1, the FR and AR temperatures were 909 °C and 1050 °C respectively, 

which were tried to be kept as high as possible for efficient fuel conversion. The AR 

temperature was cooled so as to not exceed 1050 °C to limit defluidization and agglomeration 

of the bed. This issue is not present in the simulation but rather a methodology applied to 

emulate realistic conditions. The temperature difference between the fuel and AR was 141 °C, 

which was assumed to be reasonable for a large 50 MWth unit with a larger residence time 

compared to pilot plants. 

The methodology of acquiring these results was done by also complying with the parameters 

explained in section 3.5.5. As explained, the CO/CO2 ratio and the temperature difference 

between the AR and FR were kept at around 5 % and 150 °C using a solver, by modifying the 

amount of oxygen carrier, given an assumed oxygen carrier reduction efficiency (conversion) 
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of 80 %. This corresponded to a mass-based conversion of 3.8 %. Further thoughts are not 

given into this value and its realistic implications.  

Also presented in the table above is the carbon (char) that was not converted and therefore went 

on to the AR to be combusted. This was part reason why the CO2 capture efficiency was not 

100 %. To avoid this, a carbon stripper could be considered, but it would add additional costs 

and process complexity.  

The amount of thermal energy into the system was increased from around 50 MW to 51.2 MW 

due to initial thoughts that energy would be significantly lost due to the loss of heat-containing 

oxygen carrier in the ash removal. That hypothesis turned out to be less significant than 

assumed. 

4.2 Equipment sizing 

In this subsection, the sizes of some equipment used in the CLC plant are presented. In 

Appendix B the design and sizing of heat exchangers and flash units are shown.  

4.2.1 Air and fuel reactor dimensions 

The dimensions of the fuel and AR are presented in Table 4.2, as well as the exiting volumetric 

flows, calculated following the methodology in Section 3.9.1. 

Table 4.2. Dimensions of the preliminary design proposal for the CLC-system reactors. 

Unit FR AR Source 

Volumetric flow 

rate [m3/s] 
31.7 54.56 Aspen simulation 

Cross-Sectional 

area [m2] 
5.76 9.10 Eq. (3.7) 

Reactor height [m] 20 20 
Boiler height in 

Block 4 

As mentioned in section 3.9.1, the reactor is assumed to be designed following the 

configuration done by Lyngfelt et al [56], which is shown in Figure 3.7. The configuration 

includes a system with loop seals that are placed in order to transfer the OC between the two 

coupled CFB reactors, allowing them to fulfill the O2 demand.  

Due to a lack of information on the particle distribution inside the reactors, their height had to 

be assumed, therefore it is assumed the actual boiler height, 20 meters, would be enough to 

achieve a proper conversion and adequate residence time in the reactor, as mentioned in Section 

3.9.1. Additionally, it needs to be considered that Skövde is constrained by the already existing 

building structure. 

4.2.2 Downstream process unit dimensions 

As mentioned in the Methodology section 3.9, the flash units, dehydration unit, and SOx 

cleaning absorber have been sized. In this subchapter, the results of the sizing for the SOx 
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cleaning, molecular sieve, and intermediate storage tank will be presented. The flash sizes are 

stated in Appendix D.  

The molecular sieve adsorption column has been sized using the method from CEMCAP shown 

in Appendix A. The dimensions are presented in Table 4.3. To calculate their costs, it has been 

designed so that only the adsorber sizing is calculated, and assumed that the desorber will have 

the same size. 

Furthermore, the SOx cleaning technology (WFGD) has been sized by using the calculated 

values from Aspen Process Economic Analyzer and the method explained in Section 3.9.4. The 

dimensions are presented in Table 4.3. 

Table 4.3. Sizing of the flue gas cleaning: molecular sieve and SOx cleaning. 

Unit operation 
Molecular sieve columns WFGD column 

Adsorber/Desorber Absorption 

Column diameter [m] 0.86 2.74 

Total height of the column [m] 2.25 12.80 

Adsorbent mass to fill the column [kg] 104.7 - 

Number of trays - 10 

Thickness of the column [m] 1.48·10-3 1.233·10-3 

Finally, the design of an intermediate storage tank has been calculated with the assumptions 

previously stated in Section 3.9.5 and a volume of 870 m3 would be needed.  

4.3 Steam cycle efficiency 

In Table 4.4, the electrical efficiency and power-to-heat ratio of the CLC-thoperation are 

compared to the conventional block 4 processes. For the conventional process, assumed is a 

thermal input of 49 MW, a net electricity output of 9 MW, and district heat production of 40 

MW, as stated in Section 2.1. 

Table 4.4. Electrical efficiency of CLC vs conventional combustion. 

Process Electrical efficiency (𝜼𝒆𝒍) [%] Power to heat ratio (𝜶) [%] 

Block 4 conventional 18.4 22.5 

CLC 13.5 16.3 

Due to the carbon capture process, the net electricity produced in the CLC process is reduced, 

and the district heat production in the CLC process is slightly higher. The lower electricity is 

in Table 4.4, where the electrical efficiency is lower with a net electricity production of 6.9 

MW, mainly due to the multicompression and liquefaction stage, which is further discussed in 

the next subsection. Since district heat production is slightly higher in CLC, the power-to-heat 
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ratio is also reduced during carbon capture. Note that the district heat production for the CLC-

process is 42.4 MW with a thermal input of 51.2 MW as mentioned in subsection 4.1. 

4.4 Compression, liquefaction, and carbon capture 

In this subsection, results related to the compression and liquefaction of the CO2-stream are 

presented. Table 4.5 below includes relevant CO2-multicompression and intercooler data.  

Table 4.5. CO2 multicompression results. 

Number of stages 4 

CO2 multicompressor power [MW] 1.54 

Intercooler outlet temperature [°C] 30 

CO2-stream outlet pressure [bar] 30 

Water removed [mol.%] 97.8 

Water content after multicompression [ppm] 3,269 

As illustrated in Table 4.5 above, four stages were the economic choice, given the choice 

between three or four stages of compression, which is further presented in the sensitivity 

analysis in section 4.6.2. This result held under the presumption of an electricity price of 1 

SEK/kWh, for which the cost of an additional heat exchanger and intercooler was justifiable 

due to the electricity saved, even though that amount was only 5.1 %. As mentioned, 

compressing the CO2-stream to 30 bar with intercooling will allow to separate the water in the 

CO2-stream and further liquefy it through the use of a refrigeration cycle and throttling. Also 

noted from the table above is the high H2O-content that needs to be lowered to below 30 ppm 

to comply with the standard of NL. It was not justifiable to add additional stages in the 

multicompressor unit to lower the water content further due to economic reasons, which is why 

a dehydration unit was applied after this process. The intercooler temperature was chosen to be 

30 °C which is also presented in the table above, because that temperature was low enough to 

significantly reduce power consumption, but also minimized the water content after 

multicompression. This, however, was not strictly examined during the process design. 

Following the work performed by Kempera et al [66], the mentioned pressure was also 

necessary to properly operate the dehydration unit. 

Table 4.6. CO2 liquefaction and ammonia refrigeration results. 

Ammonia compression work [MW] 0.49 

Cooling duty [MW] 1.67 

COP 3.42 

Ammonia circulation rate [kg/s] 1.47 

As seen in the table above, the compression work enabling the liquefaction process is relatively 

low at 0.49 MW. Hence, only one compression stage was implemented since the electricity 

savings of having multiple compressors in series with intercooling would not be economically 

justifiable. This refrigeration cycle setup was constructed with the intention of fully cooling 

the CO2-stream from 30 °C to -12.6 °C, without intermediate cooling using cooling water. The 
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reason being to avoid the necessity of an additional heat exchanger and minimize cooling water 

needs. This analysis, however, was not thoroughly done. After cooling the CO2-stream, a small 

fraction of vapor was purged consisting of mainly CO2 and N2. This was a contributing factor 

to the CO2 capture efficiency of 97.5 % presented in Table 4.1. An advantage of the purge is a 

reduction of N2 in the captured CO2-stream, which makes it possible to store a slightly greater 

amount of the captured CO2. The final purity of the liquid CO2 to be transported and stored is 

presented in Table 4.7, which meets NL’s standards. 

Table 4.7. Final CO2 purity obtained in the Aspen Plus simulation. 

Component Concentration, ppm (mol) 

H2O 19 

O2 - 

SOx 1.5 

NOx 0 

H2S 0 

CO 0.5 

NH3 0 

H2 0.3 

The concentration of O2 in the pure flue gas is in reality unknown because an O2 removal 

process was not simulated. However, as mentioned in 2.5.5, it is realistically possible to achieve 

an O2 concentration of below 10 ppm using catalytic oxidation using H2. It may be interesting 

to consider the implementation of an electrolyzer to produce the H2, as well as the production 

of O2 needed for the oxypolishing. However, the amount of H2 needed is in the order of ppm 

as discussed in section 2.5.5. The oxygen need for oxypolishing is significantly higher at 

around 0.2 kg/s and producing that amount of O2 using electricity may lead to significant 

energy penalties, as opposed to an air separation unit, which is more relevant for large scale. 

Hence, it is probably not justifiable to implement an electrolyzer, at least not for O2 production.  

The concentration of H2 would probably increase in the flue gas, with the potential 

implementation of a catalytic oxidation process, potentially leading to a circular issue with H2 

and O2 concentration in the flue gas. H2 is needed for O2 removal and O2 is needed for H2 

removal during oxypolishing. The exact dynamics of this implementation are however 

unknown. This makes cryogenic distillation potentially favorable, while also providing an 

extremely pure CO2-stream. Nonetheless, the process is highly complex and not the subject of 

this study.  

4.5 Techno-economics 

In the following section, the techno-economic results for the CLC base case plant will be 

discussed. The overall economic assessment will depend on the utilities and levelized cost of 

CO2, therefore a sensitivity analysis of those is discussed in this subsection. 
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4.5.1 CAPEX 

The capital expenditure of this project is defined to be estimated from the total equipment cost, 

also called total plant cost, which includes each piece of equipment that needs to be added to 

the new plant. The total cost of each piece of equipment, together with the fixed capital cost 

and working capital are shown in Table 4.8.  

Table 4.8. Investment for each unit in the total plant. 

Unit 
Investment 

(MSEK 2023) 

FR walls 5.96 

FR cyclone 14.43 

Oxypolishing reactor 4.57 

AR (including cooled walls 

and cyclone) 
145.9 

Ash and OC waste handling 

equipment 
21.49 

Compressors  10.73 

Flash units 0.99 

HX units 6.41 

Intermediate storage 3.38 

Molecular sieve 0.33 

SOx cleaning equipment 0.72 

Total plant cost 215.11 

Fixed capital cost 958.29 

Working capital 47.91 

The different equipment shown in Table 4.8 is separated by unit operation. All the compressors 

used in the plant, compressing the CO2 and in the ammonia refrigeration cycle, are considered 

under the compression unit. In the same way, the flash units used throughout the compression 

and liquefaction state are expressed under flash units in Table 4.8. 

The cost of purchasing the AR is the highest, which corresponds to more than 68 % of the TPC, 

followed by the ash and OC waste handling equipment (10 %) and FR equipment (including 

the walls and the cyclone). The investment cost for the AR cyclone has been calculated and it 

is equal to 37.86 MSEK. It should be noted that the cost of the endothermic FR is 7 times 

smaller than the cost of the AR. This is because only endothermic walls are considered for the 

calculation of the FR, while, for the AR, a CFB boiler with steam generation is assumed. 
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Figure 4.1 Distribution of the CAPEX among the different equipment 

Throughout this work, the calculations to size the gas cleaning equipment, for SOx and H2O 

cleaning, have been performed. In Figure 4.1 the impact of those in the TPC, as predicted by 

Deng et al [61], is negligible. It should be noted that more small equipment, such as pumps, 

will be needed to run the plant. Hence, such a small contribution to the total plant cost has not 

been considered. 

4.5.2 OPEX 

The total fixed operational costs for the total plant in the base case are shown in the following 

table: 

Table 4.9. Fixed operational costs for the base case expressed in MSEK/year. 

Parameters 
Cost 

[MSEK/year] 

Maintenance 9.50 

Labor 8.35 

Lab cost 0.42 

Rate on Capital 4.75 

Insurance 4.75 

Taxes 9.50 

Total Fixed costs 37.27 

The labor cost calculated assumes that the current operation is performed with 8 operators and 

that 4 extra operators would be added for the capture process. In the base case, a total of 12 

operators and a 1.45 overhead factor are considered.  

The highest contribution to the OPEX costs are taxes and maintenance, which are assumed to 

be 1 % of the total fixed capital. Furthermore, the variable operational costs in the base case 

are shown in the following table:  

9,48%
2,12%

67,84%

9,99%

4,99%

2,11% 2,98%
0,49% Fuel reactor

Oxypolishing reactor

Air reactor (including cooled walls
and cyclone)
Ash and OC waste handling
equipment
Compressors all

Flash, pumps, intermidate storage

HX

Gas cleaning equipment
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Table 4.10. Variable operational costs for the base case. 

Type Price Unit Year MSEK/Year 2023 

Raw 

materials 

Biomass 250 SEK/MWh 2023 73.52 

OC makeup 0.42 USD/kg 2011 3.34 

Oxygen 100 €/tonne 2016 7.32 

Molecular 

sieve 
3600 €/tonne 2015 0.89 

Utilities 
Cooling water 0.4 SEK/m3 2023 0.63 

Electricity 1000 SEK/MWh 2023 13.94 

In Table 4.10 the highest contribution to the variable operational costs is the fuel, i.e. biomass. 

The fuel is only considered when calculating the costs of the total plant, but not when analyzing 

the added costs for the CO2 capture, as is mentioned in Section 3.10. 

4.5.3 Total plant cost 

To have an overview of the total plant cost, all the equipment necessary to run the plant, which 

has not previously been installed, together with the operating costs of fuel, OC, and utilities are 

considered in this part. As previously mentioned, the lifetime of the plant is considered to be 

20 years with a 5 % interest rate. The economic results of the base case are summarized in 

Table 4.11. 

Table 4.11. Summary of the economic parameters for the base case. 

Total capital cost annualized [MSEK/year] 76.90 

Variable operational cost [MSEK/year] 100.84 

Fixed operational cost [MSEK/year] 37.52 

Revenue from selling the utilities 

[MSEK/year] 
190.91 

LCCO2 (total plant) [SEK/tonne CO2] 102 

LCCO2 (capture) [SEK/tonne CO2] 793 

PBP [years] 3.35 

NPV [MSEK] 4352.71 

NFV [MSEK] 1530.71 

The values shown in Table 4.11 are performed assuming a CO2 credit for producing negative 

emissions of 1,000 SEK/tonne CO2. This value will change over the years as it is highly 

dependent on the CO2 market value, together with the policy chosen by the EU to incentivize 

negative emissions. Currently, in 2023, the policies to incentivize BECCS in Sweden and the 

EU are still under development, therefore, the value of the given subsidy is unknown [8], [9]. 

In Figure 4.2 the effect of the CO2 credit income for producing negative emissions on the PBP 

is analyzed. 
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Figure 4.2. Effect of the negative CO2 incentives on the PBP as a function of the prices for the utilities. 

It is observable that, when the utility prices are at their lowest, a subsidy of more than 370 

SEK/tonne CO2 will be required to obtain profit during the lifetime of the plant. On the other 

hand, when the utility prices are at their highest, even without getting a subsidy, the PBP is 

below 10 years. 

4.5.4 CLC vs. post-combustion  

From the previous post-combustion capture study performed at Skövde Energi, the added costs 

of installing CLC in comparison of installing a post-combustion capture with MEA can be 

compared. The CO2 capture efficiency is highly dependent on the technology used. In this 

work, the MEA-based PCC technology captures less CO2 (73 kt/year) compared to CLC 

technology (101.92 kt/year). Therefore, the CO2 capture efficiency for MEA and CLC 

technology are 90 wt.% and 97.5 wt.%, respectively.  

In Figure 4.3, the difference between the added cost per tonne of CO2 of implementing CLC 

and post-combustion with MEA is shown. The CLC added cost is 718 SEK/tonne of CO2 while 

for MEA is 1,100 SEK/tonne of CO2. Even though all the extra equipment which needs to be 

acquired for running a CLC plant, the CAPEX per tonne of CO2 is 40 % lower than the post-

combustion technology. It must be stated that as fixed added capital costs for the capture, the 

whole plant equipment is considered with the exception of the AR itself, but a cyclone needed 

for the CLC is added. It is observed that the MEA has a higher CAPEX per tonne of CO2, 

which is believed to be due to the tall and expensive absorption/desorption columns needed.  
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Figure 4.3 Comparison of the added cost per tonne of CO2 between using CLC or MEA post-combustion 

technology. 

In order to be comparable, the same assumptions for utility prices are assumed, as shown in 

Section 4.5.3. It is important to note that for the fixed operational costs, which include 

maintenance, labor, taxes, and others; the calculations have not been performed the same way. 

The contribution in the added OPEX costs for the CLC technology is shown in the diagram in 

Figure 4.4. This diagram could not be made with the post-combustion MEA technology as not 

enough information is provided [13].  

 

Figure 4.4. Distribution of the added operational costs for the CLC technology  

It can be seen from Figure 4.5 that the main contribution to the costs is electricity, oxygen, and 

taxes. The molecular sieve, cooling water, and OC makeup have a very small contribution in 

the base case scenario. The price of OC and pure oxygen has a very unstable value in the market 

which depends on a lot of different factors such as vendor, location, technology of production, 

and others. Additionally, the cooling water price is directly related to the source of it and an 

extensive detailed exercise should be done to conclude its actual price. Different sensitivity 

analyses are performed with those prices in order to see the impact of the assumptions made.  
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Furthermore, as it is very well known, the main revenue for the company is currently from the 

production of DH and electricity utilities, therefore, the amount of energy consumed with the 

two technologies will have a high impact on the PBP and NPV. The difference between utilities 

used by the two technologies is shown in Figure 4.5.  

 

Figure 4.5. Comparison of the energy used per tonne of CO2 captured for CLC and post-combustion 

technologies. 

To capture one tonne of CO2 using post-combustion, more than 1.2 MW/tonne CO2 of extra 

utilities is needed. It has to be noticed that the CLC technology does not require external hot 

utilities as the process is self-sufficient in heat. Nevertheless, the post-combustion technology 

will require an external hot utility to operate the column reboiler. Additionally, more than 70 

% more cooling water is needed to run the MEA post-combustion technology in comparison 

with CLC, per tonne of CO2. Finally, the electricity usage per tonne of CO2 is 60 % higher in 

the amine case.  

The capture efficiency for the MEA process has been assumed, by Skövde Energi, to be 90 % 

capture rate and 5 % losses in the liquefaction. On the other hand, it has been calculated that 

having a CLC technology would reach a 99 % capture rate and 1.5 % liquefaction losses. The 

technology used to perform the liquefaction is different for the two studied technologies. As 

stated, the simulated system liquefies by cooling with an ammonia refrigeration cycle while 

the post-combustion with MEA study has been assumed to be using a liquefaction system by 

expansion. In the MEA case, the stream needs to be compressed at a higher pressure, hence 

consuming more electricity. Due to the different principles used for conditioning the CO2, the 

liquefaction losses are not comparable.  

The total amount of utilities needed to run the plant at full load is explained in the following 

table.  
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Table 4.12. Utilities consumed per hour to run the plant at full load for both technologies. 

Parameter CLC Post-combustion with MEA 

Electricity consumed (MW) 2.4 4.8 

Hot utility consumed (MW) 0 5.7 

Cooling water consumed (MW) 3.1 10 

Total tonnes of CO2 captured per year 101,921 73,000 

CO2 total capture efficiency (%) 97.5 85.5 

In Table 4.12 it can be seen how the consumption of the different utilities is much higher in the 

post-combustion case. Furthermore, the amount of CO2 captured in the CLC case is much 

higher 29 ktonne CO2/year, hence the overall efficiency of the post-combustion process is 

significantly lower.  

4.5.5 Techno-economic comparison with literature 

A sensitivity analysis of the technology is performed by comparing it with other literature 

studies where the cost per tonne of CO2 captured is calculated. In this section, only the costs 

related to the capture process are included. An overall comparison is shown in Table 4.13, 

where the estimated values from Lyngfelt et al [56] for biomass and coal, together with the 

values from Deng et al [61], for compression and liquefaction of CO2. In this section, the prices 

from the literature, which were stated in euros, have been converted to Swedish crowns using 

a conversion rate of January 2023 (1 € = 10.4438 SEK).  

Table 4.13. Sensitivity analysis of the calculated price per tonne of CO2 compared with other literature 

studies [SEK/tonne CO2]. 

Parameter Base case 
Lyngfelt et al 

[56] (biomass) 

Lyngfelt et al 

[56] (coal) 

Deng et al 

[61] 

Total purchased cost 331.12 251 166-270 - 

Total installed cost 783.37 - - - 

Compression 

liquefaction and flue 

gas cleaning installed 

cost 

155.17 - - 167-209 

As can be seen in Table 4.13, the base case corresponds to a higher price per tonne of CO2 

capture compared to the literature values, which might be related to the assumptions of OC, 

electricity, and O2 price together with the lifetime of OC. Additionally, the comparison with 

Deng et al [61] shows that the predicted costs for conditioning the CO2 are close to the 

calculated range. 

To perform a more accurate comparison, the sectioned costs estimated by Leckner and Lyngfelt 

[21] are used as a comparison point, as it is believed to be the most relevant basis for 

comparison. It is important to keep in mind that the cost estimations are predictions made for 

different varieties of solid fuels. The values stated in Table 4.14 compare the costs per tonne 

of CO2 in each part of the technology chain between the approximation made by Leckner and 
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Lyngfelt [21], and the current case, it is assumed that the estimations are performed for 

purchased cost.  

Table 4.14. Comparison of the cost estimation per tonne of CO2 between literature and the actual case, 

separated by purchased and installed cost [SEK/tonne of CO2] [21] 

Process section 

Cost estimation by 

Leckner and 

Lyngfelt [21] (solid 

fuel) 

Purchased 

CAPEX and 

OPEX 

Installed CAPEX and 

OPEX 

CO2 compression 104 115.43 139.13 

Oxypolishing 42-94 75.42 87.85 

Oxygen carrier 14-42 32.78 32.78 

Liquefaction - 30.60 38.83 

AR cyclone - 29.81 132.80 

CC Waste handling - 16.92 75.38 

Boiler cost (FR) 1-24 16.05 71.51 

Cooling water - 6.15 6.15 

CC Heat exchangers (all) - 5.05 22.49 

Flue gas cleaning - 1.71 4.57 

CC Tank - 1.19 5.28 

Fixed operational - - 166.59 

It is important to note the difference in size between the two cases; the case analyzed by 

Leckner and Lyngfelt [21], is 20 times bigger than the one studied in this work; therefore, it is 

expected that the capital price would be lower. However, although the difference in thermal 

load, it can be seen in Table 4.14, that the prices per tonne of CO2 are extremely similar when 

talking about purchased cost. Nevertheless, the similarity in the values, it must be noted that 

the electricity, OC, and oxygen price play an important role in the costs, but Leckner and 

Lyngfelt [21] do not report the values used for the predictions. 

Moreover, an extra cost is assumed for the AR cyclone, which is needed to transition from a 

CFB boiler system to a CLC-CFB technology. It is believed that the waste handling equipment 

must be included in the base case due to the need of separating the OC from the ash to 

recirculate it. Other sections that have not been included in the work are the flue gas cleaning 

and CO2 intermediate storage which can be concluded to be negligible. 

Additionally, it is confirmed that, as predicted by Deng et al [61] together with Leckner and 

Lyngfelt [21], the flue gas cleaning has an insignificant impact on the costs and could be 

assumed negligible in future cost estimations. 

4.6 Sensitivity analysis 

In this section, the results of the sensitivity analysis on the effect of varying the steam 

production temperature, and multistage compression, together with the impact of the CAPEX 

and OPEX in the techno-economics will be presented and discussed. 
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4.6.1 Effect on the steam temperature  

Table 4.15 below illustrates steam properties, net electrical production, district heating 

potential, and corresponding revenue, for different temperatures and pressures of the steam. 

Table 4.15. Steam properties, electricity contribution, DH contribution, cooling water need, and 

associated total cash flow of different cases of temperature and pressure modifications. 

Parameters Base case 
Higher 

temperature 

Higher 

pressure 

Higher 

pressure/temperature 

Steam temp [°C] 480 600 480 600 

Steam pressure [bar] 90 90 150 150 

Electrical output [kW] 9,263 10,912 9,694 11,536 

Pump duty [kW] 205 205 345 345 

Net elec. [kW] 9,058 10,707 9,349 11,191 

District heating potential 

[kW] 
42,428 34,534 41,943 32,944 

Cooling water duty [kW] 3,131 9,389 3,344 10,417 

New turbine [SEK/year] - 1,856,638 1,686,590 1,942,268 

Total cash flow [MSEK/year] 203.0 181.7 201.3 178.6  

By examining Table 4.15, it is clear that the optimal configuration is the base case at the steam 

temperature and pressure currently used in Skövde Energi. If the steam temperature is 

increased, it will result in higher electricity production but lowers DH production, which 

ultimately leads to a decrease in profit. Increasing the steam pressure leads to a slight increase 

in net electricity production, but a decrease in DH production, which necessitates the use of 

more cooling water and results in waste of heat and loss of profit.  

Although raising both steam pressure and temperature leads to the highest net electricity 

production, it still cannot compensate for the significant decrease in district heating production, 

which results in a loss of cash flow. The reason why the DH production is significantly reduced 

when increasing the steam temperature has to do with utility pinch limitations since the DH 

temperature is raised from 50 °C to 120 °C. In Table 4.16 below, the same results are shown 

for different bleed stream ratios of the turbine exhaust. An additional case using high 

temperature steam but modifying the DH temperature to be going from 50 °C to 100 °C is 

shown. Note that the base case, currently in use in the installed plant, has an 87.7/12.3 bleed 

ratio.  
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Table 4.16. Steam properties, electricity contribution, DH contribution, cooling water need, and 

associated total cash flow of different cases of bleed stream modifications. 

Parameters 
No bleed 

stream (100/0) 

Only bleed 

stream (0/100) 
50/50 

Higher 

temperature 

(50 °C-

100 °C) 

Steam temp [°C] 480 480 480 600 

Steam pressure [bar] 90 90 90 90 

Electrical output [kW] 9,626 6,675 8,150 10,912 

Pump duty [kW] 206 201 205 205 

Net elec. [kW] 9,420 6,474 7,945 10,707 

District heating potential [kW] 29,492 44,959 43,417 40,529 

Cooling water duty [kW] 15,728 3,344 3,344 3,394 

New turbine [SEK/year] - - - 1,856,638 

Total cash flow [MSEK/y] 156.8 196.7 199.9 204.1 

From Table 4.15 and Table 4.16, it is also evident that the base case bleed ratio results in the 

largest cash flow, which is motivated by the same arguments as before. Having no bleed stream 

results in the largest expansion throughout the turbine which maximizes electricity production, 

at the large expense of district heating production due to utility pinch limitations and thereby 

resulting in a large profit loss. At the same time, focusing on total bleed stream exhaust limits 

the electricity production significantly compared to the base case, thereby leading to a slight 

decrease in cash flow as opposed to the base case. A 50/50 bleed ratio also leads to a slight 

decrease in profit as opposed to the base case. Looking at the higher temperature case with 

modified DH temperature change, the electricity production is higher than the base case, but 

the DH production potential is lower. However, DH production is not severely limited due to 

utility pinch, and therefore cash flow is higher than the base case. The presence of a utility 

pinch point is illustrated in Figure 4.6 below, showing part of the process GCCs, where the left 

figure is the modified DH temperature change, and the right figure is the standard DH 

temperature change. 

  

Figure 4.6. Utility pinch is seen on the left figure from the orange line touching the process GCC. The 

same orange line has no pinch for the modified DH temperature on the right. 
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Since this analysis was done using only one DH and electricity price, it is difficult to draw a 

clear conclusion, as the prices will be affected by market conditions and will vary over time. It 

was therefore not deemed relevant to try to find an optimal ratio of a bleed stream maximizing 

its profit. A higher electricity price would shift the favor towards maximizing electricity 

production at the expense of district heating, but it would have to increase approximately 

threefold to be more profitable, in the case of increasing temperature/pressure. Still, the 

electricity market can be very volatile, and the possibility to increase electricity production 

may be of value in future energy scenarios and may be an additional advantage of the CLC 

technology. 

4.6.2 Multistage compression analysis 

In this section, results regarding the number of compressors in the CO2 compression train are 

presented. Table 4.17 below shows the power consumption, annual cost of equipment, and 

power. 

Table 4.17. Multicompressor economic results for the CO2 train comparing three and four stages. 

Parameters 3 stages 4 stages 

Power [kW] 1,628 1,544 

Annual cost of compressors [SEK/year] 582,383 641,567 

Annual additional heat exchanger cost [SEK/year] - 13,507 

Annual additional flash unit cost [SEK/year] - 8,024 

Annual power cost [MSEK/year] 9.60 9.11 

Total annual cost [MSEK/year] 10.19 9.77 

As seen above, using four stages has a lower power requirement by 84 kW, which is expected 

due to intercooling and excess steam removal between stages. Also seen are the higher 

equipment costs when using four stages, but the lower power cost which altogether sum up to 

the total annual costs. The total annual cost shows that using four stages is cheaper, saving 

411,533 SEK/year. Hence, four compressors were used in the plant design. Note that this 

analysis and the entire thesis were done considering full load. At part load, the electricity 

savings will not be as significant, and the possibility may exist that a three-stage compressor 

would be more suitable. 

4.6.3 Impact of the CAPEX on the project 

In this section, the study of varying the fixed capital cost to analyze the sensitivity of the 

economic analysis is performed. As shown in Figure 4.7, a change of ±50 % in the CAPEX is 

evaluated to check the impact on the different economical parameters which are explained in 

Section 3.10.4.  
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Figure 4.7. Impact on the variation of the CAPEX on the different economic parameters analyzed. 

It can be seen that the PBP is highly affected by the change, while the LCCO2 (capture), NPV, 

and NFV vary approximately in the same order of magnitude. The PBP would increase more 

than 2.4 times if the CAPEX is underestimated by 50 %, having a high impact on the base case 

analysis. Moreover, the effect on NPV and NFV varies inversely than the other parameters, as 

a higher CAPEX is translated to a lower profit at the end of the plant's lifetime. It is shown that 

if the CAPEX has been underestimated, it will lead to a higher impact on the predicted results 

than if it is overestimated. The numerical values of the variation are shown in the following 

table.  

 

Table 4.18. Impact on the variation of the CAPEX on the different analyzed economic parameters. 

Parameters -50 % 
Base case  

(0 %) 
+50% 

(LCCO2)total plant 

[SEK/ tonne CO2] 
-447.2 102.1 1,093 

(LCCO2)capture  

[SEK/ tonne CO2] 
521.4 792.9 1,280 

PBP [years] 1.50 3.35 7.81 

NFV [MSEK] 5,810 4,352 1,810 

NPV [MSEK] 2,160 1,530 4,150 

The LCCO2 of the total plant and the capture, for the case with 50 % more CAPEX, are around 

the values predicted for other technologies, such as post-combustion with MEA (1100 

SEK/tonne CO2) [95]. Therefore, even if the effect of varying the CAPEX estimation on the 

LCCO2 is high, the technology will still be competitive with the different CO2 capture 

techniques currently in the market. Additionally, as previously mentioned, although the CLC 

unit can be seen as uncertain, due to the lack of experimental work in high-load units, it could 

still be used as a normal CFB boiler, which would reduce the economic risk of the total project. 
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LCCO2 (capture)

PBP

NFV

NPV

- 50%

+ 50%



4.  Results 

 

 

 

 

 

68 

 

 

It is important to notice that, even if the error percentage is high, in the worst-case scenario 

(having underestimated the CAPEX value by 50 %) the solution would still be profitable. As 

this analysis is highly preliminary, additional studies will need to be performed in order to 

obtain a more accurate approximation. 

4.6.4 Impact on the OPEX on the project 

The results on the impact of the cost with high contribution to the OPEX are analyzed in this 

section. It is important to note that this sensitivity analysis has been performed with the highest 

electricity and DH prices (1000 and 600 SEK/MW respectively). However, the results follow 

the same tendency independently of the utility prices. In Table 4.10, it can be seen that the 

highest impact on the variable operational costs are the biomass, oxygen, and electricity prices. 

The OC has also a higher considerable impact in comparison to the molecular sieve adsorbent 

and the cooling water. Furthermore, the utilities prices have a high impact on the profitability 

of the project, but as the utilities are mainly considered as a form of revenue, and not a cost, 

the analysis will be performed in Section 4.6.5. 

In Figure 4.8, the impact of the biomass and O2 cost on the PBP, represented by dots, and the 

levelized cost of CO2 (total plant), shown by columns, are analyzed.  

 

Figure 4.8. Impact of the Biomass (fuel) price and O2 (oxypolishing) price on the PBP (dots) and the 

levelized CO2 cost (columns). 

The figure shows that the fuel price has a high effect on the PBP and the LCCO2 (total plant). 

Both variables follow an exponential trend when increasing the fuel price. Considering all the 

base case assumptions, if the biomass price decreases to 225 SEK/MWh, the LCCO2 of the 

total plant would be 0 SEK/tonne CO2, meaning that Skövde Energi would not need to have 

revenue from the captured CO2 in order to have a break-even price before the lifetime of the 

project is over. Over the years, the price of biomass is expected to be higher, due to the increase 

in demand to obtain net negative emissions. For this reason, future analysis of this technology 

requires utmost caution regarding this variable.  
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In Figure 4.8, it is shown that the O2 price has a low impact on the PBP of the project, not 

varying the result by more than ±2 %. Although the influence on the levelized cost of CO2 is 

slightly higher, it can be considered insignificant.  

The impact of the OC in the OPEX is nearly insignificant, 6 %, as seen in Table 4.4, the analysis 

of its price has been performed as the price of the OC has a very variable cost, which has been 

explained in Section 3.11.3. In Figure 4.9 the same analysis as for the oxygen price has been 

done for the OC cost.  

 

Figure 4.9. Impact of the OC price on the PBP (dots) and the break-even CO2 cost (total plant) (columns) 

As predicted, the effect of the OC price on the PBP and levelized CO2 cost is relatively minor 

than to the O2 case. In the base case, a value of 4,200 SEK/tonne OC has been assumed. A 

difference of ±1 % is seen in the PBP while in the break-even CO2 price, ±30 % is observed. 

Both variables vary exponentially with respect to the OC price. However, even with the highest 

price per tonne of OC found in literature, the levelized cost of CO2 (total plant) is below 150 

SEK/tonne.  

Even though there is some variation in the results when analyzing the O2 and OC price, they 

have a low impact on the total plant cost, therefore, it can be concluded that the effect is rather 

low, which gives confidence in the results. 

4.6.5 Effect on the utility prices 

For the electricity and district heating utilities two different prices are analyzed, which are 

explained in Section 3.11.4. As previously mentioned, utility prices are highly dependent on 

the world’s market and, therefore, they are not constant over time. To simplify this analysis, it 

has been considered that they are. The analysis has been done for two different levelized costs 

of CO2, one considering the total plant cost, including the revenue, and the other only 

considering the capture costs, together with the PBP, NFV, and NPV, as shown in Section 

3.10.4.  

When considering LCCO2 (total plant), the utility prices have a high impact as they are directly 

correlated to the LCCO2 and they are the only source of income. Moreover, when only the costs 

of capture are analyzed, the electricity consumption is low and no district heating is used, 
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therefore the impact of the utilities cost is lower. The obtained results are shown in the 

following table. 

Table 4.19. Impact of the utility prices on the different economic parameters 

Variables Higher utilities prices Lower utilities prices 

LCCO2 (total plant) 

[SEK/tonne CO2] 
102.12 854.44 

LCCO2 (capture) 

[SEK/tonne CO2] 
792.92 724.52 

PBP [year] 3.35 6.14 

NFV [MSEK] 4352.71 1613.84 

NPV [MSEK] 1530.71 478.87 

As explained in Section 3.10.3, most of the capture projects are assumed to have a price of 

1,000 SEK/tonne CO2, therefore, using both utility prices the LCCO2 is approximately equal 

to or below that. It is important to note that, even when the utility prices are lower, which 

translates to lower revenue, the PBP is less than half of the project's lifetime, which means that 

the project will be profitable.  
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5 Further considerations 

There have been a couple of CLC upscaling designs done in literature, such as the designs 

published by Lyngfelt et al [21], [56] of a 1000 MWth and 200 MWth unit. The question remains 

if larger CLC-units could be successfully implemented, even larger than the one studied in this 

thesis. A larger unit would result in bigger and more expensive equipment. Considering that 

the highest expense in this work is the AR, a bigger size would result in a higher total capital 

cost, but potentially a lower specific cost. Additionally, it would also lead to more uncertainties 

during simulation, as pilot plants have only been designed up to 1 MWth. However, there are 

some large CFB boilers which have a similar behavior, simplifying the prediction for a CLC-

CFB plant. But as many of the normal CFB plants for CHP in operation today are in the size 

range of 50-150 MW, the currently studied CLC-CFB unit could in many ways be a first-of-a-

kind commercial unit. The mentioned risks will be minimized by the fact that the unit could 

likely be very flexible in operation, i.e. run as a normal plant in case conditions are not 

favorable. But, when running the system as a CFB, the CO2 would not be captured, reducing 

the amount of negative emissions.  

Moreover, the feasibility assumption for the current design (50 MWth unit) is based on previous 

experience, using pilot plants and fluidized beds, coupled with the necessary heat and mass 

balances. Similar methods have been performed by Lyngfelt et al [21], [56] to analyze designs 

for 200 and 1000 MWth and conclude the feasibility of them. Furthermore, the assumption of 

having a feasible technology could still be applied to larger plant sizes, as the residence time 

would be higher, increasing the particle interactions. Moreover, the designed unit would be 

equipped with measurement equipment in order to evaluate performance and provide in-data 

for future larger units.  It should be noted that a size upgrade would be required to optimize the 

district heating and electrical production network. 

The results obtained from this work show that, in the analyzed cases, a CLC unit would have 

a higher cost-efficiency, nevertheless, it is estimated that the CLC technology will need 

additional years to be installed on such a large scale. The currently investigated and installed 

technologies are mostly post-combustion, such as absorption with amines or hot-potassium 

carbonate, due to the easiness of retrofitting an additional unit. Furthermore, those capture units 

are high in the Technology Readiness Level (TRL) scale with a level of 9 [100], while CLC is 

still at a level of 6 [4], [21], [100], [101]. 

In the case of Skövde, the production system is mainly driven by the DH demand of the 

population. For this reason, the hourly prices are studied every day to understand the possible 

revenue and vary the load and heat production accordingly. Moreover, it needs to be mentioned 

that in the future, there will be increased volatility, due to the increase in usage of renewable 

energy sources. For this reason, it is important to own a system that allows to have high 

variability. It has been mentioned by different experts in the CLC field, that the technology 

would be capable of handling this fuel variance, acting like a peak load for the system [21], 

[56], [64]. Another aspect to take into account would be safety, which will increase with 

technological uncertainties. Potential safety issues related to the pilot plants would have to be 

analyzed, as well as additional ones that may arise during upscaling, to design the plant layout.   

From another perspective, as Skövde is known to have high industrial activity, following the 

same idea as CinfraCap in Göteborg, a shared conditioning plant could be installed. This could 
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reduce the installed and operational cost calculated, but a deeper analysis must be done 

regarding the positioning of the conditioning plant and the participants involved. 

As previously mentioned, this report is presented for a specific case; a biomass boiler of about 

50 MWth situated in Skövde Energi and operating at full load for 5,900 h/year. Although these 

assumptions, most of the results could be extrapolated to other industries with similar 

characteristics, such as similar fuel composition and load. Nevertheless, the prices assumed for 

utilities and fuel would need to be adjusted to the location of the boiler, to understand which 

utility drives the production and optimize it. As mentioned, CLC allows to raise in the steam 

temperature due to the low corrosion in the AR. Increasing the steam temperature enables a 

higher electricity output but significantly reduces the amount of district heating generated. In 

other countries, where the main production is not driven by district heating, electricity 

production can be increased while increasing the revenue obtained. 
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6 Conclusion 

This thesis evaluates the possibility of substituting a BFB biomass boiler of 50 MWth, situated 

in Skövde Energi, with a CFB-CLC system which would allow an easier capture of the 

generated CO2 emissions to store it achieving negative emissions. The downstream flue gas 

cleaning, together with the compression and liquefaction of it, has been included in the 

simulations. Although the logistics of how the CO2 would be transported to the storage site 

have not been analyzed, it is considered that the long-term storage site would be the NL facility 

(Bergen, Norway). The CLC technology would be integrated into the combined heat and power 

plant (CHP), producing DH and electricity. This work shows that the integration of a CLC 

technology and CO2 capture would be techno-economically feasible. 

The simulation and heat integration process was performed and applied for the specific input 

given by Skövde Energi. A literature study was conducted to understand the technical 

limitations and include the necessary downstream sections to simulate a realistic system. 

Thereafter, a techno-economical study was performed to calculate the feasibility of the 

technology and compare it to previous literature studies. Additionally, sensitivity analyses were 

conducted to assess the impact of certain parameters such as the rise of the steam cycle 

conditions, stages in the multicompressor, and the sensitivity of the techno-economic analysis 

to the variation of the market prices. Finally, the results for the CLC technology were compared 

to the previous study conducted in Skövde Energi for the installation of a post-combustion 

system with MEA. 

The study shows that the CLC capturing technology would be more cost-efficient than a post-

combustion system with MEA absorption, as the capture efficiency is increased by more than 

10%, the energy consumption is decreased by 75 % and the costs are reduced by around 30 %. 

The results show that the highest contribution to the costs are the CO2 compression train and 

the oxypolishing, while the FR and downstream flue gas cleaning have an insignificant impact. 

Additionally, the study highlights that the economic viability of installing this technology has 

a high dependence on fuel and utility prices, which are regulated by the market.  

This case study helps to have an understanding of the upscaling of the CLC technology and the 

high competitiveness that CLC has as a carbon capture technology. Other CHP-plants would 

be able to use this work to understand the basic considerations of shifting from a BFB boiler to 

a CFB-CLC system.  

6.1 Future work 

The process scheme investigated in this thesis provides various prospects for future 

development in order to lead to a total understanding of this technology. One area of focus 

should be the particle behavior, together with the combustion and oxidation/reduction reactions 

for the CLC loop, which could be done using CFD software. In the current work, the analysis 

of gas velocity, particle interaction, and distribution for both reactors have not been performed 

and the optimization of those parameters would have a high impact on the plant results, heat 

integration, and reactor dimensions. Another area could be the obtention of fluidizing agent for 

the FR can be analyzed further to understand the behavior and efficiency of using CO2 and/or 

steam. 
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As mentioned throughout this project, it is important to build and operate a CLC plant with the 

proposed design configuration in order to understand the behavior of the technology. It is 

considered that, as most of the plants range from 50-150 MWth, the current thermal input 

designed (50 MWth) would be appropriate to start. 

Finally, a logistic analysis on how to transport the CO2 to the permanent storage site should be 

performed for Skövde Energi, as it is important to validate the feasibility of storing the captured 

emissions. If the analysis ends up not being economically feasible, the possibility of utilizing 

the emission, for example, to produce fuel, should be studied. 
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A.  Molecular sieve sizing 

In this chapter, the procedure followed to size the dehydration adsorber (molecular sieve) is 

shown. The calculations have been performed thanks to the steps shown by CEMCAP together 

with Kohl & Nielsen [87], [88]. 

In order to calculate the direct cost of the molecular sieve technology, the absorber, and 

desorbed dimensions are needed. For this, the steps reported in the CEMCAP 2015 are 

followed [87]. It is important to note that the cost of a dehydration unit, such as molecular 

sieve, to achieve the specifications of the Northern Lights project have been disregarded by 

different CO2 compression and liquefaction reports. An example would be Deng et al 2019, 

where the paper has a direct cost for the technology based on the amount of water separated.  

The cost of the molecular sieve mentioned by CEMCAP is calculated through the following 

equation [87]:  

𝐶𝐶𝑚𝑜𝑙.𝑠𝑖𝑒𝑣𝑒(€) = 2 · 𝐶𝐶𝑎𝑑𝑠𝑜𝑟𝑏𝑒𝑟 + 3600
€2015

𝑡𝑜𝑛
· 𝑚𝑎𝑑𝑠𝑜𝑟𝑏𝑒𝑛𝑡 (𝐴. 1) 

The capital cost of the two adsorber columns are calculated by estimating its size and then, 

using the Chemical Engineering Design book in order to evaluate the cost.  

As explained in the main text, Sizing the dehydration unit Technoeconomic analysis, the 

adsorbent material is selected to be a molecular sieve with a capacity of 16.8 kg water per 100 

kg adsorbent and a bulk density of 720 kg/m3. An example of molecular sieve supplier can be 

BASF which produces a type A zeolite structure with a pore size of 3Å [86]. As the costs for 

the BASF molecular sieve are not public, the assumed capacity, bulk density, and the adsorbent 

price will be considered for this work, as it is mentioned in Table 3.5.  

Assuming a pressure drop along the bed of 0.33 psi/ft, the superficial gas velocity can be 

calculated through a modification of the Ergun equation for molecular sieve adsorbents. 

𝛥𝑃

𝐿
= 𝐵µ𝑣 + 𝐶𝜌𝑣2 (𝐴. 2) 

Where 𝛥𝑃 is the pressure drop across the bed (psi), L is the bed length (ft), µ is the gas viscosity 

(cP), 𝑣 is the superficial gas velocity (ft/min), and 𝜌 the gas density (lb/ft3). 

In order to calculate the velocity, the constants B and C need to be assumed, which depend on 

the particle type and are shown in Table A.1. 

Table A.1. Values for B and C for equation A.2 for different particle types. 

Particle type B C 

1/8 in. Bead 0.056 0.0000869 

1/8 in. Extrudate 0.0722 0.000124 

1/16 in. Bead 0.152 0.000136 

1/16 in. Extrudate 0.238 0.0021 

The size used in this work is the most similar to the molecular sieve supplier which is 1/8 in. 

bead (3 mm). With the superficial gas velocity and the volumetric gas flow rate going into the 
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molecular sieve technology, the cross-sectional area of the bed can be calculated. From the 

cross-sectional area, the diameter of the column can be calculated. 

𝐴𝑐.𝑠. = 𝑣 𝑉 (𝐴. 3) 

Where A is the cross-sectional area (ft2), 𝑣 is the superficial gas velocity (ft/min) and V is the 

gas volumetric flow rate in (ft3/min). 

The total length of the bed is the sum of the length of the equilibrium Section (LES) and the 

length of the unused bed (LUB). 

The LES can be calculated with the following formula:  

𝐿𝐸𝑆 = 100 𝐺/𝜌𝑏𝑒𝑑 (
𝛥𝑌

𝛥𝑋
) 𝑡 (𝐴. 4) 

Where G is the gas feed rate (kmol/h m2), 𝜌𝑏𝑒𝑑 is the adsorbent bulk density (kg/m3), 𝛥𝑋 is 

equal to the sorbent design capacity (mole per 100 kg) and 𝛥𝑌 = 𝑌𝑒 − 𝑌𝑜  are the 

concentrations of water in the gas feed and in the gas in equilibrium with the regenerated 

adsorbent (mole/mole) and t is the time from the start of adsorption (h). The time of adsorption, 

also known as the cycle time, is assumed to be around 4 hours.  

LUB is assumed to be half of the MTZ (mass transfer zone of active adsorption), which can be 

calculated from the following equation:  

𝑀𝑇𝑍 = (
𝑣

35
)

0.3

𝑍 (𝐴. 5) 

Where 𝑣 is the superficial gas velocity (ft/min) and Z is a constant that depends on the particle 

type. Z is equal to 1.7 for 1/8 in. sieve and 0.85 for 1/16 in. sieve. 

The total height of the column can be assumed to be the evaluated length of the adsorbent bed 

(LES+LUB) plus 2-3 meters to account for internals. In this work, 2 m is chosen.  

All the data used and calculated in this chapter are summarized in Table A.2. 
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Table A.2. Data used and calculated to size the molecular sieve equipment (adsorber). 

Variable Value Units 

Gas volumetric flow rate 

into the molecular sieve 
188.15 ft3/min 

Gas feed rate 457.38 kmol/h 

Gas viscosity 0.016191 cP 

Gas density 3.90753 lb/ft3 

Gas velocity 29.87 ft/min 

Adsorbent capacity 16.4 
kg water/100 kg of 

adsorbent 

Adsorbent bulk density 720 kg/m3 

Pressure drop along the bed 0.075 bar/m 

Cycle time (time of 

adsorption) 
4 hours 

Adsorbent capacity (𝛥𝑋) 16.8 kg water/100 kg adsorbent 

Fraction of water removed 

(𝛥𝑌) 
3.252·10-3 mol/mol 

Cross-Sectional area 6.3 ft 

Column diameter 0.86 m 

LES 0.0015 m 

LUB 0.2486 m 

Thickness of the column 0.0148 m 

Column shell mass 724.84 kg 

Total high of the column 2.25 m 

Mass of adsorbent in the 

column 
104.73 kg 
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B.  Heat integration 

The methodology of heat integration is given in detail in this part of the Appendix. The process 

flow diagram is presented below in Figure B.1 with numbered streams to easier visualize the 

streams included in the heat integration and heat exchanger network design. The numbered 

streams are presented in Table B.1 and with stream descriptions in Table B.2. For more detailed 

flow diagrams of e.g., steam cycle and refrigeration cycle, see Figure 3.3 and Figure 3.6. Heat 

exchangers found in the flow diagram in Figure B.1 and those found within the steam cycle 

and refrigeration cycle are also included in the heat integration. All streams subject to 

temperature- or phase change except for two streams were included in the heat integration. The 

two streams not included were the ones associated with the CO2 liquefaction stream of the 

refrigeration cycle to be cooled from 30 °C to -12.6 °C. The evaporator of the refrigeration 

cycle was thereby fixed and designed to specifically cool down that stream, to simplify the 

overall design of the refrigeration cycle. However, the condenser of the refrigeration cycle was 

included in the heat integration. 

 

Figure B.1. Process flow diagram, numbered for stream characterization. 

The following table, Table B.1, summarizes the streams included in the heat integration. The 

streams are numbered in Table B.1 and cross-referenced in Figure B.1 for easier location.  
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Table B.1. Streams included in the heat integration. 

Stream 

name 

Stream 

number 

Inlet 

temperature 

(°C) 

Outlet 

temperature 

(°C) 

𝒎̇ · 𝒄𝒑 (kW/°C) 
Heat duty 

(kW) 

AIR-HR 1 1050 35 15.9 16,120 

AIR-PH 2 25 300 18.1 4,976 

CO2-MC1 3 133.7 30 13.1 1,354.9 

CO2-MC2 4 105.9 30 5.82 442.1 

CO2-MC3 5 106.6 30 5.55 425.5 

CO2-MC4 6 108.3 30 5.77 452.1 

FG-HR1 7 938.3 200 21.7 16,010 

HRSG-H1 8 117.2 302.3 65.9 12,200 

HRSG-H2 9 302.3 302.4 194,400 19,440 

HRSG-H3 10 302.4 480 47.1 8367 

R-CO2-H 11 -55.5 100 0.57 88.65 

RC-1-C 12 137.7 25.1 3.42 385.2 

RC-2-C 13 25.1 25 17,730 1,773 

ST1-C 14 108 107.9 267,600 26,760 

ST2-C 15 198.4 165.6 4.05 133 

ST2-C2 16 165.6 165.5 35,910 3,591 

AR 17 1050 1049.9 170,600 17,060 

FG-HR2 18 200 81 45.48 5,412 

ASH-C 19 938.3 100 0.85 712.2 

The streams are also further described in Table B.2 below. 

Table B.2. Stream descriptions. 

Stream name Stream number 

AIR-HR AR hot exhaust air 

AIR-PH Air preheater into the AR 

CO2-MC1 Multicompressor intercooler 1 

CO2-MC2 Multicompressor intercooler 2 

CO2-MC3 Multicompressor intercooler 3 

CO2-MC4 Post-multicompressor cooler 4 

FG-HR1 Flue gas from FR and POC into the ESP 

HRSG-H1 
HRSG water heating from subcooled- to 

saturated liquid at 90 bar  



B. Heat integration 

 

 

 

 

 

 

vi 

 

 

HRSG-H2 
HRSG water boiler from saturated liquid to 

saturated vapor 

HRSG-H3 HRSG steam superheater from saturated vapor 

R-CO2-H CO2 stream preheater into the FR 

RC-1-C 
Ammonia refrigeration cycle cooler from the 

compressor down to saturated vapor 

RC-2-C Ammonia refrigeration cycle total condenser 

ST1-C Turbine low pressure condenser 

ST2-C 
Turbine medium pressure (bleed stream) cooler 

down to saturated vapor 

ST2-C2 
Turbine medium pressure (bleed stream) total 

condenser 

AR AR isothermal integrated cooler 

FG-HR2 
Flue gas from the ESP cooled to enter SO2 

cleaning 

ASH-C 
Ash and a trace of oxygen carrier to be cooled 

before disposal 

Given the streams presented in the tables above, a GCC of the streams included in the heat 

integration was constructed and is shown in Figure B.2 below. 

 

Figure B.2. GCC of the streams included in the heat integration. 

The blue lines in Figure B.2 represent the process streams, the orange line the DH, and the 

yellow line the cooling water need.  
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Five streams needed heating which were prioritized at the beginning of the design to eliminate 

the need for other hot utilities. The hot flue gases from the AR and FR, as well as the cooling 

jacket associated with the AR were used for air preheating and HRSG. The CO2 preheating for 

the FR was heated using the low energy content of the stream “ST2-C”, which is associated 

with lowering the superheated temperature of the turbine bleed stream exhaust down to 

saturated vapor. The multicompressor intercoolers were the first heat exchangers used for DH 

production, followed by the refrigeration cycle ammonia cooling of the stream “RC-1-C” down 

to DH temperatures. The DH temperature has risen up to 53.3 °C at this point. The order of 

streams first cooled using DH were decided to be the hot streams with the lowest outlet 

temperatures to maximize the mean log temperature difference of the heat exchangers, with the 

exception of the stream “ST1-C” (turbine exhaust condenser at 108 °C).  

The stream “ST1-C” had the highest amount of energy content and had to be prioritized 

relatively early in the DH production, in order to fully utilize all of its heat. The condenser 

associated with this stream contained a lot of energy, hence, raising the DH temperature by 

approximately 44 °C, from 62.2 °C to 105.9 °C. Since the stream itself was to be condensed at 

108 °C, that implied that the minimum temperature difference of this condenser was only 2.1 °C, 

thereby leading to a high heat exchanger area. However, the placement of the condenser within 

the heat exchanger network was inevitable and could not have been arranged in any other 

manner, due to limitations in the ability of other hot streams to produce DH. Hence, if the 

associated condenser had been placed earlier in the DH production chain, some previous heat 

exchangers would not have been able to heat up the DH, thereby calling for the need to use 

cooling water instead. In the same way, if it had been placed later in the DH production chain, 

the condenser would not fully have been able to produce DH, and some DH energy would be 

lost to cooling water, thereby losing revenue. The added heat exchanger area of the condenser 

is justifiable due to the maximized DH revenue. The remaining streams are utilized to increase 

DH production to its fullest potential. In cases where DH production is not feasible, cooling 

water is employed instead. Figure B.3 below illustrates the heat exchanger network design. 

 

Figure B.3. Heat exchanger network design. 



B. Heat integration 

 

 

 

 

 

 

viii 

 

 

As can be seen from Figure B.3, the condenser connected between “ST1-C” and “District 

heating” is the most energy intensive stream in the heat exchanger network and raises the DH 

temperature by approximately 44 °C.  

The ash cooling is associated with the stream “ASH-C” and is assumed to be performed 

similarly as the other fluid heat exchangers, even though that stream is a solid containing ash 

and traces of oxygen carrier, but the heat transfer coefficient of the solid is assumed to be lower 

than that of the fluids.  

The stream “ST2-C” is cooled using two small heat exchangers. The first one is used to preheat 

the CO2-stream that enters the FR as a fluidization agent. The second small heat exchanger is 

used for district heating. The heat exchanger associated with district heat production could 

probably have been eliminated, had the CO2 preheat temperature increased from 100 °C to a 

higher temperature. This could maybe be done in future work with an optimized HEN design. 

However, the costs of HX as opposed to the costs of other parts of the CLC-process were almost 

negligible, and therefore optimizing the HEN design fully was deemed not necessary. 
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C.  Steam temperature sensitivity analysis GCC 

In this Appendix, the process GCC and cooling utilities are shown for the different sensitivity 

analysis cases presented which are done using Aspen Energy Analyzer. 

 

Figure C.1. Process GCC for the high-pressure case of 150 bar. 

 

Figure C.2. Process GCC for the high-temperature case of 600 °C. 
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Figure C.3. Process GCC for the high temperature and pressure case of 600 °C and 150 bar. 

 

Figure C.4. Process GCC for the case of having no bleed stream exhaust from the turbine, focusing on 

electricity production. 

 

Figure C.5. Process GCC for the case of having a full bleed stream exhaust from the turbine, focusing on 

district heat production. 
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D.  Flash sizing 

The flashes used along the process have been sized as pressure vessels, as can be seen in Section 

3.9.2. The position and flash naming can be seen in the following figure.  

 

Figure D.1. Process diagram naming the flashes used. 

The diameter and liquid volume have been extracted from the Aspen Process Economic 

Analyzer approximations. The height has been assumed to be equal to the diameter, except 

when the diameter value was below 1 m, which then a height of 1 m was assumed [85]. The 

results are shown in Table D.1. 

Table D.1. Results of flash sizing. The naming of each flash corresponds to the names in the figure above. 

 1 2 3 4 5 6 Source 

Diameter 

(m) 
1.37 1.22 0.91 0.91 1.37 1.22 

Aspen 

Economics 

Liquid 

volume 

(m3) 

5.40 4.27 2.40 2.40 5.85 4.27 
Aspen 

Economics 

Height 

(m) 
1.37 1.22 1.00 1.00 1.37 1.22 [85] 

Designed 

pressure 

(bar) 

1.03 2.43 9.82 13.00 32.43 16.71 
Aspen 

Economics 

Thickness 

(m) 
1.00E-03 1.67E-03 5.08E-03 6.74E-03 2.56E-02 1.16E-02 Eq (3.9) 

Shell mass 

(kg) 
85.08 122.58 262.55 348.56 2322.56 852.30 Eq (3.10) 
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