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Abstract
Carbon capture and storage (CCS) has been identified as a technology necessary to
mitigate climate change and reach the 2°C target of the Paris agreement. Utilization
of industrial excess heat is a way to make investments in CCS more feasible. How-
ever, in Sweden, industrial excess heat is often utilized for district heating. Thus,
CCS may compete with district heating for utilization of industrial excess heat.

This thesis evaluates the potential of operating a CCS plant on excess heat from an
industrial plant, that is currently utilized for district heating. A techno-economic
assessment is performed to discuss design and operational modes of the capture
plant. Two industrial plants are investigated as case studies, Preem’s refinery in
Gothenburg and the SSAB steel mill in Luleå. Two operational modes are investi-
gated, a seasonally varying (SV) operation and a constant load (CL) operation.

If CCS is prioritized over district heating, i.e. excess heat is utilized for CCS without
considering the district heating supply, 9.7% and 25.5% of the initial excess heat
could be recovered for district heating after capture, for the steel mill and the refin-
ery case respectively. The different properties of the flue gas from the two cases and
the process configuration of the capture plant are important to the heat recovery
potential from the capture plant.

If the district heating delivery is retained, by operating the CCS plant on either
the excess heat not utilized for district heating or on primary energy, 17% of the
direct CO2 emissions of the steel mill plant is avoided in SV and CL. The SV oper-
ation results in that 99% of the total amount of captured CO2 is also avoided. The
corresponding figure for the CL operation is 93%. The two operational modes yield
comparable costs, however, the SV operation is deemed most viable, since it avoids
the use of primary energy, and provides a flexibility in being able to scale-up CCS
operation in the future. By evaluating the economic performance of the steel mill
capture plants from both parts of the thesis, it is seen that the designs and oper-
ational modes are comparable, with specific costs of 40-45 €/tonne CO2 avoided.
The feasibility of the alternatives are, however, dependent on how CCS and district
heating are valued in relation to each other. If CCS is prioritized, and the loss of
district heating revenue is not taken into account, a specific cost of 27 €/tonne CO2
avoided is achievable.

Keywords: Carbon capture and storage, District heating, Excess heat, Seasonal
variations, Specific cost
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1
Introduction

This thesis work evaluates the relation between heat supply for absorption-based
carbon capture processes and district heating from industrial excess heat. For exam-
ple, the work discusses whether the prioritization should be district heating delivery
or to run the carbon capture plant continuously at full load. A techno-economic
assessment is carried out, in which the investment cost and running cost for each
configuration are estimated and compared.

1.1 Background
Anthropogenic activities have caused a global warming of about 1°C [1] by increasing
the carbon dioxide concentration in the atmosphere from 280 ppm at pre-industrial
levels [2] to more than 400 ppm at current date [3]. In 2015, the Paris agreement
was signed by the parties of the United Nations Framework Convention on Climate
Change. The aim of the agreement is to mitigate climate change in order to limit
the global warming to well below 2°C and preferably to stabilize the global aver-
age temperature at 1.5°C above pre-industrial levels [4]. Furthermore, in 2018, the
International panel of climate change (IPCC) published a special report, in which
they stated multiple reasons for limiting the warming to 1.5°C rather than 2°C [1].

Different means of action to mitigate CO2 emissions are available, of which one
of the most important methods is to increase energy efficiency [5]. In the heating
sector, one option for reducing primary energy use is the centralization of heating
systems, i.e., replacing individual heating systems with district heating (DH) [6].
In Sweden, the DH network has been in use and successively expanded since the
late 1940’s, which has helped reducing the amount of individual oil boilers to almost
zero [7], resulting both in an improvement of the air quality and emission reductions.
Since the 1990’s, the DH production has increased by 50% while the emissions from
the sector have decreased. One reason for this is the increased use of excess heat
(EH) from industrial sites to provide DH, which has led to large energy savings by
increased resource efficiency [8].

A possibly competing area of use for industrial EH, which has emerged in recent
years, is carbon capture and storage (CCS). CCS has been identified as a necessary
technology to reach the current climate goals [1], [9]. The basic procedure of CCS
means separating carbon dioxide from a large point source, and then storing it in
a suitable geological formation. A major barrier for implementing CCS technology
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1. Introduction

is however the economic expense of building and running the plants [10]. Several
studies have been conducted on the topic of reducing the costs [11], [12]. The CCS
process is energy intensive, causing large operational expenditures (OPEX). Utiliz-
ing EH to run a CCS plant could potentially reduce OPEX, making investments in
CCS more feasible. The use of EH for CCS has been investigated in several previous
studies [13]–[15].

Many point sources of CO2 emissions are located at industrial sites, and accord-
ing to the International Energy Agency (IEA), the industry sector was responsible
for about 24% of the total global CO2 emissions in 2017 [16]. A major part of this
sector thus requires extensive implementation of new, carbon neutral technology.
Many industrial plants have access to EH, providing promising conditions for im-
plementation of CCS. The benefits of investing in CCS have been pointed out in
recent studies, where the future expense of climate change mitigation have shown
to be significantly larger if little or no investments into CCS are made [9].

As previously mentioned, in Sweden, the utilization of EH for DH has played an
important role in reducing carbon dioxide emissions by increasing energy efficiency.
Hence, the challenge lies in finding solutions enabling both implementation of CCS
and continued heat supply to the DH network. During the summer months, the
demand for DH is low, providing an opportunity for CCS to be implemented. Uti-
lizing the heat for CCS during this period could provide a way to valorize the EH
that would otherwise require additional cooling. Due to the large investment cost
of a CCS plant, only capturing CO2 during summer will, however, cause large spe-
cific costs per tonne CO2 capture, and may not be defensible from an economic
point of view. The heat integration of a DH network with a CCS plant by utilizing
the various coolers of the CCS plant has been investigated in previous studies, e.g.
in [17]. However, the work by Bartela et al. [17] was focused on heat and power
plants, whereas the focus in this thesis is industrial plants. In contrast to heat and
power plants, industrial plants generates EH, i.e. does not generate heat as a main
product. Furthermore, heat and power plants to some extent have the possibility
to operate in a flexible manner, following the heat demand, while industrial plants
more often run their production continuously throughout the year, thus providing
a rather constant availability of EH.

1.2 Aim and scope
The aim of this thesis is to investigate how the limited amount of excess heat from
an industrial plant could be distributed between DH and CCS, taking into account
seasonal variations in DH demand, as well as whether extraction of heat for DH
supply from the CO2 separation plant is possible. The evaluation takes into account
economical performance, but also factors such as the view on CCS and DH are dis-
cussed.

More specifically, by comparing two industrial plants, a steel mill and a refinery,
the work aims at investigating whether characteristics such as the properties of the

2



1. Introduction

flue gas affects the possibility to recover heat for DH supply from the CO2 separation
plant. Furthermore, the work aims at evaluating and comparing different approaches
to handling seasonal variations in DH in terms of economic performance, but also
the environmental consequences in terms of emissions avoidance of each option.

In this thesis, the economic evaluation is only a rough estimation. The purpose
is mainly to quantitatively compare the performance of the CO2 separation plants
under different conditions. Additionally, the economic study is limited to evaluating
the CO2 separation plant including the compression units. In other words, trans-
portation and storage, as well as costs related to the equipment for heat integration
from CCS to the DH network are not considered.

3
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2
Theory

Industrial processes typically generate EH that originates from the production pro-
cess. To increase energy efficiency, the EH can either be utilized internally within
the production process by heat integration, or externally by integration with other
heating systems or processes. In this thesis, two different external areas of utilization
are of interest, CCS and DH. A definition of EH, and the considered EH utiliza-
tion areas, are presented in Section 2.1, 2.2 and 2.3, respectively. To evaluate the
integration of an industrial plant, the DH network and a CCS plant, two different
industrial plants were investigated as case studies. The studied industrial plants are
presented in Section 2.4.

2.1 Definition of excess heat
EH has been defined in different ways in previous studies. Broberg Viklund and
Johansson [18] define EH as ”heat generated as a by-product of industrial processes.
This heat is not used today, but could be used to create benefits for the industry
and society”. Olsson et al. [19] use the definition ”excess energy [is energy] that
cannot be utilized internally and where the alternative is that the heat is released
into the surroundings”. In this thesis, the definition used by Petterson et al. [20]
will be applied, i.e. EH is ”the heat discharged from an industrial process”. The EH
can originate from chemical reactions, but it can also originate from primary energy
if there is left-over heat after heat has been supplied to a certain processing step.
The left-over heat might e.g. be the heat in hot effluent streams.

Furthermore, the EH is divided into two categories according to the work of Petters-
son et al. [20], avoidable excess heat (AEH) and unavoidable excess heat (UEH).
AEH is EH that can be avoided by internal process heat integration that is feasible
from a techno-economical point of view. UEH, on the other hand, cannot be utilized
internally. Thus, according to the definition used in this thesis, EH is discharged
heat that is not currently utilized in the plant, but may have potential to be uti-
lized internally, if it is AEH. The UEH will, however, always need to be cooled by
either emitting the heat to the atmosphere, heat exchanging with cooling utilities
or external utilization. Another option, although it might be less feasible, would be
to avoid parts of the UEH by extending the heat integration of the industrial plant
to reach its full thermodynamic potential.

For the purpose of this thesis, UEH is divided further into two subcategories, useful

5



2. Theory

heat (UH) and waste heat (WH). UH is heat that can be utilized externally to the
production process, e.g., for DH supply or heat integration with a CCS process.
WH is heat at temperature levels that are not high enough to be utilized for such
external applications. Figure 2.1 visualizes the different subcategories of EH that
will be applied throughout this thesis.

Figure 2.1: Illustration of the different excess heat categories applied in this thesis.

It should be kept in mind that the total amount of EH, as well as the ratio between
its subcategories, will change if the internal process is modified or expanded. For
example, throughout this thesis, heat integration with a CCS plant is considered an
external utilization of EH. If, however, industrial plants will in the future be com-
pelled to reduce emissions by CCS, the CCS unit might be regarded as a necessary
part of the internal process, similar to other flue gas cleaning processes such as desul-
furization, rather than an external plant. Thus, the heat used for CCS would then
not be considered EH at all, since it is then an integrated part of the internal process.

Despite the fact that UH is the heat that in theory is wanted for DH or CCS
integration, it is difficult to discern whether or not the EH that is currently used
for DH is only from the UH part of EH. Without a detailed insight to the industrial
plant in question, one can not tell if part of the EH utilized for DH is actually AEH
which has potential to be internally heat integrated. Thus, in this thesis, the term
EH will be used to denote the heat used for CCS and DH supply.

2.2 Carbon capture and storage
CCS can be divided into three major steps; CO2 separation, transportation, and
storage. In this thesis, the separation, including the pre-transport compression is
mainly treated. The design of the complete chain, from CO2 separation to storage,
is dependent on many factors, such as the source and scale of the CO2 emissions,
location, and whether the plant from which the CO2 originates is already in ser-
vice. Several CO2 separation techniques exist, such as pre- and post-combustion
absorption, and oxyfuel combustion. What technique is the most suitable depends
on the specifics of the plant. Generally one may prefer a technique that affects the
performance of the main purpose of the plant as little as possible. Factors that may
affect the choice are for example availability of heat and space.

6



2. Theory

The transport of CO2 can occur by ship, train or pipeline, and the method is mainly
dependent on the location of the CO2 separation plant. Factors which have to be
considered include how the surrounding environment may be affected by transport,
but also local legislation [21]. The final storage site is also largely dependent on
the location, and several options have been discussed [22]–[24]. Popular ones are oil
fields no longer in use, and large underwater saline aquifers.

Carbon capture is mainly suitable for large point sources of CO2, i.e., one or few gas
streams carrying a large flow of CO2. The opportunity to collect a large amount of
CO2 at one single point promotes a better economy for both separation and trans-
port of CO2, due to economy-of-scale effects [25]. Large point sources of CO2 are
mainly present at power plants and different types of industrial sites. This thesis fo-
cuses on the implementation of CCS at industrial sites in Sweden using the example
of a refinery and a steel mill.

2.2.1 Absorption based carbon capture with MEA
In this thesis, post-combustion chemical absorption is the only technology consid-
ered, as it can be implemented without changing the current combustion process
extensively, and is thus suitable for existing industrial plants [26]. Another advan-
tage of post-combustion capture with chemical absorption is that it is a technology
that, unlike many other technologies developed for carbon capture, has already been
implemented in industry and is therefore commercially available. Chemical absorp-
tion for CO2 separation has been extensively researched in academia (see for example
[11], [27]) and demonstrated at commercial scale [28], [29], thus it is considered as
well-proven technology.

The chemical absorption process is based on the concept of temperature-swing ab-
sorption. This means that the liquid absorbent reacts with the dissolved CO2 at a
low-temperature level, and is then regenerated by raising the temperature to a level
where the CO2 is released to the gas phase. In this thesis, the absorbent consists
of an aqueous 30 wt% monoethanolamine (MEA) solution. MEA is a very efficient
absorbent, and highly reactive with CO2, resulting in high separation rates. Due to
its other applications in industry it is already commercially available at low price
levels [22]. A major drawback of MEA is the high absorption enthalpy, which causes
the regeneration of MEA to be very energy intensive. In fact, the heat supply to the
regeneration process is a major contributor to the cost of the CCS plant. At high
temperatures and high oxygen (O2) or sulphur-oxides (SOX) content, MEA is also
subject to degradation [22]. The levels of O2 or SOX should therefore be minimized
as much as possible prior to absorption, and the temperature preferably kept below
120°C in the regeneration step. As MEA is corrosive at higher concentrations, the
amount has been limited to 30 wt% to avoid damage on equipment and piping.

A scheme of a post-combustion absorption plant is shown in Figure 2.2a. The
flue gas first enters a direct contact cooler (DCC) which has two purposes. The
first is to remove excess water from the flue gas, and the second to decrease the
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temperature to a level suitable for absorption with MEA, about 40°C. The flue gas
then enters the absorption column, where CO2 is chemically bound to the absorbent.
The temperature in the absorber usually ranges from about 40-60°C [22]. The ratio
of MEA to CO2 in the CO2 rich solvent stream exiting at the bottom outlet of the
absorber is denoted rich loading. The CO2 depleted flue gas leaving the absorber
enters the washer, installed on top of the absorber, where entrained MEA is removed
using water. To enhance the regeneration of solvent, the pressure of the rich solvent
stream exiting the absorber is increased to about 2 bar with a pump. The rich sol-
vent stream then enters the stripper, where the MEA solvent and CO2 are separated
by addition of heat. The temperature is determined by pressure, usually somewhere
between 100-120°C [22]. The molar ratio of CO2 derivatives to MEA derivatives
(lean loading) in the lean solvent flow leaving the stripper is usually around 0.2-0.3.
The absorbent is recycled to the absorber, and the loss of MEA at the gas phase top
effluents of the absorber and stripper via degradation is compensated with a make-
up stream of MEA and water. A part of the lean solvent stream passes through
a reclaimer where solvent degradation products, or heat stable salts (HSS) are re-
moved, and is then reintroduced in the stripper. The remaining water in the CO2
rich top product of the stripper is condensed and separated, and the CO2 then enters
the compression unit. The lean solvent stream exiting at the bottom of the column
is used to preheat the rich solvent stream into the stripper via a cross heat exchanger.

Several modifications to the basic process have been investigated with the inten-
tion of reducing the heat demand of the reboiler [27], which contributes to a major
part of the specific cost of the plant. Among these are the addition of an absorption
intercooler (ICA), and rich-stream splitting (RSS). The modifications are illustrated
in Figure 2.2b. In absorption intercooling, the fluid is extracted from a suitable stage
in the absorber, cooled with a heat exchanger and then reintroduced at the stage
below. ICA is suitable for gas streams with high concentration of CO2 [11], [30],
as high concentration causes higher temperatures and less efficient absorption. By
implementing ICA, less solvent flow is required, which decreases the heat demand
of the stripper reboiler. In rich stream splitting, the CO2 rich absorbent stream is
split into two streams before entering the stripper. One of the streams is heated and
introduced at an appropriate stage, and the other is led to the top of the column
without prior heating. The cold stream introduced above the hot stream promotes a
more even distribution of the feed stream in the stripper, by preventing it to directly
enter the condenser, effectively decreasing the heat demand of the reboiler [11].
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Figure 2.2: A simplified schematic view of a post combustion CO2 separation
plant, without (a) and with (b) rich-stream split (RSS) and absorption intercooling
(ICA).

Aside from the OPEX, the capital expenditures (CAPEX) of the post-combustion
capture plant also has a large impact on the total cost. Previous studies have
shown that the largest contributors to the CAPEX are the various heat exchangers,
columns, and compressors [11], [31], [32]. Due to economy of scale, the total specific
cost (cost/ amount CO2) decreases with increasing size. Previous studies have,
however, shown that above capture rates of about 90%, the specific capital cost
increases [11] for absorption based post combustion capture. It is therefore, in
research literature, common to define full capture as capturing 90% of the CO2 of
a gas stream. The capture rate is affected by a number of factors, such as liquid-
to gas-ratio in the absorber, the temperature levels of the absorption and stripper
columns, pressures, and the residence time and hydrodynamics as a result of the
geometry of the equipment.

2.2.2 Compression
To facilitate transport, the CO2 is compressed to a pressure which depends on the
means of transportation. The two transportation methods mainly discussed are
transportation by pipeline and transportation by ship. In this thesis, only trans-
portation by ship is considered. The choice is based on a recent investigation, which
has identified transportation by ship as the most feasible option in Sweden [21].
Commonly, studies investigating transportation by ship adopts a pressure between
7 and 15 bar [33], [34]. In this thesis, transportation pressure of 7 bar(a) will be
used, since the practical implementation of this pressure currently being considered
[35]. A schematic view of the compression plant is shown in Figure 2.3 [34].
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Figure 2.3: Schematic view of the compression and liquefaction plant, adapted
from [34].

To transport CO2 efficiently it has to be liquefied. With a transportation pressure of
7 bar(a), a suitable temperature is about -50°C. To avoid the high costs associated
with cooling at such low temperatures, the gas is first compressed to a higher pressure
than 7 bar(a), enabling liquefaction at higher a temperature. The liquefied CO2 is
then throttled to 7 bar(a). The optimal liquefaction pressure is a trade-off between
the expense of the cooling cycle and that of the additional compression. Deng et
al. have suggested a liquefaction pressure of 20 bar(a), for a delivery pressure of
7 bar(a) [34]. As per general recommendation based on the pressure ratio of 10
[36], two compressors are used. Between the compressors, the CO2 is cooled to
25°C. After the gas has been compressed, impurities are removed, and cooling to
liquefaction temperature is then performed with an ammonia refrigeration cycle.
After liquefaction, additional impurities are purged using a flash tank, where after
the gas is expanded to reach the final temperature and pressure. The gas fraction
of CO2 which may emerge at this stage is re-compressed and recycled. The liquid
fraction is sent to a buffer tank, awaiting transportation and storage.

2.3 District heating
In Sweden, DH supplies about 50% of the heating demand in commercial and res-
idential buildings. The dominating technologies for DH production are combined
heat and power (CHP) plants and boilers. Combustion of biomass for heat pro-
duction has increased substantially since the 1990’s, and is now the most common
energy source for DH. Since the ban of landfills for municipal waste in the early
2000’s, the heat generation from combustion of waste has also increased to now
being the second most utilized energy source. Industrial EH, including heat recov-
ery from excess gases, contributes with about 10% of the supply [7]. However, as
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previously mentioned, the utilization of industrial EH provides an important way of
increasing energy efficiency [8].

DH systems consist of one or several large and centralized heat production plants
and a network of underground pipes that distributes the heat in the system using
medium temperature pressurized water as heat carrier. Heat from the water is sup-
plied to the buildings in the network through individual heat exchangers in each
building. The supply temperature is usually around 90°C and the return tempera-
ture is around 50°C, however these temperatures varies seasonally due to variations
in outdoor temperature [7], [18].

There are different ways of recovering heat from industrial plants to provide DH.
In this thesis, two different options will be considered. The first one is to collect
the EH from hot gas or liquid streams by heat exchanging towards hot-water heat
collection network, which thereafter supplies heat to the DH system. The second
option is to utilize energy-rich waste gases as fuel in a CHP plant, which is common
for integrated steel mills and the petrochemical industry. Regardless of which heat
recovery option is used, the DH demand has a strong seasonal variation, meaning
that the DH delivery from industrial plants is often adapted in respect to these
demand-side changes. Thus, since the operation of the industrial plants does not
follow the seasonal variation but is rather constant, other ways of cooling the EH on
the process-side are needed when the DH demand and, thus, its provided cooling,
is low.

2.4 Studied industrial plants
In this thesis, two industrial plants are investigated and compared, the Preem Refin-
ery in Gothenburg and the SSAB steel mill in Luleå. The steel mill is also connected
to Lulekraft, a CHP plant. SSAB steel mill and Lulekraft are in this thesis treated
and evaluated as one single plant. The refinery and the steel mill are interesting
to this thesis for a number of reasons. Firstly, the iron and steel industry accounts
for about 24% of CO2 industrial emissions globally [37], while the chemical and
petrochemical industry accounts for about 10% [38], thus, making them two of the
largest sources of CO2 emissions. The steel mill and the refinery are also interesting
because these plants, in many aspects, present two very different cases. The eco-
nomic feasibility of a CCS plant may be affected by purely technical factors such
as properties and composition of the flue gas to be purified. For example, the CO2
concentration of the flue gas from the steel mill is substantially higher than that of
the refinery. Other factors that may affect the CO2 separation efficiency, and that
differs between the plants, are flue gas temperature and pressure. The properties of
the flue gas of each plant are presented more in detail in Chapter 3.

The extraction of DH also differs between the plants. At Preem’s refinery, the DH is
provided by various hot streams in the process. The heat is delivered at two different
temperature levels, 90°C and 140°C. The respective return temperatures are 50°C
and 90°C. A lot of the EH utilized in the DH network is provided by streams with
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temperatures lower than those required to run the reboiler of the CO2 separation
plant. This means that not all EH currently used for DH may be utilized to power
the stripper reboiler of the CCS plant. Where the steel mill is concerned, steam
extracted from the turbine of the CHP plant is used to heat the DH water. As the
steam extraction point in the turbine of the CHP plant could potentially be modified
to occur at higher pressures, all DH may potentially be lifted to a temperature level
sufficient to power the reboiler of the CCS plant, which operates at about 120°C. In
the CHP plant, EH is also utilized to produce electricity. This potentially impose
problems if a new extraction point is introduced, since the electricity production
may be affected, depending on how much is extracted.

2.4.1 SSAB steel mill and Lulekraft
SSAB steel mill located in northern Sweden is used as a reference case for a typical
blast furnace steel mill. The raw material of steel production is iron ore, which is re-
duced to pig iron using coke and coal. The reduction takes place in the blast furnace
[39], and during the process, a large amount of energy-rich gases are produced as a
byproduct. The gas is used as fuel to provide process heat to the steel mill and to
fire the Lulekraft CHP plant [39]. A fraction of the gas is also flared during periods
where the amount of gas exceeds the capacity of the CHP plant. The vast majority
(98%) of the carbon that enters the steel mill leaves the plant in the form of CO2.
The CHP plant is the largest emission source, accounting for 59.4% of the total
emissions. The hot stoves heating the air supplied to the blast furnace account for
22.3%, while the flare accounts for 10.4%. The major part of the gases combusted
in these three units originates from the blast furnace [31]. When the gases leave the
blast furnace, it already contains a significant amount of CO2. The total amount of
emissions from the plant are around 3.4 MtonCO2/year [31].

The steam that is produced in the CHP plant is used for power generation, but
also partly utilized internally in the steel mill and partly to supply DH to the local
community [39]. The Lulekraft CHP is the main source of heat for the local DH
system, with other sources only being utilized during especially cold weather, or
during temporary shut down [40]. According to Lulekrafts own webpage, the DH
delivery results in a yearly reduction of 204 kton of CO2 equivalents [41], compared
to if the heat was instead supplied by oil boilers. The electricity produced in the
CHP is used to supply the mill, but is also connected to the national grid.

2.4.2 Preem’s refinery in Gothenburg
Preem’s refinery in Gothenburg is a hydro skimming refinery with a crude oil ca-
pacity of 6 Mt/year [22], [42], and is used as a reference case for an oil refinery. By
atmospheric distillation, crude oil is separated into hydrocarbon fractions by addi-
tion of heat. To enhance the properties of the fractions, some additional processing
is carried out, e.g. removal of sulfur and aromatic content and reforming to increase
the octane number [43]. Useful fuels, such as LPG, gasoline, jet fuel, diesel and
fuel oil, are produced by blending different types of hydrocarbon fractions with each
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other and some additives [44].

In multiple steps of the processing, non the least the crude oil distillation, addi-
tion of heat is needed to carry out the various unit operations. Therefore, heat is
produced in different units, mainly by combustion of refinery fuel gas, produced
on-site, and additional natural gas. The flue gases from the heat generation units
are collected and emitted to the atmosphere through two chimneys [44]. The total
amount of CO2 emitted from the refinery is about 0.5 Mton/year, of which 89%
originate from the chimneys [22], [45]. Except for the emissions through the chim-
neys, CO2 is also emitted through flaring of excess gases, i.e. of gases that cannot
be utilized in further processing. In different steps of the process, EH is produced.
EH at various temperature levels is collected from hot streams by heat exchanging
towards a hot-water based heat collecting network (HCN). The heat from the heat
collection network is thereafter transferred, also by heat exchanging, to the two DH
systems. During the summer, when the DH demand is low, the hot streams are
instead cooled by air fans [43], [44].
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Methodology

Figure 3.1 shows a schematic overview of the methodology applied in this thesis.
Two different parts of the thesis were defined. In Part 1, CCS was prioritized in
receiving industrial EH, meaning that as much heat as was considered available was
utilized for CCS operation, without consideration to changes in DH supply. In Part
2, a retained DH supply was prioritized over capturing as much CO2 as possible,
meaning that the CCS plant only received EH whenever the DH demand was lower
than the total amount of available EH. For both parts, only EH that is today utilized
for DH supply was considered available for CCS operation, i.e., no other sources of
EH from the industrial plant were considered.

Figure 3.1: Flow sheet overview of the methodology applied in this thesis. The
blue path represents Part 1, while the orange path represents Part 2.

In Section 3.1 and 3.2, Part 1 and 2 are described in further detail. The specifica-
tions of the heat integration, i.e. estimation of available heat as well as estimation
of recoverable heat, are described in Section 3.3. The setup, including inputs, tar-
gets and outputs of the simulations carried out in the software Aspen PLUS are
described in Section 3.4. Most of the approaches were simulated in design mode,
i.e., the specifications of the simulation were used to size the equipment of the pro-
cess. These simulations are referred to as ”design simulations”. In all the design
simulations, the CO2 separation plant was designed to reach a CO2 separation rate
of 90% in the absorber. The separation rate is defined as the ratio of CO2 absorbed
in the liquid in the absorber, to the CO2 entering the absorber with the flue gas.

In some of the simulations, the design was fixed, i.e., the dimensions and thus
the size of the plant were maintained, and the simulations were run on conditions
other than the design specifications, to evaluate the off-design performance. These
simulations are referred to as ”off-design simulations”, and in these the separation
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rate was consequently below 90%. In total, the different approaches of CCS inte-
gration resulted in eight different designs of the CCS plant. The method used for
the economic evaluation of these designs is presented in Section 3.5.

3.1 Part 1: Prioritizing EH supply to CCS over
DH delivery

In this part of the project, CCS operation was prioritized over DH supply. To
prioritize CCS means to utilize as much of the available excess heat for the CO2
separation plant as possible. The amount of EH delivered to the DH system was
thus reduced. The plant is operated at constant capacity throughout the year. This
type of operation is interesting in a situation where CCS has to be prioritized, for
example due to legislation, or high carbon emission prices. Both the SSAB steel mill
and Preem’s refinery were investigated as case studies and compared to investigate
the influence of the different characteristics of the industrial flue gases, such as flow
rate, composition, temperature and pressure. Hereinafter they will be referred to as
”the steel mill case” and ”the refinery case” respectively.

Three sizes (designs) of the CCS plant for each of the studied industrial plants
(the steel mill case and the refinery case), were simulated and evaluated, denoted
maximum size, mean size and minimum size. The maximum size was designed
based on the maximum amount of available heat, as further described in Section
3.3. The minimum size was designed to obtain a total amount of captured CO2 of
100 kton/year,which was deemed a limit below which CCS implementation is least
likely. The mean size was designed to capture the mean amount of yearly captured
CO2 of the maximum and minimum sizes. All sizes were designed to obtain a 90%
separation rate in the absorber, which was achieved by adjusting the flue gas flow
and the solvent flow.

For the maximum sizes, the amount of heat that can be recovered from the CCS
plant and used for DH supply was estimated, as described in Section 3.3. By com-
paring the amount of heat used for CCS, i.e. reboiler duty, and the amount of
recoverable heat from CCS to the DH demand curve, the effects on the DH de-
liveries were estimated. All of the sizes were evaluated by economic performance,
according to the method described in Section 3.5. The results from the sizes were
then compared to investigate the effects of economy of scale. For the steel mill case,
a cost function of CAPEX depending on plant size was formed and used in the
economic evaluation of Part 2.
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3.2 Part 2: Prioritizing retained DH supply over
capturing as much CO2 as possible

In this part of the project, only the steel mill case was considered. The currently
practiced level of DH delivery was maintained when integrating a CCS plant, mean-
ing that the CCS plant was assumed to operate on only the heat that was not
consumed by the DH network. A retained DH delivery was thus prioritized over
capturing as much CO2 as possible. Two approaches to achieve this, i.e. two modes
of operation of the CCS plant, were investigated. In the first mode, denoted the
”seasonally varying (SV) plant”, operation of the CCS plant varies seasonally, fol-
lowing the load curve of available heat as defined by the DH demand. In the second
mode, denoted the ”constant load (CL) plant”, the CCS plant runs at a constant
load, with an equal annual CO2 avoidance as the SV plant. The CO2 avoidance is in
this thesis defined as the yearly amount of CO2 captured, subtracted by the direct
CO2 emissions from the utilization of primary heat sources - assumed to be natural
gas. The heat supplied to the CCS process in the two operational modes was either
EH that would not be utilized due to low DH demand, or heat supplied by primary
energy. The method of determining the amount of heat available for CCS for the
two operational modes is described in Section 3.3.3.

In the SV plant operational mode, the process was sized to have a reboiler duty
corresponding to the peak load of heat available for CCS. Thus, during the summer
period, when the amount of non-utilized heat is at its highest since the DH demand
is low, the capture plant was assumed to run on maximum capacity. During the
rest of the year, the process was assumed to run on conditions other than its design
specifications, i.e. off-design conditions, to minimize the changes to the original DH
supply. To be able to evaluate the off-design performance for all levels of available
heat, a number of off-design simulations were run. The results from these simula-
tions were thereafter used to calculate the total CO2 captured over the course of a
year. During winter time, when the amount of available heat was close or equal to
zero, the capture plant was assumed to operate at a minimum heat level. The plant
of the CL operational mode was designed to operate at a constant heat level during
the entire year, which was chosen to fulfill the criteria that the CL plant should
obtain the same yearly CO2 emission avoidance as the SV plant. For both plants,
the heat deficit during winter time was compensated for by combustion of natural
gas.

The CAPEX for the plants were estimated based on the cost functions developed in
Part 1 of the thesis. The OPEX were evaluated according to the method described
in Section 3.5.2, whereupon the economic performance was compared between the
plants. Furthermore, a sensitivity analysis was carried out, as described in Section
3.5.3. A comparison was also made between the performance of the plants described
in this section, where DH supply was prioritized, and the plants described in Section
3.1, where CCS was prioritized.
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3.3 Heat integration of the CO2 separation plants
with the industrial plants and district heating
networks

In this thesis, the investigation of heat integration has been limited to quantifying
theoretical amounts of heat, and the feasibility of an actual integration network was
thus not taken into account. Figure 3.2 schematically describes the different aspects
to heat integration investigated. Two separate integration networks, one between
the industrial plant and the CO2 separation plant, and one between the separation
plant and the DH network, were defined in addition to the existing one between the
industry and DH network.

Industrial excess 
heat

Carbon Capture 
and Storage

Distric Heating

Figure 3.2: Schematic view of the different aspect to heat integration treated in
this work.

The amount of EH considered available to the separation plant was limited to the
available amount of DH, as defined for both industrial cases in Section 3.3.1, 3.3.2
and 3.3.3, as well as the temperature of the stripper reboiler. Initial simulations
showed that the temperature in the stripper reboiler was about 121°C. A minimum
∆T of 4°C was deemed appropriate between the hot and cold stream in the reboiler
[46], thus, the hot stream had to be at least 125°C. Where the integration between
the capture plant and the DH network was concerned, a minimum temperature dif-
ference of 10°C was deemed appropriate [47], and the DH water was assumed to be
heated from 50°C to 90°C.

The quantification of heat that could be utilized for DH was performed by con-
structing a hot composite curve (HCC) of all streams in the CCS plant requiring
external cooling, and adding the cold composite curve of the DH water. All coolers
considered for the construction of the HCC are displayed in Figure 3.3. The con-
densate of the steam used to power the stripper reboiler is also a potential source
of heat for DH, however, cooling of the condensate means that it also needs to be
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reheated before reentering the reboiler, utilizing heat which can directly be used for
DH. A cooling demand of the condensate was thus not included.
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Figure 3.3: The process coolers considered for the construction of the hot com-
posite curve of the CCS plant.

By comparing the heat supplied to the reboiler and the amount of recoverable heat
from CCS to the DH demand curve, the effects on DH delivery was estimated. The
loss was estimated by comparing with a specific reference year, assuming the same
amount of operating hours for the CO2 separation plant as for the industry of that
specific year, which was 8760 h in both the refinery and the steel mill case.

3.3.1 Part 1: The refinery case
In the refinery case, a heat collecting network (HCN) is utilized to collect EH from
several process streams. The minimum ∆T between the HCN and the process
streams was assumed to be 5°C, thus, a total temperature difference of 9°C between
the reboiler and the hot streams was assumed in the refinery case [46]. It was thus
concluded that EH at a temperature of 130°C or more would be available to provide
heat for the CCS process. The DH network of the refinery is divided into two partly
interconnected systems, one providing heat to GEAB at 90°C (low temperature net-
work) and one to Volvo at 140°C (high temperature network), with respective return
temperatures of 50°C and 90°C. The estimation of the maximum amount of avail-
able heat in the refinery case was based on a previous screening of the DH network
[47], and was determined for the high and low temperature networks separately, by
utilizing the grand composite curves of the respective system (Appendix A). This
showed that about 11 MW from the low temperature network, and 27 MW from
the high temperature network was available at temperatures above 130°C, which
resulted in a combined contribution of about 38 MW of heat [47]. Since the data of
the previous screening is quite old (2008) it was compared to more recent (but less
detailed) data on the monthly DH delivery of 2017 and 2018 [44], [48]. The monthly
delivery showed a peak DH supply of 59 MW to the high temperature network and
40 MW to the low temperature network, agreeing well with the screening from 2008,
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indicating 61 MW and 39 MW available heat at sufficient temperature respectively.

Figure 3.4 displays the monthly DH supply to the low and high temperature net-
works (separately and combined) for 2018, which was used as a reference year in the
calculation of DH loss due to heat integration in the refinery case. The curves were
calculated based on data of total amounts of heat delivered to each system as well
as the operational hours of each month [44], and was assumed to be constant during
a specific month. The total DH supply of 2018 was 561 GWh, of which 200 GWh
was supplied to the high temperature network, and 361 GWh to the low tempera-
ture network. The 361 GWh delivered to the low temperature network accounts for
about 10 % of the total DH supply from GEAB to the local community in 2018 [49].
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Figure 3.4: DH delivery from Preem’s refinery in Gothenburg for the year 2018
adapted from [44]. The total delivery as well as the delivery to the high and low
temperature networks is shown.

3.3.2 Part 1: The steel mill case

To estimate the maximum amount of available heat in the steel mill case, it was
assumed that the heat extracted from the CHP turbines utilized for DH could be
extracted at a somewhat higher temperature to be utilized for CCS instead. The
DH supply curve of the year 2017 is presented in Figure 3.5. The curve has been
smoothed to only display larger trends, thus excluding e.g. daily variations. The
peak load during winter is about 160 MW, and the minimum load during summer
is around 30 MW. The total DH supply of 2017 was 850 GWh.
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Figure 3.5: District heating delivery from the steel mill CHP plant Lulekraft for
the year 2017. Adapted from [50].

The steam extracted from the turbines was assumed to be used directly in the
stripper reboiler of the CCS plant, and a steam temperature of 125°C was thus
applied to achieve a ∆T of 4°C. However, since the amount of latent heat is a function
of the saturation temperature of steam , the ratio of the evaporization enthalpy at the
DH temperature level to the evaporization enthalpy at CCS temperature level was
used to convert the heat output for DH to heat output for CCS. By the conversion
calculation, it was concluded that up to 150 MW of heat could be utilized for CCS
if steam was extracted at a temperature level of 125°C.

3.3.3 Part 2: The steel mill case, seasonally varying opera-
tional mode and constant load operational mode

To design a capture plant capable of seasonally varying operation, the difference
in heat load between the minimum and maximum DH delivery was determined,
considering the adaption to a higher temperature level for CCS heat as described in
Section 3.3.2. Since the DH supply was retained in the second part of the thesis, the
relative difference between maximum and minimum DH supply load was determined
as maximum available heat for CCS in seasonally varying mode, which corresponds
to a reboiler duty of up to 125.3 MW. Furthermore, the amount of heat available
for CCS varied over the year in accordance with the curve displayed in Figure 3.6,
which shows the temperature-level adapted and flipped DH supply curve, i.e. the
CCS heat availability curve over the year.
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Figure 3.6: Seasonally varying amount of available excess heat for CCS in the steel
mill case.

Martinez Castilla et al. [51] argue that it may be more beneficial to operate a cap-
ture plant on a low level of heat, to keep the plant hot, rather than having to shut
down the plant entirely, especially if the heat is provided from excess heat. There-
fore, a minimum heat level of 17.9 MW was assumed. In attempt of determining
a minimum heat level, the idea was to determine a minimum wetting and pressure
drop of the packed columns of the capture plant. However, at very low solvent flow
rates, the simulation model turned out to have convergence issues. Hence, the min-
imum heat level was set to be the one obtained at the lowest possible solvent flow
rate while the simulation still reached convergence. Evaluation of this level showed
that the absorber had a separation rate of 12%, which was deemed to be a suitable
minimum level of operation.

For the SV operational mode, as well as for the CL operational mode, heat from
combustion of natural gas was assumed to compensate for the EH deficits during
some periods of the year. The natural gas combustion plant used for compensation
of the heat deficit was not specified in detail, however a fuel-to-heat efficiency of
90% was assumed, and a carbon emission factor of 50 gCO2/MJfuel [52].

The size of the CL plant was determined by iteration. The starting value was
based on the constant mass flow of CO2 calculated from the CO2 avoidance of the
SV plant. The corresponding reboiler duty was determined and the total heat deficit
over the year as well as extra emissions from natural gas was calculated. The extra
mass flow of CO2, corresponding to the amount of CO2 from combustion of natural
gas, was added to the original mass flow. Thereby, a new reboiler duty was obtained.
The iteration was completed when the latest obtained reboiler duty was the same
as the one in the previous loop of iteration.
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3.4 Modeling in Aspen PLUS
All simulations were carried out in the software Aspen PLUS V11. The model of
the capture process itself has already been built prior to this thesis [30]. However,
as described below, in this thesis a compression sequence has been added to be able
to fully estimate the amount of heat that can be recovered and utilized for DH.

3.4.1 Simulation setup
The principal setup of the simulated process is presented in Figure 3.7. Stream
names are marked with a frame, while equipment names are those without frames.
”FG” stands for flue gas, ”RICH” implies streams rich in CO2 and ”LEAN” denotes
streams lean of CO2.

Figure 3.7: Aspen PLUS model of the simulated CCS plant.

Data of the composition, temperature, pressure and flow rate of the flue gases were
used to define the industrial flue gas stream in the simulations, and are displayed in
Table 3.1. In the steel mill simulations, the flue gas was defined as the blast furnace
gas (BFG). Due to the elevated pressure in the BFG, the specific heat demand in
the stripper reboiler has shown to be significantly lower compared to capture of
CO2 from the CHP flue gases at atmospheric pressure [31]. In the refinery case,
the CO2 separation plant was integrated after the two main chimneys, as these ac-
count for 89% of the direct emissions from the plant. The flue gas composition of
the two stacks was not completely known, and therefore had to be estimated for
all components except CO2 [22]. Most of the flue gas originates from combustion
of fuel gas, an energy rich by-product gas produced in various process units. The
composition of the flue gas was calculated based on the assumption that the fuel gas
composition was similar to that of natural gas, and combusted with 12% excess air,
but the actual amount of CO2 was kept. In Table 3.1, the properties of the separate
chimneys as well as the combined properties are shown.

The amount of flue gas that could be purified is limited by the amount of avail-
able heat as defined in Section 3.3. In the refinery case, initial simulations showed
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that the 38 MW of heat available corresponds to purifying 234 kNm3/h, about 74%
of the total flow to 90%. Thus, in the refinery case, the amount of available heat
was the limiting factor for the maximum size of the separation plant. In the steel
mill case, however, 150 MW was available, but only around 133 MW of heat was
needed to power the reboiler when capturing the full BFG flow at 90% capture rate.
Thus, the maximum size was instead limited by the amount of flue gas.

Table 3.1: The properties of the flue gases of the steel mill case and the refinery
case [22], [31].

Refinery case Steel mill case
Chimney 1 Chimney 2 Total BFG

CO2 [mol%] 8.7 9.0 8.9 24.6
N2 [mol%] - - 71.1 49.6
H2O [mol%] - - 2.0 2.2
CO[mol%] - - 0 20.4
H2 [mol%] - - 0 3.2
O2[mol%] - - 2.0 0
Temperature [°C] 150 180 168 29
Pressure [bar] 1.01 1.01 1.01 1.81
Total flow [kNm3/h] 128 189 317 352
Simulation input
flow [kNm3/h] - - 234 352

In Table 3.2, the basic settings of the simulations of the refinery case and the steel
mill case are shown. In the capture plant, three columns with structured pack-
ing were simulated, an absorber, a washer and a stripper. In reality, however, the
washer is the top part of the absorber, but to enhance the simulations, it is mod-
eled separately. All columns are packed with structured packing of the type Sulzer
Mellapak 250Y. The separation in all three columns is modelled through rate-based
calculations. The height of the stripper and the absorber were set to 15 m and 20 m
respectively, and kept fixed in all simulations, while the diameter of the columns was
calculated. The diameter of the washer was set to the same as that of the absorber,
while the height was calculated.

In the absorber, the operating pressure was set to match the pressure of the flue gas
in each respective case. A higher operating pressure is favorable for the absorption,
however not favorable enough to pressurize a flue gas of low pressure. The feed
temperature to the absorber was set to 40°C in the refinery case, a commonly used
temperature. However, a somewhat lower temperature level is acceptable, and it
was thus deemed unnecessary to heat the flue gas of the steel mill case, which was
kept at 29°C. The lean solvent entering the absorber was set to the same temper-
ature as the flue gas in the respective case. For the stripper, the lean loading was
used as design parameter, and set to 30 mol%. The lean loading is defined as the
ratio of CO2 derivatives to MEA derivatives in the lean solvent flow.

In the steel mill case, due to the already low flue gas temperature, and that the
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water content in the flue gas is very low, the DCC was excluded. However, ICA
was included, as the CO2 concentration of the flue gas is quite high [11]. The flue
gas from the refinery presented a relatively low CO2 concentration, about 8.9%. As
ICA is mainly suitable for gas streams with higher CO2 concentrations, ICA was
excluded from this process model. RSS was implemented in both cases.

Table 3.2: Simulation setup specifications for the refinery case and the steel mill
case respectively.

Refinery case Steel mill case
Lean loading 30 mol% 30 mol%
Absorber packing height 20 m 20 m
Stripper packing height 15 m 15 m
Stripper overhead pressure 2 bar(a) 2 bar(a)
Lean/rich cross heat exchanger
∆T hot inlet/cold outlet 10°C 10°C

Lean solvent temperature into absorber 40°C 29°C
Lean solvent pressure into absorber 1.01 bar 1.81 bar
ICA No Yes
RSS Yes Yes
DCC Yes No
Discharge pressure compressor 1 6.3 bar(a) 6.3 bar(a)
Discharge pressure compressor 2 20 bar(a) 20 bar(a)
Intercooling exit temperature 25°C 25°C

For the purpose of this thesis, a compression sequence including intermediate cool-
ing was added to the simulation model, which is shown in Figure 3.8. The stream
entering the compression sequence is the CO2-rich gas outlet from the unit denoted
FLASH-2 in Figure 3.7. In Figure 2.3, the full compression and liquefaction plant
was illustrated. However, only the compression part was modeled, i.e. the compres-
sion of CO2 to 20 bar, since that is the part of interest for the potential integration
with the DH system. The compressors were modeled with an isentropic efficiency
of 0.85 [34], and the equation of state used in the compressor sequence was Peng-
Robinsson with Boston-Mathias extrapolation [53]. The intercoolers (COOL-4 and
COOL-8) cools the CO2 to 25 °C. After each cooler a knock out drum is used to
remove excess water.

Figure 3.8: Modeled compression sequence.
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3.4.2 Simulation and output
In Table 3.3 the simulation targets for each of the on- and off-design simulations
have been collected. The lean solvent flow rate was adjusted to obtain the desired
separation rate of 90% in the absorber in all design simulations. To obtain a specific
reboiler heat, capture rate (ktonCO2/year) or CO2 avoided, the flue gas flow was
also adjusted. Only the SV operation design was also simulated in off-design. In
this case, the separation rate in the absorber was reduced by decreasing the lean
solvent flow rate, while maintaining the column geometries in absorber and stripper.
All other design parameters were specified in the same way as on-design (cf. Table
3.2).

Table 3.3: Design variables and targets for all simulations. The SV design of part
2 was the only design also simulated in off-design mode.

Part 1. Adjusted Target
Flue gas and leanRefinery maximum case solvent flow rate Available EH (38 MW)

Steel mill maximum case Lean solvent flow rate 90% of BFG CO2 captured
Mean case, refinery Flue gas and lean Yearly capture
and steel mill solvent flow rate rate mean case
Minimum case, refinery Flue gas and lean Capture rate
and steel mill solvent flow rate 100 kton/year
Part 2. Adjusted Target

Flue gas and lean Maximum availabilitySV operation solvent flow rate of heat (125.3 MW)
SV operation, Available EH
off-design Lean solvent flow rate (varying)

Flue gas and lean Same amount of CO2 avoidedCL operation solvent flow rate as SV operation

To evaluate the off-design performance of the SV operation of the plant, the specific
heat was evaluated in each of the simulations. The specific heat is defined according
to Equation (3.1), and is a measure of how large energy input is needed in the
stripper for a certain amount of purified CO2.

Specific heat(MJ/kg CO2) = Reboiler duty
Mass flow of CO2 in stripper top product (3.1)

3.5 Economic evaluation
A total of eight designs were evaluated based on process economics. For the six
designs of Part 1 (refinery case and steel mill case, at three different sizes each), the
CAPEX were estimated using the method described in Section 3.5.1. The results
of the CAPEX estimation for the steel mill case was then utilized to estimate the
cost of the two designs in Part 2 (seasonally varying versus constant load). OPEX
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was estimated for all eight designs according to Section 3.5.2. For the two designs
in Part 2, a sensitivity analysis was carried out to investigate the impact of different
economic parameters, as described in Section 3.5.3

The economic performance of the designs was assessed by the annualized avoid-
ance cost, which is calculated by adding the OPEX to the annualized CAPEX, and
dividing by the annual rate of CO2 avoided as shown in Equation (3.2).

Specific cost(€/tonne CO2 avoided) = Annualized CAPEX + OPEX
CO2 avoided (3.2)

3.5.1 CAPEX estimation
Table 3.4 summarizes the assumptions for the CAPEX estimation. An early stage
CAPEX screening such as the one performed in this work usually has an uncertainty
of ±30-50% [54]. The CAPEX estimation was performed via different methods for
the CO2 separation plant (cf. Figure 3.7), and the liquefaction plant (cf. Figure
2.3). For the separation plant, each piece of equipment was evaluated individually.
The equipment taken into account for the separation plant is described in Appendix
B. An initial equipment cost estimation was performed using cost estimation data
published in peer-reviewed literature predominantly based on Aspen PLUS cost
data [31], [55], [56]. The equipment installed cost (EIC) for each piece of equipment
(taking into account such costs as engineering, piping etc.) and the total installed
cost (TIC) of the separation plant was then estimated according to the methodology
of a study by Ali et al. published in 2019 [57], describing a cost estimation strategy
for absorption based post-combustion CO2 capture. In the study by Ali et al., the
enhanced detailed factor (EDF) is used in which each piece of equipment is treated
as an individual plant, which ultimately results in a more accurate, early-stage
cost estimation compared to other methods [57]. The CAPEX estimation of the
separation plant is further described in Section 3.5.1.1. The TIC of the compression
sequence and liquefaction plant was evaluated as one unit, using an article by Deng
et al. specifically treating liquefaction of CO2 [34] as further described in Section
3.5.1.2.

Table 3.4: Cost estimation assumptions.

25 years (2 years construction,Plant life time and 23 years operation)
Cost year 2016
Discount rate 7.5 %
First-of-a-kind or N:th-of-a-kind N:th-of-a-kind
Greenfield or brownfield Brownfield
Location Rotterdam (Location factor 1)
Currency conversion factor (€ to NOK 2016) 9.7 NOK/€
Material flue gas fan CS (fmat 1)
Material pumps SS316 Machine (fmat 1.3)
Material other equipment SS316 Welded (fmat 1.75)
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The CAPEX estimation was finalized adding the TIC of the separation and lique-
faction plant toghether (Equation (3.3)). As described in the paper by Ali et al.,
the annualized CAPEX can be calculated using an annualized factor, r [57]. The
annualized factor was calculated using the plant operational lifetime n of 23 years,
and the discount rate p of 7.5%, according to Equation (3.4) [57]. The annualized
CAPEX was then calculated according to Equation (3.5).

TIC = TICliquefaction plant + TICseparation plant (3.3)

r =
n∑

n=1

[
1

(1 + p)n

]
(3.4)

Annualized CAPEX = TIC
r

(3.5)

3.5.1.1 TIC, separation plant

Figure 3.9 shows an overview of the methodology used to estimate the TIC of the sep-
aration plant. The equipment cost of the separation plant was based on equipment
specific sizing parameters (Table 3.5), and existing cost estimation data collected
from literature [31], [55], [56], which was used to set up cost power functions for each
specific type of equipment according to Equation (3.6). The cost power functions
and the calculation procedure are further described in Appendix B.

Obtain equipment dimensions from 
Aspen Plus simulation

Calculate individual equipment cost 
based on cost functions

Convert cost to NOK (2016) and CS

Based on cost in NOK and CS, choose the 
appropriate total EDF method factor Ftotal

Calculate Ftotal for the appropriate 
material, Ftotal,mat

Calculate EIC for each piece of 
equipment

Calculate TIC, convert to cost in €

Figure 3.9: Summary of the methodology used to estimate the cost of the separa-
tion plant.

28



3. Methodology

Table 3.5: Sizing parameters of the equipment.

Equipment Sizing parameter Unit
Column and tank Volume m3

Heat exchanger Area m2

Pump and fan Work kW
Reclaimer Mass flow HSS kg/h

Sizing parameters for the design to be evaluated were obtained from Aspen Plus,
and from the cost functions, the cost of each piece of equipment was determined.
The equipment cost was then converted to the desired costing year (2016) prices
using the chemical engineering plant cost index (CEPCI).

Cost = C0 · (sizing parameter)n (3.6)

Hereafter, a summary of the costing methodology described by Ali et al. is presented.
The method is described in more detail in the paper by Ali et al. [57]. To utilize
the data of the paper, the equipment cost of each piece of equipment had to be
converted to the respective cost for carbon steel (CS) and in Norwegian Kroner
(NOK), as shown in Equation (3.7). The conversion to carbon steel was perfomed
using a material factor specified for each type of equipment, as shown in Table
3.4. The exchange rate of the costing year of interest (2016) was assumed to be
9.7 NOK/€.

Cost(NOK,CS) = Cost(€,mat) · fmaterial · exchange rate (3.7)

To estimate the EIC for each piece of equipment the enhanced detailed factors were
used. The factors are divided into five main categories. The first four; direct costs,
engineering costs, administration costs, and commissioning costs constitute so called
known costs. The final factor takes into account contingency. What values of the
factors to use is based on the cost of the specific piece of equipment in NOK and
CS, as shown in Appendix B, where a detailed break down of the factors are also
shown. For each cost interval, a total cost factor (Ftotal) was obtained by adding all
factors together, as shown in Equation (3.8).

Ftotal = fdirect + feng + fadm + fcom + fcont (3.8)

If the cost was to be obtained in a different material than CS, (Ftotal) was corrected
using the material factor, as shown in Equation (3.9). In this equation, fequip is the
equipment factor, which is equal to one for all cases, and fpiping is the piping factor,
one of the direct cost factors.

Ftotal,mat = Ftotal + (fmaterial − 1)(fequip + fpiping) (3.9)

EIC for each piece of equipment was then obtained by multiplying Ftot,mat with the
equipment cost obtained from the power-law cost functions (Appendix B) as shown
in Equation (3.10).

EIC = Equipment cost · Ftotal (3.10)
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TIC was calculated by summing the costs of each individual piece of equipment, as
shown in Equation (3.11). The cost of the amount of MEA required to start the
plant was also added, based on an assumed total circulation time of the solvent of
40 min adopted from [58]. Finally, the cost was converted back to euro 2016 prices.

TICseparation plant =
∑

EIC + MEA start cost (3.11)

3.5.1.2 CAPEX, compression and liquefaction plant

Since the liquefaction plant was not fully modeled in Aspen, sizing parameters for
individual pieces of equipment was not available. The liquefaction plant was evalu-
ated as a single unit, using the CO2 flow into the compressors as sizing parameter.
The equipment cost C was calculated using using the power law and an escalation
factor exponent of 0.6, as shown in Equation (3.12). In the equation, C0 and CO2
flow rate0 is the cost (25.5 M€) and flow rate (37.31 kgCO2/s) for a plant with the
same delivery and liquefaction pressure as assumed in this work (7 bar and 20 bar
respectively), obtained from the paper by Deng et al. [34].

C = C0

(
CO2 flow rate
CO2 flow rate0

)0.6

(3.12)

To calculate the TIC of the liquefaction plant, the equipment cost was multiplied
with factors taking into account process contingency (15%), project contigency
(20%), owner cost (7%) and indirect cost (14%) as shown in Equation (3.13).

TICliquefaction plant = C · fproj.cont · fproc.cont · find · fown (3.13)

It should be noted that the compression sequence utilized in the work by Deng et
al. contains 3 compressors, and not 2 as in this work. This naturally results in
an overestimation of CAPEX for the liquefaction plant in this thesis. However, in
the work by Deng et al., the equipment cost of a compression train with 3 or 4
compressors displayed a surprisingly small difference, which is why the estimation
in this work was deemed good enough. There will also be an overestimation of
the liquefaction plant OPEX, since the energy and cooling demand of the entire
liquefaction plant was based on the energy demand of the compression sequence,
and a 2 stage compression train results in a higher energy demand than a 3 stage
compression train.
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3.5.2 Operational Expenditures
The operating hours of the capture plant were assumed the same as the average
amount of operating hours as for the industrial plant in question. For a typical
refinery, it is 8322 h/year, and for a typical steel plant, 7972 h/year [25]. To account
for the downtime of the plants, the plants were assumed to undergo maintenance
periods during the end of the summer, for 438 and 788 hours respectively. The an-
nualized fixed OPEX included maintenance, insurance and labor and was assumed
to be 6% of the TIC [34].

The electricity price was evaluated for every operating hour, and was based on
a moving average of the Swedish 2019 spot prices of Nord Pool [59]. Since only
seasonal variations are of interest, a moving average window of 720 h, corresponding
to a month, was deemed reasonable. For the simulations in Part 1, where CCS was
prioritized over DH, the lost revenue of DH was taken into account. The DH prices
was estimated based on a relation between electricity price and DH price, in accor-
dance with marginal heat generation cost modeled for the district heating system
of Gothenburg following the methodology by Romanchenko et al. [60]. Thus, the
DH price was also estimated for every operating hour. The electricity price and DH
price are displayed in Figure 3.10.
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Figure 3.10: Electricity price (blue) and DH price (orange), based on Nord Pool
spot prices of 2019 in Sweden [59] and marginal heat generation cost according to
the method by Romanchenko et al. [60].

For the cooling water, the make-up of MEA (including sludge disposal), the steam
used to heat the reboiler and the natural gas, the prices were assumed to not vary
seasonally. It was assumed that 1.2 kg make-up of MEA was required per ton of
CO2. For the steam price, the cost of the new steam systems needed were taken
into account. In the steel mill case, where steam was assumed to be extracted from
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the already existing turbines, only extra piping was considered, in accordance with
the work by Biermann et al. [31]. For the refinery case, where steam was assumed
to be generated by excess heat from process streams, the price included piping as
well as extra equipment needed, such as pumps, tanks and heat exchangers, and
was based on the work by Ali et al. [14]. The natural gas price was based on the
average import price of 2019, however, it was also assumed to be coupled to the
average electricity price by a factor of 0.4. For the refinery case designs, NaOH is
included in the OPEX since it is needed in the treatment of the DCC purge. The
fixed and variable OPEX prices are shown in Table 3.6.

Table 3.6: Assumed fixed and variable OPEX prices.

Fixed OPEX
Maintenance, insurance and labor cost 6% of TIC
Variable OPEX
Electricity price Varying
Average electricity price 40 €/MWh
DH price Varying
Cooling water price 0.02 €/m3

MEA price (including sludge disposal) 2000 €/m3

Steam price, steel mill case 1 €/t
Steam price, refinery case 3 €/t
Natural gas price 16 €/MWh
NaOH price 270 €/t

3.5.3 Sensitivity analysis
The sensitivity analysis was carried out to investigate the effect of different economic
parameters on the specific cost. The first investigated parameter was the absolute
CAPEX, which was chosen since the oversized SV plant was assumed to be highly
dependent on the estimated CAPEX cost. The second investigated parameter was
the average electricity price, to examine the effect on varying energy prices. The
average electricity price affects the seasonally varying electricity prices, but it also
affects the natural gas price since it is assumed to be coupled to the electricity
price. The third investigated factor was the relation between natural gas price and
electricity price, which will only affect the natural gas cost, but is interesting to
include to be able to investigate the effect of the coupling between energy prices.
The parameters were varied one by one by ±50% from their original values.
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4
Results and discussion

In the following chapter, the results are presented and discussed. The results from
Part 1 and Part 2 are presented and discussed separately, in Section 4.1 and 4.2 re-
spectively. A comparison between the approaches in Part 1 and Part 2, with respect
to the economic performance as well as a discussion regarding the implications for
the optimal heat integration approach is presented in Section 4.3.

4.1 Part 1: Prioritizing EH supply to CCS over
DH delivery

In Part 1, six designs of the capture plant, three sizes for the refinery case and the
steel mill case respectively, were simulated. Table 4.1 displays the yearly capture
rates and and reboiler duties for each design. The yearly capture rates have been
calculated using the operational hours as specified in Section 3.5.2. The maximum
sizes were used to evaluate the potential for heat integration with the district heating
network (Section 4.1.1) as well as the effect on the district heating network (Section
4.1.2). All designs in Part 1 were evaluated economically (Section 4.1.3).

Table 4.1: Capture rate and reboiler duty of the capture plants evaluated for the
refinery case and the steel mill case in Part 1 of the thesis.

Refinery case
Minimum Mean Maximum

Capture rate (kton CO2/year) 100 200 306
Reboiler duty (MW) 12.4 24.8 38

Steel mill Case
Minimum Mean Maximum

Capture rate (kton CO2/year) 100 565 1228
Reboiler duty (MW) 10.9 61.4 133.6

4.1.1 Heat integration of the CO2 separation plant with the
district heating network

Table 4.2 displays the cooling demands and temperature levels of the coolers of the
CO2 separation plant, for the maximum sizes of the preem and refinery cases (cf.
Figure 3.3). The CO2 rich stream exiting the stripper displayed a curved cooling
profiled, caused by simultaneous CO2 cooling and condensation of water in the
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stream. To better capture the potential heat recovery to the DH network, the cooling
demand of the CO2 rich stream was thus distributed over two heat exchangers, the
first one cooling to 60°C (4.1) and the second one covering the additional demand,
cooling to 20°C (4.2). The division was based on the assumption of a minimum
temperature difference of 10°C between the hot streams of the CO2 capture plant
and the DH network, and a DH return temperature of 50°C. The largest cooling
demand of the capture plant with heat above the required temperature of 60°C is
that of the CO2 rich stripper top gas which is condensed and cooled in cooler 4.1.
The intermediate coolers of the compression sequence (cooler 5 and 6) also contain
heat at a sufficient temperature level, but the amount of heat is small compared
to that of the CO2 rich stream. All other coolers have temperatures below 60°C,
too low to be utilized for district heating with a minimum temperature difference of
10°C.

Table 4.2: Cooling demand of the heat exchangers of the maximum size designs,
for the steel mill case and the refinery case.

Refinery Steel mill
Cooler Heat (MW) Temperature (°C) Heat (MW) Temperature (°C)
1. 26.0 50 - 20 - -
2. - - 73.4 56.6 - 29.7
3. 12.5 55.8 - 40 30.5 40.4 - 29
4.1. 8.4 98.6 - 60 22.2 92.3 - 60
4.2 2.0 60 - 20 7.4 60 - 20
5. 1.0 117.2 - 25 4.0 117.3 - 25
6. 1.0 125.9 - 25 4.3 124.7 - 25

In Figure 4.1a and 4.1b the respective hot composite curves of the refinery and steel
mill cases are displayed (orange). The maximum amount of DH which can theoret-
ically be supplied from the CO2 capture plant (blue), is limited by the minimum
temperature difference of 10°C at the pinch. Even though the HCC of the cases
are similar, the pinch temperature is different: for the hot streams, at 60°C for the
refinery case, 92°C for the steel mill case. This causes the ratio of the theoretical
amount of recoverable from the CO2 separation plant to the heat supplied to the re-
boiler to be much lower in the steel mill case, about 9.7%, while in the refinery case,
the amount is 25.5%. The difference in pinch point is caused by the temperature
into the stripper reflux condenser (cooler 4.), which for the refinery case is about
99°C, while for the steel mill case only about 92°C.

The difference in temperature has not been extensively investigated in this work,
but is likely caused by a combination of different factors. One likely cause is the
temperature of the rich solvent stream, which is about 30°C in the steel mill case,
and about 46°C in the refinery case. 15% of the CO2 rich stream is introduced to
stage 2 in the stripper without being heated (RSS, cf. Section 2.2.1). The tem-
perature difference between stage 2 and stage 3 is much larger in the refinery case
than in the steel mill case, possibly caused by the difference in temperature of the
CO2 rich stream. The low temperature in the steel mill case may be an effect of
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the lower temperature into the absorber of both the flue gas and the lean solvent
stream, and by the implementation of ICA, causing lower temperatures in the entire
absorber. The concentration of CO2 in the flue gas may also have an effect on the
temperature in the stripper, via the rich loading (CO2 to MEA ratio in the rich
solvent stream), which is generally higher for higher CO2 concentrations. In the
steel mill case, the rich loading is 0.56 while in the refinery case it is 0.51. The rich
loading may affect the equilibrium temperature in the stripper, the significance of
the difference between the two cases has however not been further investigated.
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Figure 4.1: HCC of the cooling demand of the carbon capture plant (red), and
potential heat supply to the DH system (blue), for the refinery case (a) and the steel
mill case (b).
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It should be noted that the exact amount of recoverable DH is dependent on the
chosen minimum temperature difference of 10°C. The dependence in the refinery
case is not strong, but it is more pronounced in the steel mill case. For example,
a minimum temperature difference of 7°C results in a ratio of recoverable DH to
reboiler duty of 26% for the refinery case, and 16% for the steel mill case. Decreasing
the minimum temperature level will bring the results of the steel mill case closer to
that of the refinery case, however, it will also result in larger heat exchangers. The
optimal minimum temperature difference will therefore be a trade-off between the
cost of DH loss, and the cost of increased heat exchanger area.

4.1.2 Effects of CCS on the district heating network
Due to the difference in the origins of the excess heat (heat collecting system for the
refinery case, and CHP for the steel mill case) the DH networks in each industrial
case study are affected in differently by the integration with CCS. The low and high
temperature DH networks of the refinery case are also affected differently by the
heat integration. For the high temperature network, even though 13 MW of heat
remained above the lowest temperature (100°C) that could be utilized for district
heating, no heat at sufficient temperature to raise the DH water to 140°C remained.
Consequently, the entire DH supply in the high temperature network was considered
lost. Furthermore, as no heat from the CCS was available at a high enough temper-
ature to supply the high temperature network, it was assumed that all recoverable
heat was utilized in the low temperature network. Figure 4.2 shows the heat load of
the low temperature network of 2018 (blue line) together with the remaining heat
(48 MW), after 11 MW was removed to be utilized for CCS (orange line). The iden-
tified recoverable heat from the CCS plant (9.7 MW) was added to the remaining
heat in the low temperature network (yellow line), resulting in a total of 57.7 MW.
As can be seen from Figure 4.2, during a major part of the year, the remaining
48 MW is enough to cover the DH demand of the low temperature network, while
the heat from the CCS plant only becomes useful for some period during winter time.

The total loss of DH in the refinery case during the year was 222 GWh (40% of
original supply) without heat recovery from the CO2 separation plant, and 201
GWh with heat recovery (36% of original supply). Of this amount, 200 GWh was
lost in the high temperature network, while the rest was lost in the low tempera-
ture network. Furthermore, since the DH delivery from Preem refinery to the low
temperature network only accounts for about 10% of the DH that GEAB delivers
to the local community during normal DH delivery, the total loss is less than 1%,
and probably easily compensated with other sources. The heat delivered to the high
temperature network, where the greatest loss occurs, may be harder to compensate
for.

Figure 4.3 shows the DH supply from the steel mill after extraction to CCS. Only
a minor part of the heat (18.8 MW) remains in the system as can be seen from the
orange line. With the recoverable heat from the CCS plant, a total of 31.7 MW
is available (yellow line). While operating the CCS, the DH demand is only cov-
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ered during a limited time in summer. The total yearly loss of district heat supply
was calculated to 683 GWh (80% of original supply) without heat recovery fro the
CO2 separation plant considered, and 572 GWh (67% of original supply) with heat
recovery.
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Figure 4.2: The low temperature network DH demand of 2018 (blue), together
with the available heat after extraction to CCS, with and without the heat recovery
potential from the CO2 separation plant (yellow and red respectively).
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Figure 4.3: Original DH supply in the steel mill case (blue), with supply potential
after extraction to CCS, with and without heat from CCS plant included (yellow
and red respectively).
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4.1.3 Economic evaluation
Figure 4.4 shows the specific costs of all sizes for the refinery case and the steel
mill case, with and without DH revenue loss included. The annualized costs divided
into annualized CAPEX, DH revenue loss, and fixed as well as variable OPEX are
shown in Figure 4.5. The potential regain of district heat from the CO2 separation
plant has not been taken into account. The specific cost when DH revenue loss is
taken into account ranges between 40-73 €/tonne CO2, while without DH revenue
loss, the specific cost ranges between 24-72 €/tonne CO2. The DH revenue loss
causes the annualized cost to increase, especially for the maximum plant sizes. The
loss is especially large in the steel mill case maximum size, where most of the heat
originally supplied DH is utilized for CCS. The specific cost is also more affected by
DH loss for the larger sizes.

If DH revenue loss is not included, the economy of scale is clearly displayed in
that the larger separation plants presents smaller specific costs. In the refinery case,
the DH revenue loss shows an interesting effect on the specific cost, which is larger
for the maximum size than for the mean size. As explained in Section 4.1.2, for
the maximum size, all DH revenue from the high temperature network was lost, be-
cause no heat at sufficient temperature to supply DH at 140°C remained. This was
not the case for the mean and minimum sizes, where it was assumed that utilizing
heat from the low temperature network is preferred, since it was less affected by
the heat integration. Thus, as little heat as possible was extracted from the high
temperature network. For example, for the mean size, the reboiler duty was 24.8
MW. Consequently, only 13.8 MW from the high temperature network was utilized,
thus, 13.2 MW of heat at a temperature of at least 130°C remained in the system.
Additionally, between the temperatures of 100°C and 130°C, 13 MW remains, as
shown in the grand composite curve in Appendix A. Consequently, part of the 13
MW of heat below 130°C remaining in the network can be utilized to heat the DH
water between 90°C and 120°C, and the 13.2 MW of high temperature heat can be
used primarily to raise the DH water from 120°C to 140°C. The low specific cost of
the mean and minimum sizes is thus an effect of that a large amount of heat in the
high temperature network is retained.
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Figure 4.4: Comparison of specific cost between refinery case and steel mill case,
with loss of DH revenue included or excluded.
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Figure 4.5: Comparison of costs between refinery case and steel mill case, all sizes.
The purple bars represent the loss of DH revenue (denoted DH cost for simplicity).
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4.1.4 Part 1, implications of the results
The results of the two case studies imply that opportunities for extraction of dis-
trict heat from the CO2 separation plant exist, especially via the stripper reflux
condenser, but that the potential is very case dependent, and affected both by the
properties of the flue gas, such as concentration and temperature, and the district
heating network. The minimum temperature difference also has an effect on the
specific amount of DH recovery. The effect of the flue gas properties is clearly seen
from it’s effect on the stripper reflux condenser temperature, which shows to have
a significant impact on the amount of heat that can be extracted from the CO2
separation plant. The effect of the characteristics of the excess heat and the district
heating network was most clearly displayed in the refinery case. The size of the
plant was limited by the availability of heat at a sufficient temperature, and it was
not possible to replace the heat in the high temperature network.

To summarize, to effectively integrate a CO2 separation plant with an industry
and the district heating network, a detailed case study and economic optimization
would be required for the plant of interest, investigating for example modifications
to the design of the CO2 separation plant to improve heat recovery. In particular,
there are implications that efforts to raise the temperature in the stripper reflux con-
denser may be interesting. Whether such modifications are possible without causing
for example high reboiler duties, however, has to be further investigated. There may
also be other heat sources related to the capture plant, such as the hot flue gases,
which are cooled in the DCC. Potentially, the temperature of the stripper reflux
stream could also be raised with heat pumps. Such investigations are motivated
by the economic evaluation, which shows that that DH revenue loss may be costly,
even at scales comparable to the CAPEX and OPEX of the capture plant. However,
the actual effect of the recoverable amount of DH from the CO2 separation plant
on the district heating network should also be taken into account. For example, in
the refinery case, even though 25.5% of the heat supplied to the reboiler could be
recovered from the CO2 capture plant, only a small amount of this heat proved to
actually have an application, and only during a limited time of the year. In such a
case, extraction of DH from the separation plant may not be economically beneficial.
In this case it may have proven profitable to invest in a heat pump, so that heat
could also be recovered to the high temperature DH network.

The importance of the DH delivery of the specific source also has to be considered.
In the refinery case, the DH delivery to the low temperature network only accounts
for about 10% of the total DH delivery from GEAB to the local community, which
means that even if more had been lost, the heat may have been replaceable with
other sources. In the steel mill case, the heat provided from the CHP is the main
source of DH in the local community, meaning that the DH would be harder to
replace. The environmental impact of having to implement other sources of heat
then has to be considered. Losing about 80% of DH delivery in the steel mill case
could potentially result in about 163 kton CO2 equivalents of additional emissions
each year. Compared to the 1228 kton CO2 reduction if CCS is implemented, im-
plementing CCS is clearly more beneficial to the climate.
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4.2 Part 2: Prioritizing retained DH supply over
capturing as much CO2 as possible

In Figure 4.6a, the SV heat availability curve (blue) as well as SV reboiler duty
(orange) is presented. For most of the year, it is possible to operate the reboiler at
the same duty as the amount of heat available, i.e. the heat that is not utilized for
DH. However, as is shown in the figure, for some hours during winter time there is
a heat deficit that needs to be compensated for to be able to operate the reboiler at
the minimum heat level.
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Figure 4.6: Comparison of heat availability curve (blue) and reboiler duty (orange)
for the SV plant (a) and the CL plant (b). The heat deficit during winter is pointed
out for both plants, corresponding to when the blue curve is below the orange one.
For the CL plant, the heat surplus during summer time is pointed out as well.
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The plant for the CL operational mode had a constant reboiler duty of 65.5 MW,
which is displayed in Figure 4.6b in relation to the heat availability curve. During
winter time, there is a heat deficit, while during summer, there is a heat surplus,
i.e. the amount of available heat is larger than the amount of heat required for
the capture plant reboiler. Thus, during summer, additional cooling will still be
required for the steel mill CHP plant, however not as much as compared to the
original situation without CCS integration. The potential amount of recoverable
heat from the CL capture plant to DH was estimated in a similar way as for the
maximum sizes of Part 1, and it was concluded that the heat recovery potential was
6.3 MW. The recoverable heat was however not taken into account in the design
of the plant, which would be necessary to optimize the heat integration between
the capture plant, DH supply and industrial plant and to minimize the amount of
natural gas needed. Both capture plants were designed to achieve the same yearly
amount of CO2 avoided, and Table 4.3 shows a comparison of the performance of the
plants. The plants are evaluated based on the average amount of operating hours
for a steel mill, i.e. 7972 hours/year.

Table 4.3: Capture plant performance of SV plant and CL plant.

SV CL
(Design) reboiler duty (MW) 125.3 65.6
Capture rate (kton/year) 567.3 602.9
CO2 avoided (kton/year) 562.4 562.4
Extra emissions from natural gas (kton/year) 4.9 40.5
Energy input, EH (GWh/year) 452.6 320.0
Energy input, natural gas (GWh/year) 24.7 202.8
Non-utilized EH (GWh/year) 0 132.6

In Figure 4.7a and 4.7b, the hourly CO2 capture rate is presented of the SV plant
and CL plant respectively. The total area (blue + orange) represents the the total
amount of annually captured CO2. Due to the heat deficit during some periods,
extra emissions from combustion of natural gas were taken into account. These
emissions are represented by the orange fields, while the blue field represents the
CO2 avoided. During summer time when there is no heat deficit, all captured CO2
is also avoided, while during winter, the CO2 avoided is less than the total amount
of captured CO2. At the design reboiler duty for the SV plant, the capture rate
was 144 tonne CO2/hour. The design capture rate corresponds to a 90% separation
rate in the absorber and a 84% capture of the total BFG CO2 content. The hourly
capture rate for the CL plant was 75.6 tonne CO2/hour, a 44% capture of the BFG
CO2 content. The CO2 avoided corresponds to capturing about 41% of the BFG
CO2 content, and 17% of the total direct emissions of the steel mill plant. For the
SV plant, the share of CO2 avoided to total amount of captured CO2 was 99% (i.e.
blue area divided by total area in Figure 4.7a). For the CL plant, the corresponding
share was 93% (blue area divided by total area in Figure 4.7b).
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Figure 4.7: Hourly capture rate of CO2 for the SV plant (a) and CL plant (b).
The total area (blue + orange) represents the the total amount of annually captured
CO2. The orange area represents natural gas emissions. The blue area represents
CO2 avoided, and are thus of equal size in both figures.

43



4. Results and discussion

In Figure 4.8, the specific heat is plotted against the absorber separation rate for
the off-design simulations of the SV plant. As can be seen, the specific heat is at
is lowest for a separation rate of about 35%. For even lower separation rates, the
specific heat increases significantly. A probable cause for this is that the separation
efficiency decreases due to poor wetting. To have an even lower reboiler duty than
the one chosen for the minimum heat level would thus probably increase the specific
heat even more, and would not contribute a lot to the total capture of the SV
operation. To shut down the plant entirely during winter would eliminate the need
for natural gas combustion. However, as was seen in Figure 4.7a, since the total
amount of captured CO2 during winter is mostly also avoided, to operate the plant
at a minimum heat level with natural gas compensation will still be favorable in
terms of total CO2 avoidance. Hence, it can be concluded that even though the
minimum heat level was chosen based on convergence issues rather than a physical
limitation of the process, to operate the plant at an even lower minimum level, or to
shut down the plant, would not automatically gain the overall performance of the
plant.
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Figure 4.8: Specific reboiler duty as function of the absorber separation rate for
the off-design simulations.
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4.2.1 Economic evaluation and sensitivity analysis of SV
plant and CL plant

The CAPEX of the SV plant and CL plant were estimated using the fitted cost
curve obtained in Part 1. The calculated CAPEX for the plants are presented in
Appendix C. The results from the total economic evaluation of the SV plant and the
CL plant is presented in Figure 4.9, divided in to annualized CAPEX, fixed OPEX
and variable OPEX. The specific cost is also displayed as the pink dots. In Figure
4.10, only the variable OPEX of the SV and CL plant are displayed. The OPEX
is divided into its different parameters, i.e. cost of electricity, natural gas, MEA,
steam and cooling water.

As can be seen in Figure 4.9, the annualized CAPEX and fixed OPEX are smaller
for the CL plant, since those economic parameters are determined by the design of
the plant. The variable OPEX is on the other hand larger for the CL plant than
for the SV plant. The reason for this is shown Figure 4.10, where it is seen that the
natural gas cost constitutes a significant part of the variable OPEX of the CL plant,
causing the total cost of variable OPEX to be higher than for the SV plant. The
total annualized cost for the CL plant is however smaller than for the SV plant, re-
sulting in a somewhat smaller specific cost as well. Comparing the relation between
the cost of annualized CAPEX, fixed OPEX and variable OPEX of both plants, it
is evident that the SV plant is oversized in relation to the operation of the plant.
Despite the oversized plant, however, the specific cost of the plant is still comparable
to the one for the CL plant.
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Figure 4.9: Economical comparison between the SV plant and the CL plant. The
left y-axis shows annualized cost, while the right y-axis shows specific cost. The
annualized cost is divided into annualized CAPEX (blue), fixed OPEX (orange)
and variable OPEX (yellow).
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Figure 4.10: Economical comparison of the variable OPEX between the SV plant
and the CL plant. The OPEX parameters taken into account are electricity (blue),
natural gas (orange), MEA (yellow), steam (purple) and cooling water (green).

In the sensitivity analysis, different economic parameters were varied to investigate
the effect on the specific cost. The values of the varied parameters are presented in
Table 4.4, and the impact on specific cost is presented in Figure 4.11. The relation
between natural gas price and electricity price is for simplicity denoted ”NG price”,
since that is the only price that is affected.

As can be seen in Figure 4.11, the change in absolute CAPEX had the greatest
impact on the specific cost for both plants. However, as expected, the SV plant was
more sensitive to the change compared to the CL plant, since the CAPEX consti-
tutes a larger part of the annualized cost of the SV plant. Both average electricity
price and NG price had a greater impact on the CL plant specific cost than on the
specific cost of the SV plant. For the NG price, this is expected, since the natural
gas cost constitutes a very small part of the SV variable OPEX, while it is the largest
part of the CL variable OPEX. Considering that the average electricity price affects
both the electricity cost and the natural gas cost, it is reasonable for that parameter
to have a greater impact on the CL plant as well.

The specific cost of the CL plant is almost consequently lower than that of the
SV plant. The exception is seen for lowering the absolute CAPEX by -50%, where
the SV plant is seen to become more favorable than the CL plant. Considering the
other two investigated parameters, the SV plant is seen to be fairly robust, espe-
cially regarding change in NG price, but also the change in average electricity price
does not affect the specific cost significantly. By extrapolating the dotted lines as
well as the full lines, it was seen that the intersection between the SV plant specific
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cost and CL plant specific cost occurs around a 70% increase in average electricity
price and NG price respectively. Thus, it can be concluded that for a scenario with
a high increase in energy prices, the SV plant would be favorable.

Table 4.4: Values of the varied parameters in the sensitivity analysis, for -50%, 0
and +50% change.

Parameter -50% 0 +50%
Absolute CAPEX (M€), SV 61.1 122.2 183.3
Absolute CAPEX (M€), CL 40.6 81.1 121.7
Average electricity price (€/MWh) 20 40 60
NG price (€/MWh) 8 16 24
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Figure 4.11: Sensitivity analysis for the SV plant (orange) and the CL plant
(blue). The y-axis displays specific cost, while the x-axis represents relative change
of CAPEX, NG price and average electricity price. The lines represents change
in specific cost due to change in one of the parameters included in the sensitivity
analysis. Dashed lines represents CAPEX, full lines represents NG price and dotted
lines represents average electricity price. Note that the y-axis does not start from
zero.

4.2.2 Part 2, implications of the results and discussion of
optimization

The economic evaluation and comparison between the steel mill capture plants of
Part 2 showed that the SV plant and the CL plant are comparable, with specific costs
of about 40-45 €/t CO2 avoided. The plants are, however, in no way optimized, but
are merely set to the extreme values of operating the capture plant while retaining
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district heating delivery. An optimum might exist, both in size and in operation
of the plant, that yields a plant with lower specific cost. Moreover, the optimal
plant should be a plant that is robust to changes in parameters that influences size,
operation and economics. Table 4.5 shows the parameters influencing the SV and
CL plants. The influence of the energy prices and the CAPEX were investigated
in the sensitivity analysis. The results are indicated in the table, where L stands
for low sensitivity, I for intermediate sensitivity and H for high sensitivity. The
other three parameters, i.e. DH supply peak load, length of seasons and size of heat
deficit, were not investigated, but should be considered in the optimization.

Table 4.5: Parameters to consider in design and operation. L, I and H stands for
low, intermediate and high sensitivity respectively.

SV CL
Energy prices L H
CAPEX H I
DH supply peak load - -
Length of seasons - -
Size of heat deficit - -

The sensitivity analysis showed that the estimated energy prices have an influence
on the specific cost of the plants. The CL plant was however seen to be more sensi-
tive towards changes in energy prices, while the SV plant was fairly robust regarding
those parameters. Furthermore, the sensitivity analysis also showed that regardless
of the operation of the plant, a change in estimated CAPEX had the greatest effect
on the specific cost of the three investigated parameters. The SV plant was however
even more sensitive, implying that the estimated CAPEX will be an even more im-
portant factor to consider when designing a plant that is oversized in relation to its
operation. One option to consider might be to size the plant for the peak load, as for
the SV plant, but to choose a higher minimum level of heat to operate on during win-
ter. Such plant would be more robust to CAPEX changes than the SV plant, since
it would be less oversized in relation to its operation. However, a larger heat deficit
would need to be compensated for, implying a higher sensitivity to changing energy
prices. Another option could be to size the plant for a somewhat smaller peak load
than for the SV plant, but to still operate it in a seasonally varying manner. Similar
to the SV plant, such plant would be more robust to changes in energy prices than
the CL plant. It would also generate a lower annualized cost than the SV plant, since
the CAPEX would decrease. However, also the amount of CO2 avoided would de-
crease, thus, it is difficult to tell whether the specific cost would increase or decrease.

The district heating supply curve determines both the size operation of the plants,
thus, the shape of the supply curve has a great impact of the performance of the
capture plants. The size of the peak load of the heat availability curve will determine
the maximum possible size of the CCS plant. The operation of the plant will be
affected by the width of the curve, i.e. by the length of the periods at different heat
levels. If, for example, there would be a longer summer period, the CCS plant would
be able to operate at a higher capacity for a longer period of time, which would be
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favorable for the total capture of the plant. Thus, to fully evaluate the performance
of these capture plants, it would be necessary to investigate the operation over a
longer period of time than one specific year. Furthermore, the curve of available heat
will determine the size of the potential heat deficit, and thus determines the amount
of natural gas needed for heat supply compensation. For a plant with large need for
natural gas, such as the CL plant, the amount of natural gas needed has shown to
have an important impact on both specific cost and amount of CO2 avoided for the
plant.

To fully evaluate and optimize a capture plant operating on EH that is currently
utilized for DH, a detailed investigation of the influence of all the aforementioned
factors needs to be carried out. A generic curve of available heat, not only based on
one year, should be investigated, and the influence of variations to the curve. The
future sensitivity in energy prices should also be examined.

4.3 Economic comparison of steel mill capture plants
of Part 1 and Part 2

Figure 4.12a shows annualized cost and specific cost for all evaluated CCS designs
regarding the steel mill plant. The bars denoted (1) corresponds to the designs from
Part 1 of the thesis, while the ones denoted (2) are from Part 2 of the thesis. The
minimum size from Part 1, with a reboiler duty of only 10.9 MW, has, as expected,
the lowest absolute cost but the highest specific cost due to its low capture rate.
The other four plants are all quite similar with respect to specific cost, meaning
that by only considering the specific cost, one of these plants can not be deemed
more feasible than the others. The plants most alike among the five are the mean
size plant from Part 1 and the CL plant from Part 2. The designs are quite similar,
resulting in almost equal CAPEX costs and fixed OPEX costs. However, also the
variable OPEX costs are similar, which is not evident in beforehand since the OPEX
evaluation differs a bit between those plants, with one taking DH cost into account,
and the other taking cost of natural gas into account. Furthermore, the two plants
are comparable in CO2 avoidance (cf. Table 4.1 and 4.3), making their specific costs
similar as well.

To estimate the impact of the DH revenue loss on the specific cost, the DH cost
was removed from the annualized costs of the plants in Part 1. Figure 4.12b again
shows the comparison between the plants in Part 1 and Part 2, but with the DH
cost removed. Considering specific cost, the maximum size from Part 1 is clearly
superior in being the most economically feasible. The mean size from Part 1 also
becomes superior to the CL plant from Part 2, since the DH cost has been removed
but the natural gas cost remains. As was concluded in Section 4.1.3, the loss of
DH revenue has a great impact on the economic results for the plants where CCS is
prioritized over DH supply, especially in the maximum size plant.
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Figure 4.12: Annualized cost (left y-axis) and specific cost (right y-axis) for all
evaluated CCS sizes regarding the steel mill plant. The bars denoted (1) corresponds
to the sizes from Part 1 of the thesis, while the ones denoted (2) are from Part 2
of the thesis. The design reboiler duty of the capture plants are specified on the
x-axis. In (a), the lost revenue of DH is included (denoted DH cost), while in (b),
it is excluded.
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4. Results and discussion

4.3.1 Heat integration, influence on the preferred approach
To choose the best integration option, design and operational mode for a CCS plant
when a DH network is involved is in essence a question on how DH and CCS is
valued. In Part 1, CCS was prioritized over DH, while in Part 2, DH was prior-
itized. As the situation is today, DH is highly valued, and is seen as an efficient
way to utilize EH. Loss of DH delivery also proved very expensive in the economic
evaluation, causing the annualized cost to become significantly larger for Part 1,
and the integration option of Part 2, in the current situation, is the more viable
option. CCS is not highly valued, and the implementation in industry has not been
extensive. However, as CCS may be a necessary addition in industry to reach the
current climate goals, CCS may have to be valued differently in the future. If CCS
is necessary to reach the climate goals, perhaps it should be valued as highly as
cleaning the flue gas from other harmful compounds.

How CCS is valued also leads back to the definition of EH in this work. If CCS is
in fact considered a necessary addition to an industrial plant, then heat that could
potentially be utilized for CCS should perhaps not be considered EH at all, but
rather an internal heat integration potential to the industrial plant. In that case,
heat discharged from industrial processes, which could be utilized for CCS, but is
instead utilized for DH supply, can perhaps not be considered EH. It could then not
be argued that DH supply is an efficient measure to increase the energy efficiency of
the industrial plant by heat integration with external utilization areas. Only heat
which could not be utilized for CCS, or heat recovered from the CCS plant may
in such a case be considered EH suitable for DH supply. Furthermore, in Section
4.1.4 it was concluded that even though a lot of DH was lost in the steel mill case,
implementation of CCS resulted in a larger emission reduction than providing DH
delivery. Therefore, considering the benefit to the climate, despite the DH loss,
prioritizing CCS as in Part 1 is preferred.

When choosing a design and operational mode, it should also be considered how
the view on DH supply from industrial plants and CCS may change in the future.
In Part 2, two designs and operational modes were considered. In the economic
evaluation it was shown that the cost of SV and CL are similar. With the sen-
sitivity analysis taken into account, CL seems to be more economically favorable.
However, even though SV results in an oversized plant with unused potential of the
plant during most of the year, if the view on the value of CCS were to change in
the future, it may be beneficial to invest in an oversized plant. This would provide
the opportunity to convert to constant load operation if required by regulations or
motivated by a sufficiently high priced cost for emitting CO2. Another factor to
consider is how far away from commercial implementation other carbon reducing
technologies for a specific industry are. For example, in a situation where the de-
mand on carbon reduction is anticipated to increase gradually, and other carbon
reducing technology is expected in a near future, it may be more beneficial to invest
in a smaller capture plant.
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Another factor which should be considered in relation to Part 2 is the usage of fuel
to run the carbon capture plant. In this thesis, natural gas was chosen as fuel as
it was deemed likely source of additional heat in the steel mill case. Even though
SV and CL have the same CO2 avoidance, the morality of compensating with fossil
fuel to prevent CO2 emissions may be questioned. Other fuels, such as biofuels can
of course be considered, but the availability may be limited. Additionally, the eco-
nomic results of Part 2 would in that case change due to different pricing.

To summarize, in the current situation, all options investigated in this thesis in
some sense have potential for future implementation. Due to the expense of DH
loss, from an economical point of view, the approach with retained DH delivery is
the most viable in the current situation. However, from an environmental point of
view, comparing the CO2 reduction of CCS and DH, the approach of Part 1 where
CCS is prioritized is more favorable, and also the most desirable. Considering the
expense of emissions will rise in the future, out of the two operational modes of Part
2, SV is more favorable as it provides more flexibility in terms of future changes in
operation. However, ultimately, the most favorable alternative is, now and in the
future, dependent on how DH and CCS as carbon emission mitigation strategies and
energy efficiency measures will be valued in relation to each other.
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5
Conclusion

In this thesis, the heat recovery potential from a solvent-based CO2 separation plant
to the district heating network was investigated. A refinery and a steel mill were
used as reference cases. It was found that there is potential for heat recovery and
that the amount of recoverable heat is dependent on the properties of the flue gas
from the specific industry, such as CO2 concentration and temperature. The largest
heat recovery potential was found to be that of the stripper top reflux stream. The
amount of recoverable heat is however strongly dependent on the stripper reflux
temperature, which is affected by the properties of the flue gas. With a minimum
temperature difference of 10°C in heat transfer, 9.7% of the heat supplied to the
reboiler of the CO2 separation plant could be recovered for district heating for the
steel mill case which has a flue gas at low temperature and a high CO2 concentration.
For the refinery case, with a flue gas of high temperature and low concentration,
25.5% could be recovered.

Furthermore, two approaches to operating the CO2 separation plant with seasonal
variations in excess heat availability were investigated. It was found that the two
different approaches, seasonally varying or constant load operation of a CO2 plant
operating on excess heat, while still retaining district heating supply, were compa-
rable in costs. Based on the case study of a Swedish steel mill, it was found that the
share of CO2 avoided to the total amount of captured CO2 for the seasonally varying
operation plant was 99%, while the corresponding share for the constant load opera-
tion plant was 93%. From the sensitivity analysis, the constant load operation plant
seems to have a lower specific cost in general for the investigated ranges. However,
the difference in cost was small, and thus, to invest in an oversized plant, avoiding
extensive use of additional fuel as well as allowing for more CO2 capture if required in
a future scenario, was concluded the most feasible option from today’s point of view.

The distribution of industrial excess heat to CCS and district heating was also
evaluated. The option of prioritizing CCS operation over district heating supply
was compared to the option of prioritizing a retained district heating supply over
capturing as much CO2 as possible. The investigation showed that to size and op-
erate a CCS plant according to the two options results in comparable specific costs.
However, mostly due to a large loss in district heating supply, the annualized cost of
a plant while prioritizing CCS is significantly higher than if district heating delivery
is retained. Economically, operating the CCS plant while retaining the district heat
delivery can therefore be considered the most viable option in the current situation.
The comparison however depends on the view on CCS and district heating. Today,
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district heating is valued highly, however, in the future, CCS and district heating
may be valued differently in relation to each other. This is supported by the fact
that the emissions reduction in the steel mill case was smaller for district heating
than for CCS, and thus, from an emission reduction perspective, to prioritize CCS
operation over a retained district heating supply is the preferred choice.

5.1 Future work
The future work, taking off where this thesis has ended, could be focused on opti-
mization of the capture plant design, operation and heat integration means with the
district heating network. Specifically, possible means to improve heat recovery, such
as to more thoroughly evaluate the influence of the process modifications rich-stream
split and absorption intercooling, investigate the possibility to use for example heat
pumps to raise the temperature of the stripper top reflux stream, and consider other
potential heat sources for district heating, such as the reboiler condenser or the hot
flue gases, could be investigated. By building a generic case study and performing
sensitivity analysis on the effect of different flue gas properties, the study could be
generalized.

In the study of seasonal variations in excess heat availability, only two operational
modes and designs were evaluated. The complex problem of finding an optimum in
terms of size and operation could be another interesting area to investigate further.
More sizes should be examined and evaluated. For these sizes, the optimal mode
of operation should be investigated and compared. An extended sensitivity analysis
treating future energy market scenarios, as well as the shape of the district heat-
ing supply curve could provide additional knowledge on the important design factors.

Finally, prioritizing either CCS or district heating completely in a sense describes
two extreme approaches to heat integration. Approaches in which for example only
part of the excess heat utilized for district heating is re-purposed for utilization in
the CO2 separation plant, so that the excess heat is more evenly distributed between
the systems may also prove economically feasible, and therefore worth exploring.
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A
Grand composite curves, refinery

case

Figure A.1 and A.2 displays the grand composite curves for the Volvo DH network
(high temperature network) and the GEAB DH network (low temperature network)
respectively, The grand composite curves are based on the data of Berntsson et al.,
and displays the available heat amount of heat in the network with the DH demand
excluded. The amount of heat at sufficient temperature to be utilized for CCS
(125°C in shifted temperatures) is marked by the orange line, while the yellow line
displays the heat availability above the return temperature of the DH water in each
respective network.
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Figure A.1: Grand composite curve displaying the heat availability in the high
temperature network. The orange line marks the amount of heat at sufficient tem-
perature for CCS (125°C in shifted temperatures), while the yellow line displays
the heat availability above the return temperature (95°C in shifted temperatures).
Adapted from [47].
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Figure A.2: Grand composite curve displaying the heat availability in the low
temperature network. The orange line marks the amount of heat at sufficient tem-
perature for CCS (125°C in shifted temperatures), while the yellow line displays
the heat availability above the return temperature (55°C in shifted temperatures).
Adapted from [47].
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B
Cost estimation data

Figure B.1 displays the process equipment taken into account in the economic evalu-
ation of the CO2 separation plant, including 3 tanks 8 pumps and 6 heat exchangers.
Other process equipment which was also included in the economic evaluation, but
not displayed in the scheme, are a cooling water pump and filters.

Flue gas in

Make-up 
water

Clean flue gas

Water

Water out

CO2 to 
compression

Reclaimer

Sludge 
disposal

Water out 

Make-up 
MEA

Figure B.1: A process scheme displaying all equipment in the separation plant
taken into account in the economic evaluation [31].

B.1 Power-law cost functions
The cost data used to evaluate the equipment cost was collected from several sources
treating similar plants [31], [55], [56]. The cost of each piece of equipment collected
from literature was corrected to a common costing year (2015) by using the Chemical
Engineering Plant Cost Index (CEPCI). The costs were then plotted against the
correct sizing parameter (Table 3.5) for each piece of equipment, and an equipment
type specific power-law cost function was obtained. The data points collected from
literature along with the fitted power-law cost functions are shown in Figure B.2 to
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B. Cost estimation data

B.7. The cost functions display costs in 2015 prices, and have to be converted to
the desired costing year, by using a suitable index.
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Figure B.2: Cost function, columns
with internals, welded stainless steel
(SS316).

0 200 400 600 800 1000 1200
Work (kW)

0

500

1000

1500

2000

C = 10.009 W 0.6008

Figure B.3: Cost function, pumps,
machined stainless steel (SS316).
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Figure B.4: Cost function, reboiler,
welded stainless steel (SS316).
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Figure B.5: Cost function, other
heat exchangers, welded stainless steel
(SS316).
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Figure B.6: Cost function, flue gas
fan, carbon steel (CS).
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Figure B.7: Cost function, reclaimer,
welded stainless steel (SS316).
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B. Cost estimation data

B.2 EDF factors equipment cost
In table 9, the cost factors of the EDF method are shown. The cost factors are
obtained from the paper by Ali et al. [57].

,

Table B.1: EDF cost factors by equipment cost, adapted from [57].
Cost of equipment (kNOK,CS) 0–20 20–100 100–500 500–1000 1000–2000 2000–5000 5000–15000 >15000
Direct cost components
Equipment 1 1 1 1 1 1 1 1
Erection/Installation 0.89 0.47 0.25 0.18 0.14 0.11 0.1 0.08
Piping (fpiping 3.56 1.92 1.12 0.83 0.65 0.48 0.41 0.29
Electric 1.03 0.71 0.48 0.41 0.34 0.28 0.25 0.18
Instrument 3.56 1.92 1.12 0.83 0.65 0.48 0.41 0.29
Civil 0.55 0.36 0.25 0.2 0.17 0.14 0.13 0.09
Steel & Concrete 1.79 1.17 0.79 0.64 0.55 0.43 0.39 0.28
Insulation, 0.67 0.34 0.18 0.14 0.11 0.09 0.05 0.04
Total (fdirect) 13.04 7.88 5.19 4.21 3.6 3.02 2.74 2.24
Engineering cost components
Engineering Process 1.23 0.43 0.24 0.18 0.15 0.13 0.11 0.09
Engineering Mechanical 0.98 0.24 0.1 0.05 0.04 0.03 0.01 0.01
Engineering Piping 1.08 0.58 0.34 0.25 0.18 0.14 0.13 0.09
Engineering Electric 1.04 0.3 0.15 0.11 0.1 0.09 0.05 0.04
Engineering Instrument 1.85 0.72 0.36 0.25 0.2 0.14 0.13 0.09
Engineering Civil 0.39 0.11 0.04 0.03 0.03 0.01 0.01 0.01
Engineering Steel & Concrete 0.58 0.24 0.13 0.1 0.09 0.05 0.05 0.04
Engineering Insulation 0.27 0.09 0.03 0.01 0.01 0.01 0.01 0.01
Total (feng) 7.43 2.73 1.38 0.99 0.8 0.6 0.51 0.38
Administration cost components
Procurement 1.55 0.52 0.2 0.13 0.09 0.04 0.03 0.03
Project Control 0.37 0.14 0.05 0.04 0.04 0.03 0.03 0.03
Site Management 0.66 0.42 0.28 0.24 0.2 0.17 0.15 0.11
Project Management 0.89 0.46 0.29 0.24 0.2 0.17 0.15 0.11
Total (fadm) 3.47 1.54 0.83 0.65 0.53 0.39 0.36 0.28
Commissioning (fcom) 0.72 0.33 0.17 0.1 0.1 0.05 0.05 0.04
Total Known Cost 24.66 12.48 7.57 5.95 5.03 4.06 3.66 2.94
Contingency (fcont) 4.99 2.55 1.57 1.24 1.06 0.87 0.78 0.64
Total Plant Cost (ftotal) 29.65 15.03 9.13 7.2 6.1 4.93 4.44 3.59
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C
CAPEX estimation Part 2

In Figure C.1 the fitted cost curve obtained from the CAPEX evaluation of the three
sizes of the steel mill case are shown. The curve was used to evaluate the CAPEX
of the two designs in Part 2. The flue gas flow and calculated CAPEX of the plants
of Part 2 are presented in Table C.1.
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Figure C.1: Absolute CAPEX as a function of flue gas flow for the three sizes
evaluated for the steel mill case, cost year 2016.

Table C.1: Flue gas flow and calculated absolute CAPEX of SV plant and CL
plant.

SV CL
Flue gas flow (Nm3/s) 91.6 47.9
Absolute CAPEX (k€) 122,239 81,153
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