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Abstract
In near future, Waste-to-Energy (WtE) plants are required to reduce their CO2
emissions drastically in order to achieve carbon neutrality. Since energy recovery
from waste likely will persist, a necessary mitigation strategy is to implement a
Carbon Capture and Storage (CCS) technology on site. In contrast to conventional
methods, Dry Hydrated Potassium Carbonate (DHPC) carbon capture can provide
low energy penalty, easy regeneration and opportunities to integrate the excess heat
in the District Heating (DH) system. The DHPC process is based on solid absorp-
tion and performed by circulating a sorbent, potassium carbonate, K2CO3, between
two fluidized bed reactors. This thesis performs a case study which implements the
DHPC process at Renova’s WtE plant in Sävenäs.

The application of the DHPC carbon capture is investigated by modeling the WtE
and the DHPC process, using the simulation tools Ebsilon and Aspen Plus, re-
spectively. When modeling the capture process according to the design proposed
in research, an alternative design of the regeneration reactor is discovered able to
reduce its steam demand, the fluidized bed heat exchanger (FBHE). The FBHE
configuration as well as the original design of the DHPC process, lay the foundation
for the construction of multiple system cases to analyse throughout the project. The
potential for heat integration, in the different cases, is evaluated by performing a
pinch analysis which creates the basis for retrofitting the WtE plant. In addition,
the energy performance, reactor sizes and capture cost are investigated.

The thesis reveals that the DHPC process is a promising CCS method for Renova,
especially the case using a FBHE. In particular, integrating this capture process
increases the delivery of DH by 2.27-3.29% while reducing the electricity production
by 2.09-8.51%, depending on the pressure level of the utilized steam. As a result,
the total energy efficiency of the WtE plant is expected to increase by 1.47-1.57%,
after applying the FBHE DHPC processes. In addition, the economic evaluation
indicates on low capture costs including operational costs which are relatively in-
sensitive in terms of future energy prices.

In conclusion, it is recommended for Renova to investigate the DHPC process fur-
ther, since by choosing this method, the WtE plant can almost maintain its normal
production of electricity and DH. However, in order to enable a future implementa-
tion of the process, it is of importance to verify the function of the FBHE reactor
and evaluate the physical footprint of the system in the light of the found reactor
sizes as well as the practical feasibility of the proposed retrofits.
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1
Introduction

The Paris Agreement establishes the overall climate goal of the world, limiting the
global average temperature increase well below 2°C above pre-industrial levels. Al-
though, in recent years, the UN’s Intergovernmental Panel on Climate Change em-
phasizes that the increase in average temperature must not cross 1.5°C since it would
cause severe climate change impacts [1]. The main reason for the global warming
is the increase of greenhouse gas emissions, CO2 being the most important, in the
atmosphere [2].

In 2021, Waste-to-Energy, WtE, plants within the EU-27 generated 36.4 Mt of CO2
emissions, which corresponds to 5.1% of the total greenhouse emissions from public
electricity and heat production [3]. Despite alternative methods, energy recovery
will likely always play some role in waste management. Consequently, to reach the
climate goals, significant measures are needed in this field. A mitigation strategy
available for the hard-to-abate emissions is to implement a Carbon Capture and
Storage, CCS, technology at WtE sites.

Currently, there are numerous of different possible CCS technologies, some of which
are in use in commercial facilities and some which still are in the conceptual design
stage. Among these technologies are for instance solvent-based chemisorption, car-
bonate looping and oxy-fuel combustion [4]. Today, there are around 40 commercial
CCS facilities in operation [5], but to reach the climate goals, more will be needed
in the future.

One of the most studied capture methods is the Mono-Ethanol-Amine, MEA, ab-
sorption process which can reach a capture rate of 84-95% [6, 7, 8]. The main
drawbacks of this method are the high energy penalty in the reboiler, corrosion
problems as well as solvent degradation [9]. The energy penalty that follows the ap-
plication of MEA CCS at a CHP plant, has been reported as 15-16% with a specific
reboiler duty of 3.67 GJ/tCO2 captured [10]. In contrast, solid absorption capture
processes could provide low energy penalty, easy regeneration and high CO2 capture
capacity [11]. Particularly, the Dry Hydrated Potassium Carbonate, DHPC, process
could be of interest for carbon capture.

The DHPC process is based on chemical absorption in which solid particles of potas-
sium carbonate, K2CO3, supported by a material for mechanical strength, are circu-
lated between two fluidized bed reactors with the aim to capture CO2 from flue gas.
In the carbonation reaction, where CO2 reacts with K2CO3, heat is released as it
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is an exothermic process [12]. The temperature of the excess heat is relatively high
(50-100 °C) [12, 11] compared to the corresponding excess heat from MEA absorp-
tion (40-60 °C) [13, 14]. In particular, the excess heat could be used as a source for
district heating purposes. Research on DHPC has been conducted in for instance
Korea, where successful pilot plants have been built and operated [11]. Hence, it
is interesting to investigate the impacts of DHPC implementation in Sweden where
the heat and electricity generation is centralized, and the demand for heat is larger.

Renova is a waste management company that supplies a large geographical area with
district heating, DH, and electricity. At their WtE plant in Sävenäs, Gothenburg,
around 550 000 tons of waste is burned every year and in 2022, this plant produced
1 400 000 MWh of heat and 210 000 MWh of electricity in total [15, 16]. Considering
that energy recovery from waste management will likely persist in the future, the
CO2 emissions from this WtE plant need to be adressed. Renova’s plant in Sävenäs
delivers DH water at 90-115°C [15], which evidently enables the potential use of
waste heat from the DHPC process for DH purposes and could make DHPC a
beneficial choice of CCS technology at this site. Therefore, this project presents
a case study investigating the possibilities to implement the DHPC process at the
WtE plant.

1.1 Aim and objectives
The main focus of the project is to design and simulate the DHPC carbon capture
process by process modeling and to investigate the impacts of its implementation at
the Renova’s WtE plant. Hence, the WtE plant will be modeled, before incorporat-
ing both processes and performing a pinch analysis. Based on the outcome of the
pinch analysis, the WtE plant will be retrofitted in order to integrate as much excess
heat from the DHPC process as possible. The performance of the whole system will
be evaluated in terms of energy performance parameters and capture cost.

The issue previously proposed is narrowed down to a several research questions in
line with the aim of the project. These are:

Q1. How will the DHPC process design be constructed, if applied at the Renova
WtE plant, and which operating conditions would be required?

Q2. How much excess heat from the DHPC process can be integrated at the Renova
WtE plant and how will the implementation impact the supply of electricity and DH?

Q3. How does the DHPC system perform in terms of capture rate and capture cost?

2



1. Introduction

1.2 Scope and limitations
The project scope will be partly limited due to restrictions in the system bound-
aries, as well as limited modelling complexity. Firstly, the system boundaries will
be set to not include further treating of the CO2 stream from the capture process.
Consequently, liquefaction, which is crucial to enable transportation of CO2 will not
be included in this study, even though it might be of interest for Renova. Secondly,
the complexity of the DHPC model will not be comparable with the complexity of
the real process. For instance, the model will not take reaction kinetics into con-
sideration even though this affects the performance of the process in reality. The
real process involves a large number of free variables, and some of these will not be
covered in this project. In other words, only a few design options are proposed in
this thesis but certainly, there are more possible ways to design the process.

In addition to these limitations, the DHPC model will be constructed to only treat
the flue gas generated by one of Renova’s four combustion lines (Line 7). This
boundary is set since the possibilities to implement carbon capture technologies at
larger scales are limited at the time of this study. In addition, the remaining lifetime
of the furnaces differs, implying that the newest, Line 7 is of interest. However, even
though the flue gas from solely one combustion line will be treated, the heat sources
and sinks of the entire WtE plant are available to satisfy the demands of the capture
plant.

Consequently, the model of the WtE plant proposed in the project will be a simplified
version of the real plant. Parts that are equal in two or more of the four combustion
lines will be combined and represented by one component. This includes all four
furnaces being modeled as one and the separate flue gas cleaning systems of all four
lines being approximated as two. Another restriction in the WtE model is that it is
instantaneous and will only be able to represent winter operation, full load capacity,
at steady-state.
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2
Theory

This chapter introduces the theory behind the different studied processes, Renova’s
Waste-to-Energy, WtE, plant and the DHPC carbon capture. Initially, the existing
WtE plant design will be described, pointing out the most important components
and their function in the system, or subsystem. As a way of justifying the rele-
vance of this project, Renova’s emission mitigation strategy will be presented as
well. Thereafter, the fundamentals of the DHPC process will be explained, includ-
ing the main principle and previous research. Later, detailed information about
the involved reactors is presented as well as alternative ways of designing one of
them. Lastly, different pathways for the global reactions and possible byproducts
are explained.

2.1 Renova’s WtE plant in Sävenäs, Gothenburg
In this section, the studied WtE plant at Renova will be described in detail. Later
on, the company’s current emission mitigation strategy will be presented.

2.1.1 Plant design
In Figure 2.1, a schematic representation of Renova’s WtE plant focusing on the
steam cycle, is shown. The plant consists of four different combustion lines that
each proceed from separate incineration furnaces, furnace 1, 4, 5 and 7 [16]. The
primary steam generated in each furnace is fed to a joint steam chest from which
streams are led to different applications in the complex system. Firstly, steam is
directed to the turbine for electricity generation [16]. The high-pressure steam (HP)
is expanded to low-pressure (LP) steam where there is an extraction and then fur-
ther down to the condensing pressure. The steam in the steam chest is also used to
drive a feedwater pump and for furnace 4 and 5, it is used to preheat the air before
combustion. Both line 1 and 7 instead use low-pressure steam from the extraction
point for this purpose [17].
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2. Theory

Figure 2.1: Schematic figure of the WtE process, focusing on the steam cycle.

Furthermore, the outlet stream from the turbine is condensed which generates heat
of condensation utilized in the DH system. The condensate is then passed through
a feedwater preheater, before entering the feedwater chest and later the feedwater
tank. As mentioned, a steam driven feedwater pump provides the pressure increase
before the stream of feedwater is led back to the boiler. An alternative feedwater
pump, powered by electricity and functioning as a back-up, is also integrated at the
plant.

As previously explained, low-pressure steam is extracted from the turbine. The
utilization of it includes regulating the pressure in the feedwater tank, powering
absorption heat pumps and heating the feedwater in a preheater [17]. After con-
densing in the heat pumps, the LP steam condensate is further utilized as a heat
source to the hot water system. The hot water system is used to cool the flue gas
as well as supplying heat to the district heating cycle via direct heat exchange and
heat pumps. The temperature of the hot water is held above 110°C in all parts of
the cycle [17].

The DH water leaves the plant at roughly 100°C and is returned at 40°C. The tem-
perature is initially increased with heat from the direct condensation of the flue gas
and then further increased with the use of heat pumps consuming heat at other
parts of the plant, more specifically from the low-pressure steam and the hot water
cycle. All heat pumps are of the type absorption heat pump and there are eight
of them in total. Two of them are driven by hot water whereas the other six are
consuming LP steam. After the heat provision by the heat pumps, a part of the DH
water is directly heat exchanged with the hot water system, before it is heated in
the turbine condenser and delivered to the DH costumers [17]. A process scheme of
the hot water system and the DH system is presented in Figure 2.2.
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Figure 2.2: Schematic figure of the hot water and DH system of the WtE process. Note
that DC refers to direct condensation.

The flue gas cleaning system is an important feature of the WtE in order to get rid
of soot and impurities. In addition, it is connected to the rest of the plant in terms
of steam demand and generation of heat. Therefore, it is of importance to include it
when describing, and later modeling, the WtE plant. However, due to the different
times of construction of the furnaces, the flue gas treatment systems differs between
the four combustion lines. An overview of the flue gas cleaning system for line 1
and 7 is shown in Figure 2.3.

Figure 2.3: Schematic figure of the flue gas cleaning system of line 1 and 7 at Renova’s
WtE plant.

The first steps of the flue gas treatment are equal for all four lines. The flue gas is
initially treated in Electrostatic Precipitators, ESP, which removes 99.5% of the solid
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ash particles by inducing an electric charge [16]. Secondly, the flue gas temperature
is reduced by heat exchanging with the hot water system in an economizer. Thirdly,
the exhaust gas is treated step-wise in a wet scrubber to remove hydrochloric acid,
heavy metals and sulphur dioxide. Further removal of particles is then performed
in electrostatic filter modules, before the flue gas is condensed to decrease the water
content and to recover heat [17]. The heat is utilized directly in the DH system and
indirectly in the absorption heat pumps via an internal cooling medium, referred
to as MKS. Lastly, the exhaust gas of line 1 and 7 is fed to a Selective Catalytic
Reduction, SCR, reactor to reduce the concentration of nitrogen oxides by reacting
with ammonia on a catalyst bed. The flue gas treatments in the other lines instead
use a Selective Non-Catalytic Reduction, SNCR, for the same purpose but in this
case, ammonia is usually added directly in the furnace [16]. Thereafter, the flue gas
is led to the stack.

2.1.2 Emission mitigation strategy
As previously mentioned, the flue gas generated at the WtE plant in Sävenäs is
cleaned in multiple steps, but currently there is no possibility to separate CO2 from
the emitted gases at the site. Around 540 000 tons of CO2 are emitted yearly from
the plant, whereas 40 % of these are from fossil sources. The company is aiming
towards reducing their emissions drastically in order to mitigate their contribution
to global warming and climate change impacts [15]. Consequently, Renova is inves-
tigating the possibilities of implementing a CCS technology to Line 7 at their plant
in Sävenäs. Together with Göteborg Energi, Renova is working on a project that,
if carried out, will lead to implementation of a CCS technology, such as the DHPC
process, and separation of around 100 000 tonnes of CO2 by the year 2030 [15].

2.2 DHPC process
This section will initially present the fundamentals of the DHPC process and previ-
ous research done in the field. Secondly, the overall set-up of a DHPC system and
the required equipment, particularly focusing on the fluidized bed reactors, will be
introduced.

2.2.1 The fundamentals of DHPC
The DHPC process is a post-combustion carbon capture technology which is based
on chemical absorption [18]. The general principle of chemisorption for carbon cap-
ture is reaction between a sorbent, or absorbent, and the acidic CO2 gas forming
chemical bonds. Consequently, the regeneration of the sorbent and breaking the
bonds of the new complex, involve an energy penalty [19].

In the DHPC process, CO2 is separated from flue gas by the use of two fluidized bed
reactors, one carbonation reactor and one regeneration reactor, with a solid sorbent
as bed material. In particular, the sorbent is potassium carbonate, K2CO3. The
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process also involves a cyclone that separates solid particles from gas and a sorbent
cooler that cools the sorbent between the two reactors [20] by the use of air [12]. A
simplified schematic figure of the process is shown in Figure 2.4.

Figure 2.4: Flowchart of the DHPC capture process designed as proposed in literature.

Besides K2CO3, multiple sorbents have been used in experiments of the process.
These include mostly alkali and alkaline metal-based ones such as Na2CO3 and
Li4SiO4 [11]. Among them, the potassium based sorbents have shown the most
promising results due to their cost and energy efficiency [11]. However, pure K2CO3
has slow kinetics due to the formed product inhibiting further diffusion of CO2 and
H2O (more details on the reaction can be found in Section 2.2.3). Therefore, the
solid particles in the DHPC process also contain a supporting material. Besides
enhancing the reactivity, the support improves the mechanical strength [12]. As
a result, the weight ratio of K2CO3 is important since a surplus can block pores
which prevents the reaction [18]. Several supporting materials have been found in
research. Among these are alumina (Al2O3), silica (SiO2), magnesium oxide (MgO)
and activated carbon [11]. However, considering costs and overall performance con-
cerns of the capture process, Al2O3 is proposed as a preferable supporting material.
In addition, it has beneficial pore structure and high surface area [11]. The average
particle size for the described K2CO3 and Al2O3 mixtures has been reported to be
between 103-120 µm [12].

Multiple small-scale setups of the process have been investigated but there is only
one close to industrial-scale pilot plant, located in Hadong, Korea. The pilot plant is
at 10 MWe-scale, was finalized in 2013 and managed to achieve a 80% CO2 removal
[21]. At this site, the bed material consisted of 35 weight% K2CO3 and 65 weight%
of the supporting material Al2O3 [21]. When it comes to the relevant equipment, a
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fast fluidized bed reactor, FFB, was used as a carbonator and a bubbling fluidized
bed reactor, BFB, was used for regeneration of the sorbent [20]. These types of
reactors will be described in more detail in the section below.

2.2.2 Fluidized bed reactors used for DHPC
The typical applications of fluidized bed reactors, FB, are in industries such as
petroleum, fuel and mineral processing as well as wastewater treatment and com-
bustion [22]. In general, FB reactors possess several advantageous characteristics.
Among these are rapid mixing of phases, excellent mass and heat transfer, isother-
mal temperature distribution and good control of reaction parameters [22, 23, 24].
The general working principle of the FB reactor is fluid flow (either gas or liquid)
through a bed of solid particles with high enough velocity to suspend the particles
and cause them to act as a fluid [24]. There are two main types of fluidized bed re-
actors: fast fluidized bed reactor, FFB, and bubbling fluidized bed reactor, BFB [25].

The main difference between the FFB and the BFB reactors is the fluidization
velocity, where the latter has the lowest. As a consequence, the bed material in the
BFB remains in the lower region of the vessel whereas the bed material in the FFB
is accelerated and dispersed throughout the whole reactor. The higher velocities in
the FFB also results in lower residence time than for the BFB. [25]

2.2.3 Carbonation reactor
The working principle of the carbonation reactor is infusing the flue gas in the bot-
tom of the reactor, fluidizing the bed of the solid particles of K2CO3 and supporting
material [26]. Thereby, carbonation takes place according to the following reaction
formula

K2CO3(s) + CO2(g) + H2O(g) −−→ 2 KHCO3(s) ∆H = −141 kJ/mol {1}

which consumes CO2 and produces heat as the carbonation reaction is exothermic.
Consequently, the carbonation reactor requires cooling and the typical temperature
range for this stage is 50-100°C [26, 11], at an ambient operating pressure [25]. In
most research, the carbonation reactor is a fast fluidized bed reactor [27]. Addi-
tionally, in the pilot plant tests, the reactor vessel is mantled with tubes containing
water which enables cooling [21]. For the carbonation reaction to take place at high
degree, it is important that there is enough water vapor present in the reactor [12].
In previous studies, this has been ensured by letting the flue gas bubble through
water in a gas bubbler before entering the carbonation reactor [27].

As previously mentioned, the main characteristic of the fast fluidized bed reactor
is the high fluidization velocity which causes the bed material to expand and fill
the whole reactor [25]. Consequently, the solid particles and the gas are well-mixed
throughout the vessel, which requires subsequent separation achieved by the use of
a cyclone. In reaction 1, solid potassium bicarbonate is formed, KHCO3, which is
continuously transported, due to the fast characteristics of the FFB reactor, to the

10



2. Theory

second reactor where the regeneration of the sorbent occurs [26].

The main disadvantage of utilizing the fast fluidized bed reactor for the carbonation
reaction is the low residence time. To address this issue, a two-stage absorption
reactor has been proposed instead. Instead of performing reaction 1 in solely a fast
fluidized bed reactor, two bubbling fluidized bed reactors are connected in series [28].
The advantage of the bubbling fluidized bed reactor is the low gas velocity permitting
a better contact between the gas and the sorbent, allowing for an increased capture
efficiency. In addition, by combining the two stages of bubbling beds with features
of the fast fluidized bed reactor, the sorbent circulation rate is more stable which
enhances the operation of the process on industrial scale [28].

2.2.4 Regeneration reactor
In the second reactor the sorbent is regenerated. The regeneration reactor is of the
type bubbling fluidized bed [12]. As the regeneration is an endothermic process,
heat is required to drive the reaction. The reaction formula, being the reversed
version of reaction 1, reads as follows

2 KHCO3(s) −−→ K2CO3(s) + CO2(g) + H2O(g) ∆H = 141 kJ/mol {2}

In the regeneration reactor, the CO2 is released from the KHCO3 and thereby sep-
arated from the rest of the flue gas while the sorbent is converted back to K2CO3
[26]. As a consequence of the slow fluidization velocity in the BFB, the sorbent is
extracted from the bottom of the reactor before it is cooled by a sorbent cooler and
led back to the carbonation reactor [12].

Multiple different regeneration environments have been tested to identify the most
effective conditions for regenerating the sorbent. The temperature in the regen-
eration reactor is most commonly within the range 150-200°C [20, 29] but lower
temperatures have also been investigated [30]. The fluidization gas in the regener-
ation reactor is usually air or steam [26]. Previous research states that using one
of the two products in the regeneration reaction, CO2 or steam, as fluidization gas
and to deliver heat to the reaction, gives a purer CO2 stream than when air is used.
This is due to easier gas separation after regeneration [31]. It was also concluded
that a higher partial pressure of steam compared to CO2, was more beneficial for
the regeneration property of the sorbent than vice versa [31]. One could also argue
against using products from the reaction as fluidization gas, if considering Le Chate-
lier’s principle. However, as previously explained, using air would entail a difficult
subsequent gas separation [31].

2.2.5 Alternative design of regeneration reactor - Fluidized
Bed Heat Exchanger

An alternative way to construct and design the regeneration reactor could be as a
Fluidized Bed Heat Exchanger, FBHE. A FBHE often consists of heat exchanger
tubes, containing a fluid, within a BFB [32]. A fluidized bed can achieve very high
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heat transfer rates which makes it possible for the reactor bed to attain almost a
completely uniform temperature [32]. Because of these heat transfer properties, it
could be suitable to use a FBHE in the DHPC process to supply heat to the en-
dothermic reaction in the regeneration reactor. In a FBHE, the bed particles are
often fine and in the size range 100-300 µm and the fluidization gas velocity is often
around 0.5 m/s [33]. The bed material has in most previous research consisted of
inert silica sand, but some reports have been done on beds that partly consist of a
more active material, namely ilmenit which serves as an oxygen carrier. It has also
been mentioned that a possible future application of FBHE would be as heat source
for chemical reactions [32], which supports the idea of using this process for DHPC
carbon capture.

In research, there are different applications for FBHE such as in Circulating Flu-
idized Bed, CFB, boilers where the FBHE is placed past the cyclone to cool bed
particles before they are returned to the furnace. At the same time as the hot par-
ticles are cooled, steam is generated and superheated within the tubes [33]. Most
research on FBHE has been conducted on a laborative scale, but there are examples
where pilot plant scale investigations have been done [33].

2.2.6 Reaction pathways and byproducts
The overall reaction pathway of the carbonation process is in accordance with re-
action 1. However, there are disagreements regarding how it occurs in detail, if
parallel reactions are present and if it is a sequential reaction implying that in-
termediates are formed. In literature, it has been confirmed that an intermediate,
K2CO3·(1.5H2O), is formed from reaction of K2CO3 and water [11] according to
reaction 3 [34, 35, 36, 37].

K2CO3(s) + 1.5 H2O(g) −−⇀↽−− K2CO3 · (1.5 H2O)(s), {3}

This means that reaction 1 and 3 are competing parallel reactions in the carbonation
reactor. Some research papers conclude that K2CO3·(1.5H2O) is further converted
into 2KHCO3 by reaction 4 [37, 38].

K2CO3 · (1.5 H2O)(s) + CO2(g) −−⇀↽−− 2 KHCO3(s) + 0.5 H2O(g), {4}

While some claim that reaction 4 does not occur [34, 35, 36]. In this case, the wa-
ter content in the flue gas need to be carefully controlled to limit the formation of
K2CO3·(1.5H2O) [11]. In the regeneration reactor, if reaction 4 occurs in the reverse
direction, it can absorb moisture from the fluidizing steam flow which allows for the
steam to release latent heat in the reactor vessel [37].

Other than the different reaction pathways in the carbonation reactor, research has
also touched upon the CO2 uptake capacity of the different K2CO3 phases and inter-
mediates. It has been shown that K2CO3 regenerated directly from KHCO3 through
reaction 1 has faster kinetics and higher CO2 uptake than KHCO3 regenerated from
the intermediate through reactions 4 and 3 [34].
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As discussed in Section 2.2.1, several different supporting materials have been used
in research. Among these, there are materials that are inert and some that par-
ticipate in reactions. For instance, alumina, Al2O3, is generally inactive but can
form KAl(CO3)(OH)2 which can hinder the sorbent performance since it decreases
the degree of carbonation. In addition, it requires a higher regeneration tempera-
ture than the pure potassium bicarbonate (KHCO3). Furthermore, if utilizing MgO
as supporting material, issues with byproducts can arise since it is active in the
carbonation process, see Section 2.2.1. [11]
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3
Methods

The methodology of the project is summarized in Figure 3.1. As seen in the figure,
it consists of several main steps, represented in blue, which are linked to the research
questions of the thesis, presented in green. First, the research aim and objectives
were set, before conducting a generic literature review of the existing research exam-
ining the DHPC process. This included gathering information and gain knowledge
about the process in terms of key parameters, such as related chemical reactions
and process data from existing pilot plants.

Furthermore, relevant data for the simulation of the WtE plant was collected on-site
at Renova in Sävenäs. Thereafter, the CHP plant as well as the DHPC process could
be designed and modeled. Later, heat integration calculations were performed and
the energy performance of the plant, capture cost as well as the sizes of capture
process reactors were analyzed.

Figure 3.1: Flowchart of the methodology used in the thesis, representing the links
between the main parts of the method and the research questions.
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3.1 Collection of data
After formulating the research aim, relevant data for the simulation of the WtE
plant were collected at Renova. In order to gain knowledge about the process,
several study visits were carried out. The different learning elements of the visits
included going on a detailed tour of the plant, discussing the layout of the process
with operational staff and studying the process schemes in the control room. Data
of important parameters and specifications in the WtE plant were collected through
examining process schemes and measurements from the control room.

In order to make sure that the capture process is able to handle the maximum
amount of CO2 emissions from the plant and simultaneously account for the full
potential of the available heating and cooling sources on-site, the simulation of the
WtE plant was made in winter mode. In particular, this means that all input data
was gathered from the 6th of November in 2022 at 1:42 pm.

3.2 Modeling of the WtE plant
In the following section, the modeling tool used for the simulation of the WtE plant
is introduced as well as the overall strategy when creating the model.

3.2.1 Modeling tool
The chosen modeling tool for the WtE plant simulation was Ebsilon®Professional.
The software is capable of simulating thermodynamic cycles in order to design and
optimize plants. In addition, it allows to input specific parameters and study retrofit
options [39] which made it suitable for this project.

3.2.2 WtE plant design
To set the basis for later integration of the DHPC capture process, a model rep-
resentative of Renova’s WtE plant in its current state was generated. The model
was constructed by combining the main parts of the plant: the steam cycle, district
heating cycle, the hot water cycle and the flue gas cleaning system. To facilitate the
simulations, the stand-alone steam cycle was modeled firstly and then the remaining
parts were added one by one. While Figure 2.1 displays a schematic representation of
the process including the main parts of the WtE plant, Figure 3.2, 3.3 and 3.4 show
more detailed views of each part and how they were modeled in Ebsilon. Figure 3.2
represents the steam cycle while the DH system, as well as the hot water cycle, are
shown in Figure 3.3. Lastly, the flue gas cleaning systems are shown in Figure 3.4.
Note that these figures are cleaned versions of the original Ebsilon model. Figures
showing the original model as well as a complete list of the components used in the
WtE model are found in Appendix A.
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Figure 3.2: The steam cycle from the model in Ebsilon.

Figure 3.3: The DH system and hot water cycle from the model in Ebsilon.

Figure 3.4: The flue gas cleaning systems from the model in Ebsilon.
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Multiple design specifications from the collected data were implemented in different
parts of the model such as temperatures, pressures and mass flows. As mentioned,
all data were collected on the 6th of November at 1:42 pm. Therefore, it is impor-
tant to note that the model is instantaneous, representing one specific point in time,
while the real operation at the WtE plant is transient. Most of data collected at
the site were implemented in the model by using "General input values", but some
were also set with the use of "Controllers". Some important model specifications are
presented in Table 3.1 while the remaining parameters can be seen in Table A.3 in
Appendix A. The composition of waste was assumed to be the same as the waste
treated at Lillesjöverket in Uddevalla, due to lack of data on this subject. This
composition can be seen in Table A.2 found in Appendix A.

Table 3.1: Important input data for modeling the WtE plant in Ebsilon.

Steam conditions
HP steam
Temperature 400 °C
Pressure 40 bar
LP steam
Temperature 150 °C
Pressure 3.5 bar
DH system

Delivery temperature 90.2 °C
Return temperature 40.2 °C

Even though the objective of the project is to capture CO2 solely from line 7, the
heat sources and heat sinks of the entire WtE plant are available for satisfying the
demands of the capture plant. Therefore, in the model, all four furnaces were sim-
ulated as one, implying that the total amount of flue gas in the WtE plant was fed
in one stream to the cleaning system. Since there is a clear distinction between the
cleaning systems of line 7 and 1 compared to line 4 and 5, two separate processes
were created and the total flue gas flow was divided into two streams. This was
done to account for the integration of the different flue gas cleaning systems in the
WtE plant model in terms of steam demand, returned condensate etc.

Another important note to make about the model is that the absorption heat pumps
were simulated using different components depending on which load they corre-
sponded to. In other words, if the purpose was to represent the heat delivered to
the DH system, also referred to as the sum of the absorber and desorber loads in
the absorption heat pump, this was done by the use of a heat injection component.
In contrast, the generator loads, meaning the heat sources in the absorption heat
pumps, were modeled by the use of a heat consumer component. An additional
note is that the heat pumps are dictated by a coefficient of performance (COP),
implying that this has to be taken into consideration when evaluating the heat de-
livered and required for the heat pumps. For instance, the heat extracted from the
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LP steam and the hot water system need to be multiplied by the COP to receive
the heat delivered to the DH system. However, by the time of data extraction,
one of the heat pumps in the hot water system was out of operation. This implied
that the heat lift was not achieved and its function was rather similar to the func-
tion of a heat exchanger. In the model, this was accounted for by solely multiplying
the heat extraction with the COP for one of the heat pumps in the hot water system.

The main parameters used to validate the model of the plant were the generation
of electricity, delivered DH, total steam production and total heat pump load. The
aim was that the model would manage to generate values of these parameters as
close as possible to the corresponding values generated from the real plant at the
specific time of input data generation.

3.3 Modeling of the DHPC capture process
The methodology of designing and modeling the DHPC capture process consisted
of several steps which are described in the following section. Firstly, the modeling
tool is introduced and the capture model design, as done in previous research, is
described. Thereafter, alternative designs of the regeneration reactor are presented
which later are used to establish several system cases. The parameter study, aiming
to set the process variables in the capture designs, is also explained.

3.3.1 Modeling tool
The capture process was modeled using Aspen Plus® which is a software for chemical
processes [40]. It can perform integrated process modeling taking into consideration
for instance economics, energy and sustainability performance. In addition, the
software includes a wide range of templates for chemical processes such as carbon
capture which validates its usage for this project [40].

3.3.2 Capture process design
Based on the design of the DHPC process found in previous research and pilot
plants, the model in Figure 3.5 was derived using Aspen Plus. In the initial stage of
the simulation, several decisions were made. Among these, the property method was
defined. In this simulation, Reidlich-Kwong-Soave equation of state with Boston-
Mathias modification (RKS-BM) was used since it is suitable for gas processing
applications [41]. In addition, the relevant chemical components of the process were
added in to Aspen Plus, see Appendix B (Section B.1) for a complete list. These in-
clude the constituents of the flue gas, K2CO3, KHCO3 and the supporting material.
The complete flue gas composition is presented in Table 3.2. According to Section
2.2.6, there could be alternative reaction pathways and byproducts associated with
the reactions. In particular, K2CO3·(1.5H2O) and KAl(CO3)(OH)2. Consequently,
to represent the real process and potential operational issues, these components were
favorable to add into Aspen Plus as well. However, solely K2CO3·(1.5H2O) could
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be found in the data bank. Therefore, KAl(CO3)(OH)2 was excluded from the sim-
ulation. Besides these species, no other potential side reactions and corresponding
products, such as reactions between impurities in the flue gas and the sorbent, were
added into Aspen Plus. A summary of the general key simulation settings are listed
in Appendix B (Section B.1).

Figure 3.5: Aspen model of the DHPC capture process based on the design found in
previous research and pilot plants.

As described in the theory section, see Section 2.2, the main components of the
DHPC process are the two fluidized bed reactors, the cyclone and the sorbent cooler.
The fundamental reactions of the DHPC process, reaction 1 and 2, and the corre-
sponding reactors were simulated using Gibbs reactors (named CARBREAC and
REGREAC in Figure 3.5). The principle of the Gibbs reactor is to calculate the
equilibrium by minimizing Gibbs free energy [42]. In literature, both one-stage and
two-stage carbonation reactors have been proposed. However, in the model, the
carbonation reactor will solely consist of one reactor. To simulate the carbonation
reaction, two streams, one containing the flue gas with known composition and flow
rate and one with the sorbent K2CO3 supported by alumina, were fed to the reactor.
A moisture stream was added and mixed with the flue gas to make sure that water
was not a limiting reactant in the carbonation reaction. The size of this stream
was set to obtain a maximum capture rate which will be discussed further in the
results section. As the reaction is exothermic, cooling of the reactor is required in
a real plant. However, in the model, the cooling was not included. Therefore, the
heat produced, representing the required cooling duty of the reactor, was registered
solely as the reactor duty.

Since the flue gas cleaning system of the WtE plant reduces the temperature of
the flue gas, its inlet temperature into the mixer was approximately 43°C. The flow
rate and composition of the flue gas entering the capture process were also known
parameters. As proposed previously (see Section 2.2.3), the suggested temperature
range for the carbonation reaction is 50-100°C. All these parameters, along with
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other key inputs are summarized in Table 3.2.

Table 3.2: Key parameters for the simulation of the carbonation reactor.

Flue gas conditions
Flue gas inlet temperature 43 °C
Flue gas flow 22.3 kg/s
Composition
H2O 4.5 mole%
HCl 1.0e-5 mole%
CO2 12.3 mole%
CO 1.7e-3 mole%
O2 5.7 mole%
SO2 3.0e-5 mole%
N2 77.5 mole%
NH3 5.3e-5 mole%
NOx 1.4e-3 mole%
Reactor conditions

Reactor temperature range 50-100 °C
Reactor pressure 1 bar
Sorbent conditions

Composition
K2CO3 35 mass%
Al2O3 65 mass%

According to reaction 1, water and CO2 in the flue gas react and form KHCO3. Since
the carbonation reactor is a fast fluidized bed in reality and the product stream is
mixed, the solid particles need to be separated from the gas stream. This is nor-
mally done using a cyclone, but for this model, the separation was carried out using
a standard separator (CYCLONE in Figure 3.5). The gas stream was then sent to
the stack while the solid stream was fed to the regeneration reactor.

As the regeneration reaction is endothermic, heat is necessary to enable reaction.
This is normally provided by the fluidizing agent such as steam or hot air. Since air
would require more complicated separation, as mentioned in Section 2.2.4, a stream
of steam was fed to the reactor. The steam was extracted either directly from the
steam chest or from the LP steam extraction point, depending on the desired con-
ditions. The steam conditions were the ones already available at the plant, seen in
Table 3.1. The given reactor temperature interval for the regeneration reaction is
150-200°C according to theory, see Section 2.2.4. However, to capture the behaviour
of the reactions at lower temperatures as well, the evaluated temperature interval
was extended to 100-200 °C.

In the regeneration reactor, CO2 is released from the sorbent which in turn is re-
generated back to K2CO3. In addition, water vapor is also formed. Consequently,
a separator (SEP in Figure 3.5) was required to separate the product stream. Ev-
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idently, from the separator there were two outlet streams, one in gas phase which
contained CO2 and water vapor as well as one in solid phase. To obtain a pure
stream of CO2, two components were added, one separator to separate the species
as well as one cooler to condense the water vapor (COND1 and COND2 in Figure
3.5). In order to reduce the temperature of the solid stream before being led back
to the carbonation reactor, a sorbent cooler was implemented which was simulated
by a simple cooler extracting heat.

3.3.3 Alternative designs of regeneration reactor
The DHPC capture process design described in the previous section was constructed
to mimic the setup used in previous pilot plant studies. However, in this project,
alternative ways to design the process in order to decrease the demand of steam,
were found. More precisely, the regeneration reactor could be redesigned while
the carbonation rector was kept at its initial conditions. Two novel designs of the
regeneration reactor are described below.

3.3.3.1 Preheated CO2 as fluidization gas

As mentioned in Section 2.2.4, previous studies have evaluated CO2 as fluidization
gas in the regeneration reactor. An alternative design could therefore be to change
the gas for fluidization from steam to CO2. However, as the steam also provides
heat to the reaction, the CO2 would have to be preheated in order to serve the same
purpose. Consequently a new design of the regeneration reactor system was created
in Aspen Plus, which can be seen in Figure 3.6. As is evident, the reactor is still a
Gibbs reactor. The main change lies in the fluidization gas feed.

Figure 3.6: Aspen model of the DHPC capture process using the same regeneration
reactor as in the initial design but with preheated CO2 as fluidization gas.

In this design, a stream of CO2 was preheated and fed to the regeneration reac-
tor, before it was recirculated back in a closed loop. In other words, the product
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stream will only partly consist of the CO2 actually captured in the process. The
outlet stream of the reactor was split to two separate streams of different size, one
considered as the captured CO2 and the other recirculated to the preheater. In the
preheater, the CO2 stream was heated by the use of primary HP steam or LP steam
from the WtE plant. This component was modeled with the use of a shell and tube
heat exchanger, see Table 3.3 for details, and allowed the steam to condense, making
use of a large fraction of the heat content. As the steam undergoes a phase change,
it was allocated to the shell side.

Table 3.3: Specifications of the shell and tube heat exchanger for the Preheated CO2
case.

Shell and tube heat exchanger
Flow direction Countercurrent
Steam Shell side
CO2 Tube side
Minimum temperature approach 10°C

3.3.3.2 Fluidized Bed Heat Exchanger, FBHE

In contrast to the direct heating of CO2 before being led to the reactor, as proposed
above, the steam could instead be used as a indirect heating medium in the regen-
eration reactor by the use of a fluidized bed heat exchanger, FBHE. As described
in Section 2.2.5, the principle of the FBHE is to recover heat from solid particles by
heat exchanging with a medium flowing in tubes. For the application in the DHPC
process, the principle would be reversed. Instead, it would imply installing tubes in-
side the fluidized bed. In the tubes, the primary steam could condense which would
provide heat to the reaction while fluidization occurs in the bed by the use of recir-
culated CO2. A graphical representation of the FBHE reactor is shown in Figure 3.7.

Figure 3.7: A graphical representation of the FBHE reactor showing the distribution of
tubes in the reactor body as well as the inlet of the fluidization gas and the bed material.
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In Aspen Plus, the FBHE reactor was modeled using the same Gibbs reactor as
previously, but with an additional external cooler which condensed the steam and
transferred the heat to the reactor. The outlet temperature of the steam was set
according to a minimum temperature difference approach of 10°C in relation to the
reactor temperature. As mentioned, the fluidization gas entering the reactor was
split off from the pure CO2 product stream and circulated in a closed loop within
the system. This implies that the stream of CO2 entering the preheater will be at
reactor temperature. An image of this system design from Aspen Plus can be found
in Figure 3.8.

Figure 3.8: Aspen model of the DHPC capture process using the FBHE as the regen-
eration reactor. The cooler represents the internal tubes supplying the reactor with heat.
The fluidization gas is CO2.

As this design will not require fluidization gas to heat the reactor, it will only be
required to drive the reaction and to fluidize the bed. Therefore, the mass flow of
CO2 fluidizing the reactor bed will be calculated through the estimated superficial
velocity and cross sectional area of the reactor. These calculations will be explained
in Section 3.6, where the dimensioning of the reactors are described in detail.

3.3.4 Parameter study
In order to finalize the model of the DHPC process, the critical parameters in each
reactor had to be determined. This was done through strategic sensitivity analysis
of each parameter having significant effect on the performance of the two reactors.
The temperature in both reactors were analysed as well as the flow of solid sorbent
in the carbonation reactor and the flow of gas for fluidization in the regeneration
reactor.

24



3. Methods

3.3.4.1 Carbonation reactor

The reactor temperature was varied from 50 to 100°C, with a 10°C interval, and
for each temperature, the sorbent (only K2CO3) and moisture flows were varied
from 8 to 15 kg/s and 100 to 500 kmol/hr respectively. For each combination, the
mole percentage of reacted CO2 was registered which was defined as the mole flow
of reacted CO2 divided by the inlet amount of the species. In addition, for the
combination of reactor temperature, moisture and sorbent flow where the reacted
amount of CO2 was the most, the percentage excess of K2CO3 and the respective
product split of K2CO3·(1.5H2O) and KHCO3 were noted. In this context, the
product split was defined as the amount of the relevant species divided by the total
reacted amount of K2CO3 in the carbonation reactor.

3.3.4.2 Regeneration reactor

The reactor temperature was varied between 100 and 200°C, with a 10°C inter-
val, and for all temperatures, the flow of fluidization gas was varied in a suitable
range. For each temperature and fluidization gas flow combination, the conversion
of KHCO3 and the heat duty of the reactor were noted. In this context, the con-
version was defined as the reacted amount of KHCO2 divided by the inlet amount.
The analysis procedure was done with small alterations depending on the design of
the studied situation.

For the cases where LP steam, HP steam and preheated CO2 were used as fluidiza-
tion gas, the mass flow of each gas was analyzed to find the flow that could satisfy
the heat duty of the reactor. However, for the case with preheated CO2 as fluidiza-
tion gas, the mass flow was also strictly dependent on the achieved temperature
of the gas. As previously described, this case was modeled by adding an external
heat exchanger to the process, transferring heat from the condensing steam to the
fluidizing stream of CO2. The amount of steam condensed in this heat exchanger
was set so that the exchanged heat was equal to the heat required by the reactor.
Assuming a minimum temperature difference of 10°C and an outlet temperature of
the condensate at 140°C in this heat exchanger, the temperature and mass flow of
the CO2 fed to the reactor were determined by successively increasing the flow until
the reactor heat demand was fulfilled without violating the minimum temperature
difference.

For the cases using a FBHE regeneration reactor, the important parameters could
be determined through a more straight forward approach. In this case, the only
purpose of the fluidization gas was to fluidize the bed and not to act as a heating
medium. As explained before, the heat required in the reactor is transferred from
condensing steam within heat exchanger tubes simulated through an external cooler.
The mass flow of steam required to satisfy the heat demand was determined by
setting the condensate outlet temperature to 140°C and evaluating which mass flow
of steam would be required to supply enough latent heat to fulfill the reactor heat
demand. The mass flow of CO2 fluidizing the bed was calculated according to
Section 3.6.
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3.3.5 Case construction
To facilitate the analysis of the different modifications of the DHPC process further
on in the report, three design cases were established based on the options for the
regeneration reactor. The design of the carbonation reactor remained the same in
all cases. In Table 3.4, they are presented together with their respective character-
istics.

Table 3.4: Summary of the key parameters for the different DHPC cases. Note that the
fluidization gas and heat source are relating to the regeneration reactor.

Steam
case

Preheated
CO2 case

FBHE case

Fluidization gas Steam Recirculated
and preheated
CO2

Recirculated
CO2

Heat source Provided
by the
fluidizing
steam

External shell
and tube heat
exchanger (CO2
or steam)

Internal tubes
containing
steam in reactor

As previously discussed and as evident in the table, the cases differ mainly in terms
of the fluidization gas. The cases "Preheated CO2" and "FBHE" also contain some
kind of heat exchange, which was done with the objective to decrease the steam
demand. In all three cases, steam will be required for heating. Steam of both con-
ditions, LP and HP, will be used in each case, resulting in six cases in total.

For all six DHPC cases, the total degree of regeneration of sorbent was calculated.
In this context, the definition was the percentage of the inlet mass flow of K2CO3
in the carbonator obtained after the regeneration reactor and consequently recircu-
lated.

3.4 Application and heat integration of the DHPC
process at the WtE plant

In general, CCS technologies imply a large energy penalty, either in the form of
heat, which is evident in Table 3.4, or electricity [11]. Previous studies have shown
that utilizing excess heat from industrial plants reduces the specific cost of carbon
capture and enables an increased energy efficiency [43, 44]. Therefore, evaluating
the possible extent of heat integration between the site and the capture plant is an
important feature of a feasibility assessment of CCS.

In previous sections of this chapter, the methodology for constructing models of
the two separate systems, Renova’s WtE plant and the DHPC capture process,
have been demonstrated. A big part of the project scope was to investigate the
interconnection of these two systems and what impacts the application of the DHPC
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process would have on the outputs from the WtE plant. The first step of applying
the DHPC process was to extract steam from the plant, which will be described in
the upcoming section. To make the inclusion of the DHPC process more feasible for
Renova, this methodology will also contain the computation of a pinch analysis and
retrofit of the WtE plant with the aim to integrate as much heat as possible.

3.4.1 Steam extraction
To simulate the implementation of the DHPC process to the WtE plant, the steam
demand of the process was extracted from a suitable location in the Ebsilon model.
This formed a reference case for further integration of heat, representing a situation
where the capture process was applied to the plant but no further heat recovery
was considered. Since this means that a part of the energy in the system would go
to the DHPC process instead of being used for electricity and DH production, the
plant would become less efficient after the extraction had been made. To make the
integration of the capture process more realistic, and possibly more profitable for
Renova, measures had to be made to recover and take advantage of as much heat
as possible. These actions will be further explained in the Section 3.4.2 below.

The location of the steam extraction depended on whether HP or LP steam was
required which can be seen in Figure 3.9. For the HP steam, also known as primary
steam, the extraction was placed before the turbine. More specifically, steam was
taken out directly from the steam chest. In contrast, the LP steam, is allowed to
expand in the turbine before being extracted in the LP pressure discharge.

Figure 3.9: The locations for the steam extraction in the Ebsilon model for HP and LP
steam, respectively.

The steam extracted to fluidize reactors and supply heat to the DHPC process had
to be returned to the WtE plant to assure the consistency of the water balance. The
condensate was returned to the feedwater chest directly in the cases where this was
possible, without disturbing the energy balance in the proceeding feedwater tank.
The motivation behind this was to avoid a potential cooling duty for the hot streams
as well as decrease the steam demand for pressure and temperature regulation in
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the succeeding feedwater tank.

In other cases where the energy balance was violated when returning the condensate
directly, the condensate stream was cooled further before being brought back to the
system in the feedwater tank. The cooling duty of this stream could therefore be
seen as a heat source in these cases and as a result, it was included in the pinch
analysis.

3.4.2 Pinch analysis
To get an idea of how large the heat recovery could be at most, a pinch analysis was
made as the first step towards retrofitting the design. The method of pinch analysis
seeks to optimize the energy usage of plants. It can be applied in system design
planning, but also as a tool for identifying potential retrofits to existing plants [45].

An important part of a pinch analysis is the identification of hot and cold streams
available for heat integration. A hot stream is defined as a stream that requires
cooling in order to reach its target temperature. In contrast to a cold stream that
is defined as a stream that requires heating to reach its corresponding target tem-
perature [46].

The overall methodology for a pinch analysis follows the pattern: identification of
hot and cold streams, creation of hot and cold composite curves and finally the
combined composite curve, in which the minimum heat and cooling demand as well
as the maximum heat recovery are established.

3.4.2.1 Identification of streams

The initial step of the pinch analysis was to identify the streams suitable to be in-
cluded in the analysis. In the capture process, there are several cooling demands
associated with the main equipment. These include the carbonation reactor, sorbent
cooler and the water condenser separating CO2 and H2O. All these cooling demands
were included in the pinch analysis and they are presented in Table 3.5 under the
title "Hot streams".

At the WtE plant, there are also several components in need of heating. In a
lot of cases, the primary source of heat in the equipment is steam. Components
using steam as heating medium in the WtE plant are the air preheater, feedwater
preheater, flue gas reheater and the SCR reheater. Replacing the steam demand
with integrated heat from the hot streams presented above could result in decreasing
the impact of the steam extraction discussed in Section 3.4.1. The equipment were
therefore seen as heat sinks and included in the analysis as cold streams. Moreover,
as the DH system is an important provider of residential heating and could be
considered a heat sink, it was also included as a cold stream in the pinch analysis.
All the cold streams are presented in Table 3.5 under the title "Cold streams".
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Table 3.5: List of the streams included in the pinch analysis.

Hot streams
Name Location
H1 Carbonation reactor load
H2 Sorbent cooler load
H3 Water condenser (H2O/CO2)

Cold streams
Name Location
C1 Air preheater
C2 feedwater preheater
C3 Flue gas reheater
C4 SCR reheater
C5 DH system

For each identified stream in Table 3.5, the start and end temperatures were noted as
well as the cooling/heating demand of the stream. Using the extracted information
from each stream, the CP-value could be calculated. The CP-value is defined as the
change in enthalpy per unit of temperature change. All thermodynamic data were
generated from the final models in Aspen Plus and Ebsilon.

3.4.2.2 Composite Curves

When the stream data was collected, hot and cold composite curves were constructed
for each case and analysed, in order to identify the possible amount of recovered heat
as well as the minimum heating and cooling demands of the system. Both the hot
and cold composite curves were created using the same methodology, the only dif-
ference being which streams that were considered.

At first, the streams were sorted according to the temperature intervals they cov-
ered. For each temperature interval, the heat duty was calculated by summarizing
the CP-values of the streams included and multiply it with the respective interval
temperature difference. These heat duties were summed up, starting from the lowest
temperature range to achieve the cumulative heat duty. Thereafter, the cumulative
heat duties were plotted against the temperature intervals, resulting in the compos-
ite curve.

The hot and cold composite curves were then combined in the same graph. Con-
sidering a minimum temperature difference of 10 K, the cold composite curve was
adjusted to avoid pinch point violations. Finally, the minimum heating and cooling
demands could be established as well as the maximum heat recovery potential of
the system.
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3.4.3 Retrofit of the WtE plant
From the pinch analysis described above, the heat recovery potential for the different
DHPC cases was found. This gave an idea of what could be achieved by retrofitting
the utility system. However, since there are multiple integration possibilities and
ways of performing the retrofit, a systemic strategy for decision making and prior-
itization was needed. First of all, several overriding retrofit rules were established.
These included a minimum recovery size at 1 MW for the retrofit measures and a
generic minimum temperature difference at 10 K.

When performing the retrofit, two different operational modes, in terms of the heat
pump loads, were investigated for each DHPC case. Please note that the WtE
plant is still operating at full capacity. The first approach was to inject as much
heat as possible, while keeping the heat pumps working at full load. The second
approach was to decrease the heat pump load partly or to a minimum, and inject as
much as possible of the available heat without violating any energy balances. The
definition of part load in this context, was decreasing the heat pump load with the
same amount as the retrofit integrated before the heat pump, thus replacing a part
of its load. The definition of the minimum load of the heat pump is the total load
generated from condensing the steam from the feedwater pump turbine and the hot
water system. In other words, no LP steam is extracted from the steam turbine
directly to supply it.

3.4.3.1 Rules of prioritization for cold streams

The main objective of the heat integration was to make use of the excess heat in
the hot streams, possessing a load exceeding 1 MW, of Table 3.5. Therefore, in
order to decide upon which cold streams (see Table 3.5) should be targeted, and in
which order, a set of prioritization rules were implemented. As described in previous
sections, the regeneration reactor requires steam as a heat source. Even though the
application and demand of the steam differs among the regeneration reactor cases,
the capture process will require an extraction of steam from the WtE plant in all
of them. Consequently, the electricity and district heating generation of the WtE
plant will be affected as the steam is the main energy carrier in the system. To
make up for the potential reduction on the plant outputs when implementing the
capture process, the main priority of the heat integration was to decrease the steam
demand in existing equipment. In other words, replacing the heat load provided by
steam partially or fully with excess heat from the capture plant.

The secondary priority in the retrofit strategy was to integrate excess heat into
the district heating system. This was done to reduce the losses of delivered heat
and potentially even increase the delivery compared to the WtE plant before the
implementation of the DHPC process. There were a couple of available locations
for integration with this purpose in the DH system. The position considered the
most suitable for integration of heat, depended on the temperature level. The order
of prioritization as well as the corresponding available locations are summarized in
Table 3.6.
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Table 3.6: Order of prioritization for cold streams.

Prioritization order for cold streams
Order Action Location
1. Decrease steam de-

mand in existing
equipment

Air preheater, Feed-
water preheater, Flue
gas reheater, SCR re-
heater

2. Integrate heat into the
DH system

Before heat pumps, af-
ter turbine condenser.

3.4.3.2 Stream matching

Following the strategy described in the previous section resulted in an order of
prioritization of the cold streams. It was then of interest to find a matching hot
stream. Firstly, the duty of the cold stream was compared to the loads of the hot
streams. In order to utilize the maximum potential excess heat, it was desirable to
match the hot streams with cold streams capable of extracting the entire heat load as
this would minimize the number of new installations of heat exchangers. Secondly,
the temperature level of the hot stream needed to exceed the cold stream, preferably
allowing heat exchange along the whole temperature range. If all requirements
were fulfilled, the heat integration was feasible. If not, the next cold stream in
the prioritization order (Table 3.6) was evaluated, matched with a suitable hot
stream and so on. This was done until all adequate hot streams were integrated.
The remaining heat in hot streams that could not be matched to any of the cold
streams, due to temperature levels or the load being too small, was considered
requiring cooling and thereby seen as a cooling demand in process.

3.5 Energy performance evaluation
To evaluate the performance of a combined heat and power plant, CHP, plant, the
total energy efficiency, ηtot, is a useful parameter. The ηtot of a CHP plant describes
the share of the fuel energy input that is converted into useful heat and electricity
[47]. The parameter is defined in Equation 3.1, where P is the net electrical power
output, Q is the useful heat delivery, mfuel is the mass flow of fuel and LHV is the
lower heating value [47].

ηtot = P + Q

mfuel ∗ LHV
(3.1)

Equation 3.1 was applied to the WtE plant with and without including the DHPC
carbon capture process. However, it is important to note that total energy effi-
ciency utilizes the net electricity production. Consequently, it accounts for internal
usage of electricity at the WtE plant, by for instance the operation of pumps and
other electricity consuming equipment. However, this was not included in the WtE
model created in Ebsilon and thereby, the electricity output needed to be adjusted
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to obtain the net generation. Based on the data collected at Renova, this internal
usage was 8.2 MW at the time of data extraction. Another note to make about
equation 3.1 is that, in this context, the useful heat corresponds to the delivered
district heating. When evaluating the retrofit of the WtE plant with the carbon
capture applied, this meant that the effect of the measures, in terms of heat, were
accounted for by reporting the amount of delivered DH.

When the ηtot was calculated for the WtE plant both with and without carbon
capture, the results were used to compute a loss in energy efficiency [48]. The
efficiency loss is defined in equation 3.2, where ηW tE is the total energy efficiency for
the plant without carbon capture and ηW tECC is the corresponding value including
a carbon capture process [48].

ηloss = ηW tE − ηW tECC (3.2)

To investigate the potential losses in electricity production and DH delivery specif-
ically, the energy penalty for both of these were also calculated [48]. The energy
penalty relates the produced electricity or district heating from a plant without car-
bon capture to the corresponding value when a carbon capture process has been
applied [48]. The definition of the energy penalty in electricity, EPEl, is shown in
equation 3.3 and in equation 3.4 for DH delivery, EPDH . Using the same indices as
in the previous equation, PW tE and PW tECC relate to the net electricity production
without and with carbon capture respectively. Similarly, QW tE is the useful heat
delivery without carbon capture and QW tECC represents the case with the DHPC
process integrated.

EPEl = 100 ∗ PW tE − PW tECC

PW tE

(3.3)

EPDH = 100 ∗ QW tE − QW tECC

QW tE

(3.4)

For a CCS process, another important performance indicator is the capture rate
of CO2. In this context, the capture rate is defined as the mass flow of the CO2
captured in the process divided by the inlet mass flow of CO2 in the flue gas.

3.6 Size dimensioning
To evaluate the feasibility of the DHPC process in terms of physical footprint and
to enable cost evaluation of the equipment required, the dimensions of the reactors
were estimated. The sizes of other process equipment were approximated in con-
junction with the economic calculations and can be seen in Appendix D. Alongside
the calculations of the reactor dimensions, the pressure drop in each reactor was
calculated using equation C.4 found in Appendix C.
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3.6.1 Carbonation reactor dimensions
To dimension the carbonation reactor used in all cases, the first action was to cal-
culate the cross section area. This was done using the flue gas flow entering the
reactor and an assumed fluidization velocity of 3 m/s. Using the results from previ-
ous research and pilot plants of the DHPC process [20], a residence time within the
carbonation reactor at pilot scale could be calculated. A central point in the size
calculations was to assume the same residence time in the full scale reactor. This as-
sumption entailed that the height of the reactor could be established by multiplying
the residence time with the superficial velocity within the reactor.

3.6.2 Dimensions of Steam HP regeneration reactor
In the Steam HP regeneration reactor, the flow of steam to fluidize the bed was
already determined in the parameter study. Similarly as for the carbonation reac-
tor, the cross section area was calculated through the use of volume flow of steam
fluidizing the bed and an assumed superficial velocity of 0.5 m/s. The height of the
Steam HP reactor was calculated in the same way as described for the carbonation
reactor, using the superficial velocity while assuming the same residence time as in
the pilot scaled plant. However, there were two equally sized regeneration reactors
used at the pilot plant. Consequently, the residence time considered when design-
ing the Steam HP case reactor was a sum of the two. Another assumption made
was that the mass of the reactor bed was the same as the bed mass of the FBHE
HP reactor, explained in the next Section, resulting in a reactor bed height and a
pressure drop over the reactor bed.

3.6.3 Dimensions of FBHE HP/LP regeneration reactor
In contrast to the calculations described for the Steam HP regeneration reactor, in
the FBHE cases, the flow of CO2 fluidizing the reactor bed was not known in ad-
vance. Therefore, these size calculations were done in a different way. The method
included estimating the total heat transfer area by the use of correlations for the
Nusselt number, estimating specifications for the internal tubes of the FBHE reactor
to obtain the cross section area of the reactor and finally, using the cross section
area and a calculated pressure drop to evaluate the mass of bed material in the
reactor. The procedure is based on a method used to dimension a fluidized bed
reactor used for chemical looping combustion applications [49] and is described in
detail in Appendix C.

3.7 Economic analysis
A common way of evaluating the economics of a carbon capture application at
an industrial plant, is by evaluating the capture cost in the unit of EUR/tCO2.
The metric includes the annualized capital, CAPEX, and operational expenditures,
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OPEX, as well as the annual captured amount of CO2. This amount was obtained by
multiplying the captured mass flow of CO2 in the DHPC process with the assumed
operational hours of 8000 hr/yr. In order to predict the capture cost as accurately
as possible, the investment costs should preferably be estimated by the intended
vendor. However, as this investigation can be time consuming, cost functions are
often used in research to predict investment costs despite the uncertainty they are
associated with [50].

In this project, the capture cost was selected as a relevant economical parameter and
the definition used, equation 3.5, was inspired by the definition in literature [50].
However, the main objective with the capture cost calculations was not to study its
absolute value, but to compare the capture cost between the studied cases. In other
words, a lot of assumptions has been made in the calculations using equation 3.5
and the numerical value obtained from the equation may not be representative to
the actual capture cost.

Capture cost (EUR

tCO2
) =

Annualized CAPEX + Y early OPEX (EUR
yr

)
Annual captured CO2 ( tCO2

yr
)

(3.5)

In the annualized CAPEX term, the equipment investment costs from the capture
plant as well as the heat integration were included. Mainly, these were approxi-
mated using direct cost functions from literature [51]. However, the CAPEX related
to the fluidized bed reactors, for which there are limited financial information, were
estimated by scaling down an investment presented in research [52]. The paper is
studying, among other carbon capture technologies, a calcium carbonate looping
process which have similarities with the DHPC process in terms of the solid trans-
port from a CFB reactor. The scaling was performed based on the reactor volume.
In other words, the volumes of the carbonation and regeneration reactors were com-
pared to the reactor volume in the literature by calculating a scaling factor which
was used to compute the investment costs. The annualization factor was calculated
assuming 25 years of plant lifetime (23 years operational years) and an interest rate
of 7.5% [50].

The yearly OPEX term consisted of fixed and variable expenditures. The fixed
OPEX included an annual maintenance cost of 4% of the total equipment cost and a
yearly labour cost corresponding to the salaries of six operators and one engineer [50].
Assuming that the steam demand of the DHPC carbon capture process is satisfied
by the steam production of the WtE plant, there were few variable OPEX associated
with the system. However, the potential reduction or increase in electricity and DH
generation when applying the DHPC process were accounted for in the variable
OPEX, as they represent loss or gain of revenue. The definition can be seen in
equation 3.6.

V ariableOPEX = XW tECC

XW tE

∗Price(El./DH)∗Annualproduction(El./DH) (3.6)

Where X represents the momentary production of either electricity or DH. The
annual production was found for the year 2022. In equation 3.6, it can be seen
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that loss or gain of revenue was calculated by finding a percentage factor of the
increase or decrease of the electricity and DH supply after applying the DHPC cases.
Thereafter, the factor was multiplied by the annual produced of electricity and DH
at Renova in 2022 to estimate the changes in production when DHPC had been
applied. From this, the changes in the revenues from the generation of electricity
and DH were found by assuming a price of electricity of 700 SEK/MWh and 200
SEK/MWh for DH [17]. This combination of prices will represent the base scenario.
To investigate how the capture cost can change in the future, the prices were varied,
creating two additional scenarios to evaluate, see Table 3.7 for a summary of all
scenarios.

Table 3.7: Summary of price scenarios applied in the three studied DHPC system cases.

Scenario Base Low High
Electricity price [SEK/MWh] 700 200 1000
DH price [SEK/MWh] 200 200 500

The first scenario, with low electricity price (200 SEK/MWh) and same DH price
(200 SEK/MWh), was selected to represent the future when more renewable elec-
tricity generation has been deployed and reduced the electricity price (called low
price scenario). In the second scenario, both the electricity price and DH price were
increased to 1000 SEK/MWh and 500 SEK/MWh respectively (high price scenario),
representing a future with more expensive energy production, for instance due to a
crisis.

Among the parameters not included in the capture cost, were the first fill cost of the
sorbent material in the reactors, the circulating cooling water in the carbonation
reactor as well as carbon taxes. In addition, the cost for the cooling utility was
not considered. The procedure for estimating the equipment investment costs, a
summary of them and assumptions made in the economic calculations can be found
in Appendix D.

35



3. Methods

36



4
Results

This section provides the results from the procedure described in the methods sec-
tion above. First of all, the evaluation and performance of the WtE model will be
presented. Thereafter, the results from the simulation of the DHPC cases are intro-
duced. The carbonation reactor is included in every case presented in Section 3.3.5
but as a start this reactor will be analyzed separately. All cases are considered as
full DHPC process systems including one carbonation reactor and one regeneration
reactor. What differs the cases from each other is the different configurations of the
regeneration reactor, thus the same carbonation reactor is considered for all cases.

When all key parameters in the carbonation reactor have been established and pre-
sented, the analysis of the regeneration reactor conditions will be shown. The results
from the parameter study, integration of the DHPC case at the WtE plant and the
system evaluation will be presented for each case separately, except for the two
FBHE cases which are presented in the same section. The presented cases are then
summarized and compared in the last paragraph of the results section.

Some of the cases shown in Section 3.3.5 will not be presented in as much detail
as others. The two preheated CO2 cases and the Steam LP case were shown to
be unfeasible due to results collected in the parameter study. Therefore, these are
briefly shown in Section 4.5 whilst more details can be found in Appendix E.

One of the main specifications in the regeneration rector was the temperature, which
in literature is shown to be between 150 to 200 °C [20, 29]. However, as mentioned
in the theory section, 2.2.4, lower temperatures have also been researched and since
a lower reactor temperature would lead to a lower heat duty, the analysis of reactor
temperature, shown in the sections below, were only carried out for temperatures
between 100 and 150 °C. Excluding temperatures above 150 °C was considered fair
in all cases since the conversion of KHCO3 was able to reach 100% already at 130
°C.

4.1 Evaluation of WtE plant model
The model of the WtE plant was evaluated in terms of how well key parameters
matched the corresponding values at the real plant from the time of data generation.
These parameters were the produced electricity, the delivered DH, the total steam
production and the achieved total heat pump load. A comparison between the values
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generated by the model and the ones generated by the plant can be seen in Table
4.1.

Table 4.1: Comparison between model values and real values of electricity production,
DH delivery, total steam production and heat pump load. Additionally, the percentage
deviation is also presented in the rightmost column to give insights into how much these
values differ numerically.

Real values Model values Deviation
Produced electricity

[MW] 41.96 42.64 +1.6%

Delivered district heating
[MW] 197.69 193.53 -2.1%

Total steam production
[kg/s] 71.00 72.13 +1.6%

Total heat pump load
[MW] 66.79 65.12 -2.5%

In Table 4.1 it can clearly be seen that all resulting model values are closely com-
parable to the real values from the plant. More precisely, the modeled values lie in
a range with 2.5% margin to the real value at most. The calculated delivered DH
and total heat pump load were a little bit underestimated by the model while the
two other parameters were overestimated.

4.1.1 Energy performance
The performance of the original WtE plant was evaluated through the total energy
efficiency in equation 3.1. Note that, in the equation for the total energy efficiency
(equation 3.1), the net electrical output of 34.44 MW is used, resulting in a total
energy efficiency, ηW tE, of 97.67%.

4.2 Carbonation reactor study
The results from the parameter study of the carbonation reactor and the reactor
dimensions are presented in the following section.

4.2.1 Parameter study
The results from analyzing the sorbent mass flow in the carbonation reactor with
a reactor temperature of 70◦C is shown in Figure 4.1 and the graphs for all other
reactor temperatures can be seen in Appendix B (Section B.2). The appearance
of these graphs were similar to the one shown in Figure 4.1, viewing a successively
increased amount of captured CO2 as the sorbent flow increased, until reaching a
plateau. Note that a reactor temperature of 100◦C was excluded, as the capture
rate was unacceptably low.
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Figure 4.1: Amount of captured CO2 obtained with a constant reactor temperature of
70◦C as a function of sorbent mass flow at different moisture flows.

Two trends were noted when alternating the moisture and sorbent flow for different
temperatures. The first one being that for higher reactor temperatures, a larger
moisture flow is required in order to obtain amounts of captured CO2 comparable
to the level at lower temperatures, evident from the graphs in Section B.2. The
other trend was that as soon as the sorbent flow reached an amount where there
was a stoichiometric excess of K2CO3 in the reactor, the hydrated version of K2CO3
was generated through reaction 3. This pattern can be seen in Figure 4.2. Since
the formation of K2CO3·(1.5H2O) hinders the absorption of CO2, it was desirable
to minimize it, which was done by limiting the excess of K2CO3.

Figure 4.2: Excess of K2CO3 and molar flow of K2CO3·(1.5H2O) obtained with a
constant reactor temperature of 70◦C as a function of sorbent mass flow.
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The highest absorbed amount of CO2 was found at different combinations of mois-
ture flow and sorbent flow for each reactor temperature. These combinations for
each temperature are shown in Table 4.2.

Table 4.2: Combination of moisture flow and sorbent flow to obtain the maximum
amount of captured CO2 for each reactor temperature.

Reactor
temperature [°C]

Captured CO2
in reactor [mole%]

Sorbent flow
[kg/s]

Moisture flow
[kmol/hr]

50 0.993 13 250
60 0.984 13 250
70 0.963 12 250
80 0.919 11 300
90 0.819 10 400

As seen in Table 4.2, the highest amount of captured CO2 in the reactor could be
obtained when the reactor temperature was 50°C. However, since it was desirable to
have a carbonation reactor working at higher temperatures to enable more effective
heat integration with the DH system, 50°C was not chosen as reactor temperature
for the process. Instead 70°C was chosen and further used in all following Aspen
models of the capture process. The molar percentage of captured CO2 in the reactor
was lower in this case than for temperatures below 70°C, but still considered high
enough, >95%. Especially considering that the capture rates for MEA lay in the
range of 84-95% (see Section 1).

As previously mentioned and shown in Figure 4.2, K2CO3·(1.5H2O) was formed to
a small extent when running the carbonation reactor simulation. This was also the
case when running the simulation with the chosen settings which indicates that the
hydrate reaction, reaction 3, occurs at the same time as KHCO3 is formed through
the carbonation reaction. The share of K2CO3 that reacts to form K2CO3·(1.5H2O)
instead of KHCO3 can be seen in Table 4.3 together with a summary of key pa-
rameters for the reactor. Note that the reactor duty of the carbonation reactor is
negative, indicating that heat is delivered from the reactor due to the exothermic
reaction.

Table 4.3: Key parameters and performance of the carbonation reactor.

Carbonation reactor
Reactor temperature 70 °C
Moisture flow 250 kmol/h
K2CO3 feed 12 kg/s
Reacted CO2 0.963 mole%
Excess of K2CO3 1.048 mole%
KHCO3 product ratio 0.980 mole%
K2CO3·(1.5H2O) product ratio 0.020 mole%
Reactor duty -11.50 MW
Inlet flow of CO2 (from flue gas) 3.711 kg/s
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4.2.2 Reactor dimensions
Estimating the carbonation reactor dimensions as described in Section 3.6.1 resulted
in a reactor cross section area of 7.2 m2 and a height of 25.6 m.

4.3 Case: Steam HP
As described in Section 3.3.5, the Steam HP case uses primary steam both as flu-
idizing agent in the reactor bed, and as heating medium in the regeneration reactor.
This section gathers the results for this case.

4.3.1 Parameter study
A graph showing the conversion of KHCO3 as a function of steam flow, for different
reactor temperatures in the Steam HP case, can be seen in Figure 4.3.

Figure 4.3: Conversion of KHCO3 as a function of the flow of HP steam at different
reactor temperatures. Note that the graphs for 130 and 140°C lay behind the 150°C graph.

In Figure 4.3, it is evident that for reactor temperatures at and above 130°C, conver-
sion of KHCO3 reaches 100% whereas for reactor temperatures at or below 120°C,
complete conversion was not achievable at lower steam flows. Because of this, reac-
tor temperatures at or below 120°C were not considered reasonable since they would
require large flows of steam to convert all KHCO3 in the reactor bed. Although Fig-
ure 4.3 gives an idea of which reactor temperatures that may be the most suitable for
the conversion of KHCO3, it gives no indications on which reactions occur. In other
words, if KHCO3 is converted to K2CO3 or the hydrated form, K2CO3·(1.5H2O),
is not clear. This can be further investigated in Figure 4.4, where the regeneration
reactor heat duty is plotted as a function of HP steam flow for the same reactor
temperatures.

41



4. Results

Figure 4.4: Regeneration reactor heat duty as a function of the flow of HP steam flow
at different reactor temperatures.

In Figure 4.4, the graphs for the different reactor temperatures are aligned in two
groupings, one with the higher reactor temperatures and another with lower reactor
temperatures with a significant difference in reactor heat duty for the two groups.
When investigating this further in the Aspen model, it was discovered that the rea-
son for this was the different reactions occurring in different temperature ranges.
For temperatures at and below 120°C, KHCO3 was converted only to the hydrated
version of K2CO3 through reaction 3. At temperatures above 120°C, KHCO3 was
exclusively converted to K2CO3 through the regeneration reaction, reaction 2. This
pattern can be seen in Table 4.4 where a reactor temperature of 120°C is compared
to 130°C. Evidently, the enthalpy of reaction for these two reactions differ which
leads to dissimilar reactor heat duties.

Table 4.4: Molar flows of the different compounds forming products and reactants in
the regeneration reactor for a reactor temperature of 120 and 130°C at 8 kg/s and 0 kg/s
of HP steam, respectively, required for full conversion of KHCO3.

Compound Inlet molar
flow [kmol/h]

Outlet molar flow
[kmol/h] (120°C)

Outlet molar flow
[kmol/h] (130°C)

K2CO3 14.18 0 312.58
KHCO3 585.08 0 0

K2CO3·(1.5H2O) 5.86 312.58 0

Formation of phases other than K2CO3 is also a motive for not choosing a tempera-
ture at or below 120°C. As mentioned in the theory section, literature discusses the
reactivity of K2CO3·(1.5H2O) for absorbing CO2 as a controversial subject, meaning
that it is uncertain if reaction 4 can take place in the carbonation reactor. Because
of this, and the amount of HP steam required to reach 100% conversion, the tem-
perature of the regeneration reactor was set to 130°C. The HP steam flow through
the reactor was chosen as the minimum amount that was able to satisfy the reactor
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heat duty of 14.12 MW at the chosen reactor temperature. This steam flow is found
in Figure 4.4 at the point where the 130°C graph crosses the x-axis, more precisely
at 29.76 kg/s. The key parameters and settings for the regeneration reactor are
summarized in Table 3.4.

Table 4.5: Key parameters of the regeneration reactor in the Steam HP case, using HP
steam as both fluidizing agent and heating medium.

Steam HP case - Key parameters
Steam condition HP
Reactor temperature 130 °C
Reactor heat duty 14.12 MW
Steam demand 29.76 kg/s

4.3.1.1 Reactor dimensions

By estimating the dimensions of the regeneration reactor of the Steam HP case
according to the methods section, Section 3.6.2, a cross section area of 2.6 m2 and
a reactor height of 6 m was obtained.

4.3.2 Integration of the DHPC process at the WtE plant
As previously mentioned in Section 3.4.1, the integration of the DHPC process at
the WtE plant was done by extracting steam at a suitable location, depending on
the pressure level, in the Ebsilon model to fulfill the steam demand. By doing
so, the outputs from the model was affected to different extents depending on the
regeneration reactor configuration. The produced electricity as well as the generation
of DH after applying the Steam HP DHPC process to the plant, without heat
integration, were 22.76 MW and 131.48 MW respectively.

4.3.2.1 Pinch analysis

As the cold streams originate from the WtE plant, they were the same for all cases.
The thermodynamic data for the cold streams are summarized in Table 4.6. Note
that the names of the streams corresponds to the ones used in Table 3.5.
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Table 4.6: Stream data for the cold streams used in the pinch analysis for all DHPC
cases.

Cold streams
Name Location Tstart

[°C]
Tend

[°C]
Q
[MW]

CP
[MW/K]

C1 Air preheater 36.48 120.75 8.78 0.10
C2 feedwater preheater 94.44 110.15 3.31 0.21
C3 Flue gas reheater 33.23 67.29 2.28 0.07
C4 SCR reheater 223.88 236.00 0.56 0.05
C5a DH system (before

heat pumps)
45.52 77.25 123.25 3.88

C5b DH system (after tur-
bine condenser)

90.15 120 115.96 3.88

Utilizing the data in Table 4.6, the cold composite curve was constructed and it can
be seen in Figure 4.5. As evident, the cumulative cooling load is 253.58 MW.

Figure 4.5: Cold composite curve for the streams included in the pinch analysis, valid
for all DHPC cases.

Significant vapor flows are treated in the condenser separating CO2 and H2O.
Thereby, the condenser load is large, which can be seen in Table 4.7, where the
hot streams are presented. In the table, it is also evident that the stream H3 was
divided into three separate streams. This was done to account for the phase change
occurring in the condenser. H3a represents the cooling of the gas, whereas H3b
corresponds to condensation. To maintain the water balance at the WtE plant, the
cooling of the condensate in liquid phase (H3c) was treated by returning the stream
to the feedwater chest as discussed in Section 3.4.1 and therefore excluded from the
pinch analysis.
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Table 4.7: List of the streams included in the pinch analysis for the Steam HP case.

Hot streams
Name Location Tstart

[°C]
Tend

[°C]
Q
[MW]

CP
[MW/K]

H1 Carbonation reactor
load

70 55.52 11.50 0.79

H2 Sorbent cooler load 130 70 1.86 0.03
H3a Water condenser

(H2O/CO2)
130 100 1.78 0.06

H3b Water condenser
(H2O/CO2)

100.1 100 74.62 746.20

The hot streams in Table 4.7 were combined into a composite curve which is viewed
in Figure 4.6. As is evident, the condenser load constitutes a significant share of the
cumulative heat load of 89.76 MW.

Figure 4.6: Hot composite curve for the streams included in the pinch analysis, which
are related to the Steam HP case.

Combining the cold composite curve in Figure 4.5 with the hot composite in Figure
4.6 and shifting the cold composite curve, yielded Figure 4.7. Note that the minimum
heating demand, QH,min, is not marked. This was due to that its relevancy in
this context was limited since, despite the availability of the cold streams for heat
integration, they have no heating demand that needs to be fulfilled by the pinch
analysis. Another note to make is that the graph is zoomed in, resulting in that
the entire hot composite curve is visible but the not the complete cold composite.
In the figure, it is clear that there is no minimum cooling demand (QC,min) and the
maximum heat recovery (Qrec) is 89.76 MW.
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Figure 4.7: Combination of cold and hot composite curves for the Steam HP case shifted
to satisfy the minimum temperature difference of 10 K.

4.3.2.2 Retrofit of the WtE plant

A summary of all retrofits done in the Steam HP case is shown in Table 4.8. A
similarity between all three DHPC cases investigated was the stream matching for
the sorbent cooler, H2. Since the sorbent cooler is the only equipment in the DHPC
process using air as a cooling medium, the air preheater, C1, was the only integration
possibility for its cooling demand. By exchanging heat between these two streams
the air was preheated slightly before entering the air preheater. This resulted in a
reduced demand for LP steam in the air preheater.

The next retrofit considered was also related to the air preheater, according to the
prioritization order in Table 3.6. By exchanging heat between stream C1 and H3a in
combination with a part of H3b, the air was heated additionally leading to a further
decrease of steam demand in the air preheater. Secondly, the flue gas reheater was
retrofitted. The steam used as a heating medium was completely exchanged by a
part of stream H3b. The possibility to reduce the steam demand in the feedwater
preheater was also investigated but none of the residual hot streams available were
in the right temperature range to decrease this steam demand.

Considering the order of prioritization for the cold streams in Table 3.6, the next
approach for integrating heat from the DHPC process was to add heat to the DH
cycle. A retrofit was therefore done to match the carbonation reactor load, stream
H1, with the DH water before the heat pumps, stream C5a. The temperature ranges
of these two streams, as well as the loads of them, made it possible to fully inject
the carbonation reactor load to the DH water. A second retrofit was done to the DH
cycle with the aim of integrating the residual heat of hot stream H3b to the system.
The suitable location for this retrofit was the same as for the previous, before the
heat pumps.

46



4. Results

Table 4.8: Description of all retrofits, their effects on the system as well as the streams
matched in the Steam HP case.

Retrofit description System effects
Streams
matched Load of retrofit

Hot Cold [MW]

Sorbent cooler duty
to preheat air

Reduced steam
demand in the
air preheater

H2 C1 1.86

Condensing steam
to preheat air

Reduced steam
demand in the
air preheater

H3b C1 5.27

Condensing steam to
reheat flue gas

Elimination of
steam demand in the
flue gas reheater

Hb3 C3 2.28

Carbonation reactor
duty for DH Increased DH delivery H1 C5a 11.50

Condensing steam for
DH (Heat pumps at
full load)

Increased DH delivery H3b C5a 58.10

Condensing steam for
DH (Heat pumps at
part load)

Increased DH delivery H3b C5a 68.86

Total recovered heat (Heat pumps at full load) 79.00
Total recovered heat (Heat pumps at part load) 89.76

With all retrofits in Table 4.8 carried out, all hot streams with a duty larger than
1 MW in Table 4.7 had been matched with a suitable cold stream from Table 4.6.
To summarize the effects of all retrofits, the produced electricity, delivered DH,
total amount of recovered heat are shown in Table 4.9 for both modes of heat pump
operation.

Table 4.9: Outputs from retrofitted WtE plant with Steam HP DHPC process inte-
grated.

Steam HP

Heat pump load [MW] Full load
65.12

Minimum load
13.75

Produced electricity [MW] 23.39 25.88
Produced DH [MW] 209.63 195.96
Recovered heat [%] 88 100

Table 4.9 shows that by decreasing the heat pump load to a minimum, more heat
could be recovered in the system. In particular, 100% the maximum heat recovery
potential, obtained in the pinch analysis could be achieved. When maintaining the
heat pump load at full capacity the amount of recovered heat could not reach the
maximum potential due to restrictions in the model. In particular, the temperature

47



4. Results

of DH water received by the turbine condenser while keeping the heat pumps at full
load ended up being too high, thereby violating the energy balance in the component.
Consequently, for this operating condition, 88% of the maximum heat recovery was
obtained resulting in a cooling demand of 10.76 MW for the process.

4.3.3 System evaluation
As described in the methods section, the plant, with and the without DHPC process
integrated, was evaluated in terms of energy performance indicators, capture rate
and capture cost, which are all included in the system evaluation. In this section
the results from the system evaluation for the Steam HP case are presented.

4.3.3.1 Energy performance and capture rate

The energy performance of the plant with the Steam HP process integrated is sum-
marized in Table 4.10. As described in the theory section, the efficiency penalty and
energy penalty are relative to the WtE plant without carbon capture, meaning the
case presented in Section 4.1.1. To recall, the total energy efficiency for the WtE
plant is 97.67%.

Table 4.10: Energy performance indicator values for the Steam HP case.

Steam HP

Mode of operation No heat
integration

Heat pump
full load

Heat pump
minimum load

Total energy efficiency, ηW tECC [%] 62.56 96.30 91.51
Efficiency penalty, ηloss [%-units] 35.10 1.35 6.14
Electricity energy penalty, EPEl [%] 57.72 55.91 48.67
DH energy penalty, EPDH [%] 32.06 -8.32 -1.26

As expected, when applying the DHPC process in the Steam HP configuration to the
WtE plant, the total energy efficiency dropped significantly. However, in the table,
it is also evident that when integrating excess heat, the efficiency penalty decreased
notably. Examining the energy penalties, when no heat integration is present, there
are large penalties in terms of both electricity and DH. However, while the integra-
tion of excess heat does not change the electricity energy penalty to large extents, it
results in significant improvements in the DH energy penalty. As a matter of fact,
the negative DH penalty that is visible in Table 4.10 indicates on increased delivery
of DH.

For the Steam HP case, the amount of captured CO2 was 3.58 kg/s which cor-
responds to a capture rate of 96%. Consequently, the specific regeneration duty
resulted in 3.95 GJ/tCO2 captured.
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4.3.3.2 Capture cost

Following the methodology proposed in Section 3.7, a capture cost was computed
for the Steam HP case. In Figure 4.8, the different cost contributions, both CAPEX
and OPEX, to the capture cost are shown together with the actual capture cost
presented by the yellow dotted line and the text below it. See Appendix D for a
complete list of the equipment included in the CAPEX for each DHPC case, their
respective investment costs and a summary of the assumptions associated with the
calculations.

Figure 4.8: Cost contributions to the capture cost for the Steam HP case. Note that
IC abbreviation refers to investment cost.

Focusing on the cost contributions seen in Figure 4.8, it is evident that the OPEX
constitutes the largest share in the capture cost, particularly the electricity cost.
Even though that statement holds for both operational modes, the absolute values
and distribution of the OPEX differs. It may also be noted that the CAPEX is
identical for the different modes of operation.

The difference in utility cost results in a lower capture cost when operating the heat
pumps at full load. The reason behind this is the difference in the costs for electricity
and DH loss, presented as red and blue bars. For the full load heat pump operation,
the electricity cost is high, but the DH cost is negative which is interpreted as a
revenue. In contrast, for the minimum load operation, the electricity cost is less but
so is the revenue from the DH. Consequently, the net utility cost, adding electricity
and DH, is lower for the full load operation. Therefore, this situation is further
investigated by examining the changes in capture cost when applying the different
price scenarios proposed in Section 3.7. The outcome of the price scenario analysis
is shown in Figure 4.9.
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Figure 4.9: Capture cost for the Steam HP case (full heat pump load) evaluated for the
different price scenarios. The base scenario, presented in purple, involves an electricity
price of 700 SEK/MWh and DH price of 200 SEK/MWh. The other scenarios, low price
and high price, refers to an equal price of 200 SEK/MWh as well as 1000 SEK/MWh and
500 SEK/MWh for electricity and DH respectively.

Comparing the base case, purple bar, with the low and high price scenarios in
Figure 4.9, it is clear that the utility prices have significant impacts on the capture
cost. With low prices on both electricity and DH, the electricity cost is reduced
while the revenue from the increased DH delivery remains the same, resulting in a
lower capture cost. In contrast, when the prices are increased, the cost of electricity
outweighs the increase in DH revenues and the capture cost is of the same magnitude
as in the base case.

4.4 Case: FBHE HP/LP
In this section, the results gathered from the analysis of the two FBHE cases are
presented. The regeneration reactor is fluidized by a recirculating stream of CO2 in
both cases, but the FBHE HP case uses condensing HP steam as heat source while
the FBHE LP case uses condensing LP steam.

4.4.1 Parameter study
The analysis of the regeneration reactor of both FBHE cases showed that the con-
version of the sorbent reached 100 mole% for all reactor temperatures at, and above
130°C regardless of the fluidization gas flow. This pattern is shown in Figure 4.10,
where the conversion of KHCO3 is plotted as a function of the CO2 flow.
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Figure 4.10: The conversion of KHCO3 as a function of CO2 flow at different reactor
temperatures. Note that the graphs for 130°C and 140°C lay behind 150°C.

However, in the figure, it is also clear that some CO2 flows result in negative con-
version of KHCO3 for the reactor temperatures 100°C and 110°C. According to the
definition of the conversion of KHCO3, see Section 3.3.4.2, a negative value indicates
that KHCO3 has been produced in the reactor. Investigating this further for the
case of 4 kg/s CO2 and a reactor temperature of 100°C in Table 4.11, it was clear
that the compound K2CO3·(1.5H2O) had reacted to form KHCO3 and K2CO3 via
reaction 4 and 3. Evidently, since the objective of the regeneration reactor is to
regenerate K2CO3, reactor temperatures of 100 and 110°C were not suitable. In
addition, to achieve a decent conversion of KHCO3, large fluidization flows were
required for these temperatures.

Table 4.11: Molar flows of the different compounds forming products and reactants in
the regeneration reactor for the case of 4 kg/s of CO2 flow and a reactor temperature of
100°C.

Compound Inlet molar flow [kmol/h] Outlet molar flow [kmol/h]
K2CO3 14.18 14.25
KHCO3 585.08 596.66
K2CO3·(1.5H2O) 5.86 0

The regeneration reactor temperature for both FBHE cases were thereby set to 130
°C to reassure that 100% conversion to K2CO3 was reached. To confirm that the
formed product was solely K2CO3, the inlet and outlet molar flows of the relevant
compounds in the reactor are presented in Table 4.12. Evident in the table is that
there is full regeneration of K2CO3 in the reactor. The reactor duty at 130°C is
14.12 MW.

The steam required to fulfill this heat demand in the FBHE reactors was inves-
tigated by letting HP and LP steam condense and cool to 140 °C in an external
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Table 4.12: Molar flows of the different compounds forming products and reactants in
the regeneration reactor for a reactor temperature of 130°C.

Compound Inlet molar flow [kmol/h] Outlet molar flow [kmol/h]
K2CO3 14.18 312.58
KHCO3 585.08 0
K2CO3·(1.5H2O) 5.86 0

cooler. The mass flow of steam required is shown at the intersection between the
heat exchanger duty and the reactor duty in figures 4.11 and 4.12.

Figure 4.11: Heat exchanger duty as a function of HP steam flow satisfying the reactor
duty (dotted line).

Figure 4.12: Heat exchanger duty as a function of LP steam flow satisfying the reactor
duty (dotted line).
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As can be seen in the figures, HP and LP steam mass flows of 5.19 kg/s and 6.20
kg/s, respectively, are required to satisfy the reactor duty. The key parameters for
the two FBHE cases are shown in Table 4.13.

Table 4.13: Key parameters of the regeneration reactor in the FBHE case, using CO2
as fluidization gas and HP as well as LP steam as heating medium.

FBHE case - Key parameters
Steam condition HP LP
Reactor temperature 130 °C 130 °C
Reactor heat duty 14.12 MW 14.12 MW
Steam demand 5.19 kg/s 6.20 kg/s
CO2 demand 3.95 kg/s 7.89 kg/s

4.4.1.1 Reactor dimensions

Following the methodology in Section 3.6.3, the dimensions for both the FBHE HP
and FBHE LP reactors were obtained. In the FBHE HP case, the cross section area
was 6 m2 with a height of 2 m, and for the FBHE LP case the corresponding area
and height were 12 m2 and 5.1 m, respectively.

4.4.2 Integration of the DHPC process at the WtE plant
As discussed for the Steam HP case, applying the FBHE DHPC processes at the
WtE plant implied affecting the outputs from the model as steam was extracted. For
the FBHE HP case, the produced electricity and DH after application were 39.22
MW and 183.52 MW, respectively. The corresponding values for the FBHE LP case
were 41.43 MW and 181.55 MW.

4.4.2.1 Pinch analysis

As mentioned in Section 4.3.2.1, the hot streams included in the pinch analysis were
the same for both the FBHE HP and FBHE LP cases. The reason being that the
condensate from the internal tubes of the FBHE, which differs between the cases,
was excluded from the pinch analysis since it was returned to the feedwater chest.

In Table 4.14, the hot streams for the FBHE cases are presented. Following the same
pattern as in Table 4.7, stream H3 was divided into three separate streams.
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Table 4.14: List of the streams included in the pinch analysis for the FBHE cases.

Hot streams
Name Location Tstart

[°C]
Tend

[°C]
Q
[MW]

CP
[MW/K]

H1 Carbonation reactor load 70 55.52 11.50 0.79
H2 Sorbent cooler load 130 70 1.86 0.03
H3a Water condenser

(H2O/CO2)
130 100 0.09 0.002

H3b Water condenser
(H2O/CO2)

100.1 100 3.60 36.04

H3c Water condenser
(H2O/CO2)

100 10 0.66 0.01

Based on the data in Table 4.14, a hot composite curve was constructed which is
found in Figure 4.13. In the graph, it is clear that the cumulative heat load is 17.70
MW.

Figure 4.13: Hot composite curve for the streams included in the pinch analysis, which
are related to the FBHE case.

Combining the hot composite curve with the cold composite curve in Figure 4.5 and
shifting the cold curve, yielded Figure 4.14. Note that the graph is zoomed in to
view details in the interaction between the curves, the entire hot composite is visible
but not the cold one. In the figure, it can be seen that the minimum cooling demand
(QC,min) is 0.24 MW and the maximum heat recovery (Qrec) is 17.46 MW.
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Figure 4.14: Combination of cold and hot composite curves for the FBHE cases shifted
to satisfy the minimum temperature difference of 10 K.

4.4.2.2 Retrofit of the WtE plant

The same strategy as described for the Steam HP case was applied when retrofitting
the two FBHE cases. As a result, the same retrofits but with other loads, were done
at most parts of the system, except the retrofit considering the flue gas reheater.
When investigating the possibility of replacing the steam as heating medium in this
piece of equipment, it was realized that the decrease in steam demand would be
counteracted by increasing the steam supply to the feedwater tank. This retrofit
was therefore neglected.

The same approach used in the Steam HP case, with two alternative loads of the
heat pumps, was used in the FBHE case. However, in this case, the heat pumps were
operated at part load, instead of at minimum load, with the carbonation reactor
load. This resulted in a decreased extraction of LP steam for the heat pump supply,
while keeping the heat input to the DH system at a constant level. A description of
all retrofits done in both FBHE cases are listed in Table 4.15.

Table 4.15: Description of all retrofits, their effects on the system as well as the streams
matched in the two FBHE cases.

Retrofit description System effects
Streams
matched Load of retrofit

Hot Cold [MW]
Sorbent cooler duty
to preheat air

Reduced steam demand
in the air preheater H2 C1 1.86

Condensing steam
to preheat air

Reduced steam demand
in the air preheater H3b C1 3.60

Carbonation reactor
duty for DH Increased DH delivery H1 C5a 11.50

Total recovered heat (Heat pumps at full load) 16.96
Total recovered heat (Heat pumps at part load) 16.96
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With all retrofits in Table 4.15 carried out, the hot streams with a duty larger than
1 MW in Table 4.14 had been matched with a suitable cold stream from Table 4.6.
To summarize the effects of all retrofits in both FBHE cases, the produced electricity,
delivered DH and percentage amount of recovered heat are shown in tables 4.16 and
4.17.

Table 4.16: Outputs from retrofitted WtE plant with FBHE HP DHPC process inte-
grated.

FBHE HP

Heat pump load [MW] Full load
65.12

Part load
53.61

Produced electricity [MW] 39.71 40.27
Produced DH [MW] 199.89 194.48
Recovered heat [%] 97 97

Table 4.17: Outputs from retrofitted WtE plant with FBHE LP DHPC process inte-
grated.

FBHE LP

Heat pump load [MW] Full load
65.12

Part load
53.61

Produced electricity [MW] 41.92 42.48
Produced DH [MW] 197.93 192.51
Recovered heat [%] 97 97

By comparing the results from both cases, it is evident that 97% of the maximum
heat recovery was achieved in all situations. Evidently, 0.5 MW could not be inte-
grated and was therefore seen as a cooling demand. The reason for that originates
from the heat loads of stream H3a and H3c being less than 1 MW. Additionally, it
was known from the beginning that the minimum cooling demand was 0.24 MW,
leading to a total cooling demand of 0.74 MW.

4.4.3 System evaluation
The results from the system evaluation for both FBHE cases are presented in the
following section.

4.4.3.1 Energy performance and capture rate

The energy performance indicators calculated for the FBHE HP case are presented
in Table 4.18. To recall, the total energy efficiency of the WtE plant without carbon
capture is 97.67%.

56



4. Results

Table 4.18: Energy performance indicator values for the FBHE HP case.

FBHE HP

Mode of operation No heat
integration

Heat pump
full load

Heat pump
part load

Total energy efficiency, ηW tECC [%] 91.90 99.12 97.04
Efficiency penalty, ηloss [%-units] 5.75 -1.47 0.61
Electricity energy penalty, EPEl [%] 9.95 8.51 6.89
DH energy penalty, EPDH [%] 5.17 -3.29 -0.49

As seen in Table 4.18, the loss in efficiency was recovered when heat was integrated
from the capture process. In fact, in the heat pump full load operational mode, the
total energy efficiency reached even higher values than what was achieved for the
original model, indicated as the negative value of the efficiency penalty. Mainly, this
was due to DH being added to the system from the capture process, as seen in the
negative value of the DH penalty. In the heat pump part load operational mode, the
total energy efficiency almost managed to reach the same level as the original model,
resulting in a low efficiency penalty. Evaluating the electricity and DH penalty for
this situation and comparing to the heat pump full load operation, the electricity
penalty is slightly lower while the DH penalty is higher, even if it is till negative.
The energy performance indicators were also computed for the FBHE LP case and
the results are presented in Table 4.19.

Table 4.19: Energy performance indicator values for the FBHE LP case.

FBHE LP

Mode of operation No heat
integration

Heat pump
full load

Heat pump
part load

Total energy efficiency, ηW tECC [%] 92.00 99.22 97.14
Efficiency penalty, ηloss [%-units] 5.65 -1.57 0.51
Electricity energy penalty, EPEl [%] 3.52 2.09 0.47
DH energy penalty, EPDH [%] 6.19 -2.27 0.53

Predictably, Table 4.19 displays similar results as the performance for the FBHE HP
(Table 4.18). Numerically, the changes for the different operational modes in terms
of total energy efficiency and the efficiency penalty are almost identical. However,
the impact on the energy penalties differ significantly between the FBHE LP and
HP cases but also among the operational modes within the LP case. In general, it
can be observed that the electricity penalty is lower whereas the DH penalty is larger
when utilizing LP steam instead of HP steam. Consequently, in the heat pump part
load mode, both the original electricity and DH production can almost be recovered.
Comparing this to the heat pump full load situation, which has higher total energy
efficiency, the DH production is increased while the electricity is decreased compared
to the original model.
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The resulting captured amount of CO2 was 3.58 kg/s for both FBHE cases, which is
the exact same amount captured in the Steam HP case. Consequently the capture
rate is 96% and the specific regeneration duty was 3.95 GJ/tCO2 captured even for
these cases. The equality of these values are due to the fact that the conversion of
KHCO3 to K2CO3 in the regeneration reactor, as well as the regeneration duty, was
exactly the same in all cases.

4.4.3.2 Capture cost

For the FBHE HP/LP cases, the economic results are presented in the same way as
for Steam HP, with the yellow dotted line representing the capture cost, in Figure
4.15.

Figure 4.15: Cost contributions to the capture cost for the FBHE cases. Note that IC
abbreviation refers to investment cost.

Comparing the investment costs of the FBHE HP and FBHE LP processes in Figure
4.15, it is clear that the regeneration reactor investment is higher in the LP case
due to the larger size of the reactor. Other than that, the investments for all other
equipment are close to equal between the two cases.

Furthermore, the lowest capture cost was obtained in the FBHE LP case, with the
heat pumps working at full load. In general, the FBHE LP case resulted in lower
capture cost than the FBHE HP case. This is a result from the increased revenues
from DH (blue bars) which outweighs the cost of the loss in electricity generation
(red bars). In contrast, the FBHE HP case has larger costs of electricity loss than
what the increased revenues from DH can cover.

When instead comparing the two operational modes shown in Figure 4.15, it is clear
that operating the heat pumps at full load leads to a lower carbon capture cost for
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the same reason as explained for the Steam HP case. That being said, the different
pricing scenarios were investigated for the full heat pump operational mode. The
outcome of the price scenario analysis is shown in Figure 4.16.

Figure 4.16: Capture cost for the FBHE cases (full heat pump load) evaluated for the
different price scenarios.

Examining Figure 4.16 for the FBHE cases, it may be noted that the capture cost is
decreased in the other scenarios compared to the base scenario. For the FBHE HP
case, the outcome of the low price scenario relates to the reduction in electricity cost
while maintaining the revenues from DH. Similar pattern can be seen in FBHE LP as
well, but since the electricity demand is lower for this case compared to FBHE HP,
the effect of the price reduction is lower. Focusing on the high price scenario, where
both utility prices are increased, it is clear that the DH revenues have increased for
both FBHE HP and LP, outweighing the increased electricity cost and resulting in
a lowering of the capture cost.

4.5 Neglected cases
Even though six cases were constructed in Section 3.3.5, results have only been
presented for three of them. As mentioned in the introduction of the results chapter,
the Steam LP case and both preheated CO2 cases were not evaluated further than
to the parameter study part of the analysis. The results from the parameter study,
for these cases, are presented in Table 4.20.

Table 4.20: Summary of results for neglected DHPC cases.

Steam case Preheated CO2 case
LP HP LP

Condenser duty [MW] 1151 3.68 3.68
Steam demand [kg/s] 469.72 5.19 6.20
CO2 demand [kg/s] - 114.25 >15 000
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From Table 4.20, it can be concluded that the mass flows of fluidization gas dif-
fer between the neglected cases and are significantly larger compared to the cases
studied in more detail, Steam HP and FBHE HP/LP. Actually, all three cases were
considered unreasonable due to large steam flows or CO2 flows. The maximum
available steam flow, either LP or HP, at the plant is 72.13 kg/s (see Table 4.1).
Evidently, the Steam LP case was unrealistic. As mentioned previously, the cap-
tured amount of CO2 was 3.58 kg/s in all cases, indicating on the reasonable size
of the circulating flow of CO2. Therefore, the preheated CO2 cases, using both HP
and LP steam, appeared as unreasonable, as they exceed this number by far. As
a result, the Steam HP case and the two preheated CO2 cases were not considered
for further investigation. For a more detailed description of the parameter studies
of these cases, see Appendix E.

4.6 Summary and comparison of studied cases
Multiple designs of the DHPC process have been introduced in the different cases so
far, each case with its own strengths and weaknesses. Some of the process variables
were common between the cases but some were significantly different, resulting in
clear distinctions when evaluating the systems further. The process variables for the
Steam HP and the two FBHE cases are summarized in Appendix B. The objective
with the following section will be to summarize a comparison of these cases.

An observation made in all three cases is that the operational mode, keeping the heat
pumps at full capacity, gives a lower carbon capture cost than when the heat pumps
are running at minimum/part load. This is a result of the DH revenues weighing
over the added cost for lost electricity production in all full load operational modes.
Thereby, the minimum/part load operational mode will not be discussed further in
this section. In Table 4.21, a summary of the energy performance indicators, capture
costs and reactors sizes for the three DHPC cases is presented. In accordance with
the previous discussion, these values are for the full heat load operation.

Table 4.21: Summary of energy performance indicators, capture cost and reactor sizes
for the Steam HP and the two FBHE cases, with heat pumps operating at full load.

Steam HP FBHE HP FBHE LP
Electricity energy penalty, EPEl [%] 55.91 8.51 2.09
DH energy penalty, EPDH [%] -8.32 -3.29 -2.27
Capture Cost [EUR/tCO2] 62 20 18
Regeneration reactor dimensions 2.6 m2 x 6 m 6 m2 x 2 m 12 m2 x 5.1 m

Starting off with the Steam HP case, when integrated with the WtE plant, it has
a large impact on the electricity and DH generation. This system also has a high
capture cost compared to the FBHE cases. However, the reactor size is rather com-
pact and similar to the reactor size of the FBHE HP case, see figure 4.17.
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Figure 4.17: Comparison of reactor sizes for the regeneration reactors of the cases
FBHE HP, FBHE LP and Steam HP.

Moving on to the FBHE HP case. As mentioned, this design is just as compact as
the Steam HP reactor, but the electricity penalty is not even close to as large. Both
FBHE cases had almost identical efficiency penalties, although the energy penalty
in both electricity and DH were marginally higher for the FBHE HP. When it comes
to the capture cost using the FBHE HP case, it lies between the capture costs of
the two other cases, solely 2 EUR/tCO2 more expensive than the capture cost for
the FBHE LP case.

The FBHE LP case entailed the lowest loss in electricity production when integrated
to the WtE plant, thereby resulting in the smallest electricity energy penalty and
the lowest capture cost out of the three cases. However, these benefits comes with
the cost of the reactor dimensions being more than twice the size of the reactors
using HP steam as heating medium.
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5
Discussion

Renova are planning to implement a CCS technology at their WtE plant in Sävenäs,
in order to mitigate their CO2 emissions. The design of a CCS technology, alternative
to more commercial ones such as MEA, has therefore been investigated in this
project. Namely, the DHPC process. With foundation in the research done on the
process in Korea, the performance of the DHPC process in a Swedish context was of
interest due to the possible integration of residual heat to the well established DH
system. This chapter will discuss the results and elaborate on the achieved design
of the DHPC process and its integration at Renova’s WtE plant. The strengths and
weaknesses of both models created to evaluate this will be discussed, as well as the
performance of the system, in terms of energy penalties and capture rate. These
discussions, together with the results presented in the previous chapter, will be the
basis of the final conclusions of the project.

5.1 Elaboration on energy performance
Integrating the DHPC process to the WtE plant initially entailed a loss in energy
efficiency when no heat integration actions were taken. However, this loss was able
to be recovered through retrofits of the plant based on the pinch analysis. There-
fore, heat integration is seen as a necessity for motivating application of the DHPC
process at existing plants, such as Renova’s WtE plant, as it allows maintaining
most of the energy production. In fact, the results showed that in most cases the
DH delivery could be increased when applying the DHPC process and integrating
the excess heat. The increased DH delivery reveals the opportunity to gain revenue,
which has a positive impact on the capture cost.

For the two FBHE cases, the heat integration of the DHPC process enabled an
increase in total energy efficiency compared to the original plant. The efficiency
penalty for the FBHE HP and the FBHE LP cases were 5.75%-units and 5.65%-
units respectively when no heat integration actions were taken. The penalty in
efficiency at a CHP plant has previously been reported as 15-16% when the more
established MEA CCS technology has been applied [10]. Evident is that the DHPC
process using FBHE reactors performs much better than MEA in terms of total
energy efficiency. However, when integrating the DHPC process as suggested in
previous research, namely the Steam HP case, the total energy efficiency loss was
a lot higher, 35.10%. This demonstrates the importance of utilizing the extracted
steam efficiently.
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The specific regeneration duty, obtained for all studied cases, was 3.95 GJ/tCO2
captured. Compared to the specific reboiler duty of the MEA process, 3.67 GJ/tCO2
captured, the demand for heat to regenerate the sorbent is slightly higher for the
DHPC process. However, the distinction between the two is not that large and,
considering the previously mentioned difference in total energy efficiency, a slightly
higher specific regeneration duty is not considered as an issue.

5.2 Limitations with the WtE plant model
Examining the performance of the WtE plant model by comparing it to the real
process values from Renova, see Section 4.1, it is clear that the model produces
values within a 2.5% margin of error. In absolute terms, this corresponds to an
overestimation of electricity by 0.68 MW and an underestimation of DH by 4.16
MW. A potential reason behind the slight overestimation of the electricity lies in
the limitations with Ebsilon as a simulation tool. In fact, when modelling the steam
turbine, the inlet pressure of each turbine stage can be set by the modeler. However,
by doing so, Ebsilon assumes saturated conditions of the steam at the extraction
points. In reality, the LP steam extractions in the turbine are superheated. Con-
sequently, the electricity produced in the generator, in the model, is overestimated
since the steam is allowed to expand down to saturated conditions instead of super-
heated.

The underestimation of DH delivery is more complicated to trace as it is affected
by several components in the WtE plant. However, there are some possible reasons
for the deviation. First of all, the heat pump load is underestimated as well. As it
is one of the main providers of heat to the DH system, if its load deviates, so will
the DH delivery. Second of all, there are other providers of heat in the DH system,
namely the heat exchangers which transfer heat from the hot water system and the
direct condensation reactor, which in turn are affected by other components. A
slight load deviation in these also result in a cascade effect. However, keeping in
mind the relative error of 2.5% between the model and the real plant, the model is
deemed to be sufficiently good for the application of this project.

An important feature of the WtE model is that it is instantaneous, while the real
operation of the plant is transient. On one hand, this limits the relevance of the
results to winter operation while the characteristics of the summer operation, plant
running at part load, are not accounted for. This implies that operating the DHPC
process during summer will generate large heat losses due to the production of ex-
cess heat which requires larger cooling capacity than during winter. In addition,
the instantaneous property also overestimates the annual amount of captured CO2
since it is calculated by multiplying the momentary captured mass flow with the
operational hours. In that manner, the part load operation, which creates less CO2
emissions, is not included. And this may lead to an underestimation of the capture
cost. On the other hand, designing the DHPC process at the time of full load plant
operation, winter mode, is of interest in order to dimension it properly to be able
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to handle the largest amount of emissions. And since the aim of the project was to
design the DHPC process, the model made sense in that manner.

Regarding the reliability of the model and the results of the energy performance, an
uncertain parameter is the waste composition. Due to lack of investigation related
to the waste content, the composition was assumed to be the same as the waste
treated at Lillesjöverket in Uddevalla. Even though it can be representative for the
composition of the waste at Renova, it is probably not exactly same, which can cre-
ate deviations. Changes in waste composition will also affect the lower heating value
which is estimated based on the composition by Ebsilon. This affects both the waste
consumption and the fuel input flow in the model. Consequently, the uncertainty in
estimating the properties of the waste is reflected in the energy performance indica-
tors, in particular the total energy efficiency as it contains the fuel heat input in the
denominator. However, since this uncertainty is universal for all simulations done
during the project, the energy performance parameters are still valid for comparison.

In a larger context, there are more effects of changes in waste composition. For
example, the fraction of carbon and volumes of the waste may change as a result of
future reductions in waste generation. This affects the flue gas composition and flow,
thereby the input to the DHPC process. Since the capture process is dimensioned,
and the operating conditions are set based on a specific point in time, dynamic
operation may be of importance in the future.

5.3 Impacts of the reactor temperatures
As mentioned in the theory section, the DHPC process is a novel technology and the
research done on the subject is limited. There are no existing pilot plants in the same
size range as the one proposed in this work, which makes it difficult to elaborate
on the reasonableness of the design. Since the background material on the process
is restricted, the design process involved a large number of free variables, some of
which had no reference value found in literature. The final DHPC design is viewed
as the best design of the process in terms of capture rate and energy penalties. How-
ever, there might be other aspects that could be analysed to achieve an even better
design. For instance, the occurrence of byproducts and side reactions in the reactors.

The resulting temperature of the carbonation reactor, 70◦C, was well in line with the
temperature shown in previous research (50-100◦C). However, the question about
choosing a lower temperature in this reactor, to favor the exothermic carbonation
reaction, could be raised. The results from the parameter study of the carbonation
reactor, shown in Table 4.2, state that more CO2 was captured at lower tempera-
tures. However, since it was desirable to choose a higher temperature that could
effectively be integrated to the DH cycle, 70 ◦C was selected even though the amount
of captured CO2 was lower. It would therefore be of interest to investigate the prof-
itability of integrating the carbonation reactor duty to the DH cycle, versus captur-
ing more CO2 and thereby avoid paying for a few more ETS permits.
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The regeneration reactor temperature range suggested in theory is 150-200◦C, while
the suggested temperature in this work is 130◦C. The aim was to set the regen-
eration reactor temperature as low as possible to decrease the reactor duty, while
still obtaining a high degree of sorbent regeneration. Using the model created in
this study made it possible to regenerate 100% of sorbent already at 130◦C. This
was probably due to the fact that the model is ideal, not considering possible heat
losses and fluidized bed dynamics that are present in reality. For instance, due to
the choice of using Gibbs reactors, no properties from a real fluidized bed, such
as mixing and interactions between solid particles and gas, were considered in the
simulation. Since the experiments and pilot plants studied in previous research have
not been ideal to the same extent, the temperature for regeneration has probably
been set higher to ensure full regeneration of the sorbent. If the model conditions
were to change to less ideal and more realistic ones, there is a possibility that the
same parameter study would result in a higher regeneration temperature within the
range suggested in literature.

In the light of the discussions above, the most crucial parameters of the proposed
DHPC design are the reactor temperatures of 70◦C and 130◦C, for the carbonation
and regeneration reactors, respectively. For instance, it has been made clear that
the amount of captured CO2 is strictly dependent on the temperature, due to the
specifics of the reactions occurring in each reactor. As expected, the capture rate
found in this project, 96%, is significantly higher than the corresponding value ob-
tained in the pilot plants of 80%. A potential reason for that is the ideal property
of the Aspen simulation. However, this does not invalidate its relevance. On the
contrary, the DHPC simulation could work as a guideline when constructing future
pilot plants.

5.4 Presence of byproducts and side reactions
As mentioned in Section 3.3.2, the hydrated version of K2CO3 was included in the
DHPC simulation, wich made it possible for side reactions, including this parameter,
to occur in the reactors. During the course of the Steam HP case parameter study,
a shift regarding which reaction taking place in the regeneration reactor was noted.
At 120◦C, all sorbent was regenerated through reaction 3 and at 130 ◦C, reaction 2
occurred instead. One would expect there to be a gradient in the shift where both
reactions could take place partly in the reactor. This could not be seen during the
analysis and a potential cause could be a possible limitation in the Aspen model.
To simulate the gradual shift between the reactions it could be of importance to
exchange the Gibbs reactors to less ideal ones, and by this action taking other pa-
rameters, for instance kinetics, into account than only minimizing the Gibbs free
energy.

No other side reactions were taken into consideration during the simulations. For
example, the component KAl(CO3)(OH)2 and other possible side reactions, occur-
ing between the impurities in the flue gas and the sorbent, were not considered.
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Solely including K2CO3·(1.5H2O) implied accounting for one competing reaction,
when there probably are more of them in reality. This may have affected the results
of the simulation negatively in terms of its credibility, since it implies that the per-
formance of processes such as the CO2 uptake and the regeneration of sorbent could
be overestimated. However, it is questionable if the inclusion of more byproducts
would improve the model proposed in this work due to the same reason previously
purposed, the choice of the Gibbs reactors. To add more possible side reactions may
not give a more realistic behaviour of the DHPC process, since the only variable
taken into consideration is the minimization of the Gibbs free energy. Probably, the
rapid shift in reactions between temperature steps, as seen for the hydrated version
of K2CO3, could arise again.

5.5 Simplicity of size dimensioning method
To dimension the reactors used in the DHPC process, a simplistic approach was
used. The calculations give an indication of the reactor sizes but many assumptions
are made in the process. For instance, the same residence time as in the pilot scale
reactors proposed in theory were assumed to obtain the height of the reactors. Since
the same reactions occur at pilot scale as in full scale, this assumption is seen as a
reasonable approach for the reactor size calculations.

Moreover, the heat coefficients used for calculation of total heat exchange area in
the FBHE cases were roughly approximated. Especially, the one representing the
condensation of steam inside the tubes, which can be seen in Appendix C. In pre-
vious applications of FBHE reactors, the situation has been the opposite, heat has
been exchanged from the bed particles to superheat steam inside the tubes. The
reversed process, condensation inside tubes, is not as studied and would have to be
validated. For instance, evaluating whether the condensation of the LP steam, with
the small temperature gradient between the steam and reactor bed, requires more
or less heat exchange area than what has been proposed in the project.

5.6 Capture cost limitations and future energy
price scenarios

There are some limitations associated with the method used for computing the cap-
ture cost. First of all, the calculations of the cost of electricity and DH losses are
questionable. By multiplying the annual production of electricity and DH with their
corresponding assumed prices and the factor discussed in Section 3.7 (equation 3.6),
the seasonal price variations are not accounted for. Ideally, the hourly production
should be multiplied by the factor and the momentary price, especially for the elec-
tricity, and then summarizing this over the year. By doing so, the price drop during
summer would be accounted for and the results could show how the balance between
the utility costs vary over the course of the year. However, this computation would
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require a lot of detailed data which were unavailable, for instance the momentary DH
price. Second of all, the investment costs for the equipment are rough estimations
that need to be refined. Additionally, the CAPEX is not complete. For instance,
the investment costs for piping, pumps and throttles are not considered. However,
even though these limitations exist, the capture cost is mainly used for comparison,
as stated in Section 3.7, and still gives an indication on the potential magnitude.

In terms of the two future price scenarios, the capture costs decreased for all three
cases in both price predictions. For the Steam HP case, the capture cost was de-
creased the most in the low price scenario while for the FBHE cases high price
scenario lead to the largest cost reduction. Applying the low price scenario on all
cases lead to the capture cost being almost equal for Steam HP and FBHE LP at
17 and 16 EUR/tCO2 respectively and FBHE HP at the lowest capture cost of 13
EUR/tCO2. However, with the high price scenario, the dissimilarities are more evi-
dent as the capture cost for Steam HP case is more than 5 times the cost for the two
FBHE cases. This being said, for both price scenarios presented, the capture cost
will be lower for the two FBHE cases than for the Steam HP case but the decrease
in capture cost will not be as drastic. This suggests that the operational costs of the
two FBHE cases are more robust compared to the corresponding costs of the Steam
HP case. If relating the analysis of the future pricing scenarios for the FBHE cases
to Renova, this also indicates that the capture cost will remain relatively stable or,
even decrease, if the economic situation would change in the future, assuming that
the investment costs will be constant.

5.7 Implications for summer operation
As previously discussed, the results from this project are mainly applicable to winter
operation. First of all, as the CO2 emissions follow the load of the WtE plant,
summer operation would imply decreasing the load of the DHPC process. However,
excess heat, mainly from the carbonation reactor, would still be produced to some
extent and if no other actions are taken, this would be an additional cooling demand
to the plant. Another plausible option would be to use the heat in another process
on site, for instance in future recovery processes that may be applied at the plant.
Another possibility to enable an energy effective summer operation of the DHPC
process could be to increase the carbonation reactor temperature, implying that the
reactor duty decreases which reduces the excess heat. However, the higher reactor
temperature results in a decrease in the capture rate as a cause of the exothermic
reaction.

5.8 Future work
Even though research has been done on the DHPC capture process, the technology
is still immature. Considering the potential that has been revealed through this
project, large scale experiments and more pilot plants are needed for the process to
develop into a market leading carbon capture technology. In particular, since the
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DHPC process involves fluidized bed reactors, experiments studying the dynamics
of these reactors, for instance the interactions between the solid sorbent particles
and the flue gas, are crucial to enable commercial up-scaling.

This project also proposed a new design of the regeneration reactor, namely the
FBHE. The results show that utilizing this configuration in the DHPC system is
beneficial for the application at the WtE plant, because it minimizes the energy
penalties and capture cost, all with a compact reactor design. However, since the
research on this component is limited, thorough investigations are needed to confirm
and map its function and opportunities in industrial processes. At a later stage,
estimating the investment cost more accurately by contacting potential vendors
is also important to be able to include it in future carbon capture analyses and
designs.
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6
Conclusion

The aim of the project was to investigate the possibilities of implementing the DHPC
process at Renova’s WtE plant. In accordance with their emission mitigation strat-
egy, which aims at applying CCS by 2030, an alternative capture method than the
conventional MEA is potentially now found. In fact, the results of this study indi-
cate that a suitable design of the DHPC capture process could provide low impacts
on the normal operation of the WtE plant. The low impact description entails low
efficiency penalty, compact design and low capture cost accompanied with a high
capture rate.

In more detail, the analysis made in the project consisted of several major parts
selected to investigate the research questions. Firstly, the Ebsilon model of the
WtE plant was constructed which laid the foundation of the project and enabled
simulating the DHPC process in Aspen Plus with a design proposed in research.
The temperature for the carbonation reactor is 70°C which corresponds to a reactor
duty of 11.50 MW (Q1). However, it was found that the regeneration reactor had
limitations regarding its significant steam demand, which resulted in developing a
new type of reactor: the FBHE. In the light of the results, the FBHE reactor pro-
vides a solution with compact design and low energy penalty compared to original
regeneration reactor used in the Steam case. In particular, using LP steam in the
tubes of the FBHE reactor is the most optimal option as it maintains the energy
production at Renova to a higher extent than HP steam. The suitable temperature
for this reactor is 130°C which yields a reactor duty of 14.12 MW (Q1). Physically,
the sizes of the carbonation and regeneration reactors are 2.6 m2 x 6 m and 12 m2

x 5.1 m, respectively.

Extracting the steam required to fulfill the steam demand of the FBHE LP case at
the WtE plant implies that the total energy efficiency decreases by 5.65%, in abso-
lute terms. To make up for the loss, heat integration measures were investigated.
It turns out that, integrating the carbonation reactor load into the DH system is
accomplishable, which is one of the main motivations behind the project. Other
heat loads in the DHPC process can be recovered as well, for instance the condenser
load. In fact, 97% of the maximum recovered heat potential, obtained in the pinch
analysis, is achieved. By doing so, the total energy efficiency of Renova’s WtE plant,
with carbon capture implemented, increases by 1.57%. The reason being that the
DH delivery increases by 2.27% while the power production reduces by 2.09% (Q2).
In reality, this means that it is possible for Renova to almost maintain its energy
production, even when carbon capture has been applied.
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Evaluating the capture cost (Q3), it is found that balance between the cost of elec-
tricity loss and the gain of revenue from increased DH delivery is vital. A low capture
cost is obtained when the DH revenue exceeds the cost of electricity loss, which is
the case for FBHE LP. With a capture rate of 96%, the resulting capture cost is 18
EUR/tCO2, the lowest among all studied DHPC system cases. Investigating future
price scenarios, including situations where electricity and DH prices are high and
low, concludes that the operational cost of the DHPC process are likely to decrease
in the future and will be more robust for the two FBHE cases compared to the
Steam HP case.

To summarize, it is highly recommended for Renova to investigate the DHPC pro-
cess further, especially the FBHE LP configuration. However, to enable a future
implementation of this system, more research is needed in the field of FBHE. Poten-
tially, a short-term operated pilot plant could be a first step forward. In addition,
to validate the potential of the heat integration and the physical footprint of the
reactors, a detailed analysis of the proposed retrofits and available space at the WtE
plant is required to evaluate their practical feasibility. It is also important to elabo-
rate more on the summer operation of the DHPC process to find a suitable way of
dealing with it, in terms of operating conditions and cooling demand.
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A
Appendix 1

In this Appendix more detailed information about the Ebsilon model of the WtE
plant will be presented. At first a few figures showing the layout of the original
model will be shown. Secondly a detailed list of all components used in the model
as well as important input data for the simulation is displayed.

A.1 Original Ebsilon model

Figure A.1: Steam cycle of the original Ebsilon model.
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Figure A.2: DH system and hot water cycle of the original Ebsilon model.

Figure A.3: Fluegas cleaning system of the original Ebsilon model.
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A.2 Components list - WtE model in Ebsilon

Table A.1: Component list for the WtE plant in Ebsilon.

Description Component name and number in
Ebsilon

Combustion Chamber Combustion Chamber - 21
Air fan Compressor - 24
Air preheater Feedwater preheater - 10
Boiler Steam generator - 5
Steam chest Tank - 28
Feedwater pump Turbine - 6
Steam turbine Turbine - 6
Turbine condenser Condenser - 7
Generator Generator - 11
Feedwater tank Deaerator - 9
LP Feedwater preheater Feedwater preheater - 10
Feedwater chest Tank - 28
Supply to HP Heat consumer - 35
Hot water economizer Heat exchanger - 61
Heat exchanger Hot water/Condensate Heat exchanger - 26
Heat exchanger Hot water/DH Heat exchanger - 26
DH supply Heat consumer - 35
Heat pump delivery Heat injection - 16
Electrostatic percipitator Electrostatic percipitator - 85
HCl and Quench step Air preheater - 25
SO2 separation Selective splitter - 52
Heat exchanger Direct condensa-
tion/DH

Air preheater - 25

Heat exchanger Direct condensa-
tion/HP

Air preheater - 25

Moisture separation Selective splitter - 52
Flue gas re-heater Feedwater preheater - 10
SNCR/SCR NOx removal - 86
Bag house filter Heat injection - 16
Heat exchanger Flue gas Air preheater - 25
Heat exchanger SCR internal Air preheater - 25
SCR re-heater Feedwater preheater - 10
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A.3 Input data in the WtE model

Table A.2: Input specifications for the waste as fuel in the WtE model in Ebsilon.

Waste conditions and composition
Lower heating value, LHV1 11990 kJ/kg
Composition2

Water in fuel 36.0 mole%
Carbon 29.8 mole%
Oxygen 15.4 mole%
Ash 13.2 mole%
Hydrogen 4.2 mole%
Nitrogen 0.6 mole%
Chlorine 0.6 mole%
Sulphur 0.2 mole%

1Calculated by Ebsilon based on the composition of the fuel.
2Data taken from [53].
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Table A.3: Design specifications for WtE model in Ebsilon. Data collected from Ren-
ova’s WtE plant, on the 6th of November 2022.

Combustion
Combustion efficiency 90 %
Air outlet temperature from air preheater 120.8 °C
Flue gas exhaust temperature 227.7 °C
Steam cycle
Generator efficiency 95 %
HP steam temperature 399.5 °C
HP steam pressure 40.2 bar
LP steam pressure 3.6 bar
LP extraction steam flow to heat pumps 16.1 kg/s
LP extraction steam temperature to heat pumps 150 °C
LP steam temperature to air preheater 150 °C
Turbine feed steam flow 69.4 kg/s
Steam flow to feed-water turbine 2.46 kg/s
Turbine outlet pressure 0.8 bar
Feedwater chest pressure 6.5 bar
Condensate temperature after Supply to HP (VP631-634, VP638-639) 96.7 °C
Condensate temperature after HX - Hot water/condensate KDV612-50/70 130.0 °C
DH cycle
DH pressure 9.3 bar
Delivery temperature (out from the plant) 90.2 °C
Return temperature (to the plant) 40.2 °C
Temperature after HX - Hot water/DH 63.8 °C
Hot-water cycle
HW cycle pressure 16.9 bar
Inlet temperature to Hot water economizer 120.0 °C
Outlet temperature to Hot water economizer 150.4 °C
Flue gas cleaning system (Line 1 and 7)
Temperature after hot-water economizer 147.6 °C
Temperature after HCl and Quench 63.4 °C
Temperature after HX-direct condensation/DH 43.3 °C
Temperature after HX-MKS/HP 28.8 °C
Temperature between HX Flue gas and Internal HX SCR 110.5 °C
Temperature between Internal HX SCR and SCR re-heater 223.9 °C
Temperature between Internal SCR re-heater and SCR 236.0 °C
Flue gas cleaning system (Line 4 and 5)
Temperature after hot-water economizer 147,6 °C
Temperature after HCl and Quench 63.4 °C
Temperature after HX-Direct condensation/DH 43.3 °C
Temperature after HX-MKS/HP 33.2 °C
Temperature after Flue gas re-heater 67.3 °C
Temperature after Bag house filter 83.3 °C
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Appendix 2

In this appendix the general settings of the Aspen Plus model of the DHPC process
are shown initially. Thereafter the rest of the results from the parameter study
of the carbonation reactor temperature are introduced. Finally, a summary of the
process variables used in the Aspen simulations for each case is presented.

B.1 General settings - DHPC model in Aspen
Plus

Component Type
CO Conventional
CO2 Conventional
H2O Conventional
O2 Conventional
N2 Conventional
SO2 Conventional
HCl Conventional
NOx Nonconventional
NH3 Conventional
Ash Nonconventional
TOC Nonconventional
K2CO3 Solid
KHCO3 Solid
Al2O3 Solid
K2CO3·(1.5H2O) Solid
Property method RKS-BM

B.2 Results from parameter study - Carbonation
reactor

In the following section some of the results from the parameters study of the car-
bonation reactor will be shown. As mentioned, the percentage captured CO2 in the
reactor as a function of sorbent flow for different reactor temperatures and moisture
levels are plotted in the following graphs.
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Figure B.1: Captured CO2 in the carbonation reactor against sorbent flow for different
moisture flows at a reactor temperature of 50°C.

Figure B.2: Captured CO2 in the carbonation reactor against sorbent flow for different
moisture flows at a reactor temperature of 60°C.
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Figure B.3: Captured CO2 in the carbonation reactor against sorbent flow for different
moisture flows at a reactor temperature of 70°C.

Figure B.4: Captured CO2 in the carbonation reactor against sorbent flow for different
moisture flows at a reactor temperature of 80°C.
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Figure B.5: Captured CO2 in the carbonation reactor against sorbent flow for different
moisture flows at a reactor temperature of 90°C.

B.3 Summary of process variables
For all of the studied DHPC system cases the carbonation reactor had the same
design. As a consequence of the parameter study, also the regeneration reactor tem-
perature and duty as well as other process variables were identical among the cases.
Consequently, there are a few joint parameters for the Steam HP, FBHE HP and
FBHE LP cases which are summarized in Table B.1.
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Table B.1: Summary of common process variables for the DHPC cases.

Carbonation reactor
temperature [◦C]

70

Carbonation reactor
heat duty [MW]

-11.50

Regeneration reactor
temperature [◦C]

130

Regeneration reactor
heat duty [MW]

14.12

Sorbent cooler duty
[MW]

1.86

Degree of sorbent re-
generation [%]

100

Capture rate [%] 96.4
Captured flow of CO2
[kg/s]

3.58

However, there are clear distinctions in terms of other process variables between the
system cases and these are summarized in Table B.2. For instance, since the choice
of fluidization gas differs, so does the condenser duty. In addition, the demand of
steam is significantly higher in the Steam HP than in the FBHE cases. Also, there
is a CO2 demand in the FBHE cases, but not in the Steam HP.

Table B.2: Summary of diverging results for the DHPC cases.

Steam
case

FBHE case

HP HP LP
Condenser duty [MW] 76.40 3.68 3.68
Steam demand [kg/s] 29.76 5.19 6.20
CO2 demand [kg/s] - 2.37 4.73
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The procedure for estimating the dimensions of the FBHE reactors, the calculated
heat coefficients for this case and a summary of all the reactor sizes are included in
this appendix.

C.1 Dimensions of FBHE reactors
In contrast to the calculations described for the Steam HP regeneration reactor, in
the FBHE cases, the flow of CO2 fluidizing the reactor bed was not known in ad-
vance. Therefore, these size calculations were done in a different way. The procedure
used for dimensioning the FBHE reactors is based on a method used to dimension a
fluidized bed reactor used for chemical looping combustion applications [49]. How-
ever, some adjustments and simplifications were made to more accurately suite the
method to the FBHE reactors.

Before initiating the calculations, some parameters for the heat exchanger tubes
inside the reactor were estimated based on knowledge gained through discussions
with the supervisors. These parameters as well as other estimated values are listed
in Table C.1.

Table C.1: Specifications of the internal tubes of the FBHE reactor.

Tube specifications
Outer diameter, do 0.04 m
Inner diameter, di 0.0336 m
Wall thickness, w 0.0032 m
Pitch 0.06 m
Length 3 m
Outer heat transfer coefficient, ho 500 W/m2K

Other assumed values
Steam quality, x 0.5
Superficial velocity 0.5 m/s
Bed voidage, e 0.4

The overall heat transfer coefficient, U, for steam condensing inside horizontal tubes
was then estimated. The expression for U is shown in equation C.1, where ho and
hi are the thermal resistance on the outside and inside of the tubes and do and di

are the outer and inner diameter of the tubes.
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1
U

= 1
ho

+ do

di

+ 1
hi

(C.1)

ho in equation C.1 had already been estimated in Table C.1 while hi was estimated
trough the Nusselt correlation shown in equation C.2. Equation C.2 is valid for
stratified flows were x is the steam quality, ρ is the density (kg/m3), g is the grav-
itational constant, hfg is the entalphy of vaporisation (J/kg), kl is the thermal
conductivity (W/m2°C), µ is the dynamic viscosity (Pas), d is the tube diameter
(m) and δT is the temperature difference between the saturation temperature and
the tube wall [54]. The flow inside the tubes is assumed to be stratified, to account
for the gravitational effects as it condenses.

Nustrat = 0.728
1 + 1 − x

x

(
ρv

ρl

)2/3
−0.75 [

ρl(ρl − ρv)ghfgd3

klµl∆T

]0.25

(C.2)

When Nu had been found, hi was computed through the definition of the Nusselt
number. With U established, the total heat transfer area of the tubes could be
calculated through the general equation for heat transfer across a surface, presented
in equation C.3. Where Q is the total transferred heat (W), U is the overall heat
transfer coefficient (W/m2°C), A is the total heat transfer area and ∆Tlm is the
logarithmic mean temperature.

Q = UA∆Tlm (C.3)

Since the dimensions of each individual tube had already been established and shown
in Table C.1, the number of tubes could then be obtained. The depth of the reactor
was assumed and consequently the tubes could be evenly distributed over the cross
section area with the pitch distance in mind. The number of tube layers in the ver-
tical direction was calculated by dividing the total number of tubes by the number
of tubes in each horizontal layer. The reactor height could thereafter be calculated
as the pitch times the number of tubes in the vertical direction.

When the cross sectional area of the reactor was set, the dimensions could be used
to calculate the volume flow of CO2 required to fluidize the reactor bed. At first
a superficial velocity was assumed at 0.3 m/s and the volume flow of CO2 could
be calculated using the area. With use of the density the mass flow of CO2 for
fluidization was then obtained. In addition to the dimensions of the reactor the
pressure drop was calculated through equation C.4 where ρs is the density of the
solid bed particles (kg/m3), e is the bed voidage and H is the height of the reactor
bed (m).

∆P = (ρs − ρl)g(1 − e)H (C.4)
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C.2 Summary of results from reactor dimension
calculations

The resulting heat coefficients used to establish the FBHE reactor sizes are presented
in Table C.2.

Table C.2: Heat coefficients for the two FBHE cases.

FBHE HP FBHE LP
ho [W/m2K ] 500 500
hi [W/m2K ] 3220 6460
U [W/m2K ] 422 458

In Table C.3, the sizes of the carbonation reactor, FBHE reactors and Steam HP
regeneration reactor are presented.

Table C.3: Dimensions of carbonation reactor and the regeneration reactors in the
Steam HP and FBHE cases.

Carbonation
reactor FBHE HP FBHE LP Steam HP

Fluidizing velocity
[m/s] 3 0.5 0.5 0.5

Height [m] 25.6 2.0 5.1 6
Cross section
[m] 7.2 6 12 2.6

Pressure drop
[bar] 0.14 0.14 0.33 0.32

Bed height [m] 0.72 0.72 1.7 1.64
Solid flux [kg/m2s] 4.8 - - -
Heat exchange area [m2] - 424 2140 -
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This appendix aims at describing the size and cost estimation of the remaining pro-
cess equipment. In addition, a summary of the investment costs and the assumptions
used in the economic analysis, are presented.

D.1 Other DHPC equipment
Besides the reactors in the DHPC process, the size of other components in the pro-
cess were estimated in order to evaluate the investment cost of the DHPC process
as a whole.

For all heat exchanging equipment, the procedure for dimensioning was based on es-
timating the overall heat transfer coefficient, U, and then calculating the total heat
transfer area through equation C.3. The estimations of U were based on theory
presented in [55], and strictly dependent on the two media that heat was transferred
between. In addition to the equipment required in the stand alone DHPC process,
the heat exchangers and condensors required for heat integration were also dimen-
sioned to enable the economic analysis. The assumed values of U for the equipment
exchangeing heat between different media are presented in Table D.1.

Table D.1: Assumed overall heat transfer coefficients, U, for all equipment exchanging
heat in the DHPC process.

Process fluids U [W/m2C]
Air/solids 100
Water/water 1000
Condensing steam/water 1300
Condensing steam/air 250
Water/air 200

When evaluating the size and cost of the equipment needed for the retrofit of the
plant, decisions regarding the type of heat exchanger and whether there were old
equipment that could be reused, had to be made. The condenser used as a final step
in the DHPC process, assumed to be of shell and tube type, is considered suitable
to reuse when retrofitting the air preheating process. The flue gas reheater was also
considered possible to reuse in the retrofitted plant in the Steam HP case since the
function of heater was the same as before the retrofit, the only difference being the
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source of the hot stream. Thus no additional investments in heat new exchanger
equipment was considered to enable these retrofits at the plant.

For integrating the carbonation reactor load with the DH water, the added invest-
ment costs are calculated based on cost functions for plate and frame heat exchang-
ers. These costs are the only retrofit costs considered for the two FBHE cases.

D.2 Summary of equipment investment costs
All the equipment included in the CAPEX for the DHPC cases, for both capture
process and heat integration, together with their corresponding investment cost are
presented in Table D.2.

Table D.2: Euipment investment costs for the DHPC cases.

Steam
case

FBHE case

Equipment
[kEUR]1

HP HP LP

Flue gas fan 268 268 268
Steam fan 47.9 - -
CO2 fan - 39.3 68.7
Carbonation reactor 7262 7262 7262
Regeneration reactor 621 484 (FBHE) 2422 (FBHE)
Sorbent cooler (Air
cooled HX)

375 375 375

Condenser (Shell and
Tube HX)

1922 405 405

Cyclone 324 324 324
Carbonation reactor
load (Plate HX)

402 400 400

Total 11223 9508 11480

A summary of the assumptions for the economic calculations can be seen in Table
D.3.

1All investments were evaluated using year 2022 as reference.
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Table D.3: Assumptions made for the economic calculations.

Economic assumptions
Plant life time 25 years
Interest rate 7.5 %
Maintenance cost 4 % of EIC2

Annualized factor 10.8
Operational hours 8000 h/yr

Labour costs
Operator salary 90 EUR 2022
Engineer salary 176 EUR 2022

2EIC stands for equipment investment cost.
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The parameter studies of the neglected cases: Steam LP and Preheated CO2 HP/LP,
are presented in this appendix.

E.1 Case: Steam LP

E.1.1 Parameter study
Following the same procedure as for the HP steam case, the conversion of K2CO3
was plotted against the flow of LP steam, which can be seen in Figure E.1. Evident
is that the behaviour of the different reactor temperatures follow the exact same
pattern as in Figure 4.3.

Figure E.1: Conversion of KHCO3 as a function of the flow of LP steam at different
reactor temperatures. Note that the graphs for 130 and 140°C lays behind the 150 °C
graph.

When evaluating the demand of LP steam to cover the heat duty of the regeneration
reactor the same groupings can be seen as for the HP steam case, but the results
differ significantly. In Figure E.2, the reactor heat duty is plotted as a function of
LP steam flow.
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Figure E.2: Regeneration reactor heat duty as a function of the flow of LP steam flow
at different reactor temperatures.

For the same reasons as discussed for the HP steam case, the lower reactor tempera-
tures that converted KHCO3 to the hydrated form of K2CO3 will not be considered
further. Evident is that the required flow of LP steam, independent of reactor
temperature, is about ten times the amount required in HP steam. In particular,
maintaining a reactor temperature of 130°C requires 469.72 kg/s of LP steam to
cover the heat duty of 14.12 MW. The key parameters for the regeneration reactor
in the Steam LP case are presented in Table E.1.

Table E.1: Key parameters of the regeneration reactor in the Steam LP case, using LP
steam as both fluidizing agent and heating medium.

Steam LP case - Key parameters
Steam condition LP
Reactor temperature 130 °C
Reactor heat duty 14.12 MW
Steam demand 469.72 kg/s

E.2 Case: Preheated CO2 HP/LP

E.2.1 Parameter study
For the preheated CO2 case, the first part of the parameter analysis, evaluating the
conversion of KHCO3 by varying the CO2 flow at different reactor temperatures,
was exactly the same as for the FBHE HP/LP case. In Figure 4.10, the conver-
sion for different flows of CO2 fluidizing the reactor bed is shown. Using the same
reasoning as previously and considering that the CO2 is circulated from the reactor
outlet stream, the relevance of its size compared to the amount of captured CO2
can be discussed. The reactor temperature is thereby chosen to be 130 °C even in
this case.
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However, in this case there were a few more parameters to analyze than with the
other cases. In addition to the purpose of driving the reaction, the CO2 flow also
functions as heating medium. Therefore, for this case the external heat exchanger
preheating the recirculating CO2 also had to be analyzed. As mentioned previously,
steam is used to preheat the CO2. And from the above analysis, the reactor duty
at 130°C was found. Consequently, it was possible to find the mass flow of HP and
LP steam required to satisfy this heating demand. The resulting mass flows from
these calculations were 5.19 kg/s and 6.20 kg/s for HP and LP steam respectively,
assuming that the steam is allowed to condense and cool to a temperature of 140°C.

When the mass flow of steam was set in the external heat exchanger, the size of
the CO2 stream required to deliver the heat to the reactor was found. Figure E.3
shows the minimum temperature difference obtained in the CO2 preheater for dif-
ferent mass flows of CO2 at 130°C. The minimum temperature difference in the heat
exchanger was set to 10 °C. Therefore, the minimum mass flow of the CO2 stream
fulfilling this requirement, is obtained at the point where the graph crosses the 10
°C line. However, for the chosen reactor temperature of 130°C, the heat exchange
was only viable when using HP steam as it would require >15 000 kg/s of CO2 for
the case with LP steam. The reason behind that was the low driving force, temper-
ature difference, due to the set outlet condensate temperature of 140°C and the LP
steam temperature of 150°C, requiring a significant mass flow to deliver the heat.
Consequently, the Preheated CO2 case using LP steam was not further evaluated.
Therefore, Figure E.3 is solely for the heat exchange between CO2 and HP steam.

Figure E.3: The minimum temperature difference in the external heat exchanger of the
Preheated CO2 case as a function of CO2 flow at 130°C.

As is evident in Figure E.3, this mass flow of CO2 was 114.25 kg/s resulting in a
outlet temperature of 254.2°C for the CO2 stream as can be seen in Figure E.4.
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Figure E.4: The outlet temperature of the fluidizaton gas from the external heat ex-
changer of the Preheated CO2 case as a function of CO2 flow at 130°C.

The key performance parameters for the regeneration reactor using preheated CO2
as the fluidizing agent and HP as well as LP steam as heating medium are shown
in Table E.2.

Table E.2: Key parameters of the regeneration reactor in the Preheated CO2 case, using
CO2 as fluidization gas and HP as well as LP steam as heating medium.

Preheated CO2 case - Key parameters
Steam condition HP LP
Reactor temperature 130 °C 130 °C
Reactor heat duty 14.12 MW 14.12 MW
Steam demand 5.19 kg/s 6.20 kg/s
CO2 demand 114.25 kg/s >15000 kg/s
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